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Abstract

Biofuels are of great importance in order to mitigate the environmental ef-
fects of fossil fuels and answer the increasing demand of fuels in the world.
The third generation biofuels currently receives significant attention. This
type of biofuels are produced from a biomass sourced from microalgae. This
thesis builds around the idea of a biofuel production process that is com-
prised of biomass production, biomass gasification, gas cleaning and fuel
production. Biomass production includes microalgae production followed
by a harvesting unit that supplies microalgae in form of a suitable biomass
feedstock to the gasification process. In the biomass gasification process,
the prepared microalgae is gasified to obtain a producer gas that contains
syngas and impurities. The producer gas is then cleaned from the impu-
rities and is fed to the fuel production unit which could be a methanation
process for instance. In this work, we specifically looked into H2S removal
as a part of cleaning the producer gas and flocculation of microalgae which
is involved in the harvesting of microalgae.

One of the impurities to remove from the producer gas is hydrogen sul-
fide which can cause catalyst poisoning and corrosion in the downstream
processes. H2S can be removed by using a packed bed of zinc oxide, in
which H2S reacts with the fresh ZnO inside the bed and forms zinc sulfide.
Despite the regular use, it was only recently shown that during reaction
with H2S, nano-size particles of ZnO exhibit void formation and outward
growth, which suggests an explanation for pore clogging. In this work, a
micro-scale model was introduced to describe the void formation and out-
ward growth. The results from this model showed that in the limit of fast
void formation, ZnO conversion plots are qualitatively similar to that of the
shrinking core model. On the macro-scale, the simulations captured pore
clogging of pellets due to the outward growth. The pore clogging prevents
the full conversion of pellets and consequently leads to shorter breakthrough
times of beds.

The second problem investigated here deals with the flocculation of mi-
croalgae. Microalgae is produced in relatively low concentrations in the
incubator liquid medium and during the harvesting, the concentration is
increased to an acceptable level. The harvesting process includes a floc-
culation followed by a filtration or centrifuge unit. During flocculation,
microalgae are stimulated to aggregate and form clusters. Although floc-
culation is frequently employed, understanding and optimizing the process
still presents a challenge. In particular, the experiments showed that the
mean size of clusters formed during flocculation increases with time to a



maximum and then starts decreasing, resulting in an overshoot in the mean
size profile. The size of clusters influence the efficiency of the afterward fil-
tration or centrifuge, thus it is of interest to carefully track the size evolution
of clusters, making the studying of overshoot a crucial research topic. In
this work, the possible mechanisms behind this overshoot were investigated.
To do so, first the flocculation process was modeled with population balance
equations (PBEs) for a batch stirred tank. Then, three possible mechanisms
were suggested including deposition of large clusters in the system, restruc-
turing of clusters during flocculation, and primary particle aggregation. The
latter refers to a condition where aggregation occurs only between a single
microalgae and a cluster of any size. The results of our simulations showed
that all three mechanisms lead to an overshoot in the mean size profile,
however with different characteristics. The overshoot resulted from each
case was thoroughly studied and motivated. It was concluded that breakup
is only controlling the decrease of the mean size of clusters in the case of
primary particle aggregation, while in the other two cases both aggregation
and breakup are influential.

Keywords: Gas-Solid Reaction; ZnO Sulfidation; Outward Growth; Hol-
low Particles; Algae Flocculation; PBEs; Fractal Clusters; Restructuring of
Clusters; Deposition of Clusters; Primary Particle Aggregation.



Sammanfattning

Biobränslen är av stor vikt för att minska miljöp̊averkan fr̊an fossila bränslen
och möta den globalt ökande efterfr̊agan p̊a bränslen. Den tredje genera-
tionens biobränslen f̊ar för närvarande stor uppmärksamhet. Denna typ
av biobränslen produceras av biomassa som härstammar fr̊an mikroalger.
Denna licentiatuppsats handlar om en biobränsleproduktionsprocess som
innefattar framställning av biomassa, förgasning av biomassa, gasrening
och bränsleproduktion. Framställning av biomassa inkluderar produktion
av mikroalger följd av en skördeenhet som förser förgasningsprocessen med
mikroalger i form av lämplig biomassar̊avara. I biomassaförgasningsprocess-
en förgasas de preparerade mikroalgerna för att erh̊alla en produktgas som
best̊ar av syntesgas och orenheter. Produktgasen renas därefter fr̊an oren-
heter och matas till bränsleproduktionsenheten som kan vara exempelvis en
metaniseringsprocess. I detta arbete har vi särskilt studerat borttagande
av H2S som ett steg av produktgasrening samt flockulering av mikroalger
som är en del av skördeprocessen.

En av orenheterna som renas fr̊an produktgasen är vätesulfid som kan or-
saka katalysförorening och korrosion i nedströmsprocessen. H2S kan borttas
genom att använda en packad bädd av zinkoxid, i vilken H2S reagerar med
färsk ZnO inuti bädden och bildar zinksulfid. Trots frekvent användning,
har det först nyligen visats att ZnO nanopartiklar uppvisar h̊alformering och
ut̊atriktad tillväxt under reaktion med H2S, vilket kan vara en förklaring
till portilltäppning. I detta arbete introducerades en modell i mikroskala
för att beskriva h̊alformeringen och den ut̊atriktade tillväxten. Modellens
resultat visade att i fallet av snabb ut̊atriktad tillväxt, är grafer över ZnO-
bildning kvalitativt lika grafer av en minskande kärna. P̊a en makroskala
beskrev simuleringarna portilltäppning i pellets p̊a grund av den ut̊atriktade
tillväxten. Portilltäppning förhindrar full omvandling av pellets och leder
allts̊a till kortare genomträngningshastigheter av bäddar.

Det andra problemet som studerats i detta arbete handlar om flocku-
lering av mikroalger. Mikroalger framställs i relativt l̊aga koncentrationer i
ett vätskeinkubatormedium och under skörd ökas koncentrationerna till en
acceptabel niv̊a. Skördeprocessen inkluderar flockulering följt av filtrering
eller en centrifugeringsenhet. Under flockulering, stimuleras mikroalger att
aggregera och formera kluster. Även om flockulering är vanligt använt, s̊a
finns fortfarande utmaningar i att först̊a och optimera processen. Exper-
imenten visade att den genomsnittliga storleken bildad under klusterpro-
cessen ökar över tiden till ett maximum och börjar sedan att minska, vilket
resulterar i en översläng i den genomsnittliga profilen. Klusterstorleken
p̊averkar effektiviteten p̊a den efterföljande filtreringen eller centrifugerin-
gen, och det är allts̊a av särskilt intresse att noggrant följa storleksutvecklin-



gen av kluster. I detta arbete undersöks de möjliga bakomliggande mekanis-
merna till överslängen. För att göra detta, modellerades först flockuler-
ingsprocessen med populationsbalansekvationer för omrörning av en satsvis
reaktor. Därefter föreslogs tre möjliga mekanismer inklusive deposition av
stora kluster i systemet, restrukturering av kluster under flockulering, och
primär partikelaggregering. Den senare syftar p̊a ett tillst̊and i vilket ag-
gregering inträffar mellan en enstaka mikroalg och ett kluster av n̊agon
storlek. Resultatet av v̊ara simuleringar visade att alla tre mekanismerna
leder till en översläng i den genomsnittliga storleksprofilen, dock med olika
karaktäristik. Överslängen fr̊an vart och ett av fallen studerades noggrant
och motiverades. Det kunde slutledas att uppbrytning kontrollerar en-
dast minskningen av den genomsnittliga klusterstorleken i fallet partikelag-
gregering, medan i de tv̊a andra fallen är b̊ade aggregering och uppbrytning
inflytande faktorer.
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Chapter 1

Biomass to Biofuel

1.1 Biofuel

The amount of research dedicated to the topic of biofuels is monumental.
Biofuels are seen as a solution for the environment and increasing energy
demand in the world. According to IEA [1], the global energy consumption
has been yearly growing with an average rate of 2% since 2000. Roughly
30% of the energy consumption is attributed to the transport sector. Over
96% of the energy demand of this sector in 2014 was supplied by fossil fuels.
Biofuels have less environmental footprints, i.e. they are carbon neutral,
compared to fossil fuels. A report from the Swedish Energy Agency [2]
shows that the use of biofuels in 2013 reduced the amount of emissions by
approximately 70%. Hence, biofuels can play a crucial role in controlling
negative impacts on the environment if properly substitute the fossil fuels
in the supply chain.

The first generation biofuels are derived from sources like starch, sugar,
animal fat, vegetable oil, etc. obtained from food crops [3]. While starch
and sugar can be fermented to produce bioethanol, the oils can go through
a transesterification process to produce biodiesel. This method of fuel pro-
duction raised the issue of food vs fuel [4]. Since the sources for the first
generation biofuels are all part of the food chain, dedicating them to the
fuel industry would result in supply deficiency in the food industry. This is-
sue imposed serious limitations on production of first generation biofuels [5].

Second generation biofuels were put forward as alternative biofuels with
less conflict with the food industry. These biofuels are produced from non-
edible crops, agricultural and forest residues, solid wast such as municipal

1
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Figure 1.1: Schematic overview of the considered biofuel production process.

biowaste [6]. Beside fermentation and transesterification, gasification is also
used as one of the methods to convert biomass to biofuels. For instance,
non-edible crops such as Jatropha are fed to transesterification processes to
produce biodiesel [7]. The agricultural and forest residues are first treated
with enzyme and then fermented to obtained bioethanol [8]. Also theses
residues and the solid wasts can be fed to a gasification process to produce
syngas (H2 and CO) [9]. The syngas goes through fuel production units to
convert into biofuels such as methane [10], diesel [11] and so on.

Third generation biofuels are derived from algae. Since algae require
less resources and have much higher yields compared to the feedstock of the
second generation biofuels, they formed a new category, i.e. third generation
biofuels. The oil extracted from algae can be used to produce biodiesel [12].
Algae is also a hydrocarbon source that can be used to produce alcohol fuels
such as ethanol and butanol [13], and syngas [14]. Production of butanol
gave an edge to the third generation biofuels because it has very similar
properties as gasoline. Higher yields and variety of biofuels obtained from
algae make the third generation biofuels highly worthy.

1.2 Biofuel Production Process

Let us consider a biofuel production process shown in Fig. 1.1. In this
process, microalgae is produced at the first stage. The algae is synthesized
in a liquid medium at low concentrations. The optimum synthesis temper-
ature is between 16 and 27◦C, depending on the type of the algae. Next,
the microalgae is harvested and prepared in a suitable form to be used as
gasification feedstock. Harvesting includes different steps such as floccula-
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tion, filtration or centrifuge and dehydration. The prepared microalgae is
fed to a gasification process which results in a producer gas that typically
contains H2, CO, CO2, CH4, tars and impurities including H2S, COS, NH3,
HCN, hallides, alkali metals and particulates. Depending on the type of the
gasifier the operating pressure varies from atmospheric to about 30 bars,
while the temperature is in a range of 700-1000◦C [15]. The impurities are
removed as the producer gas passes the cleaning units. During upgrading
the tars and methane content of the producer gas are mostly converted to
CO and H2. The clean syngas is then fed to a fuel production process
which could be a methanation, Fischer-Tropsch, etc. to produce biofuels.
The clean syngas is converted to biofuels through catalytic reactors that
usually operate at about 400◦C.

1.3 Sulfur in Producer Gas

Sulfur compounds in the producer gas can cause corrosion in the down
stream equipments. They can also lead to catalyst poisoning in e.g. tar
cracking or fuel production units. Furthermore, the sulfur compounds in
the biofuels leads to formation of SOx in the vehicle engines, which dam-
ages the environment when released with the exhaust gas [16].

Compared to coal, biomass sulfur content is significantly lower. After
gasification, sulfur compounds in the producer gas are mostly in forms of
H2S, COS and CS2 [17], among which H2S is the most prevalent form. At
relevant temperatures, these forms of sulfur compounds are in the gas phase.
The concentration of sulfur compounds appertain to the feedstock and gasi-
fier type, but it could be as low as 20 ppm and as high as 600ppm [16].

The acceptable sulfur level in the syngas stream that goes through the
fuel production can be as low as 10 ppb [18]. This low level of sulfur
tolerance puts a great challenge on designing the sulfur removal process.

1.3.1 Cold Cleaning Methods

In order to remove the sulfur compounds from the producer gas, absorption-
based processes have been frequently employed. These process are often
referred to as cold cleaning methods in the literature. The most well-known
examples of such processes to remove sulfur compounds are Rectisol, Selexol
and Sulfinol. A typical Rectisol process operates at high pressures of about
75 atm and cryogenic temperatures as low as -50◦C [19], with methanol as
the solvent. Physical absorption is dominant and this process is capable of
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removing sulfur compounds down to ppb levels [20]. Selexol process how-
ever uses dimethyl ether of polyethylene glycol (DMPEG) as a solvent which
is also a physical absorption solvent. The solubility of H2S in DMPEG is
9 times higher than CO2, which makes the process suitable for selective
separation of H2S from a gas stream that contains CO2. Selexol process
lacks the ability to remove COS, so in cases where concentration of COS is
considerably high, a catalytic hydrolysis unit to convert COS to H2S should
be used before the absorption column. This process typically operates at
0◦C and 40 atm [19]. Sulfinol process with sulfolane and DIPA or MDEA as
solvents takes advantage of a mixture of a physical and a chemical solvent.
This process removes H2S, COS and CO2 to a high extend that is superior
to Rectisol and Selexol [19].

Although cold cleaning methods have been very well studied and estab-
lished in the industry, and are capable of removing other impurities as well,
they have high costs, especially in the case of Rectisol process. Moreover,
the overall thermal efficiency of the fuel production process shown in Fig
1.1 is negatively influenced by using the cold cleaning methods. This is
explained by recalling that the producer gas has a temperature higher than
700◦C [16] and the typical fuel production units operated at roughly 400◦C.
Thus, using cold cleaning methods introduces sources of heat loss during
cooling and heating up the flow stream.

1.3.2 Hot Cleaning Methods

Hot cleaning methods mostly include packed beds of metal oxides, in which
H2S is removed from the gas stream by reacting with the metal oxides [16].
A packed bed filled with metal oxide pellets is a popular solution to the
problem of sulfur removal. Among the metal oxide candidates zinc oxide has
shown a great potential to be used in a packed bed for sulfur removal [21–23].
In order to predict the breakthrough time of the packed beds, different
models have been developed in the literature, including shrinking core model
and the grain model. These models describe the phenomena taking place in
the pellets, based on the assumption that the solid product (ZnS) formed
in the pellets grows inward. This is further discussed in chapter 2.

1.4 Microalgae: An Alternative Feedstock

Biomass gasification is one of the popular routes to produce biofuel. Ligno-
cellulosic biomass which includes agricultural and forest residues have been
traditionally used in the gasification process to produce raw syngas (i.e.
the producer gas). Although lignocellulosic biomass is the most abundant
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biomass on earth, there are still parts of the world that lack the resources to
fully rely on this type of biomass. The advent of microalgae as a feedstock
brought up an answer to the critic to traditional lignocellulosic biomass
availability. Microalgae has high production yields and can be cultivated
even in deserts. Moreover, there are studies that suggest exhaust gas stream
of power plants can be used as a source of CO2 during synthesis of mi-
croalgae. Similarly, wastewater streams can be used as the liquid culture
(medium) since the microalgae can nourish from S and N compounds avail-
able in such streams. This together with other characteristics of microalgae
are reviewed in Section 4.1 of this thesis.

1.5 Methodology and Scopes

In this thesis, two specific problems are studied. The idea of each problem
was triggered by experimental observations found in the literature. There-
upon, we developed mathematical models, motivated by possible physical
phenomena behind the observations.

The first problem we looked into was the removal of H2S by a packed
bed of ZnO. Recent evidences [24, 25] show that the previously mentioned
assumption of inward growth of solid product is not always true, and there
are cases where the product layer grows outward. In order to investigate
this observation further, we first developed a model to describe such a be-
havior and then studied the effect of the outward growth on the behavior
of the packed bed. This is presented in chapter 3 of this thesis.

The second problem deals with flocculation of microalgae, where the
mean size profile of clusters increases with time to a point above which
the mean size starts decreasing, exhibiting an overshoot in the mean size
profile. We suggested three mechanisms behind this overshoot. In order
to motivate the mechanisms, first the flocculation process was modeled by
population balance equations (PBEs) and then the suggested mechanisms
were thoroughly analyzed with our simulations. This is discussed in chapter
4.



Chapter 2

Removal of H2S with
Packed beds of Metal
Oxides

Sulfur compounds and in particular H2S in the producer gas can be removed
by using a packed bed of metal oxides. The bed is filled with pellets that
contain metal oxides. As the gas stream passes through the packed bed,
H2S moves from the bulk of fluid to the surface of pellets. H2S then diffuses
through the pellet to reach the metal oxides (MO) and finally reacts with
them according to:

H2S (g) + γ1MO (s) 
 γ2MS (s) + γ3H2O (g) (2.1)

where γi is the stoichiometry coefficients. Note that the metal oxide in
reaction (2.1) could be Fe2O3 for instance, and that is why the stoichiometry
coefficients are included. At the operating temperatures (T>300◦C), the
products of sulfidation reaction (2.1) are water vapor and metal sulfide
(MS). The water vapor transfers back to the fluid bulk, while the metal
sulfide substitutes the metal oxide in the solid phase. The transfer of water
vapor to the bulk has negligible effects on the overall rate of H2S removal
process. Although the sulfidation reaction is exothermic, the temperature
change is almost zero since the concentration of H2S is relatively low in the
fluid stream. Also the equilibrium of reaction (2.1) is to the right for most
of the metal oxides at the operating temperature, thus reaction (2.1) can
be considered irreversible.
There have been suggested different approaches to model and describe the

6
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H2S removal. In this section, we will discuss these approaches to prepare
grounds for modeling sulfur removal in packed beds.

2.1 Modeling of Solid-Gas Reactions in Packed
Beds

Consider a fresh packed bed of sorbents where a stream containing H2S is
fed to at t = 0. As the stream flows through the bed, the H2S transfers to
the pellets and is removed from the bulk. Hence, by writing a mass balance
we obtain:

∂C

∂t
+ uint

∂C

∂x
= E

∂2C

∂x2
− νapNp (2.2)

B. C.:


CF = C − E

uint

∂C

∂x
x = 0+

∂C

∂x
= 0 x = L

I. C.: C = 0

where C is the concentration of H2S in the bulk, uint is the interstitial veloc-
ity of the stream through the packed bed, defined as uint = Q/(εA) where Q
is the volumetric flow rate, ε is the bed porosity and A is the cross-sectional
area of the packed bed. E is the axial dispersion in the bed, t is the time
and x is the axial position in the packed bed. ν is the solidity of the bed
defined as ν = (1−ε)/ε and ap is the specific area of pellets per unit volume
defined as ap = 6/dp for spherical pellets where dp is the pellet diameter.
Np is the flux of H2S to the pellets and it will be further discussed shortly.
The Danckwert boundary condition (B. C.) was implemented, in which CF
is the feed concentration. The initial condition (I. C.) was based upon the
assumption that the bed is totally free of H2S in the beginning.

Np depends on H2S concentration at the pellet surface Cp,s. In order
to find Cp,s, we revisit the transport phenomena occurring on the pellet
surface and its vicinity. Gas molecules transfer from the bulk to the pellet
surface, in other words there is a flux of H2S form the bulk to the surface.
Also, we know that there is a flux of H2S to the inside of pellets. Assuming
no accumulation of the gas on the pellet surface, the following expression is
derived:

Cp,s = C − Np

k̂g
(2.3)
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where k̂g is the external mass transfer coefficient and is estimated from the
correlations found in the literature [26, 27]. As mentioned before (and will
be seen later) Np is a function of Cp,s, so once the expression for Np is
known, Eq. (2.3) is rearranged to compute Cp,s.

Np is found by realizing the phenomena occurring in the pellets. In
the literature, we found three models to describe the pellet phenomena.
In the following, these models and how to estimate Np based on them are
presented.

2.1.1 Deactivation Model

According to deactivation model [28], the effect of sorbent consumption and
structural changes are lumped in a single parameter, namely the activation
coefficient, and Np is determined from:

Np = aksCp,s (2.4)

where ks is the surface reaction rate constant and a is the sorbent activity
coefficient. The rate of decay of sorbent activity follow a power law:

∂a

∂t
= −kaCmp,san (2.5)

I. C.: a = 1

where ka is the deactivation rate constant, m and n are the deactivation
exponents which are usually predetermined. Therefore, this model has two
fitting parameters, ks and ka. In order to find them, Eqs (2.2 , 2.3 , 2.4 and
2.5) are solved simultaneously and the obtained breakthrough data from
the model are compared to the experimental results. The drawback of this
model is that it does not explain the phenomena occurring in pellets and it
does not suggest any mechanism for the conversion of sorbents.

To further simplify the system, the axial dispersion in the bed can be
neglected and also a pseudo steady state condition in the bed can be as-
sumed [29–31], which implies that the changes of concentration in time are
negligible compared to the changes of concentration along the bed:

uint
∂C

∂x
= −νapNp (2.6)
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Yasyerly et al [29] investigated the removal of H2S in a packed of mixed
metal oxides containing Cu, M and V. The sorbent particles had a size of
110 µm with a porosity of ' 0.25, and were placed in a packed bed of 0.6
cm diameter. The feed flow rate was reported at 100 cm3 STP/min and
the operating temperature of 400-700◦C. To model the sink term of the bed
(Np) in Eq. 2.2, they used a deactivation model. Considering m = 0 and
n = 1, they fitted the parameters to the experiments to be ka ∼ 10−2 s−1

and ks ∼ 10−2 m/s.

Guo et al [31] used a mixed Zn-Mn oxide sorbent on an aluminium oxide
support to remove H2S at temperatures 350-600◦C. The feed had a space
velocity (SV) of 6 s−1 and contained 200-1000 ppm of H2S. The srobent
particles were sieved to have a size of 150-300 µm and placed in a bed with
a diameter of 20 mm. They used a deactivation model by setting m = 0
and n = 1 and obtained the fitting parameters to be ka ∼ 10−2 s−1.

Although the model agrees with the experimental data and has an an-
alytical solution for the breakthrough curve, it lacks the ability to explain
or propose phenomena behind the desulfurization process.

2.1.2 Shrinking Core Model

Shrinking core model (SCM), also referred to as unreacted core model in
the literature, unlike the deactivation model, suggests a mechanism for the
sorbent conversion inside the pellets. Based on SCM, initially the fresh sor-
bent on the pellet surface reacts with H2S and forms a layer of solid product
(consumed sorbent). In the continuation of the process, the gas molecules
has to diffuse through the consumed sorbent to reach the fresh sorbent.
Since the reaction rate is considered to be much faster than the diffusion
rate, the reaction takes place on a sharp interface separating the consumed
and fresh solid, as shown in Fig. 2.1.
Two transport phenomena are recognized in SCM: diffusion and surface re-
action. The fluxes attributed to each phenomenon are equal on the interface
since there is no gas accumulation on the interface. Therefore, we can derive

Figure 2.1: Schematic overview of SCM as the conversion proceeds in a
pellet.
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an expression for the flux to the pellets [32]:

Np =

(
1

kRx
+

1

kDf

)−1

Cp,s (2.7)

kRx =ks(1−X)2/3

kDf =Da
(1−X)1/3

1− (1−X)1/3

where kRx and kDf are the mass transfer coefficients of reaction and diffu-
sion respectively. kRx is derived by assuming that the rate of reaction is of
first order in respect to the gas and zero in respect to the sorbent. Da is
the apparent diffusivity of the gas through the consumed sorbent, and X
is the sorbent conversion and can be found by writing a mass balance over
the sorbents:

∂X

∂t
=
γ1ap
ρ

Np (2.8)

I. C.: X(x, 0) = 0

where ρ is the molar density of the sorbent and γ1 is the stoichiometric coef-
ficient of the sorbent. Eqs. (2.2 , 2.7 and 2.8) are solved simultaneously, as
a system of equations to obtain the solid conversion and H2S concentration
profile along the bed at different times, i.e. X(x, t) and C(x, t). Solving
the system of equations numerically can be expensive. To mitigate this
problem, a method referred to as constant patent method was frequently
adapted in the literature. The constant pattern method is briefly discussed
in the appendix.

Wang et al [33] modeled the removal of H2S in a packed bed filled with
pellets of zinc ferrite (ZnFe2O4). The pellets were modeled by the use of
SCM. The constant pattern approximation was implemented to obtain the
breakthrough curves of the bed. The model resulted in a single controlling
parameter, namely the apparent diffusivity through the pellets (Da), which
was evaluated by fitting the model to experimental data. The experiments
were carried out at temperatures between 550 and 700◦C, pressures of 15-
18.2 atm, and with a gas flow rate of 0.02-0.05 m3/s that contained 500-
14100 ppm of H2S. The high concentration of H2S in the feed is to recreate
a syngas resulted from a coal gasification. The pellets have a radius of 200
µm and were placed in two cylindrical beds; one of 7.6×38.6 cm dimensions
and one with dimensions of 137×168 cm. The bed porosity was 0.4, the
reaction rate constant ks was arbitrary chosen to be ∼ 10−2 m/s and the
external mass transfer coefficient were obtained from the correlations in
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literature by knowing the operation conditions. The apparent diffusivity of
pellets was first determined in the smaller bed (∼ 10−7m2/s) and it was
later successfully used to predict the experimental data obtained from the
larger bed. However, as pointed out in another study [34], the estimated
values are relatively larger than values obtained from correlations in the
literature.

In another study on zinc ferrite [35], only up to 11% of sorbent utilization
was reported when the inlet concentration is as high as 2600 ppm at 500-
600◦C and atmospheric pressures. The apparent diffusivity of pellets Da

was evaluated to be on the order of 10−5m2/s at the operating conditions.

Fan et al [36] used SCM together with the constant pattern approx-
imation to obtain the breakthrough curves of a packed bed filled with
Perovskite-type sorbents namely La2CuO4, LaMnO3 and LaCoO3. The
apparent diffusivity Da was estimated to be on the order of 10−7m2/s. The
model predicted the breakthrough curves with a good accuracy and gave
reliable results even when changing the inlet gas concentration from 800 to
5000 ppmv. The operating pressure was 1 atm, the temperature was 300-
700◦C, and the gas flow rate was 228-243 cm3/min. The bed length was
0.2-0.28cm and the pellet radius was 0.014cm.

Rosso et al [37] used SCM and neglected the axial dispersion of the bed
to fit the resulted model to experimental breakthrough data of a packed
bed filled with ZnO pellets. Da was estimated to be of the order of 10−8

m2/s. The breakthrough times of different ZnO sorbents were evaluated as
low as 25 min for the commercial ZnO sorbent and as high as 550 min for
the pretreated ZnO sorbent, when the space velocity was ∼30 s−1.

Sun et al [38] suggested a new kinetics for the reaction between ZnO and
H2S. They suggested that the reaction is of first order in respect to the gas
phase and second order in respect to the solid. They also suggested that
H2S is first adsorbed on the pellet surface and then diffuses. The kinetics
data and the apparent diffusivity were estimated by fitting the model to the
conversion plots of pellets (particles) of different sizes and porosities. At
last, the obtained model parameters were used to compute breakthrough
data of a packed bed containing the modeled pellets.

2.1.3 Grain Model

The grain model considers pellets to be consisted of smaller grains. The
void space between the grains represent the pores of pellets and the grains
mimic the non-porous part of the pellets. H2S molecules diffuse through the
pellet pores to reach the grains surfaces. Thereafter, the grains follow the
shrinking core type of behavior, i.e. H2S diffuses through the non-porous
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converted sorbent (ash layer) to reach the fresh sorbent and reacts at the
sharp interface separating the fresh and converted sorbent. This model
adds another scale to the system, namely the grain scale, in which the ash
diffusion and reaction take place. The main transport phenomena on the
pellet scale is the intra-pellet diffusion, while the convective flow through
the packed bed is the main phenomenon on the bed scale. Eq. (2.2) is
still valid to describe the bed scale. In order to find Np though, the gas
concentration in the pellets should be known. Writing a mass balance on
H2S over a spherical pellet that is consisted of spherical grains results in [32]:

∂Cp
∂t

=
1

r2

∂

∂r

(
Der

2 ∂Cp
∂r

)
− (1− εp)agNg (2.9)

B. C.:

{
∂Cp

∂r = 0 r = 0

Cp = Cp,s r = Rp

I. C.: Cp = 0

where Cp is the gas concentration in pellets, r is the radial position inside
the pellets, εp is the pellet porosity and ag is the specific surface area of
grains per unit volume, defined as ag = 6/dg where dg is the grain diameter.
De is the effective intra-pellet diffusivity through the pellet pores and Ng
is the flux of H2S to the grains. De is estimated by knowing the molecular
diffusivity DM and Knudsen diffusivity DK :

De =

(
1

DM
+

1

DK

)−1

(2.10)

The values of DM and DK are computed from the expressions found in the
literature [39]. It has been also suggested that De ' D0εp, where D0 is
the pore diffusivity [40, 41]. To find the flux to the grains Ng, we need to
establish a shrinking core model on the grain scale, so we get:

Ng =

(
1

kRx
+

1

kDf

)−1

Cg,s (2.11)

kRx =ks(1−X)2/3

kDf =Dash
(1−X)1/3

1− (1−X)1/3

where Cg,s is H2S concentration on the grain surface, defined as Cg,s =
Cp/(1 − εp), ks is the surface reaction constant (it is related to volume
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reaction constant k2 through ks = ρk2), and Dash is the diffusivity through
the ash layer. The sorbent conversion X is obtained from:

∂X

∂t
=
γ1ag
ρ

Ng (2.12)

I. C.: X = 0

Finally, when H2S concentration in pellets is determined the flux to
pellets is obtained from:

Np =
∂Cp
∂r

at r = Rp (2.13)

Implementation of the grain model leads to a system of equations in-
cluding Eqs. (2.2,2.9,2.11 and 2.12) which should be solved simultaneously
to obtain C(x, t), Cp(r, x, t) and X(r, x, t). Such a system is numerically
very expensive to solve. Therefore, researchers have employed simplifying
assumptions to treat the difficulty of solving the system numerically.

Sotirchos and Zarkanitis [42] examined the effect of grain (or pore) size
on the overall performance of packed beds of metal oxides to remove H2S.
They used Eq. (2.2) on the bed scale, Eq. (2.9) on the pellet scale and
considered only reaction on the grain scale (no ash diffusion). To simplify
the numerical solution of the system, they assumed a pseudo steady state
condition on the pellet scale and calculated the average conversion and
conversion rate over the pellets to estimate Np. They tested different grain
sizes 100-5000 Å and concluded that the grain (or pore) size (distribution)
has a strong influence on the bed breakthrough time. The experiments were
at 700◦C, 1 atm and the space velocity of 1 s−1. The pellets had a radius
of 1.5 mm with a porosity of 0.5, packed in a bed with a porosity of 0.3.
The lumped reaction rate constant was of the order of 10−5 m/s, while the
intra-pellet diffusivity was of the order of 10−12 m2/s.

Efthimiadis and Sotirchos [43] used a similar approach but adapted a
pore model to obtain the conversion of sorbent at different radial positions
on the pellet scale.

Pineda et al [44] implemented the grain model with the pseudo steady
state assumption to obtain the breakthrough data of packed beds of three
differently prepared zinc ferrite sorbents to remove H2S. The pellets had a
size of 50-400 µm and the evaluated grain radius was 100-200 nm. The model
parameters such as ash diffusivity (∼10−12 m2/s) and reaction rate constant
(∼10−6 m/s) were computed by fitting the grain model to experimental
data of pellets conversions. The intrapellet diffusivity was calculated from
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molecular and Knudsen diffusivity coefficients obtained from correlations
in the literature. At the final stage, the obtained parameters were used
to approximate the breakthrough data of packed beds operating at 540◦C,
fed with a stream containing 5000 ppm H2S with a space velocity of 1.5
s−1. The obtained breakthrough data were in good agreement with the
experiments.

In a recent study, Goldnik and Turek [45] used a variant of grain model
(volume reaction model) and SCM to obtained the breakthrough curves of
a packed bed filled with adsorbents impregnated with potassium perman-
ganate KMnO4 and compared the results with the experiments. They also
investigated the effect of residence time (0.6-0.8 s−1), pellet diameter (1-5
mm) and initial concentration of H2S (5-100 ppm) on the breakthrough.
The reaction between the sorbent and H2S has two steps. This feature was
successfully captured by the volume reaction model and gave it an edge over
the SCM although both of the models performed well in comparison with
the experiments.

Babe et al [46] introduced a new approach to the modeling of the bed
scale. They modeled a packed bed of ZnO as a sequence of finite number of
CSTRs and avoided the treatment of the troublesome hyperbolic equation
of form of Eq. (2.2) On the pellet scale, they used a lumped model, i.e. the
concentration of the gas is uniform inside the pellet. On the grain scale, a
reaction-diffusion model was implemented and the consumption (sink) term
was modified based on a layer by layer representation of crystallites of the
sorbent. This model gave remarkable results compared to the experimental
breakthrough data. It was concluded that larger crystallites are less efficient
in removal of H2S. The estimated solid diffusivities were of order of 10−17

and 10−12 m2/s for ZnS and ZnO, respectively. These values are much lower
than values suggested by the previous works, which should be due to the
different mechanisms considered in the modelings.

Yamamoto et. al [47] used a similar approach as Babe et al [46] to model
the bed scale of a process of H2S removal with iron oxyhydroxide at 0-100◦C.
The pellets were modeled based on the volume reaction model. The fitting
parameters were extracted from a set of data and were used to predict
the breakthroughs under different H2S initial concentrations and superficial
velocities. The results were in good agreements with the experiments.

2.2 Summary

Different models to describe the removal of H2S with pellets of metal oxide in
fixed bed reactors were investigated in this chapter. The previous works that
implemented these models were also discussed. The shrinking core model
and grain model propose mechanisms for the sorbent conversion, which are
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based on the primary assumption that the metal sulfide (converted sorbent)
grows inward. This will be further discussed in the following chapter.



Chapter 3

Grain Scale Phenomena
and Impacts on Other
Scales

Among the metal oxides, zinc oxide (ZnO) has a favorable equilibrium and
adequate thermodynamic stability [21–23] and is the most commonly used
metal oxide for the removal of hydrogen sulfide. ZnO reacts with H2S
according to:

ZnO (s) + H2S (g) 
 ZnS (s) + H2O (g). (3.1)

The equilibrium of Reaction (3.1) is strongly to the right which allows
for treating Reaction (3.1) as an irreversible gas-solid reaction at typical
operating conditions of 300-600◦C [48] and with H2S concentrations as low
as 8 ppm [49].

The reaction between ZnO and H2S has been investigated repeatedly as
shown in [50,51]. The apparent kinetics was obtained from thermogravimet-
ric analysis for the temperature range of 200-800◦C and H2S concentrations
in between 0.5 and 2% [48,52–55]. In the considered conditions, the appar-
ent kinetics was of first order with respect to H2S. Also it was found that
the apparent sulfidation rate depends on the available surface area of the
ZnO grains [54]. Furthermore, it was observed in the experiments thatH2

promotes the adsorption of H2S on the ZnO particles [56], while H2O, CO
and CO2 can inhibit Reaction (3.1) [49, 56, 57]. There are experiments in
the literature that mimic the industrial application of the process [49,55,58]
and were carried out on packed beds of ZnO. The results of these works in-
dicate that the outlet concentration of H2S is close to zero until the bed

16
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reaches the breakthrough time. The breakthrough curves sharply increase
from zero and followed by a slow relaxation of the outlet concentration to
the inlet concentration [58]. Increasing the space velocity led to lower bed
capacities [49].

Despite these efforts it was only recently that the experiments showed
nano-sized particles of zinc oxide exhibit an outward growth and void for-
mation in the inside of the particles when reacting with hydrogen sulfide
at 350 ◦C and concentrations of about 10% [24, 25, 59]. The formation of
hollow particles is caused by the relative immobility of the formed ZnS that
remains on the outer regions of the particle and the diffusion of Zn and O
from the inside of the particle through the layer of ZnS towards the particle
surface where it reacts with H2S, i.e. [60] explains the chemical transforma-
tion of a nano-sized particle of ZnO to a hollow particle of ZnS as an anion
exchange process. The faster diffusion of Zn2+ compared to the diffusion of
the anions results in the outward growth of the particles. At the same time,
the faster diffusion of the O2− compared to S2− promotes the void formation
in the inside of the particle. The void formation caused by such differences
in diffusion rates is sometimes referred to as Kirkendall effect [59, 61, 62],
first discovered in diffusion of metal ions in the process of alloy formation.

In this chapter, we develop a microscopic model for the reaction of solid
ZnO and gaseous H2S that accounts for the outward growth and the void
formation inside the nano-particles. The model considers the nucleation and
growth of the voids inside the ZnO core, the diffusion of Zn and O to the
outer surface, and the reaction of ZnO with H2S. With respect to an earlier
model [25], the model presented here is developed in a similar spirit as the
well known shrinking core model (SCM). This allows for it to be combined
with a packed bed model to explore the effect of the outward growth on the
dynamics of a bed packed filled with porous pellets of ZnO. Packed beds
are the typical reactor configuration to carry out the removal of H2S with
ZnO and understanding its dynamics is important for the transfer of lab
data, the scale-up, and the optimization of H2S removal within a process
flow diagram.

It is noticed though that all of the models discussed in the previous
chapter assumed an inward growth of the sulfide layer and a shrinking core
of zinc oxide, which is in disagreement with the recent experimental find-
ings described before. This therefore calls for reconsidering the modeling
of the removal process of H2S with ZnO in a packed bed. A particular
aim is to explore the effect of outward growth and void formation on the
breakthrough profile of a packed bed reactor and to determine if such an
effect is significant to allow for characterization of the outward growth from
a breakthrough. Since experimental breakthrough curves where an out-
ward growth of nanoscopic ZnO particles was observed is not available, the
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model presented here is formulated in a general framework using dimension-
less numbers to quantify the physical phenomena taking place. Determining
the dimensionless numbers and applying the model to describe experimen-
tal data is a subject of future studies. As the GM was found to be more
suitable [63, 64], we adopt a similar modeling approach that includes the
pellets as an intermediate scale between the grain scale and the bed scale.

3.1 Model Development

Adapting the grain model framework, we distinguish between three scales
involved in the process of removal of H2S with a packed bed of ZnO: (1)
the grain scale which represents the crystallites of ZnO and has a size range
of a few tens to a few hundreds of nanometers, (2) the pellet scale with a
size range from few hundred micrometers to centimeters, and (3) the bed
scale which varies from few centimeters to meters. H2S passes through the
void space of the bed and reaches the surface of the pellets. Thereafter, it
diffuses through the porous structure of pellets to reach the grains, where
it reacts with the fresh ZnO.

In the grain scale, the chemical reaction, diffusion through the solid
product (from now on referred to as ash diffusion), and void formation
inside the crystallites are the main phenomena. The pellet scale involves
the intra-pellet diffusion of the gaseous reactant through the pellet pores
as the main transport phenomena, and at the same time, the influence of
outward growth of the grains should be investigated. On the bed scale, the
convective flow of the gas stream and the transfer of H2S from the bulk to
the surface of pellets are the phenomena taking place.

3.1.1 Gas-solid reaction on the grain scale

To proceed with the modeling, let us consider non-porous crystalline grains
of ZnO with a spherical shape and radius of Rg,0. The grains react with
the gaseous reactant and result in void formation in the inside and out-
ward growth of grains. It is assumed that the reaction is irreversible and
the heat of reaction has negligible effect on the temperature since the H2S
concentration is very low.

Hollow core-shell model (HCSM)

In order to describe the experimental observations [24,25,59,65] that show
the outward growth and void formation inside the grains , we propose a
Hollow core-shell Model (HCSM) which assumes the diffusion of solid re-
actant to the outer surface where the chemical reaction with the gaseous
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X = 0 X = 50% X = 75% X = 100%

Figure 3.1: Schematic overview of HCSM as the conversion proceeds in a
grain. The fresh solid reactant is shown in magenta and the solid product
(ZnS) is shown in gray.

reactant takes place, as shown in Fig. 3.1. The transfer of solid reactant
leaves behind void spaces. The voids grow in size as the consumption of the
sorbent continues. A concentration profile inside a grain is schematically
shown in Fig. 3.2. Accordingly, we consider three transport steps taking
place in a grain: void formation, diffusion and reaction. The void formation
step results in transport of solid reactant from the core, with an average
concentration of CB , to the interface separating the fresh and consumed
sorbet at Ri or equivalently Rg,0 where the concentration of solid reactant

RiRg

CB
CB,i

CB,s

Figure 3.2: Schematic of the concentration profile of the solid reactant
(ZnO) inside a grain. The interface between the fresh reactant and the
solid product is at Ri. The grain outer radius is Rg.
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is CB,i. This creates voids in the original grain. During the diffusion step,
the solid reactant atoms diffuse from the interface, through the solid prod-
uct, to the surface of the grain denoted by Rg where the concentration is
CB,s. At the grain surface the reaction takes place, which results in depo-
sition of the product layer at the outer surface. Writing the molar flow of
the solid reactant for each transport step, we arrive at:

FNc =
4π

3
KNc(CB − CB,i) (3.2)

FDf =
4π

3
KDf (CB,i − CB,s) (3.3)

FRx =
4π

3
KRxCB,s (3.4)

where Fj is the molar flow rate of step j, Kj is the rate of mass transfer of
step j and CB is the concentration of the solid reactant in different positions,
as specified in Fig. 3.2.

To findKNc, we model the void formation step as a process of nucleation-
growth of voids that can be described by the well-known Avrami (or JMAK)
model [66]. To derive the expression for KNc, first we consider a case when
only void formation occurs with no diffusion and reaction, and then we
adapt the obtained results of the first case to a case where all three trans-
port steps are involved.

According to Avrami model, if solid particles were only subject to void
formation, the conversion of solid to void follows Xv(t) = 1 − e−(kfreqt)

m

,
where X is the conversion defined as X = 1−CB/CB0, and the subscription
v is to emphasize that the expression is to compute a conversion that is only
due to void formation. Furthermore, m and kfreq are the rate exponent and
the rate coefficient of the nucleation-growth taking place inside the grain.
The rate of conversion is readily derived from the Avrami expression and
after rearrangement we obtain:

dXv

dt
= mkfreq(1−X)(− ln(1−X))1−1/m (3.5)

Void formation leads to an outward flow of material and by writing a mass
balance over a grain, the molar flow rate is derived as:

Fv =
4π

3
mkfreqR

3
g,0(1−X)(− ln(1−X))1−1/mCB (3.6)
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Now, going back to the main case which involves the two other transport
steps, namely diffusion and surface reaction, we approximate the molar flow
according to:

FNc ≈
4π

3
mkfreqR

3
g,0(1−X)(− ln(1−X))1−1/m(CB − CB,i) (3.7)

Comparing Eq. (3.7) with Eq. (3.2), KNc is obtained as:

KNc = mkfreqR
3
g,0(1−X)(− ln(1−X))1−1/m (3.8)

In this case m = 4 is presumed since the voids are assumed to grow 3-
dimensionally [66].

To estimate KDf , we consider the diffusion of Zn and O from the inter-
face denoted by Ri in Fig. 3.2 to the grain surface (ash diffusion) denoted
by Rg. Thus the expression for KDf looks like:

KDf =
3DashRg

Rg/Rg,0 − 1
(3.9)

where Rg is the outer radius of the grain, which is constantly growing,
while Rg,0 is the initial radius of grains, which is also the interface between
the product layer and the particle core that contains ZnO. Notice that here
the diffusion coefficient Dash refers to the diffusing species of the solid reac-
tant (ZnO) while in SCM it referred to the diffusing species of the gaseous
reactant (H2S).

The rate expression for the surface reaction is formulated as a Langmuir-
Hinshelwood kinetics [67], therefore the transport coefficient reads as:

KRx =
k2R

3
gκCg,s

1 + κCg,s
(3.10)

where κ is the adsorption equilibrium coefficient.

Making a quasi-steady state assumption, the rates of the three steps
become the same and equal to the overall consumption rate that reads as:

F =
4π

3
KCB , K =

(
1

KNc
+

1

KDf
+

1

KRx

)−1

(3.11)
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Table 3.1: Dimensionless analysis
Dimensional parameter Units Non-dimensional parameter
C mol/m3 c = C/C0

CB mol/m3 X = 1− CB/CB,0
x m z = x/L
r m ξ = r/Rp
t s τ = tDash/R

2
g,0

t s τ1 = tuint/L

Therefore the flux to the grains at the outer surface can be readily computed
from:

Ng =
1

3R2
g

KCB (3.12)

which fits in Eq. (2.12) that should be solved to find the conversion profile
of the grains:

dX

dt
=

ag
CB,0

Ng (2.12 , revisited)

where ag = 3/Rg and Rg, the outer radius of grains, changes with conversion

according to Rg = Rg,0 (1 + αX)
(1/3)

, where α is the ratio of the specific
molar volume of the solid product (ZnS) and the solid reactant (ZnO).

Dimensional Analysis

Tab. 3.1 shows the result of dimensional analysis of variables involved in
our modeling. In this table, two non-dimensional times are defined: τ and
τ1. The former was used when modeling a grain or a pellet, while the latter
was implemented for simulating a packed bed. Using the non-dimensional
variables, Eq. (2.12) is rearranged as:

dX

dτ
= f(X, cg,s) = k(1−X) ;

k =

(
1

kNc
+

1

kDf
+

1

kRx

)−1

(3.13)

where kj is the dimensionless rate coefficient for the transport step j, defined
as:
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kNc = ΨND(1−X) (− ln(1−X))
1−1/m

kDf = 3
(1 + αX)1/3

(1 + αX)1/3 − 1

kRx = 3ΨRD
Ψadθcg,s

1 + Ψadθcg,s
(1 + αX)2/3

where θ = C0/CB,0 is the ratio between H2S concentration in the feed and
the initial concentration of ZnO. In this work θ = 10−6 which corresponds to
an initial concentration of H2S of 0.4%. ΨRD is the ratio of the characteristic
rates of the reaction (rreact) and ash diffusion (rash diff):

ΨRD =
(rreact)

(rash diff)
=
k2CB,0Rg,0

Dash
(3.14)

ΨND is defined as the ratio of the characteristic rates for nucleation-growth
(rnuc) and ash diffusion (rash diff):

ΨND =
(rnuc)

(rash diff)
=
mkfreqR

2
g,0

Dash
, (3.15)

and Ψad = κCB,0 used to describe the adsorption equilibrium.

3.1.2 Pellet Scale

To model the pellet scale, a similar framework of the grain model, presented
in Eq. (2.9), was adapted. Here, we consider a pellet consisted of grains
that behave according to HCSM. Writing the mass balance over the pellet
results in:

∂cp
∂τ

=
β

ξ2

∂

∂ξ

(
ε2
pξ

2 ∂cp
∂ξ

)
− 1− εp,0

θ
f(X, cg,s) (3.16a)

∂X

∂τ
= f(X, cg,s) (3.16b)

which contains a single dimensionless parameter, β, that is the ratio of the
characteristic rate of pellet diffusion (rpellet diff) and ash diffusion (rash diff):

β =
(rpellet diff)

(rash diff)
=
D0

R2
p

R2
g,0

Dash
. (3.17)
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Note that De = ε2
pD0 is used in derivation of Eqs. (3.16 and 3.17). As

discussed before, the concentration of the gaseous reactant on the grain
surface is found from:

cg,s = cp/(1− εp,0). (3.18)

In the limit where intra-pellet diffusion is much faster than the rate of
grain conversion (which is the case for β � 1, β/ΨRD � 1, and β/ΨND �
1) the pellet can be treated as homogeneous, i.e. the gas concentration and
solid conversion are uniform throughout the pellet.

Here, we develop a lumped model as well to describe the phenomena on
the pellet scale and use the full model presented by Eq. (3.16) as a measure
to verify the lumped model. In the limit where intra-pellet diffusion is
much faster than the rate of grain conversion (which is the case for β � 1,
β/ΨRD � 1, and β/ΨND � 1), we can assume that gas concentration is
uniform inside the pellets, i.e. there is no concentration gradient in different
radial positions. The flux to the pellet is then found from Np = kp(Cp,s −
CP ) where kp ' De/RP is considered. Hence, the mass balance over the
pellet leads to:

dcp
dτ

= 3ε2
pβ(cp,s − cp)−

1− εp,0
θ

f(X, cg,s) (3.19a)

dX

dτ
= f(X, cg,s) (3.19b)

The first term of the rhs of Eq. (3.19a) corresponds to the inflow to the
pellet while the second term is the sink (or consumption) term.

The pellets consist of smaller grains that grow in size as the conversion
proceeds, thus the porosity of pellets change with conversion as well. The
following analytical expression is used to track the changes in porosity:

εp = 1− (1− εp,0)[1 + αX] (3.20)

where εp,0 is the initial pellet porosity. According to Eq. (3.20), for εp,0 <
α/(α+ 1), the porosity becomes zero before the full conversion is achieved.
The situation where locally εp = 0 is interpreted as pore clogging. At pore
clogging, the pores at the pellet surface are closed and the gas cannot diffuse
to the pellet although there is some fresh solid left in the pellet. For the
system ZnO/ZnS the ratio of specific molar volumes is α ≈ 1.66 [25]. A



Page 25 Section 3.1

pellet whose grains react according to the HCSM encounters pore clogging
for an initial porosity εp,0 < 0.62. This is well within the range of pellet
porosities applied in packed bed applications, reported to vary from 0.56
to 0.69 [63, 68]. This makes pore clogging a realistic scenario, as was also
concluded by Gibson and Harrison [63] who explored the effect of change of
porosity on the pellet diffusion and suggested the possibility of pore clogging
due to the volume expansion of the ash layer on the grain scale.

3.1.3 Bed Scale

The bed scale is modeled according to Eq. (2.2). Pellets are described
by the lumped model and the grains are considered to behave according
to HCSM. To simulate such a system, the following non-dimensional set of
equation is solved (Note that the non-dimensional time τ1 is used here):

∂cb
∂τ1

+
∂cb
∂z

=
1

Pe

∂2cb
∂z2

− 3νbε
2
pφ(cp,s − cp) (3.21a)

∂cp
∂τ1

= 3ε2
pφ(cp,s − cp)−

1− εp,0
θ

∂X

∂τ1
(3.21b)

∂X

∂τ1
=
φ

β
f(X, cg,s) (3.21c)

where cb is the non-dimensional concentration of H2S in the packed bed.
The dimensionless parameters are the Peclet number Pe = uintL/E that
characterizes the axial dispersion in the bed and that in this work is fixed
at Pe = 104, and the bed scale parameter φ defined as the ratio of the
characteristic rates for pellet diffusion (rpellet diff) and convection (rconv):

φ =
(rpellet diff)

(rconv)
=
D0

R2
p

L

uint
(3.22)

According to Eq. (2.3), the concentration of the gas on the pellet surface is
found from:

cp,s =
kgcb + cp
kg + 1

(3.23)

where kg = k̂gRp/D0 is the dimensionless mass transfer coefficient of the gas
molecules from the bulk to the pellet surface. In this work, we assume that
the mass transfer resistance from the bulk to the pellet surface is negligible
i.e. kg →∞, hence the concentration at the pellet surface is approximated
as cp,s = cb.
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3.1.4 Numerical Solution

Eq. (3.13) and (3.19) are first order ordinary differential equations (ODEs)
and are solved numerically by MATLAB using conventional ODE solvers.
Eq. (3.16a) is a parabolic partial deferential equation (PDE) and is solved by
semi-discretization, i.e. discretization of the space domain which is referred
to as Method of Line (MoL) in the literature [69]. To avoid the singularity at
ξ = 0 the space discretization is performed in the domain ξ ∈ (δ, 1) instead
of (0, 1), where δ is a small increment. In the present work 150 collocation
points were used for solving Eq. (3.16a). The conservation equation in Eq.
(3.21a) is solved by MoL where discretization of the space domain is based
on the Finite Volume scheme described in [70]. 100 collocation points were
used for solving Eq. (3.21a).

3.2 Results and Discussion

In this section we look at the simulations resulted from implementation of
HCSM. The aim is to investigate the effect of the phenomena occurring on
the grain scale on the two other scales considered.

3.2.1 Dynamics on the grain scale

According to the HCSM, the rate of conversion of grains is controlled by
three steps, namely void nucleation-growth, ash diffusion and surface reac-
tion. The controlling parameters of the model i.e. ΨRD and ΨND represent
the relative rate of these steps.

The grain conversion obtained from the HCSM is plotted for different
values of ΨRD in Fig. 3.3 with black solid lines. The nucleation rate is as-
sumed to be high, i.e. ΨND = 106, and has little to zero effect on the overall
conversion rate. As shown in the figure, the grain conversion increases ex-
ponentially and relaxes to X = 1 which corresponds to full conversion. As
expected, by increasing the rate of reaction, the conversion rate becomes
faster. A grain conversion profile resulted from SCM is also plotted in Fig.
3.3 with a blue dashed line. Note that the plot is scaled and corresponds
to the non-dimensional time denoted by τ ′, while the plots of HCSM corre-
spond to τ ′′.

Comparing the conversion profile of SCM with that of HCSM with
ΨRD = 106 shows that the two model qualitatively describe the grain con-
version very similarly. Thus, the HCSM behaves similar to SCM in the
limit of fast nucleation. An experiment measuring the grain conversion in
time using, e.g. a TGA apparatus [48, 53], therefore would not be able to
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Figure 3.3: Influence of reaction rate on the grain conversion. Conversion
of a grain as a function of time for the HCSM (solid lines) and the SCM
(dashed line).

distinguish between an inward growth mechanism as in the case of SCM or
an outward growth mechanism as in the case of HCSM.

3.2.2 Dynamics on the pellet scale

The concentration of the gaseous reactant in a pellet (cp) and the grain
conversion (X) as a function of time (τ) and radial position inside the pellet
(ξ) are obtained from solving either Eq. (3.16) for the full model or Eq.
(3.19) in the case of the lumped model. In the simulations of this section,
we consider the case where the fast nucleation regime prevails. Hence if
not declared otherwise, in the remainder of this work we use ΨRD = 108,
ΨND = 106 and Ψad = 1.

The pellet conversion is obtained from the local grain conversion by
integrating over the pellet volume:

X(τ) = 3

1∫
0

ξ2X(τ, ξ)dξ (3.24)
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Figure 3.4: Pellet conversion as a function of time for the full model (solid
lines) and the lumped model (dashed lines).

The pellet conversion profile as a function of time is shown in Fig. 3.4
for the full model with black solid lines and for the lumped model with blue
dashed lines. Similar to the grain conversion profiles, the pellet conversion
exponentially increases and relaxes when approached the full conversion.
The pellet parameter β is set to be high, and the conversion profiles obtained
from the two models are almost identical.

It is shown in the figure that pellets with initial porosities lower than
0.62 do not reach full conversion. This is a result of the outward growth
of grains. The porosity of the pellets constantly decreases as a result of
the outward growth to a point where the pores at the surface are fully
clogged and the gas molecules cannot enter the pellet to reach the unreacted
solid in the inside of pellets. Consequently, the pellet do not reach the full
conversion. This is further investigated in Fig. 3.5. The pellet conversion
at clogging, denoted by X̄c, increases with increasing the porosity. Also, the
time of clogging exponentially increases with porosity to the critical limit,
εp,0 = 0.62, above which no clogging occurs.

For β ≥ 108, if we consider typical values of parameters, (e.g. D0 ≈ 10−5

m2/s and Dash ≈ 10−15 m2/s adapted from [71], and Rg,0 ≈ 10−7 m) the
lumped model provides reasonable results for micrometer pellet size range.
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Figure 3.5: Pellet conversion at clogging (Solid line) and time to reach
clogging (dashed line) as a function of the initial porosity. The data are
obtained from the full model.

This clearly shows that the lumped model is not applicable for industrial
pellets which have a centimeter size range, but since it still captures the
pore clogging we will use this model in modeling of the packed beds.

3.2.3 Dynamics on the bed scale

When studying packed beds, it is of our interest to analyze the behavior of
systems by evaluating the breakthrough curves. The breakthrough curves
show the concentration of the gas at the outlet of the bed as a function of
time. The concentration of the gaseous reactant in the bulk (cb) is computed
by solving Eq. (3.21).

Fig. 3.6 shows the breakthrough of beds with different bed parameters
φ. The beds are filled with pellets that have high initial porosity so that
no pore-clogging occurs. As shown in the figure, the breakthrough curve
has a step-like shape for very large bed parameters, i.e. very long beds.
In this case, the outlet concentration is zero up to the bed limit above
which the concentration sharply increases to the feed concentration. The
blue dash line in the figure shows the bed theoretical limit. This limit is
obtained analytically by assuming that all of the sorbent in the bed can be
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Figure 3.6: Concentration profiles of the gas at the outlet of the bed as a
function of time for pellets without pore clogging.

converted:

τ1,b = 1 +
1− (εb + (1− εb)εp,0)

εbθ
(3.25)

For lower values of φ, i.e. shorter beds, the breakthrough curves exhibit
a unique behavior. These curves sharply rise at breakthrough times and
then slowly relax to the concentration of the feed. This characteristic shape
of noncatalytic gas-solid reactions was also observed in a study done by
Rosso et. al [58]. The timespan from the breakthrough to the recovery of
the feed concentration is referred to as the mass transfer zone of the bed.
Decreasing φ makes the mass transfer zone wider, as seen in Fig. 3.6.

When pellets embedded in the beds experience pore clogging the bed
does not meet the bed limit, as shown in Fig. 3.7. This shows that even
when the intra-pellet diffusivity and the bed length are relatively high, there
will remain some unconsumed metal oxide in the bed due to pore-clogging.
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Figure 3.7: Concentration profiles of the gas at the outlet of the bed as a
function of time for pellets with pore clogging.

3.3 Summary

Recent experiments show void formation and outward growth under cer-
tain circumstances in nano-size particles of ZnO that react with H2S. The
classical models in the literature though are not capable of describing such
phenomena and consider an inward growth of the product layer in particles.
A hollow core-shell model (HCSM) was developed to describe the phenom-
ena taking place on the micro-scale.

According to HCSM, the reaction between the gas and solid reactant
occur on the surface of particles. The solid reactants diffuse from the core
of the particles to the outer surface, therefore leaving the solid crystallite
and making a void in it. As a result the solid product deposits on the outer
surface, which contributes to the outward growth of the particles.

The conversion profile of grains obtained from HCSM was qualitatively
very similar to that of the shrinking core model (SCM), making it difficult
to determine the mechanism of sorbent conversion just by looking at the
conversion experimental data obtained from e.g. TGA experiments.

The effect of the outward growth and void formation was investigated on
the pellet and bed scales. On the pellet scale, the pore-clogging phenomena
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was successfully captured by the model. It was shown that the pellets do
not reach full conversion if the initial porosity is not higher than a critical
value. This value is a function of the expansion factor. Also, it was shown
that the pore-clogging causes shorter breakthrough times for the beds.



Chapter 4

Micro-algae: Issue of
Harvesting

4.1 Micro-algae

4.1.1 Role as Energy Feedstock

The first generation biofuels negatively influenced the food supply and
raised awareness to establish criteria of viable biofuel recourses. A techno-
economically viable resource uses no or low additional land and water, helps
the air quality by e.g. CO2 sequestration, and has a price lower than or
comparable with fossil fuel recourses [72]. Microalgae has shown a great
potential to meet the criteria of a viable biofuel resource. Algae Cultivation
needs less water than terrestrial crops [73] and the water could be a brackish
water [74] or wastewater [75]. Algae assimilates CO2 from air, and S, N,
and P from the water to synthesize and grow. The production plant could
be located in a non-arable land so it does not compete with food produc-
tion [74]. Additionally, microalgae can be produced all year along and have
a high production rate which makes it more suitable to meet the high fuel
demands [76, 77]. On these accounts, microalgae has been a major subject
of biofuel related researches to determine if it can have a price comparable
with fossil fuels.

Microalgae has been tested in variety of processes to produce biofuel,
which can be divided in three types of chemical, thermochemical and bio-
logical processes. Transesterificaiton of the extracted lipids from microalgae
to produce biodiesel is an example of chemical processes. Thermochemical
processes are gasification to produce syngas, thermal liquefaction to pro-

33
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duce bio-oil, pyrolysis to produce char and bio-oil. Anaerobic digestion
of microalgae to produce hydrogen and methane, anabolic fermentation to
produce alcohols in particular ethanol are among the biological processes.
Comparing the three types of processes, thermochemical processes seem to
be more favorable due to shorter process time, flexibility to the type of feed-
stock and simpler process in overall [78].

Gasification of microalgae has been carried out in both conventional
and supercritical water gasifications (SCWGs). Conventional gasification
methods operate at temperatures of 700-1000◦C and pressures of 1-10 bar
[79] and require drying (' 20% dry biomass [80]) of the microalgae prior
to feeding. The quality of syngas though depends on different factors such
as the strain of microalgae, gasification agent (which could be air, O2, N2,
water and steam), operating conditions (T and p) and the type of reactor
[78]. SCWGs operate at temperatures of 400-500◦C and pressures of 240-
360 bar where water is in its supercritical condition and acts as a non-polar
solvent, providing a suitable environment for the gasification [78]. SCWGs
do not require the predrying of microalgae, and the feed could have solid
concentration as low as 5% [81]. It is also possible to add catalysts to
SCWGs which benefits the results in terms of better efficiency and shorter
residence times [82]. Although SCWGs have high operating costs, they
have higher energy efficiency compared to the conventional gasifications, as
shown by Aziz et. al [83].

4.1.2 Microalgae Production

In this work, we refer to all the unicellular and simple multi-cellular microor-
ganisms, including prokaryotic and eukaryotic microalgae, as microalgae. In
respect to their synthesis, algae are divided into three main categories: au-
totrophic, heterotrophic and mixotrophic. Autotrophic algae require light
and inorganic compounds such as CO2 and salts to grow. The light and CO2

contribute to photosynthesis according to Eq. (4.1) and the salts provide
sources of nutrients for the cells to grow.

CO2 + H2O + photons = (CH2O) + O2 +H2 (4.1)

Heterotrophic algae are not photosynthetic and instead need an organic
source (such as glucose) together with nutrients to grow. Mixotrophic algae
can both photosynthesize and nourish from an organic source.

The process of producing autotrophic algae is called phototrophic pro-
duction and it can be carried out in either open ponds or photobioreactors.
Open ponds, an example of which is shown in Fig. 4.1, with typical depth of
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Figure 4.1: Schematic view of a typical raceway open pond.

0.2-0.5 m are filled with water. The sunlight supplies the photons and CO2

comes form the atmosphere, while the nutrients in form of salts are added
to the system. The limitations of such a setup are the low concentration
of CO2 in the atmosphere ('360 ppm [84]) and limited time of sunlight
(only during the day time). Sometimes a flue gas that contains CO2 up to
40% [85] is aerated in the pond to increases the amount of CO2 in the sys-
tem. Also, wastewater streams containing a reasonable amount of nutrients
can be used to avoid adding salts to the system. Open ponds can have a pro-
duction rate of 10-70 g/(m2 day) and algae concentration of 0.1-40 g/l [15].
Photobioreactors come in different designs including tubular, flat plate and
column photobioreactors These reactors could save up to 85% of land use
with less water losses compared to open ponds, but the energy consumption
is relatively higher [86,87]. Photobioreactors give more control over the con-
ditions of the cultivation medium such as temperature and concentration
of materials, making them more favorable when the desired strain of algae
to cultivate is sensitive to the conditions of the cultivation medium. The
different designs offer different degrees of control over the operating condi-
tions such as illumination surface, mass transfer, energy consumption and
mixing [15]. The production rate of algae in photobioreactors varies from
0.05 to 4 g/(l day) with a concentration of 1.5-7 g/l [15].

Heterotrophic production of algae is mostly carried out in bioreactors
and could have a production rate as high as 50 g/(l day) with a concentra-
tion of 85 g/l [88]. Mixotrophic production of algae, despite the adaptability
to photosynthetic and non-photosynthetic production routes, has relatively
low production rates of 0.32 g/(l day) at 3 g/l concentrations [89].

Bearing in mind that microalgae is eventually fed to a gasification pro-
cess, the concentration of produced microalgae from any of the above pro-
duction methods is relatively low and should be elevated to at least 50 g/l.
This will be done during the recovery process.
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4.1.3 Recovery of Microalgae

The produced microalgae has a size of 2-20 µm [90] and a concentration
of 0.05-85g/l [15]. The concentration of microalgae can be increased by
either filtration or centrifuge processes. However, this will be costly since
the size and concentration of microalgae in the stream is too low. In order
to solve this issue a flocculation process is conducted beforehand. During
flocculation the microalgae stick together and form larger particles, leading
to either sedimentation and flotation of flocks. Flocculation process if con-
ducted properly can increase the concentration to 800 times of the initial
concentration. [91]

Neither filtration nor centrifuge process is suitable for separating parti-
cles smaller than 70 µm. Filtration of microalgae could increase the solid
volume fraction up to 27%, while centrifuge can elevate it up to 15%.
Harvesting with centrifuge has been reported to be as highly efficient as
95% [15].

4.2 Flocculation

4.2.1 Particle-particle Interactions

Microalgae carry a negative charge which prevents them from naturally ag-
gregating, thus they form a stable suspension. There are several methods
to trigger flocculation of microalgae, among which are chemical, physical,
biological and genetic methods.

Chemical methods involve addition of a flocculant (or a coagulant) to
the system. The flocculant could be a metal salt such as ferric chloride
(FeCl3), aluminum sulfate (Al2(SO4)3 or a cationic polymer such as Poly-
ferric sulfate (PFS) [92]. The flocculants offset the electrostatic repulsion
due negatives charges of microalgae by charge neutralization, electrostatic
patch mechanism, bridging or sweeping flocculation. Charge neutralization
happens when cations released from salts or polymers encompass microal-
gae so that the microalgae have a neutral net charge. Electrostatic patch
mechanism is observed when a cation’s positive charge locally surpasses
the negative charge on microalgae surface, thus creating a locally positive
charge area, which leads to attracting other microalgae. Bridging occurs
when (two ends of) a polymer binds with two microalgae. Sweeping floc-
culation is a condition where microalgae are trapped in precipitates formed
from salts [90].
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In physical flocculation, a physical force in form of electrolytic, magnetic
and ultrasound triggers the flocculation. During biological flocculation, a
bacteria or fungi is used to start the flocculation. It is also possible to use a
strain of microalgae that is self-flocculating to trigger flocculation of other
strains. Finally, genetic modification of microalgae in a way that the cell
walls excrete flocculation proteins that helps microalgae to stick together is
another possible method of flocculation.

The use of an external source of material to induce flocculation can neg-
atively influence the downstream processes. For instance, if the microalgae
is planned to be used in food or feed industry, using bacteria or fungi during
flocculation causes sanitary problems.

4.3 PBE Modeling of Flocculation

Flocculation is recognized as an answer to the problem of harvesting of mi-
croalgae. During the flocculation, microalgae stick together upon collisions
and form clusters. The bigger the size of the clusters, the higher are the
chances of aggregation. However, as the clusters grow in size, it is more
likely for them to break into smaller fragments due to the influences of the
fluid shear. The combined aggregation and breakup of clusters has been fre-
quently modeled in the literature by using the so called population balance
equations (PBEs) to investigate the effect of particle-particle interactions
and fluid shear on the dynamic of the system [93].

PBEs are generic material balance equations that describe the evolu-
tion of a distributed property over a specific population. The considered
property could be mass, concentration, purity, etc. In our work, to model
flocculation process with PBEs, we focus on tracking the mass as our de-
sired property. From the obtained mass distribution, we can track the size
evolution, as it will be discussed in the continuation.

Aggregation of microalgae under certain circumstances leads to an over-
shoot in the mean cluster size, i.e. starting from a suspension of primary
particles (i.e. microalgae cells) in a batch system the mean cluster size first
increases before passing through a maximum beyond which a slow relaxation
is observed. Such behavior was observed in the flocculation of suspended
solids from raw waters [94].

The occurrence of a maximum in the time evolution of the mean ag-
gregate size is often explained by aggregate breakup that ”kicks in” once
the aggregate have reached a certain size. Aggregate breakup is clearly an
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important phenomenon in shear aggregation as it controls the stationary
size distribution that establishes after a long time. However, breakup alone
cannot explain the occurrence of a maximum in the mean aggregate size.
Even in the relaxation phase in the second stage of the process the evolution
of the aggregate size distribution is controlled by aggregation and breakup
which both are relatively fast processes.

In this study we want to explore what kind of conditions lead to a
maximum in the evolution mean cluster size in a system controlled by ag-
gregation and breakup. Considering a suspension of microalgae in a batch
system undergoing aggregation and breakup the following factors can cause
an overshoot of the mean aggregate size:

1. Removal of large aggregates due to settling or deposition

2. A transient evolution of the particle properties that lead to a change
in the aggregation and breakup dynamics.

3. Aggregation is dominated by reactions with primary particles.

Concerning (1), the removal of particles upon reaching a certain size
disturbs the balance between aggregation and breakup, i.e. in shear aggre-
gation, the large aggregates act as ”collectors” of smaller aggregates and
primary particles. Hence, removing them will lead to a reduction of the
aggregation rate which eventually will result in a decrease of the mean ag-
gregate size. The rate of decrease of the mean aggregate size in the second
stage of the process in this case is controlled by the rate at which the ag-
gregates reach the threshold size that removes them from the system, i.e.
the relaxation is controlled by aggregation.

A change in the aggregation and breakup dynamics, as suggested in (2),
can be caused by restructuring [94] or surface alteration [95]. Restructuring
under shear typically makes the aggregates more compact which reduces
their aggregation rate while surface alteration increases surface roughness
of the colloidal particles which makes the aggregates weaker and breakup
more effectivee. In both cases, the change in the particle properties disturb
the balance between aggregation and breakup which results in the observed
relaxation of the mean aggregate size.

The idea of the third case is that aggregation is dominated by reac-
tions with primary particles, i.e. the reaction between an aggregate and a
primary particles is faster than the reaction between two aggregates. The
extreme case of such dynamics where only reactions with primary particles
are permitted was considered by Nicoud et al [96] who showed to it leads
to a maximum in the mean aggregate size. The maximum occurs when all
primary particles are consumed and the slow relaxation in the later stage
of the process is controlled by breakup.
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The present study presents a theoretical analysis of the overshoot phe-
nomena in systems undergoing aggregation and breakup. The three mecha-
nism listed above will be considered and the controlling factors behind each
one are studied.

4.3.1 Developing PBE

In this section we develop a PBE to describe the flocculation of microalgae.
A batch system containing microalgae that are in the stagnation phase
of their growth, i.e. do not grow in size or weight, is considered. The
microalgae are assumed to be spherical and have almost identical radius
of 1 µm in the beginning of the flocculation process. These microalgae
are referred to as primary particles in the continuation. We consider only
binary aggregation, meaning only two clusters at a time can collide to from
a bigger cluster. Considering a batch system where the clusters can only
aggregate or break, the PBE reads as:

dn̂(m̂, t)

dt
=Bagg(m̂, t)−Dagg(m̂, t) +Bbrk(m̂, t)−Dbrk(m̂, t) (4.2)

where n̂(m̂, t) is the number distribution of clusters with a mass equal to m̂
at time t. The B and D terms in Eq. (4.2) are the birth and death terms,
respectively. The birth of clusters with a mass of m̂ due to aggregation
is found from the number of successful collision between two clusters with
arbitrary masses, sum of which equals m̂:

Bagg(m̂, t) =
1

2

∫ m̂

0

β(m̂′, m̂− m̂′)n̂(m̂′, t)n̂(m̂− m̂′, t)dm̂′ (4.3)

where β is the aggregation kernel and will be discussed shortly. The prefac-
tor (1/2) is included because the integral counts each collision twice. The
death of clusters due to aggregation is computed from the number of suc-
cessful collisions between clusters with the mass m̂ and any other clusters
in the system and it reads as:

Dagg(m̂, t) =

∫ ∞
0

β(m̂, m̂′)n̂(m̂, t)n̂(m̂′, t)dm̂′ (4.4)

The birth of clusters due to breakup is obtained from the number of
clusters with the mass m̂ formed from the breakup of larger clusters:

Bbrk(m̂, t) =

∫ ∞
m̂

S(m̂′)b(m̂, m̂′)n̂(m̂′, t)dm̂′ (4.5)
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where S is the selection function which is basically the frequency of selecting
clusters to go through breakup process. b is called daughter or fragment
distribution function. The death of clusters due to breakup simply reads as:

Dbrk(m̂, t) = S(m̂, t)n̂(m̂, t) (4.6)

In the following, we will be discussing aggregation kernel, selection func-
tion and fragment distribution function.

Aggregation kernel β(m1,m2) which appears in Eqs (4.3,4.4) describes
the probability of two clusters with sizes of m̂1 and m̂2 undergoing a success-
ful collision, meaning colliding, sticking together and forming an aggregate.
Thus, it usually comprises of two (or more) terms: one describing the pos-
sibility of collision β0 and one modeling the efficiency of the collisions to
form aggregates f .

β(m̂1, m̂2) = f(m̂1, m̂2)β0(m̂1, m̂2) (4.7)

The collision of clusters in a system can be due to three different mecha-
nisms [97]: 1) Brownian induced collision, 2) shear induced collision, and 3)
sedimentation induced collision. In this work due to the cluster size range
of ≥1 µm and fluid condition, we only consider the shear induced collision.
The shear induced collision frequency of clusters in a system depends on the
size of the clusters and the fluid condition. The most frequently adapted
form of collision frequency is [97]:

β0(m̂1, m̂2) =
4

3
G (R(m̂1) +R(m̂2))

3
(4.8)

where R(m̂) is a function that gives the radius of a cluster with a mass
equal to m̂, and G is the average shear rate of the flow of surrounding fluid
defined as G = (〈ε〉/ν)

0.5
in which 〈ε〉 is the energy dissipation rate and ν

is the fluid kinematic viscosity. Assuming a constant density, we can write
the following to relate the cluster size to its mass:

R(m̂) = Rp(m̂/Mp)
1/df (4.9)

where Rp and Mp are the size and the mass of the primary clusters respec-
tively, and df is the fractal dimension of the aggregate. Let us consider
m as the dimensionless mass defined as (m̂/Mp). So we could rewrite Eq.
(4.8) as:
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β0(m1,m2) =
4

3
GR3

P

(
m

1/df
1 +m

1/df
2

)3

(4.10)

Collision efficiency determines the fraction of collisions that lead to ag-
gregation. The collision efficiency in this work is taken from the model
derived by M. U. Babler [98]. For calculations of the collision efficiency, a
retardation parameter of NL = 3.4 and a non-dimensional Hamakar con-
stant of NH = 0.1 are considered.

The selection function used in this work is developed by Babler et al [99],
which is based on the finding that breakup takes place when the hydrody-
namic stress on a cluster exceeds a threshold. The hydrodynamic stress is
proportional to the local energy dissipations, and the occurrence of breakup
is controlled by the time it takes for a cluster to experience a local dis-
sipation that exceeds a threshold dissipation εcr. Denoting this time by
τεcr , the breakup rate follows as Sεcr = 〈τεcr〉−1. In [100], τεcr is measured
by following the trajectories of tracer-like aggregates in a Direct Numerical
Simulation (DNS) of the Navier-Stokes equation in a periodic box. The
following expression is fitted to the adapted DNS results:

y =


−0.457x− 2.8775, x ≤ −2

−0.00104x4 − 0.02284x3

−0.1494x2 − 0.8138x x > −2
−3.160,

(4.11)

where y = ln(εcr/〈ε〉) and x = ln(S(m)/G). The dissipation energy is
related to the cluster mass through:

εcr

〈ε〉
= Cm−2/(pdf ) ; C =

c1
G2ν

(4.12)

where p varies between 0.35 [101] and 0.6 [102], C is the non-dimensional
strength prefactor and c1 is the proportionality factor from εcr = c1m

−2/(pdf ).

Uniform binary fragmentation is considered in this work and the function
reads as [97]:

b(m̂, m̂′) =
2

m̂′
(4.13)

which implies that if a cluster with a mass of m̂′ goes through a breakup, it

will result in two fragments (obtained from
∫ m̂′

0
bdm̂ = 2), one with a mass



Section 4.3 Page 42

of m̂ and the other with a mass of m̂′−m̂ (concluded from
∫ m̂′

0
m̂bdm̂ = m̂′).

Furthermore, the chances of formation of a fragment with a mass m̂, that
is between 0 and m̂′, are equal for any values from the interval.

4.3.2 Dimensional Analysis

In order to derive the dimensionless form of Eq. (4.2), a dimensional analysis
of the variables used in the equation was carried out and a summary is shown
in Tab. 4.1. In this analysis the dimensionless time is defined as time t over
the characteristic time of aggregation τc = (GR3

pNp)
−1.

Table 4.1: Dimensional analysis of PBE parameters
variable units D-less variable

n̂ 1/(m3kg) n = (Mp/Np)n̂
t s τ = (GR3

pNp)t
m̂,m̂′ kg m,m′ = (1/Mp)(m̂, m̂

′)
β m3/s kA = (GR3

p)
−1β

S 1/s kB = (1/G)S
b 1/kg g = Mpb

Therefore, by dividing Eq. (4.2) by (GR3
pN

2
p )/Mp, we can write the

dimensionless form of the PBE as:

dn(x, τ)

dτ
=

1

2

∫ x

0

kB(y, x− y)n(y, τ)n(x− y, τ)dy − n(x, τ)

∫ ∞
0

kB(y, x)n(y, τ)dy

+
4π

3
φ−1

(∫ ∞
x

kB(y)g(x, y)n(y, τ)dy − kB(y)n(x, τ)

)
(4.14)

Where the prefactor (4πφ−1)/3 is the characteristic time of aggregation over
the characteristic time of breakup, and φ is the solid volume fraction in the
system, defined as φ = (4πNpR

3
p)/3.

4.3.3 Numerics

The fixed pivot method (FPM), introduced by Ramkrishna et al, is used to
numerically solve Eq. 4.14. FPM which is also referred to as the method
of classes has been implemented numerous times in the literature to solve
PBEs. PBEs are integro-differential type of equations. According to FPM,
the continuous variable m is discretized over a geometric grid. The non-
dimensional mass distribution is then pivoted on the grid points. This
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resolves the integrals of PBEs, which leads to a set of ordinary differential
equations (ODEs). The obtained system of ODEs are stiff and solved by
using MATLAB ode-solvers. Also a condition that the pivoted number
densities cannot be negative is imposed on the solver through adjusting the
options of ode-solver in MATLAB.

Integral parameters

Integral parameters are used to analyze the behavior of systems with ag-
gregation and breakup. Mean mass, size and radius of gyration are the ex-
amples of integral parameters. Mean mass is simply a sum of dimensionless
mass of clusters in the system divided by the total number of clusters [103]:

mavg(τ) =

∫∞
0
mn(m, τ)dm∫∞

0
n(m, τ)dm

(4.15)

The mean size of clusters is computed from [103]:

d[4,3](τ) =

∫∞
0
m4/dfn(m, τ)dm∫∞

0
m3/dfn(m, τ)dm

(4.16)

Finally, the mean radius of gyration is calculated from [103]:

〈Rg〉(τ) =

(∫∞
0
n(m, τ)m2+2/df dm∫∞
0
n(m, τ)m2dm

)1/2

(4.17)

In this work, we only looked into the mean radius of gyration of systems to
track the changes in average size of clusters. Radius of gyration is obtained
readily from the scattering measurements [104–106].

4.3.4 Mean Size Evolution of Clusters

For an aggregation-breakup system, the mean radius of gyration of clusters
increases exponentially with time and then relaxes to a plateau, as shown
in Fig. 4.2-a with a blue dashed line. In this figure the vertical axis is
normalized by dividing the mean radius of gyration by the radius of gyration
of primary particles, which is defined as Rg,0 =

√
(3/5)Rp. In the plateau,

the rate of aggregation and breakup are in a balance, resulting in a constant
mean size of clusters. This condition can be interpreted as the steady state
of the mean size of clusters. In the following, we look into cases that there
is an overshoot in the mean size profile, i.e. the mean size increases with
time to a maximum and then decreases.
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Figure 4.2: Behavior of systems with DLC (black solid line) in comparison
with normal aggregation-breakup systems (blue dashed line): (a) Mean
radius of gyration versus time, and (b) Solid volume fraction of the system
versus time.

4.3.5 Overshoot due to Deposition of Large Clusters

Depending on the density of particles and liquid medium, there are occasions
where the particles settle or float as soon as they reach a critical size mc. In
such occasions, we can assume that these particles are not interacting with
the system and can be excluded. We refer to this condition as Deposition
of Large Clusters (DLC). By excluding particles with sizes m > mc, we
expect a decrease in total mass and solid volume fraction φ of the system.
The latter is shown in Fig. 4.2-b where a system with DLC plotted with
black solid line is compared with a normal aggregation breakup system
(blue dashed line). In the systems with DLC, we assumed that mc = 103

which approximately corresponds to particle radius of 100 µm. We modeled
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systems with DLC by setting the upper boundary of the dimensionless mass
grid to mc.

The evolution of mean size of clusters for the two systems is shown in
Fig. 4.2-a. The maximum corresponds to a point when particles are reached
to ' mc and further aggregation pushes the aggregates to fall out of the
system. Thereafter, the average size decreases due to loss of large clusters.
Our analysis showed that increasing the initial solid volume fraction of the
system φ0 increases the peak of the average size of particles, which conse-
quently leads to a more pronounced overshoot. Correspondingly, decreasing
φ0 results in less pronounced overshoots, and eventually no overshoot is ob-
served for low enough values of φ0.

4.3.6 Overshoot due to Restructuring of Clusters

In this section, a brief description of restructuring modeling is given followed
by implications of restructuring on the dynamics of a system undergoing an
aggregation-breakup process. It is shown by Selomulya et al [94] that the
restructuring of clusters can lead to an overshoot in the plot of mean size of
clusters versus time. In order to investigate this phenomena, we suggested
an expression to describe the changes in fractal dimension of clusters as a
function of time.

The experiments have shown that the fractal dimension of aggregates
during a combined aggregation and breakup process varies between 1.8 and
2.6 [94]. Measuring the fractal dimension of aggregates in an aggregation-
breakup process shows that it starts from a minimum value, goes up ex-
ponentially with time and relaxes to a maximum value [94]. The following
equation was developed to describe such a behavior:

df (τ) =

{
df,0 + (df,∞ − df,0)e+γ(τ−t1). for τ < ta

df,∞ − (df,∞ − df,0)e−α(τ−t2), for τ ≥ ta
(4.18)

where df,0 is the initial fractal dimension, df,∞ is the final fractal dimension,
ta, α and t2 are the fitting parameters where γ and t1 are computed by
imposing a continuity for df (t) and its first derivative:

γ =
α

e+α(ta−t2) − 1
(4.19)

t1 = ta −
ln(α/γ)

γ
+
α(ta − t2)

γ
(4.20)

Fig. 4.3-a shows that when ta and t2 are fixed, decreasing the value
of α postpones the transition of df from the initial to the final values.
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Figure 4.3: Influence of restructuring on the mean radius of gyration: (a)
The mean radius of gyration as a function of time for two cases with constant
df (plotted with blue dashed lines) and 3 cases with restructuring (black
solid line), (b) Evolution of fractal dimension in time with different α values.

This effect is further investigated in Fig. 4.3-b where the behavior of a
system undergoing restructuring (black solid lines) is compared with the
systems with constant fractal dimensions (blue dashed lines). The steady
state size of the systems with restructuring from df,0 = 1.8 to df,∞ =
2.6 are the same as the system with constant fractal dimension of df =
df,∞. In other words, regardless of fractal dimension versus time profile,
the final size of particles are controlled by the final fractal dimension df,∞,
as shown in the experiments [94]. Depending on when the restructuring
happens (controlled by the value of α), different dynamics for the system are
observed. If the transition of the fractal dimension takes place at early stages
(α = 5), no overshoot is observed and the size of particles increases and then
relaxes to the steady state value. However, the overshoot is observed in the
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case of later transitions (e.g. α =1 or 2.5). The overshoot peak escalates
by postponing the transition. Nevertheless, the peak never surpasses a
maximum that is the steady state size of a system with constant fractal
dimension of df = df,0.

4.3.7 Overshoot due to Primary Particle Aggregation

Under some circumstances, aggregation could occur only between a pri-
mary particle and a cluster of any size, e.g. chain polymerization where
only monomers react with the polymers. This phenomena is referred to as
primary particle aggregation (PPA) in this text. It has been suggested that
PPA results in an overshoot in the plot of the average size of aggregates
versus time [96]. In this section we are going to numerically investigate the
occurrence of overshoot in PPA systems.

In order to model primary aggregation, we only need to impose some
limitations on the aggregation kernel. Such limitations imply zero chance of
aggregation for collisions of two non-primary particles and a finite possibility
of aggregation for collisions between a primary particle and a particle of any
size. This translate into the following expression for the collision efficiency:

f(m,m′) =

{
finite m or m′ = 1

0 otherwise
(4.21)

where f is the collision efficiency between clusters, and the finite values in
equation 4.21 are obtained from [98] where NL = 3.4 and NH = 0.1 are
considered.

Fig. 4.4 shows dynamics of systems with PPA. Three cases are compared
with each other in this figure, including a normal PPA system (as described
above), and two cases where the aggregation is turned off at two specific
times, namely τ = 0.25 and 0.5. Fig. 4.4-a shows that under the considered
condition for the normal case, plotted with black solid line, an overshoot
in the mean size profile is observed. To study the mechanism behind this
overshoot, the two other cases are considered, in which the aggregation is
totally turned off in our simulations at specific points. In one case the
aggregation is turned off at τ = 0.25 while in the other case it is turned off
at τ = 0.5. The former is plotted with a red dashed dotted line, and the
latter is shown with a blue dashed line in Fig. 4.4. When the aggregation
is turned off at τ = 0.5, the system behaves similar to the normal PPA case
(plotted with the solid line), which shows that the effect of aggregation is
negligible on the overall dynamics of the system after τ = 0.5. However,
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Figure 4.4: Behavior of a systems with PPA plotted with black solid line
compared with two test cases where aggregation is turned off at τ = 0.25 and
0.5, plotted with red dotted dashed line and blue dashed line respectively.
(a) The mean radius of gyration as a function of time, and (b) Primary
particles mass distribution as a function of time.

the effect of turning off the aggregation at earlier stages e.g. at the peak of
the mean size i.e. at τ = 0.25 is more significant and the mean size profile
deviates from that of the normal PPA system.

To investigate it more, we looked into the available primary particles in
the system at different time, as shown in Fig. 4.4-b. In this figure np is
the primary particles non-dimensional mass distribution. Turning off ag-
gregation keeps number of primary particles constant in the system in the
continuation, as depicted by the dashed and dotted dashed lines. By com-
paring 4.4-a and 4.4-b, we can infer that the aggregation rate is negligible
when np is below 0.01. At τ = 0.25, np is larger than 0.01 i.e. there are
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enough number of primary particles in the system so that aggregation plays
a role in the overall dynamics of the system. Therefore, the result of turn-
ing off the aggregation is notable, as discussed before according to 4.4-a.
However, np is below 0.01 at τ = 0.5, thus the aggregation rate is almost
zero and the dynamic of the system is fully controlled by the breakup.

4.4 Summary

A short review of microalgae production and preparation for gasification
was given in this chapter. The discussion continued with focusing on the
flocculation process. Experimental results show that the profile of mean size
of clusters exhibits an overshoot. Results of our simulations show no over-
shoot for typical aggregation-breakup processes. This implies that mech-
anisms other than common aggregation and breakup should be involved.
Three mechanisms including deposition of large clusters (DLC), restructur-
ing of clusters and primary particle aggregations (PPA) were suggested to
explain this overshoot. The simulations of all three cases showed the over-
shoot in the size profile. The results show that only in the case of PPA, the
dominance of breakup is the reason for the decay in the mean size profile,
while both aggregation and breakup play roles in the other two.



Chapter 5

Appendix

Constant Pattern Method

In constant pattern approximation, it is assumed that the concentration
profile has a fixed shape which is propagated along the bed with a con-
stant velocity. Here, the derivation for a packed bed with pellet behaving
according to SCM is presented. The model equations are:

∂C

∂t
+ uint

∂C

∂x
= E

∂2C

∂x2
− νρ

γ1

∂X

∂t
(5.1a)

∂X

∂t
=
γ1ap
ρ

(
1

k′Rx
+

1

k′Df

)−1

Cp,s (5.1b)

which is derived from combining Eqs. (2.2 , 2.8 and 2.7). The non-
dimensional form of Eq. (5.1) is obtained by dividing the first equation
by (C0uint)/L and the second equation by uint/L:

∂c

∂τ
+
∂c

∂z
=

1

Pe

∂2c

∂z2
− νρ

γ1C0

∂X

∂t
(5.2a)

∂X

∂t
=
γ1apLC0

ρuint

(
1

k′Rx
+

1

k′Df

)−1

cp,s (5.2b)

We consider an infinitely long bed to avoid the end effects. The boundary
conditions in this case read as:
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c = 1 , X = 1 as z → −∞
c = 0 , X = 0 as z → +∞ (5.3)

Assuming that the concentration front moves with a propagation velocity
λ, we can defined a moving coordinate as σ = z − λτ . Applying the chain
rule on the derivates in Eq. (5.1) results in:

∂c

∂τ
= −λ dc

dσ
,

∂X

∂τ
= −λdX

dσ
∂c

∂z
=
dc

dσ
,

∂2c

∂z2
=
d2c

dσ2
(5.4)

and the boundary conditions read as:

dc

dσ
= 0 , c = 1 , X = 1 as σ → −∞

dc

dσ
= 0 , c = 0 , X = 0 as σ → +∞ (5.5)

Substituting the results in Eq. (5.2), we get:

− λ dc
dσ

+
dc

dσ
=

1

Pe

d2c

dσ2
+

νρλ

γ1C0

dX

dσ
(5.6)

dX

dσ
= −λγ1apLC0

ρuint

(
1

k′Rx
+

1

k′Df

)−1

cp,s (5.7)

Integrating Eq. (5.6) from σ to +∞ results in:

dc

dσ
= Pe

(
c(1− λ)− νρλ

γ1C0
X

)
(5.8)

In order to find λ, the first boundary condition in Eq. (5.5) is imposed to
obtain:

λ =

(
1 +

νρ

γ1C0

)
(5.9)

By having λ and using Eq. (5.4), the following system of ordinary dif-
ferential equations is solved to compute the constant pattern profile along
the bed:
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dc

dz
= Pe

(
c(1− λ)− νρλ

γ1C0
X

)
dX

dz
= −λγ1apLC0

ρuint

(
1

k′Rx
+

1

k′Df

)−1

cp,s

I. C. : c(0) = 1 , X(0) = 1 (5.10)

Once the constant pattern profile is known, the breakthrough curves are
obtained by using the propagation velocity λ.
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