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Sammanfattning 
Koncentrerad solvärme (CST) är en lovande teknik med ett brett användningsområde. Fram tills 

idag har CST mestadels används för att driva en Rankine-cykel för att producera elektricitet från 

koncentrerad solenergi (CSP). I denna studie har värmen istället använts för att driva en 

termokemisk redoxcykel av en metalloxid för att framställa syntetisk gas. Den syntetiska gasen 

består av en kombination av väte och kolmonoxid. I ett senare skede omvandlas den syntetiska 

gasen till användbart flytande bränsle vilket gör produktionsvägen koldioxidfri. 

Denna studie fokuserar på modellering och ekonomisk utvärdering av framtida 

produktionsanläggningar. Fyra framtida bränslen väljs ut och modelleras med det kommersiella 

flödesprogrammet Aspen Plus®. Dessa fyra framtida bränslen är syngasoline, syndiesel, etanol 

och metanol och kan ses som en perfekt ersättning för nuvarande transportbränslen. Värme av 

extremt hög temperatur levereras från tornet och där heliostatfältet är konstruerat med hjälp av en 

inbyggd programvara från DLR. Syntesgas omvandlas till tidigare nämnda bränslen med antingen 

Fischer-Tropsch teknik eller med plug-flow reaktor. Reaktorn modelleras med hänsyn till 

reaktionens kinetik för varje bränsle. I frånvaro av en kinetisk reaktion används ett stomiometriskt 

tillvägagångssätt. Den dynamiska modelleringen görs i MATLAB® där mängden syntesgas som 

produceras står i proportion till förhållandet mellan värmen som levereras av heliostaten och 

värmebehovet vid operation. 

Parametern som används för att utvärdera och jämföra anläggningarna är produktionskostnad i € / 

L, relativ skillnad i produktionskostnad mellan den föreslagna anläggningen och den för nuvarande 

marknad samt den totala värmeeffektiviteten. Resultatet visar att ovannämnda omvandlingsvägar 

ger högre produktionskostnad jämfört med nuvarande marknad. Den lägsta produktionskostnaden 

är etanol på 1,42 € / L. Det visar sig att effektiviteten av solid-to-solid värmeväxlare (STS) spelar 

en viktig roll för att kunna göra anläggningarna ekonomiskt genomförbara. En 10% ökning av 

STS-värmeöverföringshastigheten minskar den relativa skillnaden i produktionskostnaden med 

cirka 100% för alla bränslen. En kombinering av elförsörjning från fotovoltaiska solceller (PV) 

och CSP har också visat sig vara ett sätt att minska den relativa skillnaden i produktionskostnaden. 

Om anläggningen kombinerar PV-CSP som elkälla ligger produktionskostnaden för syngasoline 

närmast nuvarande produktionskostnaden med en relativ skillnad på cirka 245%. Den högsta 

övergripande värmeeffektiviteten vid bas-scenariot är syngasoline-anläggningen (4,05%) och i det 

bästa scenariot är ethanol-anläggningen (9,2%). 
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Abstract 
Concentrated Solar Thermal technology (CST) is a very promising renewable energy technology 

and has a broad range of use. Conventionally, CST systems are mostly used for power generation 

according to the Rankine cycle and thus often referred to as Concentrated Solar Power (CSP). In 

this present study, the solar heat is utilized to drive a thermochemical redox cycle of a metal-oxide 

in order to produce synthetic gas, a combination of hydrogen and carbon monoxide. Later, the 

synthetic gas is converted into usable liquid fuel whereas the production pathway is CO2 free. 

This thesis focuses on the process modeling and economic evaluation of solar-driven future fuels 

production plants. Four future fuels have been selected and modeled using commercial simulation 

software Aspen Plus®. These 4 future fuels are syngasoline, syndiesel, ethanol and methanol 

where they can be seen as a very good substitute for current transportation fuels. The heat required 

at high temperature is delivered using concentrated solar thermal technology with tower 

configuration for which the heliostat field is designed using in-house software HFLCAL developed 

by DLR. Syngas is converted into aforementioned fuels using either Fischer-Tropsch or plug-flow 

reactor. The reactor is modeled taking into account the kinetic of reaction for each fuel, while in 

case of the absence of kinetic, a stoichiometric approach is implemented. To analyze the hourly 

plant’s performance, a quasi-steady state analysis is done within MATLAB® environment. 

The metric used to evaluate the plants are production cost in €/L and overall thermal efficiency. 

The results show that aforementioned conversion pathway yields higher production costs 

compared to current market while the lowest production cost is obtained for Methanol at 1.42 €/L. 

It is shown that solid to solid heat exchanger (STS) efficiency plays a major role in order to make 

the plant more economically viable. Combining electricity supply of Photovoltaic (PV) and CSP 

is also shown to be one way to reduce the production cost. If the plant combines PV-CSP is used 

as the electricity source, syngasoline emerges to be the closest proposed plant to current market 

fuel production cost with a production cost of 5.99 €/L at the base case scenario which corresponds 

to 622% relative difference with current market’s production cost and 2.87 €/L at the best case 

scenario which corresponds to 245% relative difference with current market’s production cost. At 

the base case scenario, the highest overall thermal efficiency is obtained for the syngasoline plant 

(4.05%) and at the best case scenario for the ethanol plant (9.2%).  
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NOMENCLATURE 

This chapter describes all of symbols and abbreviations that author uses in his research. 

Notations and Symbols 

Symbol Description 

�̇� Mass Flow (kg) 

Fp Pressure Factor of Equipment/Module (-) 

𝐸𝑋 Exchange Rate from USD to € 

Fm Material Factor of Equipment/Module (-) 

Fb,m Total Cost Factor for Module/ Equipment as a Function of Fp and Fm 

𝐶𝑏,𝑚 Bare Cost Module/Equipment (USD or €) 

d Diameter (m) 

𝐸𝑎 
 Energy Activation (kJ, MJ or J) 

𝛿𝑟𝑒𝑑,𝑜𝑥 Reduction or Oxidation Extent (-) 

∆𝛿  Difference between Reduction and Oxidation Extent (-) 

∆𝐺  Gibbs Energy (J) 

𝑖𝑟 Interest Rate (%) 

𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒 Plant’s Lifetime (year) 

𝑅 Universal Gas Constant (kJ K-1 mol-1 or cal K-1 mol-1) 

𝑇𝑟𝑒𝑑,𝑜𝑥 Reduction or Oxidation Temperature (K) 

𝜂𝑖𝑠 Isentropic Efficiency 

𝜂𝑚𝑒𝑐ℎ𝑎𝑛𝑖𝑐𝑎𝑙 Mechanical Connection Efficiency 

𝜂𝑡ℎ𝑒𝑟𝑚𝑎𝑙 Overall Thermal Efficiency 

€ Euro 

Q̇  Thermal Power (MWth) 

R Plant’s Side Income (€) 

𝐻𝑙𝑜𝑠𝑠𝑒𝑠 Head Loss (m) 

𝐻𝑡𝑜𝑤𝑒𝑟 Tower Height (m) 

�̇� Mole Flow (mol/s) 

Mr Molar Weight (gr/mol or kg/kmol) 

𝑚𝑐𝑖
 Mole Distribution over Carbon Product in FTR (%) 

𝑃 Electricity Power (MW/kW) 

𝑓  Friction Factor (-) 

𝑓𝐶𝑂 Conversion Per-Pass-Efficiency of FTR (-) 
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𝐿  Length of Pipe (m) 

�̅�  Fluid’s Speed (m/s) 

𝑈 Heat Transfer Constant (kWth m-2 K-1) 

𝑉 Volume (m3) 

g Gravity’s acceleration (m/s2) 

𝑝𝑟𝑒𝑑,𝑜𝑥 Reduction or Oxidation Partial Pressure (Pa) 

𝑝𝑠𝑦𝑠 Absolute System pressure (bar) 

𝑦  Mole Ratio (-) 

𝛼 ASF Chain Growth Probability (-) 

𝜈𝑖 Stoichiometric Coefficient of Component i (-) 

𝜉 Extent of Reaction (-) 

𝜌𝑟𝑒𝑎𝑐𝑡𝑜𝑟 Density of Catalyst per Reactor’s Volume (kg/m3) 

𝜌 Density (kg/m3) 

𝑟 Reaction Rate (mol kgcatalyst
-1 s-1) 

𝑘𝑖 Kinetic Factor (kmol kgcat
−1 s−1  bar−1) or (kmol kgcat

−1 s−1  bar−2) 

𝐾𝑝𝑖 Equilibrium Constant of Component i (bar) 

𝐾𝑎,𝑏,𝑐 Adsorption Constant of Catalyst (barn) 

 

Abbreviations 

AF Annuity Factor 

ASF Anderson-Schulz-Flory 

ASU Air Separation unit 

BTF Biomass-to-fuel 

CDS Carbon Dioxide Splitting 

CEPCI Chemical Engineering Plant Cost Index 

CF Capacity Factor 

COP Coefficient of Performance 

CST Concentrated Solar Thermal 

CSP Concentrated Solar Power 

DFR Distillate to Feed Ratio for Distillation Column 

DLR Deutsches Zentrum für Luft- und Raumfhart / German Aerospace Center 

DME Dimethyl Ether 

ER Ethanol Reactor 

FFB Fixed Fluidized Bed Reactor 
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FPC Fuel Production Cost  

FTR Fischer-Tropsch Reactor 

HFLCAL Heliostat Field Layout Calculation Software 

HHV Higher Heating Value (MJ/L) 

IRENA International Renewable Energy Agency 

LHHW  Langmuir-Hinshelwood-Houggen-Watson Kinetic Reaction 

LHV Lower Heating Value (MJ/L) 

LMTD Logarithmic Mean Temperature Difference 

MAP Multi Aperture Receiver 

MR Methanol Reactor 

NS Number of Stage in Distillation Column 

O&M Operation and Maintenance Cost 

PSU Product Separation Unit 

PV Solar Photovoltaic 

PV2018 Present Value at 2018 in € 

PSA Pressure Swing Adsorption 

Redox Reduction-Oxidation Reaction 

RR Reflux Ratio of Distillation Column 

R/WGSR Reverse Water Gas Shift/Water Gas Shift Reactor 

S&P 500 Standard & Poor 500 Stock Market 

STS Solid-to-Solid Heat Exchanger 

S&T Shell and Tube Heat Exchanger 

Syndiesel Synthetic Diesel 

Syngasoline Synthetic Gasoline 

Syngas Synthetic Gas 

TBM Total Bare Module Cost 

TCI Total Capital Investment 

USD United States Dollar 

WS Water Splitting 
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1. INTRODUCTION 

This chapter discusses the background of the study, its limitation and methodology. 

1.1 Background 

Zero carbon society is not an easy target since our appetite towards energy keeps increasing each 

day. Daily use of transportation, both public and private is not separable from our society and truth 

to be said they are also the foundation of our economy. According to British Petroleum annual 

report on 2017 [1], the current world oil consumption is driven mainly by consumer-led fuels such 

as gasoline and diesel. Furthermore, the consumption is currently increasing by 1.6 million barrel 

per day (Mb/d) worldwide. The production of such fuels is usually operated in a conventional way 

i.e. drilling and land excavation method which emits lots of CO2. The search of future fuels which 

are CO2 neutral or even negative can help solving the problem by balancing the emitted pollution 

while keeping the transportation sector running. 

Up until now, renewable energy is mainly used for electricity production [2]. Among all of 

renewable technologies, concentrated solar thermal (CST) system can be seen as a suitable 

candidate to be introduced in fuel production process [3]. Such implementation can broaden the 

horizon of CST application and contribute further in building zero carbon society holistically. 

When coupled by the right conversion process, CST can be used to produce fuels using 

thermochemical metal-redox cycle. The biggest technical difficulty of such process is its high 

temperature, especially during reduction step, which brings another level of complexity on 

operating the plant. 

Experimental and pilot project for such process have been done previously [4, 5, 6]. However, 

potential of CST in previous research is only focused on one product at a time, usually H2 and 

comparison of several products using the same thermochemical cycle is yet to be determined. In 

this research, potential future fuels and possible production pathways are identified and modeled 

using process simulation software and are brought to hourly plant’s performance calculation using 

scripting programming language. Economic and energetic analyses are carried out and results are 

compared among selected fuels in order to find which fuel and plant configuration is the closest to 

the current market condition. In addition, sensitivity analysis for several technical and economical 

parameters is also carried out to further understand which parameter significantly affects the plant 

performance. 

1.2 Purpose 

The purpose of this study is to find the future fuel candidates which are suitable for transportation 

sector. A model of CST driven solar fuel plant is expected to be made using commercial simulation 

software Aspen Plus® [7]. Such software is complimented with hourly performance calculation 

under fluctuation energy source, in this case solar irradiation, within MATLAB® environment [8]. 

To assess the plants, economic calculation of fuel production cost (FPC) in €/L and energetic 

efficiency are calculated. 

For summary the purposes of the thesis are: 

 Future fuels selection which can be produced from syngas. 

 Selection of solar reactor technology. 
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 Solar reactor modeling using Aspen Plus® and solar field design using HFLCAL [9] (in-

house software developed by DLR). 

 Product conversion modeling to convert syngas into usable liquid fuels. 

 Validation of the product conversion models. 

 Finding optimum operation point for product conversion model. 

 Hourly performance calculation within MATLAB® environment given fluctuation of solar 

irradiation. 

 Economic calculation and sensitivity analysis of decisive parameters. 

1.3 Limitations 

The limitations of the thesis are listed as follow: 

 Incoming electricity demand for the process plant is assumed to come from outside the 

system. 

 Only transportation fuel candidates are discussed in this thesis. 

 Sourcing CO2 and water desalination are modeled and come with a fixed specific 

investment cost and operation cost. 

 Only thermochemical metal redox cycle is investigated in this study. 

 The study only discusses about the production costs and environmental effects are not 

evaluated. 

1.4 Methodology 

Methodology used in this study is the modelling and simulation of the production plants within 

commercial simulation software under steady state condition (see Figure 1). Modeling for each 

sub-system is done in the same software environment. Quasi-steady state simulation is done 

afterward using input data from the steady state modeling given fluctuation of solar irradiance. 

Economic calculation is done afterward complete with sensitivity analysis. 

 

Figure 1. Flowchart of the Studied Plants. 

For summary, the methodology is as follow: 

 Literature review about future fuels, solar reactor technology and CST systems. 

 Heliostat field design in HFLCAL [9]. 

 Modeling in Aspen Plus® which includes: 

o Solar Reactor Modeling for non-stoichiometric reduction-oxidation. 

o Auxiliary sub-system modelling to support solar reactor operation. 
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o Product conversion modelling using kinetic of reaction, if available. 

o Product recovery unit modelling. 

 Product conversion model validation from other literatures and research papers. 

 Finding optimum operation point for product conversion unit. 

 Hourly performance calculation within MATLAB® which takes into account partial load 

efficiency of mechanical devices. 

 Sensitivity analysis of several decisive parameters of the plant. 

 Economic and energetic evaluation e.g. overall thermal efficiency of the plant, total 

investment costs, relative difference in production costs of the fuel to current market 

production costs and costs structure. 
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2. LITERATURE REVIEW 

In this chapter, candidates of future fuel and the state of the art of their production pathway are 

discussed. Several fuels are chosen as well as the pathway through which these fuels are produced. 

A review on technologies which are used to synthesize such fuels is also presented here. 

2.1 Syngas-based Alternative Transportation Fuels Review 

2.1.1 Ethanol 

As one of the most prominent and most used alternative fuel, ethanol is commercially used 

as substitution of gasoline as well as blend in fuel [10]. In European market, the commercial 

name is started with letter E, which indicates Ethanol followed by numbers which indicate 

the percentage of ethanol per liter gasoline. Traditionally ethanol is a fermentation product 

of biomass which occurs with the help of enzyme. The chemical process is done under 

atmospheric pressure and temperature range of 35 - 40oC [11]. 

Recently, other thermochemical pathways to convert biomass into ethanol have been brought 

to the surface. Ethanol-hydration, which utilizes ethane and steam in order to produce 

ethanol under high pressure and temperature condition (300oC, 60-70 atm) is one of the new 

techniques using commonly natural gas as the raw material of the process [11]. Natural gas 

or other hydro carbon feedstock undergoes a steam cracking process at high temperature 

around 850oC [11] .   

Only about 5% of the ethane can be converted to ethanol in one pass through the reactor, 

thus the recirculation is needed in order to achieve more acceptable conversion ratio [11]. 

Even though other pathways have been introduced, ethanol production via fermentation is 

still dominating the market [11]. 

Ethanol plant capacity is various. The ethanol plant owned by CropEnergies Bioethanol 

GmbH has annual nameplate production of 1.3 million m3 [12]. Biomass-to-fuel efficiency 

(kg ethanol per kg dry feedstock) for ethanol plant is also varying with range from 46.4 - 

55.6 %, depending on the feedstock and only utilizing the fermentation pathway [13]. On 

2012, a research done by London Management Center (LMC) shows that the demand for 

ethanol for consumption as fuel is around 5778 million liters and expected to grow by 7% in 

2020 [10]. 

Another important aspect of ethanol is its emission. A study made by United States 

Environmental Protection Agency [14] shows that combusting pure ethanol using spark-

ignition engine produces 1.5 kg of CO2 per liter of ethanol. Based on U.S Department of 

Agriculture report, ethanol synthesis process also needs around 10.6 MJ energy input per 

liter of ethanol produced [15]. Energy density of ethanol is 21.1 MJ per liter or around 65% 

of what gasoline contained [16]. 

2.1.2 Methanol 

Methanol is a good alternative fuel for high compression ratio engine [17]. Every 

commercialized methanol pathways use syngas production before methanol synthesis 

process [18]. The optimum syngas composition depends on the working pressure and 

temperature of the methanol reactor. Usually the operation temperature can reach 800oC 

[19].  
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From emission point of view, NOx from methanol combustion is lower compared to gasoline 

combustion, yet as the percentage of methanol increases in a fuel the tendency to produce 

CO becomes higher [20]. On the other hand bad cold start behavior due to high flash point 

is overshadowing methanol as future fuel [21]. An engine with fuel feed of 100% methanol 

must have a preheating mechanism to perfectly combust methanol. Based on United States 

Environmental Protection Agency document, methanol emits 1.08 kg of CO2 per liter 

methanol combustion which is 50% lower than ethanol’s emission [14]. Biomass-to-fuel 

efficiency for methanol is 0.01609 kg of methanol per kg of dry wood for methanol with 

biomass as feedstock, and 0.782 mol of methanol is produced per mol of natural gas [22]. 

From energy density point of view, methanol has 15.9 MJ per liter of energy contained, 

which is almost half of what diesel fuel contained [17].  

Currently, methanol is used as fuel (in substitution as well as blend in fuel) in the Chinese 

provinces [23]. Concerning the plant size, a Leuna methanol plant owned by MIDER-Helm 

Methanol GmbH has a nameplate of 660,000 ton/ year or 833,333 m3/year taking density of 

methanol as 792 kg/m3. A study done by TU Delft found that a conventional methanol plant 

using biomass as feedstock has energy efficiency of 31 % MW of methanol energy per MW 

of input energy [18]. The estimate energy input is 81.9 MJ per liter of methanol [17]. Europe 

has around 20% of market share in global methanol consumption which corresponds to 1.72 

million metric tons of methanol which is used for fuel purpose [24].  

2.1.3 Dimethyl Ether  

Another candidate to substitute diesel fuel is dimethyl ether (DME). The most common way 

to produce DME is by using methanol dehydration using syngas generated from various raw 

sources e.g. natural gas, biomass and bio-waste while natural gas is the most commercialized 

one [18]. From the energy density perspective, DME has LHV of 19 MJ/l [25]. 

There are several drawbacks of using DME as transportation fuel. The first one is the 

viscosity of DME which is 1/20 of diesel, thus leakage in pump and fuel injector mechanism 

becomes a major problem [26]. Another problem is that DME causes pump to wear faster 

[26]. Modification of fuel storage tank in a car also needs to be done due to lower energy 

density of DME. Working pressure and temperature of DME reactor are varying at around 

10-60 bar and 120-280oC [27] respectively. As it is mentioned, DME has the same feedstock 

as methanol plant namely syngas and later dehydration of methanol is performed to produce 

DME [26]. From invested energy point of view, chemical efficiency of DME plant is around 

55% per LHV of DME which means 34.5 MJ of energy needs to be invested to produce one 

liter of DME [28]. 

From emission stand point, a study on emission of DME concludes that DME emits less; 

almost 50% lower emission compared to diesel fueled engine at 1.35 kg of CO2 per liter of 

DME are emitted during combustion process [14, 29].  

2.1.4 Oxymethylene Ether  

Oxymethylene ether (OME) is made from methanol and has cetane number of 38 [23]. In 

his paper, Maus et al. proposed an OME production based on derivation of methanol from 

H2 produced by an electrolyzer and CO2 produced by combustion of hard coal [23]. OME 

has energy density at 20.8 MJ/L [23]. Experimental campaigns to compare particle released 

during OME and diesel combustion was carried on by Maus. It was found out that OME 

produced insignificant amount of particle even where there is an insufficient amount of O2 

which leads to the right condition for exhaust after treatment with possible negative emission 

[23]. However, OME is difficult to synthesize and using it in diesel engine is a technical 
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challenge [30]. Fundamental research and combustion test are still undergoing for OME 

[30]. 

2.1.5 Butanol 

Acetone-butanol-ethanol or simply ABE process is the most used pathway to process butanol 

[31]. The commercial concept of butanol production is similar with ethanol by utilizing 

fermentation and distillation with different microorganism to ferment the feedstock [31]. 

Unlike ethanol production, butanol production always comes with acetone and ethanol as 

part of ABE process. The biggest problem of butanol production is that the microorganism, 

which ferments the biomass, can’t sustain itself and becomes spore, leading thus to low 

production yield of butanol [32].  

Even though butanol is not widely used as fuel, several indications of its superiority over 

ethanol have been spotted. Butanol-gasoline blend doesn’t dissolve in water and can be thus 

transported easier [33]. Concerning the energy density, butanol has higher energy density, 

26.9 MJ/l compared to ethanol which is 21.4 MJ/l [16]. 

However several drawbacks compared to ethanol exist. From emission point of view, 

butanol emits 1.57 kg of CO2 per liter of combustion of butanol which is slightly higher 

compared to ethanol [34]. Another drawback is the production yield of butanol which is 

lower than ethanol [35]. As it has been mentioned above, global effort now is to genetically 

strengthen the microorganism which ferments the biomass.  

2.1.6 Synthetic Fuel  

Synthetic fuel is a term that is used for hydrocarbon fuel which is not derived from crude 

oil. To produce such fuels, syngas is delivered into Fischer-Tropsch (FT) reactor to produce 

synthetic diesel (syndiesel) or synthetic gasoline (syngasoline) [36]. FT reactor has lower 

working temperature 200-240oC for Low Temperature FT (LTFT) and 300-350oC for High 

Temperature FT (HTFT) with pressure around 10-20 bar [36]. FT reactor works with H2/CO 

mol-to-mol ratio around 1.8-2.2 [37]. 

To produce syndiesel, syngas with certain value of H2/CO mol-to-mol ratio is introduced to 

FT reactor with cobalt based catalyst and is converted to liquid fuel with certain mix and 

selectivity [38]. Based on study done by Gill [39], 180 MJ of energy must be invested in 

Fischer-Tropsch plant per 100 km of distance traveled by car fueled by syndiesel from 

natural gas. Taking fuel efficiency as 12 km per liter of diesel fuel, then the amount of energy 

that needs to be invested will be 15 MJ/liter of syndiesel. This amount is way lower than 

methanol since the working temperature of FT reactor is lower [40].  

 

From energy density point of view, syndiesel contains 35.92 MJ/L [17] which is almost 

similar with conventional diesel which has 36 MJ/L [41]. A study by Alexandria University 

[42] concluded that there is a fundamental performance difference between conventional and 

syndiesel when it comes to its utilization as transport fuel: it was found that conventional 

diesel was able to reach more cylinder pressure and brake-power compared to syndiesel 

fueled engine.  

 

On the other side, engine fueled by syndiesel emits less NOx and CO compared to engine 

fueled by conventional diesel. From the same studied done by Alexandria University [42], 

at different rotation per minute of the engine, NOx and CO emissions emitted by syndiesel 

fueled engine were halve of the one emitted by conventional diesel fueled engine. Taken 
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diesel fuel emission per liter as 2.7 kg [14], it can be calculated that for syndiesel fueled 

engine, 1.35 kg of CO2 per liter are emitted. 

Oryx GTL plant in Qatar is one of two commercial FT projects to produce syndiesel. It can 

produce 24000 barrels of syndiesel per day which corresponds to 392,000 m3 per year [43].  

Another fuel which can be produced by using FT reactor to convert syngas to liquid fuel is 

gasoline. Iron is used as catalyst as well as high temperature in the reactor (300-360oC) [44].  

It can be found that 16.25 MJ of energy needs to be invested per liter of syngasoline [38]. 

From energy density point of view, LHV value of syngasoline and conventional gasoline are 

similar with a value of 32 MJ/l [45, 46].  

Although syngasoline and syndiesel come from the same working principle, syngasoline 

receives less attention compared to syndiesel. Oryx GTL claims to have produced 1000 

barrel per day of syngasoline which corresponds to 44 thousand m3/ year [43]. 

2.2 Fuel and Processing Technology Selection 

2.2.1 Alternative Fuel Tabulation Based on State of the Art Process, Fuel 
Properties and Characteristic 

Alternative fuels review based on the state of the art industrial process is presented in Table 

1. Boundary conditions of the processes are also presented to give a comparison between 

each process.  

Table 1. State of the Art Industrial Process for Alternative Transportation Fuels. 

 

Name 

Chemical 

Code 

State of the Art of 

Production 

Process 

Boundary Condition Typical Plant 

Capacity 

(m3/year) 
Pressure 

(bar) 

Temperature 

(oC) 

Ethanol C2H5OH Fermentation  1 35-40 400,000 

Methanol CH3OH Methanosynthesis 20-30 800 833,333 

DME C2H6O 
Methanol 

Dehydration 
10-60 120-280 N/A 

OME 

H3C-O-

[O]n-CH3 

(n=3-5) 

Partial oxidation 

of methanol [47] 
3.5 80 N/A 

Butanol C4H9OH 
Fermentation with 

Clostridium 
1 35-40 N/A 

Syndiesel C12-C18 
FT reactor with 

Co  
10-20 200-240 392,000 

Syngasoline C5-C11 FT reactor with Fe  10-20 300-360 44,000 

Alternative fuels review based on fuel properties e.g. energy density, required H2/CO mol-

to-mol ratio, approximation of energy invested, CO2 emission and their combustion 

characteristic in ICE engine is presented in Table 2.  
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Table 2. List of Alternative Fuel's Property. 

 

Name Formula 
LHV 

(MJ/l) 
CO/H2 

Energy 

Invested 

(MJ/l) 

CO2 

Emission 

(kg/l) 

Characteristic for Combustion 

Ethanol C2H5OH 21.1 N/A 10.6 1.5 

  Bad at cold start 

  Low soot 

  knockproof 

Methanol CH3OH 15.1 2 81.9 1.08 

 Corrosive and bad at cold start. 

 Needs to install pre-heating device on the engine  

 The soot-free combustion simplifies exhaust after treatment 

 High burning speed and expansion occurring during combustion leads to 

higher efficiency compared to operation with conventional motor fuels. 

DME C2H6O 19 2 34.5 1.35 
 The low viscosity can cause leakage problem. 

 Abrasive towards pump and engine’s cylinder. 

OME 

H3C-O-

[O]n-CH3 

(n=3-5) 

20.88 N/A N/A N/A 
 Sootless combustion emission 

 With the right additive, can become diesel’s substitution. 

Butanol C4H9OH 26.9 N/A 10.6 1.57  Combustion characteristic is very similar with gasoline 

Syndiesel C12-C18 36 2-2.3 15 1.35 
 Cylinder pressure is slightly lower compared to conventional fuel. 

 Increase of brake thermal efficiency compared to conventional diesel 

Syngasoline C5-C11 32 2-2.3 16.25 N/A 
 Comparable to conventional gasoline. 

 Like syndiesel, syngasoline produces less pressure inside the cylinder 
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2.2.2 Alternative Fuel Selection for Modeling Process 

In order to finally choose alternative fuel, there are several important and decisive criterions 

to consider. The first one is whether the fuel has or hasn’t been used widely in modern 

engine. The scale of required modification for the engine is also taken into account in order 

to use one fuel. The third aspect is the post-combustion emission impact. Maturity of 

production process of each fuel is also considered. Lastly, since syngas is the main raw 

material in this study, the compatibility of the fuel to be produced from syngas is also 

important. 

Ethanol has a big market both in the US and EU and the concept of producing ethanol from 

syngas are still young. Methanol needs syngas as raw material while the producing technique 

has reached high maturity level. Its favorable combustion characteristics speak for an 

application of methanol as fuel for engines [23]. Butanol has its own issue related to the 

lifespan of the microorganism which ferments the biomass and has not been used as fuel’s 

blend. DME boiling point of -25°C forces to handle liquefied petroleum gas in pressurized 

vessels and causes significant logistical and automotive engineering disadvantages 

compared to conventional liquid fuel [23]. Syndiesel has been produced from natural gas 

and coal in Qatar and Malaysia respectively. The plant in Qatar went online on 2006 and has 

been constantly producing syndiesel ever since while syngasoline comes a by-product of the 

plant. Both of them have lower post-combustion emission impact compared to conventional 

diesel and gasoline due to the absence of sulfur and other solid particles. OME, even if it is 

promising, still under an intensive research. 

Concluding from the review, for this research it is agreed that syndiesel, syngasoline, ethanol 

and methanol solar production plant will be modeled and analyzed further. 

2.3 Concentrated Solar Thermal System for Solar Fuel Plant 

Unlike photovoltaic (PV), concentrated solar thermal (CST) technology doesn’t directly convert 

the solar irradiation input to electricity. This technology uses mirrors to collect the direct solar 

irradiation over a large area and concentrate it onto a receiver, where the irradiation is absorbed 

and converted into heat. The gained heat can then be coupled to any heat driven process, i.e. for 

electricity generation or for driving chemical reactions. CST is capable to deliver the heat at 

required temperature for solar fuel process. Since solar thermochemical cycle needs a very high 

temperature (up to 2300 K) [3], only 2 possible CST arrangements can be used for this application 

e.g. the tower configuration and parabolic dish (see Figure 2) [3].  

 

(a) 

 

(b) 

Figure 2. (a) CST Tower Configuration with Molten Salt System and (b) Parabolic Dish [48]. 

http://www.google.de/url?sa=i&rct=j&q=&esrc=s&source=images&cd=&cad=rja&uact=8&ved=2ahUKEwiPtqeTyt3cAhWFyaQKHT_BCMUQjRx6BAgBEAU&url=http://electricalacademia.com/renewable-energy/concentrated-solar-power-csp-technologies/&psig=AOvVaw2XUDmVPyx4hgQl9ZR6cy0R&ust=1533821942446950
http://electricalacademia.com/wp-content/uploads/2018/07/fig2_18.jpg
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Figure 3. Heliostat for CST Tower System [49]. 

On conventional concentrated solar power (CSP) plant using CST tower system, a thermal receiver 

is placed on top of a tower where it is heated by the sun irradiation. Controllable mirrors called 

heliostats (see Figure 3) are situated in a field which encircles the tower to concentrate and reflect 

the solar irradiation onto the receiver. The heat is then used to heat up a heat transfer fluid, usually 

a molten salt or water in order to drive Rankine cycle which produces electricity.  

For parabolic dish, the solar irradiation is focused by the dish into a Stirling engine where the heat 

is used to produce electricity. The advantage of using parabolic dish is its modularity, but tower 

configuration is used since it is suitable for big capacity and high temperature utilization [2]. 

In this study, instead use it for electricity generation, solar thermochemical process uses the heat 

to heat up a solar reactor in which water and CO2 are split into H2 and CO via a thermochemical 

cycle based on metal-oxide. There are several pilot projects about this topic like for example 

HYDROSOL, in which H2 is produced [50] or Sun-to-Liquid, with the objective to produce syngas, 

which is subsequently processed to Fischer-Tropsch kerosene [51]. Both are EU projects in which 

DLR is a partner. In these projects CST tower system is used to deliver heat at high temperature. 

On the other hand, there is also a lab-scale solar reactor which utilizes parabolic dish concept and 

which is the Sandia Laboratory’s CR5 (counter rotating-ring/receiver/reactor/recuperator) system 

[52].  

2.4 Solar Reactor Technology 

Several solar reactor concepts have been researched for some time. Steinfeld et al. described in his 

paper that a rotating cavity receiver (see Figure 4a) can demonstrate the reduction of ZnO particles 

into Zn and O2 [53]. A particle screw-feeder is installed in the back-end side of the reactor and 

continuously feeding the reactor with ZnO which is heated up by incoming solar radiation. The 

rotating cavity gives a centripetal acceleration which forces the particle to the wall where it forms 

a thick layer. The reduced Zn and O2 are quenched to prevent recombination into ZnO. 

Another concept consists in utilizing a steam reforming reaction. A reactor designed for this type 

of use is called the vortex solar thermochemical reactor [54] (see Figure 4b). The continuous flow 

of ZnO particle which is diluted within a CH4 gas is fed into the reactor. The gas-particle forms a 

vortex flow which travels to the front of the reactor. During this period of time, ZnO will react 

with CH4 to produce Zn-CO-H2 mixture. If the Zn is reacted with H2O, then Zn is oxidized back 

into ZnO and produces H2. This reaction is called steam reforming using methane. From technical 

stand point, solar steam reforming is advantageous since it produces more H2 and less oxygen. 

Low partial pressure of oxygen is needed as the driving force to reduce the metal oxide which 

http://www.google.de/url?sa=i&rct=j&q=&esrc=s&source=images&cd=&cad=rja&uact=8&ved=2ahUKEwiG6q3nzN3cAhUS16QKHagWBnYQjRx6BAgBEAU&url=http://www.powerfromthesun.net/Book/chapter10/chapter10.html&psig=AOvVaw1mNiRCSd1fiww9-3qwH6uj&ust=1533822656768592
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means the less O2 produced, the higher reduction degree which can be achieved. The temperature 

required for such redox reaction to happen is also lower compared to redox reaction without 

methane. However, the source of getting CH4 usually comes from natural gas which is a fossil 

fuel. 

Therefore in other to completely produce carbon-free fuels, another reactor concept is introduced.  

So called volumetric reactor (Refos Concept) is used in HYDROSOL [50], which uses volumetric 

reactor to produce hydrogen from water [50] (see Figure 5). In this volumetric reactor, metal-redox 

material is “trapped” inside a volumetric porous absorber. Incoming solar heat is focused by 

secondary concentrator and delivered through a quartz window. 

 

(a) 

 

(b) 

Figure 4. (a) Rotating Cavity Solar Reactor [53] and (b) Vortex Solar Reactor [54]. 

 

(a) 

 

(b) 

Figure 5. (a) Isometric View of Volumetric Reactor (HYDRSOL project) [50]. (b) Cut-in-view of the Reactor [50]. 

The reactor reaches reduction temperature and metal-oxide is thermally reduced within the porous 

absorber and produces O2. To sweep the O2 out of the reactor, sweep gas (N2) or vacuum pump is 

introduced into the reactor. After the reduction step, the focus of heliostat field is directed 

elsewhere to let the reactor cools down to oxidation temperature. Finally H2O is pumped through 

the porous layer in order to re-oxidize the metal oxide and produce hydrogen. In order to operate 

continuously, a two set of volumetric reactor under reduction and oxidation temperature 

respectively can be used. While one reactor is oxidizing, the other is reducing the metal oxide. So 

far, the use of solid-to-solid heat exchanger (STS) in a volumetric reactor concept is limited to 

counter rotating ring, the CR5 lab-scale reactor which uses parabolic-dish system [52]. No STS is 
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reported to be used within other volumetric reactor concept as such Refos which is suitable for 

central receiver system. 

In his work, Ermanoski et al. [55] introduces a new concept of solar thermochemical cycle which 

can be complimented by STS. Figure 6a [55] shows the concept of STS developed by Ermanoski 

et al. Instead inserting the metal-redox into a porous absorber, a packed bed particle concepts is 

used which is driven by particle screw-feeder. Two chambers are situated for reduction and 

oxidation respectively. Inside the reduction chamber, screw-feeder moves the metal-redox upward 

while on the top of the reduction chamber, a cavity is situated as the entry point of the solar 

irradiation. As the particle moves up, it is heated until it reaches reduction temperature and 

thermally reduced. At the top of the screw-feeder, the reduced particle falls down to recuperator 

tube and is cooled down by incoming particle which is moved upward by the screw feeder. At the 

bottom of the recuperator, H2O/CO2 is introduced to re-oxidize the particle. After oxidation, 

another screw feeder moves the oxidized metal-redox particle back to the reduction chamber hence 

completing the cycle.  

 

(a) 

 

(b) 

Figure 6. (a) Reactor concept Introduced by Ermanoski et al [55]. (b) STS Heat Exchanger Concept by Felinks et al 

[52]. 

Felinks et al [52] further describes the possible STS configuration. In his paper, Felinks uses a 

direct contact heat exchanger with spherical particle as the heat transfer medium. Figure 6b [52] 

shows the heat exchanger system between the metal-redox and the sphere. The sphere is made 

from ceramic and has bigger dimension compared to the metal redox particle. After the reduction 

process, hot reduced metal redox is directly mixed with the colder ceramic inside a moving bed to 

exchange the heat. Thereafter, they move downward in a moving bed driven by gravity. Afterward, 

the solid mixture is separated from each other using sieve (see Figure 7 [52]) where the small 

particle (metal-redox) falls down to the next heat exchanger stage. The sphere, which is now hot, 

is transferred to the last stage of heat exchanger, located below the oxidation chamber. The heat is 

transferred from the sphere to the cold oxidized metal-redox located within the respective STS 

stage. After that, the sphere is moved upward to heat up another stage until it reaches the reduction 

chamber, thus complete the cycle. To realize a counter-current STS heat exchanger configuration, 

a staged STS is used in a row to realize quasi-counter current heat exchanger. In his paper Fellinks 
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concluded that the more stages there are, the better the heat transfer rate is and the efficiency is at 

a range of 0.7-0.8 for 7 stages. 

 

Figure 7. Direct Heat Exchanger Concept Between Metal Redox Particle and Sphere [52]. 

2.5 Producing Syngas in Solar Reactor through Metal Oxide 
Redox Process 

Metal oxide thermochemical cycles can be coupled with concentrated solar thermal technology in 

order to convert solar energy into chemical energy. Combining with water splitting (WS) and/or 

carbon dioxide splitting (CDS), these cycles enable a route to produce solar fuels. The process is 

illustrated in Figure 8 [3]. It can be seen that reduction process produces oxygen and reduced 

metal-oxide. The solid product of the reduction is re-oxidized by injection CO2 and/or H2O, 

producing H2 or CO. The metal-oxide is then reused for another reduction process while the 

gaseous product becomes syngas. 

 

Figure 8. Metal Oxide Reduction-Oxidation (Redox) Reaction to Produce Syngas [3]. 

The effort of on-going research is to decrease the reduction temperature which sometimes can melt 

the metal oxide itself. This is really undesirable due to reducing the lifespan of the metal-oxide 

[3]. The typical temperature difference between oxidation and reduction process is around 400 K 

[56].  
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One of the main advantages of using cerium as metal oxide is the volatile characteristic of the 

metal [3]. During the whole process of the redox, cerium metal oxide doesn’t experience metal to 

gas phase changes which makes it involatile. They are also faster in term of kinetic expression and 

present better stability and selectivity in comparison to the ferrite-based oxides, being thus capable 

to increase the productivity of the plant [54, 57, 58]. Overall, the cerium based redox chemical 

reaction can be seen from equations below: 

  𝐶𝑒𝑂2−𝛿𝑜𝑥
→   𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑

+  ∆𝛿
2⁄ 𝑂2 (1) 

 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
+ ∆𝛿 𝐻2𝑂 →  𝐶𝑒𝑂2−𝛿𝑜𝑥

+ ∆𝛿𝐻2  (2) 

 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
+ ∆𝛿 𝐶𝑂2 →  𝐶𝑒𝑂2−𝛿𝑜𝑥

+ ∆𝛿 𝐶𝑂     (3) 

∆𝛿 is the difference between 𝛿𝑟𝑒𝑑 and  𝛿𝑜𝑥. 

 ∆𝛿 =  𝛿𝑟𝑒𝑑 −  𝛿𝑜𝑥    (4) 

Equation (1) is the non-stoichiometric reduction step which is very endothermic and equation (2) 

and equation (3) are the oxidation step involving water and carbon dioxide splitting respectively 

which are mildly exothermic. Variable ∆𝛿 is the offset between reduction and oxidation extent 

which depends on temperature of the reduction process and partial pressure of oxygen during 

respective step. The production rate of hydrogen or carbon monoxide then is strongly related to 

the difference between reduction and oxidation extent. The detail of the modeling of the reaction 

is described in chapter 3.1.3. 

2.6 Fischer-Tropsch Reactor  

Fischer-Tropsch (FT) was invented by Franz Fischer and Hans Tropsch back in 1925 [59]. FT 

process is a series of parallel-serial chemical reaction which converts syngas with certain H2/CO 

mol-to-mol ratio to a liquid hydrocarbon fuel [59]. FT reactor simultaneously produces liquid fuel 

which consists of hydrocarbon chains namely light gas (C1-C4), syngasoline (C5-C11), syndiesel 

(C12-C19) and other product in form of wax which contains higher carbon chain (C20-C60).  

Research is still going on for FT reactor especially in its production rate and product distribution. 

In modeling FT plant, Anderson–Schulz–Flory (ASF) probability to approximate FT product 

distribution has been used widely [38, 59, 60]. Current state of the art of FT reactor is using both 

iron and cobalt based catalyst to produce syngasoline and syndiesel respectively. Temperature of 

200-240oC and 300-360oC are carried out to produce syndiesel and syngasoline respectively, both 

under pressurized condition of 15-20 bar [61]. Figure 9 [62] shows 4 types of reactor that have 

been developed from pre-2nd world war era until now. All these 4 reactors are designed to cope the 

need to perform High Temperature Fischer Tropsch (HTFT) and Low Temperature Fischer 

Tropsch (LTFT).  There are 3 big classifications of FT reactor e.g. tubular fixed bed reactor, slurry 

phase reactor and fixed fluidized bed. 
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Figure 9. Type of FT Reactors [62]. 

2.6.1 Tubular Fixed Bed Reactor 

Tubular fixed bed reactor utilizes a narrow tube’s diameter to reduce heat resistance between 

the catalyst and the cooling fluid [62]. High syngas velocity is also introduced into the reactor 

to make turbulent flow which enhances the rate of heat transfer of the FT reaction’s heat to 

the cooling fluid. The catalyst is placed in the tube side while the cooling fluid, most likely 

water is placed in the shell side [62]. 

A combination of narrow tube’s diameter and high velocity of syngas creates a great pressure 

drop alongside the reactor system thus increment of compression cost is inevitable [62]. 

Commonly, tubular fixed bed reactor is not suitable for high temperature reaction due to 

high probability of clogging and swelling of the reactor’s tube [62].  Figure 10 shows the 

schematic of tubular fixed bed reactor.  

 

Figure 10. Tubular Fixed Bed Reactor [62]. 

Though it has aforementioned disadvantages, tubular fixed bed reactor is easy and simple to 

operate [62]. No extra equipment is needed in order to separate liquid and wax product from 

catalyst since the wax drips down from the bed. Other big advantage of using the tubular 

fixed bed reactor is that the performance of a big scale reactor is similar with the small one 
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thus its behavior under stochastic condition can be predicted based on the small reactor’s 

performance [62]. 

2.6.2 Slurry Phase Reactor 

In the 1950’s to 1960’s, several tests were conducted for the slurry phase reactor and its 

comparison with fixed bed reactors [62]. Later on the test was proceeded to utilize the low 

temperature working condition which turns out to be suitable for the slurry phase reactor. 

The pressure drop of the slurry phase reactor is less than what fixed bed reactor gives, ¼ to 

be precise for the same size of reactor (see Figure 11). 

 

Figure 11. Slurry Phase Reactor [62]. 

From the production rate point of view, slurry phase reactor has higher selectivity in 

producing liquid fuels. The summary of product selectivity can be seen on below. 

Table 3. Comparison between FT Reactors [62]. 

 

Advantage of slurry phase reactor is that it consumes 4 times less catalyst per ton of product 

[62] which is beneficial for the economic viability. It also has bigger conversion per pass 

efficiency of around 80% [38].  

2.6.3 Fixed Fluidized Bed Reactor 

Fixed fluidized bed is mainly used to facilitate high temperature FT reactor up to 300oC. 

Fixed fluidized bed was claimed to be 40% cheaper compared to circulated one while having 

the same product distribution [62]. Due to its simplicity, fixed fluidized bed has very low 
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foundation structure price compared to circulated fixed bed reactors. It is also feasible to be 

used at very high pressure up to 40 bar. Fixed fluidized bed also was claimed to have higher 

conversion of syngas compared to circulated fluidized bed [62] (see Table 3). 

 

 

Figure 12. Fixed Fluidized Bed Reactor [62]. 

2.7 Methanol Reactor 

The most up to date methanol production technology is the low-pressure-catalytic reaction of 

syngas [18]. Low pressure allows high methanol selectivity up to 99% so that by-product of the 

reaction can be neglected [63]. The most common used catalyst for methanol production is copper 

promoted or chromium trioxide. For the methanol synthesis, there are 2 most common used 

reactors which are adiabatic and isothermal reactor (see Figure 13).  

 

(a) 

 

(b) 

Figure 13. (a) Adiabatic Reactor from Johnson Matthey/Davy Process Technology and (b) Haldor Topsoe 

Isothermal Methanol Reactor [64]. Reactor from figure (a) has axial flow without external cooling system. In figure 

(b), the cooling system has axial flow while the reactant flows radially. 

2.7.1 Isothermal Reactor 

Isothermal reactor is utilizing active cooling in order to make the reaction temperature 

constant alongside the reactor bed [64]. The cooling process must be done indirectly to 

minimize dilution of the gas. This can be achieved by using gas or water where the heat can 

be used elsewhere. Isothermal reactor is favourable in practice since it yields higher 

Methanol production, prolongs catalyst lifetime and enables use of extracted thermal energy 

[18]. 
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2.7.2 Adiabatic Reactor 

Adiabatic reactor is a reactor with no external cooling source within their reaction zone. The 

reactor is subjected to high temperature profile within the reaction zone thus shortens catalyst 

lifetime [64]. Moreover, simplicity of the reactor design is one thing that makes adiabatic 

reactor an option to produce methanol [18]. 

2.8 Ethanol Reactor 

Ethanol production from syngas is still under development. However, several researches have 

shown its potential to prevail against conventional fermentation technique. Portillo et al. [65] was 

able to validate the reaction kinetic with experimental data on bench scale. In his paper, it was 

found out that ethanol reactor is capable to produce side product such as propanol and methanol.  

The kinetic of reaction of ethanol is based on 5 reactions which are discussed further in chapter 

3.5.2. The 5 reactions are based on the work performed by Santiesteban et al. [66], in which he 

concluded that ethanol and other alcohol chain can be produced from methanol through CO 

insertion. All of the reactions are assumed to be irreversible, except for water gas shift (WGS). 

The ethanol reaction is taking place inside an isothermal plug flow reactor under highly pressurized 

condition [65]. The selection of the reactor is based on experimental and modelling campaigns by 

Portillo et al. [65] in which he used a plug-flow reactor that is cooled by external water cooling 

system to hold the reaction temperature constant. 
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3. MODELING AND DESIGNING THE PLANT 

This chapter describes how the model and sub-models are built within Aspen Plus® environment. 

Thermodynamic, mass balance and heat balance for each sub-model are discussed here. Finally 

this chapter discusses validity of the proposed model. 

3.1 General Assumptions of the Plants and Operation 
Condition of Base Case Scenario 

Figure 14 shows the flowchart of the proposed production plants. As it has been discussed in 

chapter 2.3, CST tower system is chosen to deliver the heat at high temperature [2]. 

 

Figure 14. Flow Chart of Proposed Plants. 

There are several general assumptions (see Table 4) which are taken when models the whole plant. 

Pressure drop within the piping lines are neglected. The heat exchangers are considered having 

100% efficiency and having pinch point of 5 K. For each heat exchanger, the pinch point is 

carefully analyzed to avoid collision of temperature between the hot and cold stream. Compressor 

and pump work with 0.8 isentropic and 0.9 mechanical connection efficiency. Generator has 0.95 

mechanical to electrical efficiency. The compressor also works with intercooler, taking pressure 

ratio of 2 or 3 depending on the process, for each compression and the last compressor delivers the 

exact pressure needed for the sub-system. The intercooler takes away the heat from compressed 

substance down to the temperature of ambient condition at 298 K. Design point is at spring equinox 

using DNI data from Plataforma Solar Almeria, Spain. 

The base case of the plant has the following configuration: the MWth needed from CST is 353.2 

MWth, STS heat exchanger efficiency is 30%, conversion of the solar reactor is 0.3 and solar 

reactor thermal efficiency is 0.85. Conversion is defined as H2 or CO produced from 1 mol of H2O 

or CO2 respectively. Later, hourly operation analysis is performed in order to obtain working hours 

of FT, methanol and ethanol reactor. To let the product conversion block (FT, ethanol and 

methanol reactor) operating in a high capacity factor throughout the year of operation, product 

separation and recycling unit are scaled down in order to achieve at least 8350 hours of operation 

(capacity factor of 0.95). The scaling down is done by dividing the size of equipment by 

contraction factor which is explained further in chapter 4.2.1. In order to utilize all the heat from 

CST, some parts of the plant need an enlargement factor. This comes due to at several times in a 

year the heliostat is capturing solar thermal heat bigger than 353.2 MWth, especially during 

summer. Further description for enlargement factor is discussed in chapter 4.2.3. 
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Table 4. General Assumptions of the Plant. 

Assumptions Description 

Thermal Power to Solar Reactor 353.2 MWth 

Cooling Water Temperature 293 K 

Pinch Point Over Heat Exchanger 5 K 

Heat Exchanger Efficiency 100% (except STS Heat Exchanger) 

Pressure Loss Over Pipe 0 bar 

Pressure Loss in Reactors 0 bar 

Pressure Loss Water Cooler  0.1 Bar at Cold Side, 0 Bar at Hot Side 

Pressure Loss in Heat Exchanger 0 bar 

Pump and Compressor Efficiency 0.8 isentropic and 0.9 mechanical efficiency 

Generator Efficiency 0.95 

Reduction and Oxidation Temperature 1773 K and 1300 K 

Design Point 21st of March (spring Equinox) 

Location Plataforma Solar Almeria (37°05’N, 2°21’W) 

Air Mole Composition O2 21% and N2 79% 

COP of refrigeration unit 3 

 
Due to the presence of solid stream in Aspen Plus® flow sheet, a MIXCISLD is chosen in 

simulation setup specification folder. The MIXCISLD is chosen due to the absence of solid particle 

size and distribution data . During the simulation, Peng-Robinson equation of state with Boston-

Mathias modification (PR-BM) is chosen since it is widely used when hydrocarbon stream is 

involved. Furthermore STEAM-TA for free water method is selected. The components which are 

chosen when building the model are CeO2 and Ce2O3 to represent metal oxide stream, N2, H2, H2O, 

CO2, CO, CnH2n+2 with n starts from 1 until 30, Methanol, Ethanol and Propanol. Temperature and 

pressure metric are chosen to be K and Bar respectively. 

3.2 Modeling of CST Tower System 

A tower CST system is chosen to provide the necessary heat demand due to its ability to give the 

heat at required temperature [2]. For this research, heliostat field is modeled and calculated using 

HFLCAL, an in-house built software to design heliostat field [9] and the design point is chosen to 

be spring equinox March 21st at 12 o’clock sun clock [67]. A multi apperture (MAP) with 

secondary concentrator receiver where the solar reactor appertures face different direction and 

encircle the tower (see Figure 15 [67]) is chosen as a first pre-study has shown that the total 

heliostat field’s efficiency is higher by using MAP as by using single aperture.  

Considering a thermal power input to the reactor of 353.2 MWth, the amount of heat that must be 

delivered by the heliostat field can be determined from equation (5) by taking thermal efficiency 

of the multi aperture arrangement with secondary concentrator of 0.85 [5].  

 

 �̇�𝑖𝑛𝑡𝑒𝑟𝑐𝑒𝑝𝑡𝑒𝑑 =  353.2 𝑀𝑊𝑡ℎ 𝜂𝑡ℎ,𝑠𝑜𝑙𝑎𝑟 𝑟𝑒𝑎𝑐𝑡𝑜𝑟⁄   (5) 
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Figure 15. Multi Aperture (MAP) Reactor Arrangement [67]. 

More stress point is put into the multi aperture design method. The heliostats are placed in the area 

following the direction where the apertures are facing at, thus it is necessary to know the 

distribution of heat power for each heliostat zone as it is shown in Figure 16 and Table 5 [67]. 

After knowing the distribution of the heat for each zone by multiplying equation (5) with power 

fractions in Table 5, each zone is designed respectively in HFLCAL by careful evaluation so that 

every zone is independent to each other (not colliding). 

 

Figure 16. Sub-Field in MAP Arrangement 

[67]. 

 

Table 5. Power Fractions Among Subfield in MAP [67]. 

 Power Fractions (%) 

Latitude N NE/NW SE/SW S 

20oN 21 18 15 13 

40oN 22 19 14 12 

In order to design the multi aperture using HFLCAL with secondary concentrator, reflectivity of 

the secondary concentrator must be known. For this research, the value is taken to be 0.9, based 

on the previous research by Schmitz et al. [67]. To determine the exit diameter of the secondary 

concentrator, a maximum flux density entering the solar reactor aperture is assumed to be 1500 

kWth/m2.Therefore given thermal power of 353.2 MWth, and a fix thermal efficiency of the 

reactor 𝜂𝑡ℎ, the aperture diameter can be calculated using correlation as follow: 

 

𝑑𝑎𝑝𝑒𝑟𝑡𝑢𝑟𝑒 =  √
4 ∙ 𝑄𝑙𝑖𝑚𝑖𝑡

̇  (𝑘𝑊) · 𝑃𝑜𝑤𝑒𝑟 𝐹𝑟𝑎𝑐𝑡𝑖𝑜𝑛

1500 (
𝑘𝑊
𝑚2 )  ∙  𝜋 · 𝜂𝑡ℎ

   

(6) 

During sensitivity analysis involving the thermal efficiency of the solar reactor, the diameter for 

each aperture is adjusted depending on the reactor efficiency.  

The next step is to evaluate the heliostat field performance for multi aperture configuration 

throughout the year. Total field efficiency of every heliostat fields which consists of cosine, 

shadowing, blocking, attenuation and spillage efficiency, is obtained from HFLCAL. Then by 
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multiplying hourly heliostat field efficiency with respective DNI data and total mirror area, the 

hourly thermal power for the heliostat field is calculated. The amount of thermal power for each 

hour is the summation of thermal power collected by each zone multiplied by thermal 

efficiency 𝜂𝑡ℎ. For each case, the heliostat is optimized in respect to total field efficiency at design 

point using HFLCAL optimization feature which uses genetic algorithm method. The decisive 

variables which are varied for each case are tower height, minimum distance between 2 heliostats 

and slip plane. The limitation for tower height is set to be 220 m while the minimum distance 

between 2 heliostats and slip plane are iteratively tested for each case.  

Another important thing to be considered in the model is the pumping power to move H2O and 

CO2 from the ground surface to the solar reactor up on the tower.  

 
𝑝𝑝𝑢𝑚𝑝,𝐻2𝑂 =  

�̇�𝐻2𝑂 ∙  𝑔 ∙ (𝐻𝑡𝑜𝑤𝑒𝑟 + 𝐻𝑙𝑜𝑠𝑠𝑒𝑠)

𝜂𝑖𝑠.𝑝𝑢𝑚𝑝  ∙  𝜂𝑚𝑒𝑐ℎ𝑎𝑛𝑖𝑐𝑎𝑙
   

(7) 

 
𝑝𝑐𝑜𝑚𝑝𝑟𝑒𝑠𝑠𝑜𝑟,𝐶𝑂2

=  
�̇�𝐶𝑂2 ∙ 𝑔 ∙  (𝐻𝑡𝑜𝑤𝑒𝑟 + 𝐻𝑙𝑜𝑠𝑠𝑒𝑠)

𝜂𝑖𝑠.𝑐𝑜𝑚𝑝𝑟𝑒𝑠𝑠𝑜𝑟  ∙  𝜂𝑚𝑒𝑐ℎ𝑎𝑛𝑖𝑐𝑎𝑙
   

(8) 

𝐻𝑙𝑜𝑠𝑠𝑒𝑠 can be estimated using Darcy-Weisbach equation. 

 
𝐻𝑙𝑜𝑠𝑠𝑒𝑠 =  𝑓 ∙  

𝐿

𝐷
 ∙  

�̅�2

2 ∙ 𝑔
   

(9) 

𝑓 is friction factor inside the pipe and a function of Reynold number. �̅� is velocity of fluid inside 

the pipe. L is length of the pipe which is assumed to be the same as tower’s height 𝐻𝑡𝑜𝑤𝑒𝑟. The 

fluid’s velocities are 30 m/s and 2 m/s for gas and liquid stream respectively [68] while the flow 

regime is mostly turbulent. The density of CO2 which is used is the density at the inlet of the 

compressor e.g. 1 bar at 293 K. Isentropic and mechanical connection efficiency both for pump 

and compressor are taken from general assumption description in the beginning of chapter 3.1. 

3.3 Solar Reactor and Air Separation Unit (ASU) Model 
Building 

3.3.1 Modeling of Solar Reactor 

The solar driven reactor for metal oxide is necessary to be modeled. In order to model the 

solar reactor, the H2 and CO productions are separated from each other and the reduction 

and oxidation chamber are modeled. A non-stoichiometric reduction and oxidation process 

are applied in the model using R-Yield module from Aspen Plus®. The reaction does not 

consider kinetic aspect thus it neglects the retention time of metal-redox stream within the 

solar reactor. 

Since partially reduced material is not available in Aspen Plus® database, 𝐶𝑒𝑂2−𝛿𝑜𝑥,𝑟𝑒𝑑 
is 

assumed to be a mixture between CeO2 and Ce2O3. The ratio between CeO2 and Ce2O3 

depends on the 𝛿 value, thus 𝛿  for reduction and oxidation step must be calculated 

respectively. It is assumed that partial pressure of O2 during reduction step (𝑃𝑂2,𝑟𝑒𝑑
) is 10 Pa 

and at oxidation step 𝑃𝑂2,𝑜𝑥
 to be 10 kPa [6] while keeping the total pressure of both of the 

reactors at 1 bar. To calculate the extent of reduction and oxidation, Equation (10) is used 

[69]: 
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 𝛿𝑟𝑒𝑑,𝑜𝑥

0.35 −  𝛿𝑟𝑒𝑑,𝑜𝑥
= 8700 ∙  𝑃𝑂2,𝑟𝑒𝑑,𝑜𝑥

0.217  ∙ exp (
−195.6 𝑘𝐽 𝑚𝑜𝑙−1

𝑅𝑇𝑟𝑒𝑑,𝑜𝑥
) (10) 

Inserting the partial pressure and temperature parameters above yields very small 𝛿ox 

compared to 𝛿red thus ∆𝛿 can be assumed to be the same as 𝛿red.  This means that during the 

reduction step, pure CeO2 is reduced to 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
 and later is oxidized back to CeO2 during 

oxidation step. To determine the mole ratio 𝑦 of CeO2 and Ce2O3 within 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
stream 

coming out from reduction reactor, it follows equations (11) and (12): 

 

 1 − 2 ∙ 𝛿𝑟𝑒𝑑

1 − 𝛿𝑟𝑒𝑑
= 𝑦𝐶𝑒𝑂2 (11) 

 𝑦𝐶𝑒𝑂2 +  𝑦𝐶𝑒2𝑂3 = 1 (12) 

By using equation (11) and (12), the ratio of Ce to O atom within the solid mixture is the 

same as what it is within the 𝐶𝑒𝑂2−𝛿 
stream. 

 

Figure 17. Simplified Solar Reactor Chart. 

During reduction step, according to equation (1), the incoming mass flow of a pure CeO2 

stream is converted into ∆𝛿/2 mole of O2 and the rest become 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
. If �̇�𝐶𝑒𝑂2 mol/sec 

of CeO2 is available for the reduction step and knowing the molar weight of CeO2 and O2, 

the mass flow for 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
 going out from the reactor can be calculated by applying mass 

balance equation over the reduction reactor system. In order to get the mole flow of 

𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
 coming out from the reduction reactor, equation (13) based on mass balance is 

used: 

 �̇�𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
=  

�̇�𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑

𝑍𝐶𝑒𝑂2  𝑀𝑟𝐶𝑒𝑂2 +  𝑍𝐶𝑒2𝑂3  𝑀𝑟𝐶𝑒2𝑂3 
 (13) 

𝑀𝑟𝐶𝑒𝑂2
 and 𝑀𝑟𝐶𝑒2𝑂3

 are molar weights in kg/kmol of CeO2 and Ce2O3 respectively. Using 

equation (11) and (12), outgoing mole and mass flow for CeO2 and Ce2O3 can be obtained. 

The same concept is applied for the oxidation reactor, the difference is that during oxidation 

step, reactor conversion is present and the solid product is a pure CeO2. The conversion is 

varied for sensitivity analysis which is discussed in chapter 4. Having conversion less than 

one means that not all of the incoming H2O and CO2 are converted into H2 and CO 
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respectively, instead the amount of H2O and CO2 mole flow needed during the oxidation step 

to produce ∆𝛿 mole of H2 or CO is 𝛿𝑟𝑒𝑑 divided by the conversion value. 

Within the solar reactor model, a two heat exchangers modules method, which represents 

the cold and hot stream, is used to model one heat exchanger with a careful pinch point 

analysis. For the solar reactor itself, reduction chamber operates at ambient pressure of 1 bar 

and 1773 K while the oxidation operates on the same pressure with a lower temperature of 

1300 K. The reduced metal oxide which comes out from the reduction chamber has a very 

high temperature (1773 K), thus a heat integration with metal oxide coming out from the 

oxidation chamber (1300 K) is applied using solid-to-solid (STS) heat exchanger to further 

reduce the need of CST heat.  

The efficiency of STS heat exchanger is varied for sensitivity analysis which is discussed 

further in chapter 4. For both the reduction and oxidation product stream, a solid-gas 

separator to separate solid from the gaseous mixture is modeled using cyclone separator 

module of Aspen Plus®. In H2 production line, due to the H2O to H2 conversion value which 

is less than 1, H2O vapor can be found within the H2 stream. To separate H2 from H2O, a 

condensation at 298 K is performed and the flashing unit is used to completely separate H2 

from H2O. Such condensation temperature is chosen based on 2 reasons. The first one is to 

reduce the heat needed to heat up the incoming H2O before entering the oxidation chamber. 

The second one is to reduce the electricity needed by the syngas compressor since the energy 

consumption of compressor depends on the temperature of the gas. The cold stream which 

is used for the condensation of the mixture from 1300 K to 298 K is the incoming water to 

the oxidation chamber.  By doing this, the condensation process acts as a preheater for the 

incoming H2O. The flashed H2O then is mixed with a stream of fresh make-up water and 

recycled back to the oxidation chamber. 

For CO production line, CO2 can be found within the CO stream due to the conversion value 

during oxidation step. Thus in order to get a pure CO stream, a Pressure Swing Adsorption 

(PSA) system is used. The PSA system works under atmospheric pressure and ambient 

condition of 298 K. The cold stream to cool down the mixture from 1300 K to 298 K is 

provided by the incoming CO2 to the oxidation chamber thus, the cooling process of the 

mixture of CO/CO2 becomes a preheater for CO2 before undergoing the oxidation step. The 

detail of PSA process is not the focus of this research thus in order to model the PSA, the 

“black-box” separation module is used while setting the CO fraction to be 1 for the CO outlet 

stream of the PSA. CO2 which is separated from CO is mixed with a make-up CO2 to be 

supplied back to the oxidation chamber. 

3.3.2 Modeling of Air Separation Unit and Sweep Gas Recycling 

Due to the sensitivity towards oxygen content, using normal air as sweep gas can affect the 

production rate of syngas [3]. In order to achieve a very low partial pressure of O2 produced 

in the reduction chamber, a sweep gas of pure nitrogen is used. Several models of predicting 

N2 flowrate per mole of H2 produced have been studied [70] and for this modeling process, 

a perfect counter-flow (PC) model is used for further calculation according to equation (14). 

The reason of using the counter-flow configuration is due to less amount of N2 needed 

compared to the other models studied [70]. 

 

 �̇�𝑁2

�̇�𝐻2

=  
1

2 (
𝑃𝑂2,𝑜𝑥

𝑃𝑠𝑦𝑠 − 𝑃𝑂2,𝑜𝑥

− 
𝑃𝑂2,𝑟𝑒𝑑

𝑃𝑠𝑦𝑠 − 𝑃𝑂2,𝑟𝑒𝑑

)

 
(14) 
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The nitrogen flowrate needed depends on the desired oxygen partial pressure of oxygen in 

the reduction chamber and in the oxidation chamber. These values have already been 

discussed in chapter 3.3.1. For the CO production, the ratio of the amount of nitrogen per 

CO produced is assumed to be the same with H2. 

Therefore, an air separation unit (ASU) is needed in order to get a pure nitrogen flow. Error! 

eference source not found. shows a clear scheme of ASU system which is modeled within 

Aspen Plus®.  

 

Figure 18. Air separation unit (ASU) Scheme. The bottom streams which are rich of O2 will be sold as by-

product. The rich N2 will be sent to solar reactor. 

The technique that is chosen to separate nitrogen from the air stream is cryogenic separation 

technique. Cryogenic separation technique is a distilaltion method which is using a very low 

temperature and pressurized condition in order to extract a near-pure nitrogen from air 

stream. To maximize the extraction efficiency, a 2 stages process is situated in series where 

the second stage distillates the incoming bottom stream from the first stage unit. The 

temperature for the first stage is chosen to be 86 K while for the second stage temperature is 

the resulting temperature of bottom stream of the first stage. The pressure for the first of the 

stage is 3 bar and 1 bar for the second stage. 

 

Figure 19. Relative Sweep Gas Demand to Hydrogen Produced [70]. PC stands for perfect countersweep and 

PM is for perfect mixed. 



41 

To get such a low temperature, a mechanical refrigeration unit is situated before ASU unit. 

During the operation of the plant, ASU has two feed streams which are coming from 

reduction reactors and from the ambient. The stream which comes from the reduction 

reactors is very hot and thus opens a heat integration opportunity for other process which is 

discussed more in chapter 3.3.3. The need to take the air from the ambient emerges because 

some of the recycled sweep gas is wasted due to the inability to extract all of the nitrogen. 

The amount of the ambient air mass flow is iteratively calculated using a design specification 

manipulator module in Aspen Plus® in order to get the amount of pure nitrogen needed for 

the operation. For the compression process, a 2 single-stage compressors are installed to 

deliver the pressure needed for ASU which is 3 bar. 

From Figure 18, it can be seen that the bottom stream for all of the distillation columns 

contains O2 which is a potential revenue unit for the plant. Based on the simulation within 

Aspen Plus® using the proposed ASU scheme, the mole purity of O2 within the bottom 

streams lies in the range of 95%-99% and can be sold as by-product of the plant. The O2 then 

is pressurized using 6 stages compressor to reach 300 bar, at 298 K to be sold further as by-

product. 

3.3.3 Heat Integration, Heat Sink and Heating System 

Heat integration is made by evaluating the pinch point of 5 K for each heat exchanger. The 

list of heat integrations which are implied in the plants can be seen on Table 6. 

Table 6. List of Heat Integration within Solar Reactor and ASU.  

No Name 
Cold 

Stream 

Hot 

Stream 

Hot Temp. 

(K) 

Cold Temp. 

(K) 

1 Reactor Recuperator 1 H2O H2/H2O 1300 296 

2 Reactor Recuperator 2 CO2 CO/CO2 1300 297 

3 Sweep Gas Recuperator 1 N2/O2 H2O 1773 901 

4 Sweep Gas Recuperator 2 N2/O2 CO2 1515 1203 

5 Wax Heater (for FT 

reactor system only) 

Wax N2/O2 1495 463 

6 N2 Recuperator N2 N2/O2 1493 77 

7 STS Recuperator CeO2 CeO2-δ 1773 1300 

8 N2-Methanol Reactor 

Recuperator 

N2 Alcohol 

Mixture 

493  86 

 

For every heat recuperation system, it is assumed that each exchanger operates in ideal 

condition i.e. no pressure loss and efficiency is 100 % except for STS recuperator of which 

the efficiency is varied for sensitivity analysis.  

Whenever heat sink is needed in the model, a water cooler heat sink is used. Unlike in 

recuperation system,within water cooler system, pressure loss of 0.1 bar is taken into account 

only for the cold stream thus a pump is needed. The temperature of incoming water then  

escalates to 353 K for every water cooler system, while the mass flow of the cooling water 

is varied to satisfy the need of the cooling. If the required temperature is lower than 293 K, 

mechanical refrigeration unit is used with fixed COP value of 3. When the need for heating 

emerges, otherwise explained it is assumed to be provided by an electrical heater with 

electrical to thermal efficiency of 0.95. When operating distillation column (see chapter 

3.5.3), a burner is installed to burn the purge gas and the heat is used for reboiler process 

within the distillation column. 
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3.4 Product Conversion Reactor Model Building: Syndiesel 
and Syngasoline 

Syndiesel and syngasoline are produced through Fiescher-Tropsch (FT) conversion (see Figure 

20). After syngas compressor train, syngas is stored in a tank which acts as a flow regulator. After 

FT reactor, a mixture of gas and liquid occurs where the later contains most of the wax produced 

by FT reactor. Flash is used to separate both phases from each other and the liquid phase, which 

contains most of the wax, is sent to hydrocracker unit. Hydrocracker works with the help of 

pressurized H2 which comes from the solar reactor. Hydrocracker model is a subject of discussion 

in chapter 3.4.2. The remaining gas phase from FT reactor is mixed with the hydrocracked wax 

stream before going into the product separation unit (PSU). In order to maximize the profit, 

recycled gas which mostly consists of light gas, CO and H2 is processed further in reverse water 

gas shift (RWGS) or water gas shift (WGS) reactor. The choice between those two recycling 

reactors depends on the H2/CO mole ratio condition within the recycled gas. The detail for each 

sub-model is discussed further in chapter 3.4.3 and 3.4.4 for PSU and RWGS/WGS reactor 

respectively. Figure 20 describes in a brief the scheme of syndiesel and syngasoline production. 

 

 

Figure 20. Syndiesel and Syngasoline Production Scheme. 

3.4.1 Modeling of Fischer Tropsch Reactor  

FT reactor is assumed to only produce alkanes (CnH2n+2) and the product of the reactor is 

distributed over CH4 to C30H62 and H2O. FT reactor is working isothermally while the heat 

produced by the reactor is cooled down by water chiller. Pinch point is considered carefully 

for the water chiller to avoid temperature collision. The product classification is listed in 

Table 7 [61]. 

  

 

Table 7. Product Classification Based on Carbon Length [61].  
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Carbon Length Description 

C1-C4 Light Gas 

C5-C11 Gasoline 

C12-C20 Diesel 

C21-C30 Wax 

A so called low temperature FT (LTFT) which operates at 200-240oC on Co catalyst is 

favorable to produce higher carbon chain, thus it is suitable to produce diesel and wax. On 

the other hand, high temperature FT (HTFT) which operates at 300-360oC on Fe catalyst is 

suitable to produce shorter carbon chain i.e. gasoline. For this research, a slurry-bed reactor 

with 80% per pass conversion is chosen, compared to fixed bed reactor which has lower per 

pass efficiency [38]. Another benefit of using such type of reactor is its good selectivity over 

the liquid fuels compared to other existing reactors [62]. FT reactor is assumed to operate 

under stoichiometric condition. 

However, since not only one fuel is produced by FT reactor, several approximations can be 

used to find the product distribution over certain catalyst and working temperature. The FT 

reactor product distribution is assumed to follow ASF distribution based on chain growth 

probability as it is described in equation (15) [38]: 

 
𝑚𝑐𝑖

=  𝛼𝑖−1(1 − 𝛼) 
(15) 

𝑖 is the carbon  number of the product, 30 in our case, and 𝛼 is the chain growth probability 

which can be calculated using equation (7) according to Song et al. [38]: 

 

 𝛼 = (0.2332 
𝑦𝐶𝑂

𝑦𝐶𝑂 + 𝑦𝐻2

+ 0.633) [1 − 0.0039(𝑇 − 533)] (16) 

T is reactor temperature in Kelvin and 𝑦 is mole fraction. The correlation takes into account 

the ratio of H2 and CO within the syngas stream which is a decisive variable. The summary 

of FT reactor operation condition can be seen on Table 8. 

Table 8. Operation Condition for Both FT Reactors Operation Modes. 

FT Reactor 

Mode 
Catalyst 

Temperature and 

Pressure 

H2/CO 

Mole Ratio 
𝜶 

LTFT Cobalt based 200oC, 20 bar [38] 2.37 [60] 0.8661 

HTFT Iron based 300oC, 20 bar [38] 2 0.5994 

For the modeling of FT, since only alkane is assumed to be produced during the Fischer-

Tropsch synthesis, the FT net reaction of FTR is following equation (17) [71]:  

 𝐶𝑂 +  𝜐𝐻2 𝐻2 →  ∑ 𝜈𝑖  𝐶𝑖𝐻2𝑖+2 +  𝐻2𝑂

30

𝑖=1

  (17) 

where 𝜈 is stoichiometric coefficient of every substance involved in the reaction. For H2, the 

stoichiometric efficiency depends on the chain growth probability value and can be 

calculated using equation (18) [71]: 

 𝜐𝐻2 = 3 −  𝛼 (18) 
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To implement product distribution equation, a slightly modified ASF equation is needed to 

find the stoichiometric efficiency for each product (C1 – C30) and can be seen on equation 

(19) below [71]: 

 𝜈𝑖 = (1 − 𝛼)2𝛼𝑖
𝑖−1 (19) 

The extent of reaction and stoichiometric coefficient determines the yield of the FT reactor 

products and can be calculated from equation (20)-(24): 

 𝑓𝐶𝑂 =
𝜉

�̇�𝑐𝑜,𝑖𝑛𝑙𝑒𝑡
 (20) 

 �̇�𝑐1−𝑐30,𝑝𝑟𝑜𝑑 = 𝜐𝑐1−𝑐30 ·  𝜉 (21) 

 �̇�𝐻2𝑂,𝑝𝑟𝑜𝑑 = 1 · 𝜉 (22) 

 �̇�𝑐𝑜,𝑝𝑟𝑜𝑑𝑢𝑐𝑡 = �̇�𝑐𝑜,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐶𝑂 ·  𝜉) (23) 

 �̇�𝐻2,𝑝𝑟𝑜𝑑 =  �̇�𝐻2,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐻2 ·  𝜉) (24) 

where 𝑓𝐶𝑂 is the conversion efficiency per pass of the reactor. It is written with subscripted 

CO due to fix molar ratio of the hydrogen and CO, thus syngas gas can be represented by 

one of the component (hydrogen or CO). The equations are written for every 33 substances 

which are involved in the FT process, namely CO, H2, C1-C30 and H2O. The mol flow for 

each product in the stream has a connection with the mole fraction. Thus equation above can 

be written as equation (25)-(28): 

 �̇�𝑝𝑟𝑜𝑑  ·  𝑦𝑐1−𝑐30
= 𝜐𝑐1−𝑐30

 · 𝜉 (25) 

 �̇�𝑝𝑟𝑜𝑑  ·  𝑦𝐶𝑂 =  �̇�𝐶𝑂,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐶𝑂 · 𝜉)  (26) 

 �̇�𝑝𝑟𝑜𝑑  ·  𝑦𝐻2
= �̇�𝐻2 ,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐻2 · 𝜉)   (27) 

 �̇�𝑝𝑟𝑜𝑑  ·  𝑦𝐻2𝑂 = 1 ·  𝜉 (28) 

and so on with 𝑦𝑐1−𝑐30
, 𝑦𝐶𝑂 ,  𝑦𝐻2

and  𝑦𝐻2𝑂 as the mole fraction of product C1 – C30,  CO, 

H2 and H2O respectively in the product stream. The total mole flow of the product can be 

found through equation (29): 

 

�̇�𝑝𝑟𝑜𝑑 =  (∑ 𝜐𝐶𝑖

30

𝑖=1

 𝜉) + 𝜐𝐻2𝑂   𝜉 + �̇�𝐶𝑂,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐶𝑂 ·  𝜉)

+ �̇�𝐻2,𝑖𝑛𝑙𝑒𝑡 − (𝜐𝐻2 ·  𝜉) 

(29) 

where the terms of 𝜐𝐶𝑖 are the stoichiometric coefficients of C1 – C30 as the final product for 

FT and �̇� is mole flow. The summary of the variables can be seen in the Table 9 below. 

Table 9. List of Variables which are Used to Build FT Model. 

No Name Description Variable Type 

1 𝑦C1-C30 , H2O,CO,H2 Mole fraction in the product stream Unknown 

2 𝑛𝐶𝑂,𝑖𝑛𝑙𝑒𝑡 Inlet mole flow of CO Known 

3 𝑛𝐻2,𝑖𝑛𝑙𝑒𝑡̇  Inlet mole flow of H2 Known 

4 𝜉 Extent of reaction Calculated 

5 𝜐 Stoichiometric Coefficient Calculated 
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During modeling process, an R-Stoic module is used in the flowsheet while inserting all the 

aforementioned parameters. 

Another important mathematical equation is the reaction rate of the reactor namely 𝑟𝐶𝑂. The 

reaction rate is defined as the conversion of the input syngas per kilogram catalyst for a 

defined working pressure and temperature of the reactor. For this model, the reaction kinetic 

in the FT reactor is represented by conversion rate of CO [72]. 𝑟𝐶𝑂 is very dependent on the 

partial pressure of CO and H2. By using Dalton’s law, one can determine the partial pressure 

of component inside the gas mixture by knowing the mol ratio of each component in the 

mixture. Since the mol to mol ratio is fixed between CO and H2, and having the pressure and 

working temperature fixed for the reactor, 𝑟𝐶𝑂 can be determined using equation (30)-(32) 

[38]: 

 𝑟𝐶𝑂 =  
𝑎 𝑃𝐶𝑂𝑃𝐻2

(1 + 𝑏 𝑃𝐶𝑂 )2
 (30) 

 𝑎 =  1010 exp (
−115

𝑅𝑇
) (31) 

 𝑏 =  3.5 . 10−23 exp (
192

𝑅𝑇
) (32) 

where 𝑟𝐶𝑂 is on mol of CO converted per second per kilogram of catalyst used. Rate of CO 

conversion is well connected to the amount of catalyst which is used. The amount of catalyst 

can also represent the size of a reactor with catalyst density to be around 135 kg-catalyst/m3-

FT reactor [73]. Using Levenspiel correlation of continuous stir tank reactor [60], the volume 

of reactor for the syngasoline and syndiesel plant can be determined using equation (33): 

 𝑉𝐹𝑇 =  
�̇�𝐶𝑂𝑖𝑛

𝑟𝐶𝑂 ∙  𝜌𝑟𝑒𝑎𝑐𝑡𝑜𝑟
 ∙  𝑓𝐶𝑂 (33) 

𝑓𝐶𝑂 is taken to be 0.8 [38] and is defined as fractional conversion. Fractional conversion is 

the rate of conversion of a substance over the feed inlet. 

3.4.2 Modeling of Hydrocracker Unit 

Hydrocracking process is necessary in order to avoid huge amount of wax deposit in the 

fuels and increases the production rate of the synthesis fuel by cleaving carbon chain length 

of the wax with the help of hydrogen [60]. Hydrocracker unit is only applicable within 

syndiesel and syngasoline production plant. 

After FT reactor, a flash unit is used to separate liquid and gas stream. The liquid stream 

from the flash unit which is rich of wax is heated and pressurized prior coming to the 

hydrocracker unit. On the other hand, the gas stream from the flash unit is depressurized to 

1 bar and cooled down to 373 K [59] before entering the second flash unit to strip the wax. 

The wax from the gaseous stream undergoes the same heating and pressurizing process and 

enters the hydrocracker unit afterward, together with the wax from the first flashing unit. 

The heat supply for both heating and pressurizing wax streams are obtained from a heat 

integration scheme with a hot sweep gas from the solar reactor and by using pumps 

respectively. The gaseous stream from the second flashing process is mixed with the 

hydrocracker’s product stream which is now consists mostly of short hydrocarbons.  

For this study, hydrogen for hydrocracking comes from the solar reactor and the 

hydrocracker reactor is modeled using R-Yield. Hydrocracker reactor works under 

pressurized condition of 60 bar and high temperature of 632 K while the yield data is taken 
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from experimental result [74]. Based on the experimental data, using a Pt/WO3/ZrO2 catalyst 

should crack 90% of the wax and alter it into C1-C20 [74]. The hydrogen feed for the 

hydrocraker unit is calculated by balancing the C and H atom between the feed and product 

stream. The incoming mass flow of wax then is cracked into product which has distribution 

based on Table 10 below. 

Table 10. Mass Distribution of Hydrocracked Wax recreated from [74]. 

Carbon Numbers Percentage (%wt) 

C1-C4 8.6 

C5-C11 35.7 

C12-C20 55.7 

By knowing the mole distribution of the incoming wax (taken from Aspen Plus®) and given 

the chemical formula of the C20 – C30 ,the number of atom for C and H for each wax 

component can be calculated by multiplying the mole flow with the number of C or H within 

the chemical compound: 

 𝐶𝑖𝑛 𝐶𝑖
=  �̇�𝐶𝑖

∙  𝑖 (34) 

 𝐻𝑖𝑛 𝐶𝑖
=  �̇�𝐶𝑖

∙ (2𝑖 + 2) (35) 

By multiplying number of atom C and H by molar weight of the respective atom, the 

incoming mass of Carbon and Hydrogen can be obtained. After hydrocracking the total 

incoming mass flow which consists of 90% of total wax and unknown amount of additional 

hydrogen is distributed according to Table 10 [74]. In order to know the H2 needed for the 

hydrocracker, a mass balance calculation is applied over the hydrocracker. Since the exact 

percentage of every component is not given, then for this research, the weight is divided 

equally within the hydrocarbon group. Total of mass flow of Carbon after the hydrocracking 

process for group C1-C4 is 8.6% of total incoming mass flow of carbon atom. By knowing 

the mass of carbon for group C1 – C4, the total  mole of atom C within the product group can 

be calculated by dividing the mass of carbon within the group with the molar weight of 

carbon. Since the number of carbon atom is known for each chemical component (C1 has 1 

C and so on), the number of mole for each chemical component within the group can be 

known where C1 has 1/10 of total mole of carbon within the group of C1 – C4. This process 

is done for other group e.g. C5 – C11 and C11– C20. After knowing the number of mole of C 

for each chemical compound, number mole of H can be known by multiplying the mole of 

C with number of H within the chemical compound e.g. C1 has 4 H while C2 will have 6 H 

and so on.  

Knowing the total number of C and H moles at the outlet, multiplied by molar weight of the 

respective atoms, the total mass flow of the output flow is known. Thus mole flow of 

additional H2 is calculated by taking the deficit of mass flow between inlet and outlet divided 

by molar weight of H2.  

3.4.3 Modeling of Product Separation Unit 

In order to separate the syndiesel and syngasoline from hydrocarbon flow, a staged product 

separation unit (PSU) of 429K, 373K, 298K and 228K is needed in order to extract wax, 

diesel, gasoline and lightgas respectively [59]. After hydrocracking unit, the hot and 

pressurized hydrocarbon is brought down to 1 bar. Right after the depressurization, the wax 

is extracted using flash unit. While the extracted wax is sent to a water treatment unit 

downstream, the remaining gas is cooled down to 373 K in order to extract diesel from the 
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gaseous stream. The unextracted gas then is brought down to 298 K to further extracting 

gasoline. The final stage of the extraction is by cooling down the remaining gas to 228 K to 

extract H2, CO and  C1-C4 from the stream. Together, all of them is reffered as light gas 

which is sent to recycling block. All the products then are brought to 298 K and 1 atm 

condition. 

3.4.4 Modeling of Reverse Water Gas Shift Reactor and Water Gas Shift 
Reactor 

Reverse water gas shift (RWGS) and water gas shift (WGS) are reactions which are used to 

increase the amount of  CO or H2 inside the gaseous stream by reacting CO2 or H2O 

respectively. The net reaction of RWGS and WGS is CO and H2O and H2 and CO2 

respectively. Both RWGS and WGS reaction takes place under ambient pressure and high 

temperature (600-800 K) [60]. The RWGS and WGS reactors for this research are modeled 

using R-Gibbs reactor by identifying the possible reaction yield as described in equation (35) 

and (36) below [75].  

 𝐶𝑂2 + 𝐻2 → 𝐶𝑂 + 𝐻2𝑂 (35) 

 𝐶𝑂 +  𝐻2𝑂 → 𝐶𝑂2 + 𝐻2 (36) 

For the purpose of simplification, RWGS or WGS reactor operates as such to minimize 

Gibbs energy, hence Gibbs reactor module within Aspen Plus® is used. The choice of using 

RWGS or WGS reactor depends on the condition of the recycled gas. If H2/CO is smaller 

than the desired value, then WGS reactor is applied with extra H2O feed input to boost up 

H2. When the ratio is bigger, RWGS reactor is applied to get rid of H2 from the system using 

extra feed of CO2. A constant reaction temperature of 630 K [76] is chosen and design 

specification within Aspen Plus® module is used to regulate the incoming CO2 or H2O 

(depending on the case) into the RWGS or WGS reactor. Recycled gas then is directed into 

the synthetic gas tank as the extra syngas input.  

3.5 Product Conversion Reactors Model Building: Methanol, 
Ethanol and Produt Separation Unit for Ethanol and 
Methanol 

3.5.1 Methanol Reactor Modeling 

Methanol reactor is modeled as an adiabatic plug-flow reactor which uses R-Plug module 

within Aspen Plus® under Cu based catalyst [18, 77]. The use of adiabatic operation mode 

is due to its simplicity and robustness [18] while governing chemical kinetic reactions are 

discussed by Bussche et.al. [77]. In his work, Bussche only used CO2 as the carbon source 

for methanol synthesis and WGS reaction as CO2 producer according to equation (37) and 

(38). 

 𝐶𝑂2 + 3𝐻2 ↔ 𝐶𝐻3𝑂𝐻 + 𝐻2𝑂 (37) 

 𝐶𝑂 +  𝐻2𝑂 ↔ 𝐶𝑂2 + 𝐻2 (38) 

In order to bring the reaction into R-Plug simulation environment within Aspen Plus®, 

LHHW kinetic type is used. According to Bussche et al. [77], the limitations of the reaction 
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kinetic are 15 to 51 bar for the pressure, 180 to 280oC for the temperature and H2/CO of 0 to 

4.1. LHHW kinetic reaction for Methanol synthesis is described in equation (39) and (40): 

 

𝑟𝑀𝑒𝑂ℎ =  𝑘𝑀𝑒𝑂𝐻

(𝑃𝐶𝑂𝑃𝐻2
) −  (1 𝐾𝑝 𝑀𝑒𝑂𝐻⁄ ) (𝑃𝐶𝐻3𝑂𝐻  𝑃𝐻2𝑂 𝑃𝐻2

2⁄ )

(1 + 𝐾𝑎 (𝑃𝐻2𝑂 𝑃𝐻2
⁄ ) + 𝐾𝑏√𝑃𝐻2

+ 𝐾𝑐 𝑃𝐻2𝑂)
3  

(39) 

 

𝑟𝑅𝑊𝐺𝑆 =  𝑘𝑅𝑊𝐺𝑆

(𝑃𝐶𝑂2
) −  (1 𝐾𝑝 𝑅𝑊𝐺𝑆⁄ ) (𝑃𝐶𝑂  𝑃𝐻2𝑂 𝑃𝐻2

 ⁄ )

(1 + 𝐾𝑎 (𝑃𝐻2𝑂 𝑃𝐻2
⁄ ) + 𝐾𝑏√𝑃𝐻2

+ 𝐾𝑐 𝑃𝐻2𝑂)
  

(40) 

where: 

 𝑟 is reaction rate ( 𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1) 

 𝑘𝑖 is kinetic factor   (𝑘𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1  𝑏𝑎𝑟−1) or (𝑘𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡

−1 𝑠−1  𝑏𝑎𝑟−2) 

 𝑃𝑖 is partial pressure of component i (bar) 

 𝐾𝑝𝑖 is equilibrium constant of component i (-) or (𝑏𝑎𝑟−2)  

 𝐾𝑎,𝑏,𝑐 
is adsorption constant of catalyst  (𝑏𝑎𝑟𝑛) 

According to LHHW model, the rate for reaction depends on 3 factors: 

 Driving force which is located as the numerator. It is a result of the difference 

between forward (left to right) and backward reaction with equilibrium constant. The 

first variable (before minus sign) is known as “driving force term 1” and after the 

minus sign is “driving force term 2”. Constant 1 𝐾𝑝,𝑖⁄  is known as driving constant 

coefficient. 

 Kinetic constant, 𝑘 where it takes into account activation energy. 

 Adsorption term which is located in the denominator. It describes the behaviour of 

the catalyst during adsorption phase. 

𝐾𝑖 is given in the form of power equation as such equation (41) [77]: 

 

 𝑘𝑖  𝑜𝑟 𝐾𝑖 =  𝐴𝑖
∗ · 𝑒

(
𝐵𝑖

∗

𝑅𝑇
)

  
(41) 

and the reaction constant values are given in Table 11. 

Table 11. Reaction Constant Values for Methanol Synthesis [77]. 

Variable Metric 𝑨𝒊
∗ 𝑩𝒊

∗ 

𝑘𝑀𝑒𝑂𝐻 𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1  𝑏𝑎𝑟−2 1.07 3696 

𝑘𝑅𝑊𝐺𝑆 𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1  𝑏𝑎𝑟−1 1.22 ·1010 -94765 

𝐾𝑎  - 3453.38 - 

𝐾𝑏 𝑏𝑎𝑟−0.5 0.499 17197 

𝐾𝑐 𝑏𝑎𝑟−1 6.62·10-11 124119 

The equilibrium constants based on partial pressure 𝐾𝑝 is taken from Graaf et.al. [78] and 

can be seen from equation (42) and (43): 

 
log 𝐾𝑝 𝑀𝑒𝑂𝐻 =  

3066

𝑇
− 10.592 (𝑏𝑎𝑟−2) 

(42) 
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 log 𝐾𝑝 𝑅𝑊𝐺𝑆 =  
−2073

𝑇
+ 2.029 (𝑃𝑎−1) 

(43) 

Kinetic model in Aspen Plus® uses Pa as the standard metric for the pressure and natural 

logarithmic to express equilibrium constant. Thus after converting to Pa it becomes: 

 
 𝐾𝑝 𝑀𝑒𝑂𝐻 = 10 (

3066
𝑇

−20.592)  
(44) 

 
 𝐾𝑝 𝑅𝑊𝐺𝑆 =  10(

−2073
𝑇

+2.029)  
(45) 

Converting into natural logarithmic, it becomes:  

 
 ln 𝐾𝑝 𝑀𝑒𝑂𝐻 =

7059.73

𝑇
− 47.415 

(46) 

 
 ln 𝐾𝑝 𝑅𝑊𝐺𝑆 =

−4773.259

𝑇
+ 4. 672 

(47) 

When inserting LHHW kinetic parameter into Aspen Plus®, adjustments must be made to 

the constants since Aspen Plus® has its own declaration for each parameter. The declaration 

of Aspen Plus® can be seen from equation (48) and (49).  

  𝑘𝑖 =  𝑘𝑖,𝐴𝑠𝑝𝑒𝑛 exp (
−𝐸𝐴,𝑖

𝑅𝑇
) 

(48) 

 
 ln 𝐾𝑖 =  𝐴𝐴𝑠𝑝𝑒𝑛,𝑖 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑖

𝑇
 

(49) 

Specifically for 𝐾𝑝 value, the value of 𝐾𝑖 must be 1 𝐾𝑝⁄ . Table 12 clearly tabulates the 

deviation of declaration in Aspen Plus® compared to Bussche et al. [77]. Consequently, 

constant values for each reaction component must be changed to accommodate the 

differences between Aspen Plus® format and Bussche et al. [77]. Table 13 shows the final 

input to Aspen Plus after adjusting all kinetic variables. 

R is taken to be 8.314 kJ kmol-1 K-1. The complete process scheme of methanol reactor is 

following [18], based on Luckling et al. personal correspondence with de Lathouder. The 

scheme consists of recycling of unreacted syngas back into the reactor to boost the methanol 

production. Unreacted syngas is separated using flash at 298 K and the remaining product is 

sent to separation unit. The illustrated scheme of complete Methanol Reactor is shown in 

Figure 21.  

The reactor is assumed to work using catalyst with perfect cylindrical shape. Density of 

catalyst is 1190 kg/m3 and void fraction of the bed is 0.285 [79]. The existence of purge gas 

is necessary to balance the system and to converge the simulation, otherwise the system will 

have unlimited size since unreacted compounds is accumulated. Other use of purge gas is to 

burn it since it is composed from H2 and CO and the heat can be used for other part in the 

system such as reboiler within methanol distillation column which is discussed further in 

chapter 3.5.3. For this research, pressure loss is neglected in methanol reactor. 

 

 

Table 12. Declaration Differences Between Bussche et.al. and Aspen plus®. 

Variable Declaration from [77] Declaration for Aspen Plus ® 
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𝑘𝑀𝑒𝑂𝐻 

𝑘𝑅𝑊𝐺𝑆 
 𝑘𝑖 =  𝐴𝑖

∗ exp (
𝐵𝑖

∗

𝑅𝑇
)  𝑘𝑖 =  𝑘𝑖,𝐴𝑠𝑝𝑒𝑛 exp (

−𝐸𝐴,𝑖

𝑅𝑇
) 

𝐾𝑎  
 𝐾𝑎 =  𝐴𝑎

∗ exp (
𝐵𝑖

∗

𝑅𝑇
) ln 𝐾𝑎 =  𝐴𝐴𝑠𝑝𝑒𝑛,𝑎 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑎

𝑇
 

𝐾𝑏 
 𝐾𝑏 =  𝐴𝑏

∗ exp (
𝐵𝑏

∗

𝑅𝑇
) ln 𝐾𝑏 =  𝐴𝐴𝑠𝑝𝑒𝑛,𝑏 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑏

𝑇
 

𝐾𝑐 
 𝐾𝑖 =  𝐴𝑖

∗ exp (
𝐵𝑖

∗

𝑅𝑇
) ln 𝐾𝑐 =  𝐴𝐴𝑠𝑝𝑒𝑛,𝑐 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑐

𝑇
 

𝐾𝑝 𝑀𝑒𝑂𝐻  ln 𝐾𝑝 𝑀𝑒𝑂𝐻 =
7059.73

𝑇
− 47.415 ln

1

𝐾𝑝𝑖
=  𝐴𝐴𝑠𝑝𝑒𝑛,𝑖 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑖

𝑇
 

𝐾𝑝 𝑅𝑊𝐺𝑆  ln 𝐾𝑝 𝑅𝑊𝐺𝑆 =
−4773.259

𝑇
+ 4. 672 ln

1

𝐾𝑝𝑖
=  𝐴𝐴𝑠𝑝𝑒𝑛,𝑖 +  

𝐵𝐴𝑠𝑝𝑒𝑛,𝑖

𝑇
 

 

Table 13. Input Values for Aspen Plus® LHHW input based on [77] and [78].  

Variable 𝒌𝒊,𝑨𝒔𝒑𝒆𝒏 𝑨𝒊
∗ 𝑩𝒊

∗ 

𝑘𝑀𝑒𝑂𝐻 1.07∙10-13 𝑘𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1  𝑃𝑎−2 - - 

𝑘𝑅𝑊𝐺𝑆 1.22∙102 𝑘𝑚𝑜𝑙 𝑘𝑔𝑐𝑎𝑡
−1 𝑠−1  𝑃𝑎−1 - - 

ln 𝐾𝑎  - 8.147 - 

ln 𝐾𝑏 - -6.4516 2068.44 

ln 𝐾𝑐 - 34.9512 14928.8 

ln (1 𝐾𝑝,𝑀𝑒𝑂ℎ)⁄  - 47.415 -7059.73 

ln (1 𝐾𝑝,𝑅𝑊𝐺𝑆)⁄  - -4.672 4773.26 

 

Figure 21. Complete Scheme of Methanol Reactor. 

3.5.2 Ethanol Reactor Modeling 

Ethanol reactor is modeled using Plug-flow reactor under isothermal condition [80]. A water 

cooling system is used in order to hold the temperature of reaction constant alongside the 

bed. The modeling of ethanol reactor follows the reaction kinetic which is developed by 

Portillo et al. [65]. The catalyst which is used is an alkali doped molybdenum (Mo) catalyst. 

Portillo et.al used the experiment data which he gained from a bench scale experiment to 

validate the reaction kinetic model. 
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According to Portillo et al., the kinetic of reaction for ethanol synthesis using syngas can be 

modeled as power law equation. The net reactions can be seen from equation (50) – (54) 

where only water gas shift reaction (equation (54)) can go both ways: 

 𝐶𝑂 + 2 𝐻2 →   𝐶𝐻3𝑂𝐻 (50) 

 𝐶𝐻3𝑂𝐻 +  𝐻2 →  𝐶𝐻4 +   𝐻2𝑂 (51) 

 𝐶𝐻3𝑂𝐻 + 𝐶𝑂 + 2𝐻2 →  𝐶2𝐻5𝑂𝐻 +   𝐻2𝑂 (52) 

 𝐶2𝐻5𝑂𝐻 + 𝐶𝑂 + 2𝐻2 →  𝐶3𝐻7𝑂𝐻 +  𝐻2𝑂 (53) 

 𝐶𝑂 + 𝐻2𝑂 ↔  𝐶𝑂 +   𝐻2 (54) 

For each reaction above, a power law kinetic is developed which can be seen below: 

 𝑟𝑀𝑒𝑂ℎ =  𝐴1 exp (
−𝐸𝑎1

𝑅𝑇
) 𝑃𝐶𝑂

𝐴 𝑃𝐻2

𝐵   (55) 

 𝑟𝐶𝐻4
=  𝐴2 exp (

−𝐸𝑎2

𝑅𝑇
) 𝑃𝐻2

𝐶 𝑃𝑀𝑒𝑂ℎ
𝐷   (56) 

 𝑟𝐸𝑡𝑂𝐻 =  𝐴3 exp (
−𝐸𝑎3

𝑅𝑇
) 𝑃𝐶𝑂

𝐸 𝑃𝐻2

𝐹 𝑃𝑀𝑒𝑂𝐻 

𝐺    (57) 

 
𝑟𝑃𝑟𝑂𝐻 =  𝐴4 exp (

−𝐸𝑎4

𝑅𝑇
) 𝑃𝐶𝑂

𝐻 𝑃𝐻2

𝐼 𝑃𝐸𝑡𝑂𝐻 

𝐽
 

  (58) 

 
𝑟𝐶𝑂2

=  𝐴5 exp (
−𝐸𝑎5

𝑅𝑇
) [𝑃𝐶𝑂 𝑃𝐻2𝑂 −  (𝑘𝑥 𝐾𝑊𝑆⁄ ) 𝑃𝐶𝑂2

𝑃𝐻2
] 

  (59) 

where 𝐴𝑖 is exponential factor, 𝐸𝑎𝑖
 is activation energy of specific reaction, A to J are the 

partial reaction orders, 𝑘𝑥 is non-ideality of gas, 𝐾𝑊𝑆 is equilibrium constant of the WGS 

reaction and 𝑝𝑖 is partial pressure of component i. The kinetic of WGS reaction for ethanol 

production has similar form with LHHW with adsorption term value as 1, and kinetic factor 

𝑘 as 𝐴5 exp (
−𝐸𝑎5

𝑅𝑇
)  and driving force constant 𝐾𝑝 as 𝑘𝑥/𝐾𝑊𝑆 Water gas shift equilibrium 

constant 𝐾𝑊𝑆  can be calculated using equation (60) and (61) [65]: 

 𝐾𝑊𝑆 = exp(−∆𝐺𝑊𝑆 (𝑅𝑇)⁄ )  (60) 

 ∆𝐺𝑊𝑆 (
𝑐𝑎𝑙

𝑚𝑜𝑙𝑒
) = −8514 + 7.71 𝑇 (𝐾) (61) 

All kinetic constants for ethanol synthesis are presented in Table 14 based on [65]. In order 

to be inputted into Aspen Plus® pressure unit must be converted from Bar to Pa and 

activation energy is converted to kJ/kmol. 

Table 14. Kinetic Constants for Ethanol Production [65]. Variable A metric depends on the kinetic 

expression (kmol/(kg·s·barΣ REACTION ORDER)).  

Reaction 𝑨 
Ea 

(kJ/mol) 

CO 

Order 

H2 

Order 

Methanol 

Order 

Ethanol 

Order 

Methanol 0.036 83.16 1.93 0.44 - - 

Ethanol 0.014 83.29 1.34 0.24 0.67 - 

Propanol 414.96 159.09 1.39 1.22 - 0.75 

Methane 3152.07 114.58 - 0.06 0.53 - 

CO2 10.65 57.18 - - - - 

In Aspen Plus®, LHHW driving force constant 𝐾𝑝 must be in natural logarithmic form, 
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 𝐾𝑝 = ln(𝑘𝑥 𝐾𝑊𝑆⁄ ) 
(62) 

Taking 𝑘𝑥 value as 0.85 [65], then: 

 ln 𝐾𝑝 = ln 0.85 − (− ∆𝐺𝑊𝑆 (𝑅𝑇)⁄  )  (63) 

 ln 𝐾𝑝 = ln 0.85 + (−8514 + 7.71 𝑇) (𝑅𝑇)⁄    (64) 

 ln 𝐾𝑝 = −0.1625 +
7.71

𝑅
 −

8514

𝑅𝑇
 

 (65) 

Taking 𝑅 value as 1.9872035 cal mol-1 K-1, then,  

 ln 𝐾𝑝 = 3.717324084 +
(− 4284.4127)

𝑇
   (66) 

Equation (66) is suitable to be inputted into Aspen Plus® LHHW kinetic equation. Summary 

for Aspen Plus® kinetic constant input for ethanol kinetic reaction can be seen in Table 15. 

During metric conversion for reaction CO2 (equation 59), reaction order is assumed to be 1 

to reduce complexity of the equation [65]. 

Table 15. Input Values for Ethanol Reactor into Aspen Plus® based on [65].   

Reaction 𝒌𝒊,𝑨𝒔𝒑𝒆𝒏 
Ea 

(kJ/kmol) 
Type 𝑨𝒊

∗ 𝑩𝒊
∗ 

Methanol 5.0851·10-15 83160 Power Law - - 

Ethanol 7.8727·10-14 83290 Power Law - - 

Propanol 6.57·10-15 159090 Power Law - - 

Methane 3.6366 114580 Power Law - - 

CO2 0.0001065 57180 LHHW 3.71732 -4284.41 

Ethanol reactor system comprises of the reactor, water chiller and water chiller before the 

PSU. In this research, pressure losses are neglected in ethanol reactor. Since there is scarce 

literature and best practice of plants dedicated to produce ethanol from syngas, it is assumed 

that ethanol reactor will operate using a catalyst with density of 1190 kg/m3 and bed voidage 

of 0.285 [79]. 

3.5.3 Modeling of Product Separation Unit for Ethanol and Methanol Reactor 

As it is required in syndiesel and syngasoline production plant, PSU for ethanol and 

methanol reactor are also needed. Within Aspen Plus® environment, PSU for both reactors 

is modelled using RadFrac module. RadFrac is a rigorous distillation column module to 

simulate fractional distillation. Three and two stages distillation column is used to maximize 

extraction rate of ethanol and methanol respectively. In methanol production, before coming 

into 1st distillation column, the mixture is flashed (see Figure 21). The first stage of 

distillation column is always to separate the unreacted gas from alcohol mixtures. For 

methanol reactor, the bottom stream is sent directly to the 2nd stage distillation unit for last 

extraction of methanol from mostly dirty water. On the other hand, in ethanol synthesis 

system, the bottom stream of the 1st distillation column is sent to molecular sieves to extract 

H2O completely from the mixture [81, 82]. After that, the remaining stream is sent to 2nd 

stage distillation to separate methanol and other gases. Ethanol and propanol then is 

separated from each other at 3rd stage distillation column.  
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Number of stage for each distillation column is obtained iteratively. In order to ease up the 

process, DSTWU distillation column is used to give a good initial guess for distillate to feed 

ratio, number of stages (NS) and reflux ratio (RR) variables before using RadFrac. It is found 

out that for the base case, 1st stage distillation both for ethanol and methanol reactor’s system 

has 7 and 5 stages respectively, 2nd stage distillation has 50 and 75 stages for ethanol and 

methanol reactor respectively and 3rd stage distillation for ethanol reactor system has 50 

stages. To refine the reflux ratio and distillate to feed ratio values within RadFrac module, 2 

design specifications within are used to regulate mole purity of distillate and bottom stream. 

The mole purity value for each stream is set to be 99.9%, thus ensuring the product to be 

nearly pure and minimizing product loses during separation process. The complete 

configuration of each stage distillation column both for ethanol and methanol reactor’s 

system can be seen on Table 16. 

Table 16. Base Case Distillation Column Configuration for Methanol and Ethanol Reactor System. Data is 

taken from Aspen Plus® simulation. 

 ER System MR System 

 NS DFR RR NS DFR RR 

1st Stage 7 0.806 0.178 5 0.022 1.28713 

2nd Stage 50 0.00253 133.82 75 0.7129 21.0018 

3rd Stage 50 0.8323 1.43917 - - - 

To satisfy the heating demand for each stage distillation column in methanol and ethanol 

reactor’s system, an immersed electrical heater unit with electrical to thermal efficiency of 

1 is installed [83]. A part of heating demand is covered by burning the purge gas (see chapter 

3.5.1) with an assumption of 0.6 thermal efficiency of the burner [84]. The offset of heating 

requirement is satisfied by electrical heater with the same 0.95 thermal efficiency. Cooling 

demand of distillation column is satisfied either by water cooled system or mechanical 

refrigeration device based on temperature the cooling needs to be delivered on. If the 

temperature of cooling must be less than 298 K, then mechanical refrigeration unit is used. 

3.6 Model Validation of Fischer-Tropsch, Ethanol and 
Methanol Reactor 

A validation of the proposed reactors is a necessary phase. A set of comparison between other 

works and aforementioned reactor models are presented. The input gas into the proposed models 

is the same as the input condition described in previous the works.  

 

FT reactor syngas input condition for validation follows Im-orb et al. [60]: 

 Reactor temperature will be 493 K with pressure of 20 bar. 

 The chain growth rate 𝛼 is 0.73. 

 H2/CO mole ratio is set to be 2.37. 
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(a) 

 
(b) 

Figure 22. (a) Mol Percentage Distribution from Proposed Model and (b) is from Im-Orb et.al. [60]. 

Comparison is done by comparing the mole distribution over C1-C30 in the product stream to the 

result obtained by Im-Orb et.al. as it is shown in Figure 22. It is clearly shown that the proposed 

FT reactor model yields the same result; therefore it is valid to be used.  

To validate methanol reactor, the concentration profiles of the proposed reactor model are 

compared with the result obtained in Bussche et.al. [77]. In his paper, Bussche plots concentration 

of CO, Methanol, CO2 and H2O as they teavel inside the reactor. The reactor is set to be a single 

tube adiabatic reactor [77]. The input gas condition is shown in Table 17 and the selected inert gas 

is N2.  

Table 17. Operation Condition to Validate Methanol Reactor According to [77, 79]. 

Operating Conditions for Validation of Methanol 

Reactor 

Reactor 

Diameter (m) 0.016 

Length(m) 0.15 

Operating conditions 

Temperature (K)  493,2 

Pressure (bar) 50 

Mass Flow of Input Gas (kg/s) 2.8·10-5 

Feed Composition 

CO (mol%) 4.00 

H2O (mol%) 0.00 

Methanol (mol%) 0.00 

H2 (mol%) 82.0 

CO2 (mol%) 3.00 

Inert (mol%) 11.0 

Catalyst 

Density (kg/m3) 1190 

Bed Void Fraction 0.285 

Taking the same input gas condition and by using sensitivity analysis tool within Aspen Plus®, 

the reactor length is varied and the observed gas e.g. CO. Methanol, CO2 and H2O are plotted as 

they travel inside the reactor. The comparison result can be seen on Figure 23. The proposed 

methanol reactor model behaves in a similar way with the model proposed by Bussche et.al [77], 

thus the proposed model is valid. 

Validating ethanol reactor is done by comparing the stream result with the experimental 

campaign’s result by Portillo et.al. [65]. In his research, Portillo used bench scale single tube plug 

flow reactor for the experiment under pressurized condition of 110 bar [80]. The temperature of 
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input gas is varied from 563-578 K. Input gas condition which was chosen for validating the model 

is listed on Table 18. 

 
(a) 

 
(b) 

Figure 23. (a).Mole Concentration Profile from Proposed Model and (b) Bussche et al. [77]. 

 

Table 18. Operation Condition for Validating Ethanol Reactor [65] and [79, 80]. 

Operating Conditions for Validation of Ethanol 

Reactor 

Reactor 

Diameter (m) 0.0083 

Length(m) 0.33 

Operating conditions 

Temperature (K)  563 

Pressure (bar) 110 

Feed Composition 

CO (mol/h) 2.38 

CH4 (mol/h) 0.00 

Methanol (mol/h) 0.00 

H2 (mol/h) 2.37 

CO2 (mol/h) 0.00 

Catalyst 

Bed Void Fraction 0.285 

Mass (g) 100 

 

Table 19. Mol Fraction Comparison Between Ethanol Reactor Model and Experimental Result [65, 80]. 

Component 
ER Model Mole 

Fraction (%) 

Experiment Mole 

Fraction (%) 

Absolute Error 

(%) 

CO 46.96420578 44.00749064 2.956715147 

H2 40.96390503 46.98033708 6.016432047 

Methanol 4.223048863 2.504681648 1.718367215 

Methane 1.407027721 1.006554307 0.400473414 

H2O 0.07759344 0.117041199 0.039447758 

Ethanol 2.25179268 1.732209738 0.519582942 

Propanol 0.173783442 0.140449438 0.033334004 

CO2 3.938643039 3.511235955 0.427407084 

Validation of ER then is carried by comparing the mole fraction of CO, H2, Methanol, CH4, H2O, 

Ethanol, Propanol and CO2 inside product stream from ethanol reactor model to experimental 

campaign by [80] as it can be seen in Table 19.  
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Table 19The result shows that the proposed model is capable to operate under kinetic condition. 

There are several errors present in the proposed ethanol reactor model as it is indicated in Table 

19. The proposed ethanol reactor model slightly under-predicts H2 and over-predicts propanol and 

methanol. However, the error pattern is consistent with what is found out from Portillo et.al. [80]. 

In his paper, Portillo et.al analyse that uncertainties in the measurement of propanol and H2 by gas 

chromatography is the culprit behind the error. Nevertheless, the error is relatively small thus, 

ethanol reactor can be considered to be valid. 
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4. CASES BUILDING, QUASI-STEADY STATE 
SIMULATION AND OPTIMUM OPERATING POINT  

This chapter describes how the cases are built in order to evaluate and compare the plants. This 

chapter also discusses on how to find the optimum operation of each production reactor. Finally, 

the algorithm of quasi-steady state simulation on MATLAB® environment is introduced. 

4.1 Cases Building  

In order to grasp the effect of several decisive parameters on the production costs, several cases 

are built (see Figure 24). Parameters which are evaluated are the conversion during oxidation 

process, STS heat exchanger efficiency, solar reactor thermal efficiency and sourcing of electricity 

supply. For the first 2 parameters, values are evaluated from 0.3-0.7 with step of 0.2 and 0.3-0.8 

with step of 0.1 for conversion value and STS efficiency respectively. Solar reactor thermal 

efficiency is varied starting from 0.85 to 0.95 with the step of 0.05 for all proposed plants. For 

every solar reactor’s thermal efficiency, the heliostat field is redesigned since the intercepted solar 

energy needed is different for each solar reactor’s thermal efficiency. Thus the hourly thermal 

energy coming into the reactor is re-calculated. 

 

Figure 24. Set of Cases Comprised of STS efficiency, Conversion and Solar Reactor Thermal Efficiency. 

To further understanding the economic viability of the plant, electricity sourcing for the plant is 

also evaluated. The base case scenario is that the plant is supplied solely by 3rd party CSP plant. 

Later, a mix between PV and CSP is evaluated where PV supplies during the day and CSP supplies 

during the night. The PV-CSP configuration is evaluated for all base and best case scenario (see 

Table 21). 
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Two metrics which are used to compare each case are the production cost in €/L which is calculated 

using annuity method [4] and overall thermal efficiency. All the component prices are calculated 

in respect of each sensitivity case (each case has different equipment’s capacity and thus different 

component’s price) and then updated to 2018 using CEPCI comparison factor [83] which is 

described further in chapter 5.3. The overall thermal efficiency is defined as the ratio between the 

energy contained within the fuels based on the lower heating value (LHV) divided by intercepted 

solar thermal energy and electricity consumption in MJth as it is described in equation (67). 

Electric to thermal energy efficiency for 3rd party CSP plant is assumed to be fixed at 0.4. 

 𝜂𝑡ℎ𝑒𝑟𝑚𝑎𝑙 =  
(𝐿𝐻𝑉𝑓𝑢𝑒𝑙 ∙ 𝑉𝑓𝑢𝑒𝑙,𝑎𝑛𝑛𝑢𝑚)

𝑀𝐽 

(𝐸𝑠𝑜𝑙𝑎𝑟,𝑎𝑛𝑛𝑢𝑚 + 𝐸𝑒𝑙𝑒𝑐𝑡𝑟𝑖𝑐𝑖𝑡𝑦,𝑎𝑛𝑛𝑢𝑚/0.4)
𝑀𝐽

   (67) 

 

The fuel’s LHV in MJ/L are listed on Table 20. 

Table 20. Syngasoline, Syndiesel, Methanol, Ethanol and Propanol. 

Fuel LHV (MJ/L) Reference 

Syngasoline 32 [41] 

Syndiesel 36 [41] 

Methanol 15.9 [17] 

Ethanol 21.1 [41] 

Propanol 21.4 [85] 

Summary of the cases which are built for this research can be found in Table 21. 

Table 21. Cases Summary. Solar Reactor’s thermal efficiency will be varied. 

Name Conversion STS 

Efficiency 

Electricity 

Source 

Solar Reactor 

Efficiency 

Base Case 0.3 0.3 CSP 0.85 

Best Case 0.7 0.8 CSP 0.85 

Base Case Mix 0.3 0.3 CSP-PV 0.85 

Best Case Mix 0.7 0.8 CSP-PV 0.85 

4.2 Quasi-steady State Simulation and Partial Load Operation 

As it has been mentioned previously (see chapter 3.1), there are adjustments to the plant size in 

order to achieve high capacity factor of 0.95 for the product conversion reactors (FT, methanol 

and ethanol reactors). On the other hand, syngas productions block needs to be enlarged in order 

to convert all of the captured solar heat into syngas. To know precisely the enlargement and 

contraction factor, quasi-steady state hourly simulation of the plant is proposed (see Figure 25). 

Basically, the algorithm calculates whether the reactors are able to operate under the current level 

of syngas stored inside the syngas tank. The algorithm also calculates the contraction factor for 

product conversion block downwards and enlargement factor for syngas production block with a 

premise that all the incoming solar energy must be utilized. 

4.2.1 Contraction Factor  

For the contraction factor, the H2 and CO mass flow specific (kg/s of CO or H2 per 353.2 

MWth) is obtained for each case from Aspen Plus® respective flow sheet. Thus it is assumed 

that the amount of syngas produced hourly is proportional to the specific values given a 
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fluctuation of hourly solar thermal energy received by the solar reactor. Equation (68) and 

(69) describes how to get the mass flow of the incoming syngas. 

 �̇�𝑠𝑦𝑛𝑔𝑎𝑠 (𝑡) = �̇�𝐻2 (𝑡) +  �̇�𝐶𝑂 (𝑡) (68) 

 �̇�𝑠𝑦𝑛𝑔𝑎𝑠 (𝑡) = 𝑄𝑚𝑢𝑙𝑡𝑖(𝑡)  ∙ 𝐻2𝑠𝑝𝑒𝑐  +   𝑄𝑚𝑢𝑙𝑡𝑖(𝑡) ∙ 𝐶𝑂𝑠𝑝𝑒𝑐 (69) 

where 𝑄𝑚𝑢𝑙𝑡𝑖(𝑡) are hourly net thermal powers coming into the reactor at time t which is the 

intercepted heat multiplied by solar reactor thermal efficiency for each respective case. In 

Aspen Plus®, the plant is designed to receive 353.2 MWth, thus the amount of syngas limit 

to the product conversion reactors in order for the product conversion reactor to operate 

under the design point condition (353.2 MWth) can be obtained from Aspen Plus® 

flowsheet.  

 

Figure 25. Syngas Tank Algorithm Flowchart. 

During a whole year operation, the fluctuation of syngas supply to the product conversion 

reactors is inevitable. A syngas tank is installed while the reactor’s capacity is reduced so 

that the production reactor can operate with capacity factor of 0.95. The syngas tank acts as 

a storage system which regulates the syngas feed into the product conversion reactor. In 

order to know the contraction factor, an hourly evaluation of syngas mass flow level inside 

the tank is performed. The algorithm for syngas tank is that syngas tank should release the 

amount of syngas at certain mass flow, X kg/s when it is available inside the tank. Otherwise, 

the incoming syngas is stored for the next hour operation and the product conversion reactor 

doesn’t operate. When evaluating syndiesel and syngasoline plant, the amount of syngas 
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coming into the syngas tank increases due to the presence of the recycled syngas. However, 

the increment only happens when FT reactor is operated. This happens due to the feed stream 

for WGS or RWGS reactor (recycling block) comes from the product of the FT reactor, thus 

if FT reactor stops working, there is no recycled syngas which can be processed by the 

recycling unit. The percentage of recycled syngas for each case is defined as the amount of 

recycled syngas in kg/s coming out from RWGS or WGS reactor at design point operation 

condition (taken from Aspen Plus®) divided by the mass flow in kg/s of the syngas stream 

coming out from the syngas compressor train at design point operation condition which can 

also be obtained directly from Aspen Plus®. While the value of the percentage of recycled 

syngas is constant, the mass flow of recycled syngas coming from RWGS or WGS reactor 

depends on the value of the mass flow coming out from the tank, in this case is X kg/s. In 

the end of 8760 hours, a summation of working hour of the product conversion reactor is 

calculated and when the value is less than 8351 hours (capacity factor of 0.95), the value of 

X is scaled down by dividing it with the contraction factor.  

For methanol and ethanol plant, since the recycled syngas is directly fed into the reactor 

without ever coming into the syngas tank, the logic which is applied is quite different from 

FT reactor. In Aspen Plus® environment, the amount of syngas sent to the methanol and 

ethanol reactor is already been divided by the contraction factor which is pre-calculated in 

MATLAB® by inputting the percentage of recycled syngas to be 0 (bear in mind that no 

recycled syngas is coming to the tank). 

Furthermore syngas tank dimension can be determined for each case by finding the biggest 

value of syngas mass ever stored in the syngas tank in one year operation and divide it by 

the density of syngas coming into the tank which can be found in Aspen Plus®. Even though 

fluctuation happens throughout the year, the density of syngas does not change during the 

operation time since the pressure and temperature of the syngas are maintained at the same 

level as FT reactor operating condition. 

4.2.2 Annual Yield 

Before going deeper into annual yield calculation, it is known that the plant produces O2 

with purity of 95% mole basis. It is assumed that the plant sells O2 at 300 bar, 298 K which 

comes out as a side product from ASU unit. Other side product which are sold are 

syngasoline for syndiesel plant, syndiesel for syngasoline plant, and propanol for ethanol 

plant. Since the process equipment starting from FT, ethanol and methanol reactor down to 

the product separation unit are shrinked due to contraction factor, the plants produce a 

constant amount of product each second they operate. Therefore, by knowing how many 

hours the plants operate, one can know the annual yield production of the plant. For 

syngasoline and syndiesel, the yield must be divided by the contraction factor since the 

production yield shown in Aspen Plus® is the production yield before divided by the 

contraction factor. For O2, the production rate is fluctuating, depending on how many 

thermal power is able to be delivered to the reactor. The proportional relation between 

reactor thermal power and 353.2 MWth is assumed to be implied for O2 production rate at 

each hour of operation.  

4.2.3 Enlargement Factor and Partial Load Operation 

As it has been discussed in the beginning of chapter 3, enlargement factor for syngas 

production block is needed in order to convert all the incoming solar thermal power into 

syngas. In order to get the enlargement factor, the hourly solar power delivered to the reactor 
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is divided by 353.2 MWth. The maximum value over the division results is the enlargement 

factor. Enlargement factor is implied only for the syngas production block which means that 

most of the time during the operational hour, the mechanical devices which are situated 

within the syngas production block (compressor, mechanical refrigeration unit and pump) 

operates in partial load condition. This consideration is very important since it affects the 

electrical consumption of the plant, overall plant efficiency and production cost.  

 

Figure 26. Compressor Partial Load Efficiency. 

Recreated from [86]. 

 

Figure 27. Pump Partial Load Efficiency. 

Recreated from [87]. 

 

Figure 28.  Pump Partial Load Efficiency. Recreated from [88]. 

Partial load efficiency for those 3 aforementioned mechanical devices can be seen from 

Figure 26, Figure 27 and Figure 28. Other component such as distillation unit, solar reactor, 

heater and pressure swing adsorption are assumed to be not affected by partial load condition 

thus the performance proportionally depends on the hourly amount of solar heat received by 

the solar reactor. The actual electrical consumption then is calculated using equation (70): 

  𝑃𝑒𝑙 =  
𝑃𝑓𝑢𝑙𝑙 𝑙𝑜𝑎𝑑

𝜂𝑖𝑠  ∙ 𝜂𝑚𝑒𝑐ℎ𝑎𝑛𝑖𝑐𝑎𝑙  ∙ 𝜂𝑝𝑎𝑟𝑡𝑖𝑎𝑙
 (70) 

4.3 Optimum Operation Point of Ethanol Reactor and Methanol 
Reactor for Each STS Efficiency Value  

There are several factors that can affect the reactor optimum condition which are diameter and 

reactor’s length, H2/CO mole ratio, pressure and temperature of reaction [18]. Due to the absence 
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of kinetic of reaction, FT reactor optimum operation condition is assumed to follow Table 8 which 

is according to [38]. 

4.3.1 Optimum Operation Point of Ethanol Reactor  

To evaluate the optimum condition of ethanol reactor, H2/CO is set to be 1 and operating 

pressure is kept constant at 110 bar following experimental campaign by Portillo et al. [80]. 

For each STS efficiency, temperature and diameter of the reactor are varied and the yield 

products (Ethanol and Propanol) are plotted. The conversion efficiency of solar reactor is 

not varied since it doesn’t change the amount of syngas produced by the system, thus the 

optimum point for ethanol reactor is evaluated on different STS efficiency values. The ratio 

of reactor’s length to diameter is 4 [89]. 

For the base case, at a very small reactor diameter, ethanol production is smaller compared 

to propanol on incremented temperature of reaction (see Figure 29). Since the goal is to 

produce ethanol, thus the optimum diameter is the smallest diameter needed to produce the 

biggest ethanol. Optimum temperature is defined as the temperature of reaction where 

ethanol production is at maximum point. After iterating the calculation for every STS 

efficiency case, the optimum operating condition of ethanol reactor is listed in Table 22 

below. 

Table 22. Ethanol Reactor Optimum Operation Condition for Each STS Efficiency Value. 

STS Efficiency Diameter (m) Temperature (K) H2/CO 

30% 3.5 563.15 1 

40% 3.5 563.15 1 

50% 4.5 563.15 1 

60% 4.5 563.15 1 

70% 4.5 563.15 1 

80% 5.0 563.15 1 

It can be seen from Table 22 that ethanol optimum point is mainly affected by the reactor 

diameter and the diameter increases as the STS efficiency value is incremented. This can 

happen due to the retention time inside the reactor must be kept at certain value. When bigger 

flow coming into the reactor and the diameter of reactor’s inlet is small, reactant has short 

period of time to react thus the yield is smaller. Enlarging reactor’s diameter to slow down 

the flow thus enabling the reactant to have longer reaction time is one way to overcome the 

issue.  
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Figure 29. Ethanol and Propanol Production for 30 Conversion and 30 STS Efficiency (Base Case). 

4.3.2 Optimum Operation Point of Methanol Reactor 

Looking at Table 17, it can be seen that H2/CO from Bussche et.al [77] is 82/4, thus the first 

optimum value to be investigated is the optimum ratio of H2 and CO. To do this, an 

optimization framework has been established (see Figure 30). 

 

Figure 30. Flow Chart of Finding Methanol Reactor Optimum Operating Condition. 

At first, 100 mol/s of reactant is set to enter the methanol reactor. During optimization 

process, the reactor pressure is kept constant at 50 bar (the limit of validity of kinetic 

equation according to Busshce et al. [77]). Such pressure is chosen since Bussche showed in 

his result that methanol concentration at the outlet of the reactor was increasing as the 

pressure became bigger [77]. Since the main objective is to produce methanol, then the 

bigger the pressure, the more favorable it is towards the production yield. The composition 

of inert (N2) is kept constant at 11% mole and CO/CO2 mole ratio is constant at 4/3, 
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following the value proposed by Bussche et.al [77]. Afterwards, the mol flow of incoming 

CO is varied which also means changing H2/CO mole ratio. After finding the optimum 

H2/CO ratio, the reactor’s diameter is varied to determine if the optimum H2/CO value is 

applicable for all methanol reactor’s diameter at a given temperature under different STS 

efficiency. Temperature of reaction is varied from 493.2 K to 550 K, following the maximum 

limit of the kinetic reaction’s validity [77] for each STS efficiency. Reactor’s diameter is 

varied from 0.5-6 meter with 0.5 meter incrementation and ratio of reactor’s length to 

diameter is 4 [89]. Based on the result, at all diameter values, the optimum value of H2/CO 

is constant at 3.588. Following that, for each STS efficiency case, given the incoming syngas, 

the reactor’s diameter and temperature are varied to find the optimum operating condition 

while keeping the N2 mole% constant at 11%, CO/CO2 to be 4/3 and H2/CO is 3.588. 

 

Figure 31. Production of Methanol (mol/s) over 

Varied Temperature and Diameter 30% STS 

Efficiency. 

 

Figure 32. Production of Methanol (mol/s) over 

Varied Temperature and Diameter 80% STS 

Efficiency. 

Figure 31 and Figure 32 show that temperature plays a big role in methanol yield of the 

reactor whereas it shows that the increment of temperature doesn’t offer a good productivity 

of the reactor. This is consistent to Ghasemzadeh et al. [90] where in his book, he mentioned 

that after reaching equilibrium state, an increment temperature decreases methanol 

production. Consequently, it can be said that with a fix H2/CO mole ratio of 3.588 and 

pressure of 50 bar, the equilibrium temperature is 493.2 K. 

Table 23. Optimum Methanol Reactor Operation Condition at Each STS Efficiency Value. 

STS Efficiency Diameter (m) Temperature (K) H2/CO 

30% 1.5 493.2 3.588 

40% 1.5 493.2 3.588 

50% 1.5 493.2 3.588 

60% 1.5 493.2 3.588 

70% 1.5 493.2 3.588 

80% 2.0 493.2 3.588 

For the base case, it is found out that reactor’s diameter of 1.5 meter yields the biggest 

methanol and it stays the same until STS 70%. But as the STS efficiency reaches 80%, the 

diameter of reactor must be bigger to maintain the retention time. That can be seen from 

Figure 32 where the methanol production increases when diameter of the reactor is 

incremented from 1.5 to 2 m. All in all, the optimum operating condition of MR can be seen 

from Table 23. 
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5. ECONOMIC EVALUATION OF THE PLANT 

This chapter describes the economic calculation method and metrics which are used to evaluate 

the plants. Justification of economic assumption is also presented here. This chapter also describes 

the method which is used to find equipment’s price. 

5.1 General Assumptions for Economic Evaluation  

It is important to discuss about the general economic assumption of the plant. The general 

assumptions of the economic evaluation of the plant are listed in Table 24. USD to € conversion 

rate is chosen based on historical data from 2008-2018 [91]. Based on the data, for the past 10 

years, the USD to € rate is 0.788 in average with 0.082 standard deviation, hence 0.8 is chosen as 

the conversion rate. Interest rate is set to be fix at 6% based on the previous research on solar 

thermochemical plant by Graf et al. [4] which is slightly lower than [92] but still makes sense. 

Both for PV and CSP electricity cost are constant throughout plant’s lifetime. 

Table 24. General Economic Assumptions of the Plant. Prices have been converted to € from USD with 

aforementioned conversion rate of 0.8. 

Assumptions Description 

Interest Rate (𝑖𝑟) 6% [4] 

Life time of plants (𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒) 25 years 

Tax 0% 

Gasoline Price (no tax) 0.83 €/L [93] 

Diesel Price (no tax) 0.75 €/L [94] 

Ethanol Price 2018 0.2955 €/L [95] 

Methanol Price 2018 0.31 €/L [96] 

Propanol Price 2018 0.4992 [97] 

O2 production cost 0.15 €/L  [78] 

USD to € conversion rate 0.8 [98] 

CeO2 price 2018 5.6 €/kg [99] 

Molybdenum cost for ER 20.8 €/ kg [99]  

Copper cost for MR 0.56688 €/kg [99] 

FTR O&M cost 20 €/mfuels³ [6] 

CSP Electricity cost 0.12 €/kWh [100] 

PV Electricity cost 0.08 €/kWh [101] 

Land Price 800 000 €/km2 [100] 

Taking current market price for diesel and gasoline in Germany as 1.2 €/L and 1.47 €/L 

respectively [93, 94] and keeping in mind that the fuel tax in Germany are 0.45 €/L and 0.64 €/L 

for diesel and gasoline respectively [102], the selling price for diesel is 0.75 €/L and for gasoline 

is 0.83 €/L. For ethanol, methanol and propanol the current market price are at 0.2955 €/L [95], 

0.31 €/L [96] and 0.4992 €/L [97, 103] respectively. The price of O2 is 0.15 €/m3 which is taken 

from previous research in economic assessment of H2 production using renewable energy source 

[4]. The O&M for FT reactor is based on the productivity of the respective plants [6]. On the other 

hand, ethanol and methanol reactor’s O&M are based on catalyst cost per kg multiplied by the 

result of multiplication of the reactor’s volume and catalyst density (kg/m3). Ethanol and methanol 

reactor are assumed to be a single tube plug-flow reactor thus the tube’s volume formula is used. 
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5.2 Annuity Method and TCI Calculation 

The main focus in economic calculation is total capital investment (TCI) which includes bare 

module cost (TBM), contingency and auxiliary facility. Auxiliary facility covers piping lines, 

piping connectors (T-connector, flange, valve etc.) and plant control system [83]. 

Contingency fee is taken to be 18% of TBM and auxiliary facility is taken as 15% of the summation 

of TBM and contingency [83]. Fifteen percent is chosen for auxiliary facility instead of 30% as it 

is indicated by Ullrich et al. [83] because TBM’s calculation already includes water treatment 

facility, CO2 capture facility and H2O desalination plant costs. Thus TCI will be: 

 𝑇𝐶𝐼2018 = 1.18 · 𝑇𝐵𝑀2018 + 0.15 · (1.18 · 𝑇𝐵𝑀2018) (71) 

To find the production cost annuity method is used. Annuity method converts series of cash flow 

over plant life time operation into an equivalent annual value [4]. For each year of operation, cash 

flow is pulled back to the base year and converted into present value (PV2018). During the pulling 

process, the time value of the money which depends on the interest rate and which year the cash 

flow occurs is calculated. Present value is the summation value of TCI and net cash flow at the 

present time over the life time of the plant. 

 
𝑃𝑉2018 = 𝑇𝐶𝐼2018 + ∑

(𝑂&𝑀𝑛) − 𝑅𝑛

(1 + 𝑖𝑟)𝑛

𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒

𝑛=1

 
(72) 

where: 

 𝑖𝑟 is interest rate  

 𝑛 is year on which the cash flow occurs 

 𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒 is the lifetime of the proposed plant 

 𝑅𝑛 is plant side income from side product (if any) at year n 

 𝑂&𝑀𝑛 is the operation and maintenance cost at year n 

Now, the 𝑃𝑉2018 has taken into account all the possible cash flow over 𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒. Since the plant’s 

yield is yearly basis, thus the PV2018 must be brought into annual basis. The multiplication of 

PV2018 with annuity factor spreads the value into yearly cash flow over 𝑛𝑙𝑖𝑓𝑒𝑡𝑖𝑚𝑒. Annuity factor 

can be calculated according to equation (73) [4]. 

 𝐴𝐹 =  (1 + 𝑖𝑟)𝑛 ·  
𝑖𝑟

(1 + 𝑖𝑟)𝑛 − 1
 (73) 

Finally, the FPC can be calculated according to equation (74) [4]. 

 𝐹𝑃𝐶 =
𝑃𝑉2018 ∙𝐴𝐹

𝑉𝑎𝑛𝑛𝑢𝑚.𝑚𝑎𝑖𝑛 𝑓𝑢𝑒𝑙
  (€/L) (74) 

Notice the subscript “annum, main fuel” which indicates that only the main product is taken into 

account when calculating FPC. If the plant produces more than 1 product, then side product can 

be sold and becomes side income 𝑅𝑛 which contributes towards the annual cash flow. 



67 

5.3 Cost Calculation for Every Equipment 

All the component costs are calculated in respect of each sensitivity case (each case has different 

equipment capacity and thus different component’s costs) and then updated to 2018 using CEPCI 

comparison factor [83]. The CEPCI index is the cost comparison which has proportional relation 

with the cost from the past (see equation 75).  

  𝐶𝑏,𝑚 2018 =  𝐶𝑏,𝑚 𝑦𝑒𝑎𝑟 𝑋  
𝐶𝐸𝑃𝐶𝐼2018 

𝐶𝐸𝑃𝐶𝐼𝑦𝑒𝑎𝑟 𝑋 
 (75) 

𝐶𝑏,𝑚 is the module cost which already considers the material price. For every price calculation, the 

exchange rate factor from USD to € is set to be fixed at 0.8. Unless it is described, all the plant 

equipment’s costs are based on 2004 [83]. The appropriate CEPCI value for respective year can 

be seen on Table 25. 

Table 25. CEPCI values [83], [104]. 

Year CEPCI 

2004 400 

2010 550.8 

2015 556.8 

2018 567.5 

For equipment which is listed in Ullrich et al. [83], equation (76) is used to determine the cost 𝐶𝑏,𝑚 

(USD2004). 

 𝐶𝑏,𝑚,𝑈𝑆𝐷 2004 =  𝐶𝑏  ∙ 𝑄𝑢𝑎𝑛𝑡𝑖𝑡𝑦 ∙  𝐹𝑏,𝑚 (76) 

where  𝐹𝑏,𝑚 is material cost factor and 𝐶𝑏 is bare cost module. After the material has been chosen, 

the material multiplication factor 𝐹𝑚 is able to be determined from Ullrich et al. [83]. Combining 

𝐹𝑚 with pressure factor 𝐹𝑝, the complete factor of  𝐹𝑏,𝑚then is determined:  

  𝐹𝑏,𝑚 =  𝑓(𝐹𝑚, 𝐹𝑝) (77) 

𝐹𝑏,𝑚 and 𝐶𝑏 behave differently for specific type of equipment, thus a thorough calculation is 

necessary to be done. Another important point is to implement the enlargement factor which is 

discussed in chapter 4.2.3 when calculating equipment’s costs which are located within syngas 

production block. Those are the equipment from ASU, all mechanical devices and heat exchangers 

located before the product conversion reactors. From the CST’s equipment, solar reactor cost is 

subjected to the enlargement factor. 

5.3.1 Heliostat Field, Land and Tower Price 

Throughout many developments and projects all around the world, CSP tower system has 

already reached a commercial maturity [6]. However, the price of heliostat components in a 

CSP plant is varied which means a rigid optimized size is still under research phase. The 

mirror which is used in the heliostat calculation is SANLUCAR [6, 67] mirror and the price 

per m2 of commercial mirror is found to be around 75 – 125 USD2015 [105]. For this research, 

103 USD2015 is used for further calculation.  

 

The tower investment cost is taken to be 20 €2015/kWth [6]. For the land cost, the amount of 

land which is needed is assumed to be circular. The radius which is taken into the calculation 
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is the maximum radius among the sub-fields. Furthermore, the price of the land is 1 million 

USD2018/km2 [100] or 800 000 €/km² after multiply it by the exchange rate. 

5.3.2 Solar Reactor Price 

For the study, the solar reactor price is taken from previous reactor research [6] which states 

that the price is 17.8 €2015 per kWth received by the reactor. Since 353.2 MWth is chosen as 

the amount of solar energy coming into the reactor during the design point condition 

operation, the price for solar reactor can be calculated. It is important to notice that the 

reactant cost is substracted from the price and is added later as part of operation and 

maintenance expense which is discussed further in chapter 5.4.3. 

 

The price of the ceria is always fluctuating throughout the time. For the cost calculation, the 

price for ceria is taken to be 7 USD/kg as per of 9 May 2018 [106]. The estimation of ceria 

price however will always depends on the bussiness strategy and decision made by Chinese 

company who at the moment, is the biggest player in the industry [6]. Since ceria is reusable, 

ideally there is no need of substitution. However, degradation may occur and it is assumed 

that every year, new fresh ceria is loaded into the reactor during the shut down hours.  

5.3.3 Heat Exchanger and Electric Heater Costs 

Both heat exchanger and electric heater costs are taken from Ullrich et al. [83] where all the 

prices are based in 2004. The material type of the heat exchanger is also taken into account 

during cost estimation and is selected based on the highest temperature where the heat 

exchanger is operating in [46]. For heat exchanger cost estimation, not only the material type 

selection but also the unit quantity is taken into account. It is assumed that a shell and tube 

(S&T) heat exchanger with packed tube sheet is chosen as the type of heat exchanger for the 

plant. One unit of the specific type of S&T has maximum 1000 m2 surface area circulating 

in the market [83], thus during the cost estimation, the maximum heat exchanger surface 

area is 1000 m2. If the required area is bigger, then the quantitiy of the heat exchanger is 

incremented. The cost of the specific heat exchanger is a function of the surface area, unit 

quantity and material selection where the surface area can be calculated using LMTD method 

as it is shown in equation (78):  

 

 
𝐴 =  

�̇�

𝑈 ∙  𝐿𝑀𝑇𝐷
 

(78) 

 

where 𝐴 is heat exchanger surface in m2, �̇� is heat duty in kWth, 𝑈 is heat transfer coefficient 

in kW m-2 K-1, and LMTD is logarithmic mean temperature different in K. Estimation of the 

heat transfer coefficient depends on the material flow of the hot and cold stream where the 

value is taken from a table in Ullrich et.al [83] and is listed in Table 26. 

 

Table 26. U Value for Each Heat Exchanger [83]. 

  Name Location Hot Side Cold 

Side 

U Value (W m-2 

K-1) 

1 Recuperator at H2 

Production Line 

Solar Reactor H2/H2O H2O 120 ∙ 2.5𝑋𝐻2  

2 Recuperator at CO 

Production Line 

Solar Reactor CO2/CO CO2 130 − 160 

3 Recycled Gas 

Recuperator for H2 

Solar Reactor O2/N2 H2O 100 − 130 
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4 Recycled Gas 

Recuperator for CO 

Solar Reactor O2/N2 CO2 90 ∙ 𝑃0.5 

5 ASU Recuperator 

for N2 

ASU O2/N2 N2 40 ∙ 𝑃0.5 

6 Water Cooler Syngas 

Compressor 

CO/H2 H2O 110 ∙ 2.5𝑋𝐻2  

7 Water Cooler Hydrocracker 

Compressor 

H2 H2O 110 ∙ 2.5𝑋𝐻2  

8 FT Reactor’s Water 

cooler 

FT and FT-

PSU 

Hydrocarbon H2O 500 − 600 

9 Ethanol/ Methanol 

Reactor’s Water 

Cooler 

Ethanol/ 

Metahnol 

Reactors 

Mixture of 

Gas 

H2O 110 ∙ 2.5𝑋𝐻2  

10 Ethanol/ Methanol  

PSU Water Cooler 

PSU for 

Ethanol and 

Methanol 

Alcohol 

Mixture 

H2O 600 − 700 

 

𝑃 is the working pressure of heat exchanger which is 1 bar except for water intercoolers 

which is 1.1 bar and 𝑋𝐻2
 is molar fraction of H2 within the stream. For FT, methanol and 

ethanol reactor’s water cooler, since H2 concentration changes along the reactor, 𝑋𝐻2 is taken 

at the inlet condition. Notice there is a difference in term of equation between item no. 1 and 

7 or 8 even though the cold side materials are the same. This happens due to that in item 

no.1, water is expected to boil and undergoes a phase change phenomena thus the U value is 

different. 

 

When surface area of one heat exchanger is found, then one should take into account the 

highest working temperature in the heat exchanger in order to select the material type. For 

this study, the limit point of material for heat exchanger is the melting point of the metal 

[46]. The working pressure for every heat exchanger is at 1 bar is thus 𝐹𝑝 can be taken as 1. 

Even though the highest working pressure for every water intercoolers (see chapter 3.1) is 

1.1 bar, but the effect of 0.1 bar to 𝐹𝑝 value is negligible. Table 27 shows the list of material 

and 𝐹𝑚 values for each heat exchanger. 

The bare cost for heat exchanger follows equation (79) [83]: 

 𝐶𝑏,𝐻𝐸𝑋,2004 =  10(0.131 ∙( log( �̇�𝐻𝐸𝑋))2+0.057∙𝑙𝑜𝑔(�̇�𝐻𝐸𝑋)+3.5087) 
(79) 

�̇�𝐻𝐸𝑋 is heat exchanger duty in kWth. The estimation of electrical heater cost is rather 

straight forward compared to heat exchanger. Heater is used in RWGS or WGS reactor 

system and distillation column to provide heat for reboiling. Both of the processes have 

moderate temperature 620 K for R/WGS reactor and around 300-350 K for distillation 

column. Since the temperature for both cases are not critical, a copper based electrical heater 

is chosen which yield  𝐹𝑚 of 1. The pressure factor 𝐹𝑝 is also 1 since the heater is operating 

under ambient pressure. In order to minimize the heat losses to surroundings, an immersed 

electrical heater type is chosen and thus the  𝐹𝑏,𝑚 follows the curve which belongs to 

immersed electrical heater and can be found in [83]. The bare cost for electrical heater also 

follows equation (80) [83]: 

 

 𝐶𝑏,ℎ𝑒𝑎𝑡𝑒𝑟,2004 =  10(0.228 ∙ log(�̇�ℎ𝑒𝑎𝑡𝑒𝑟)2+0.638∙𝑙𝑜𝑔(�̇�ℎ𝑒𝑎𝑡𝑒𝑟)+2.8065)  (80) 

where �̇�ℎ𝑒𝑎𝑡𝑒𝑟 is the electrical heater duty in kWth. 
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Table 27. 𝐹𝑚 Value Over each Heat Exchanger. 

No Name Location 𝑭𝒎 Material 

1 Recuperator at H2 

Production Line 

Solar Reactor 3.8 Nickel for Shell, Nickel for 

Tube 

2 Recuperator at CO 

Production Line 

Solar Reactor 3.8 Nickel for Shell, Nickel for 

Tube 

3 Recycled Gas 

Recuperator for H2 

Solar Reactor 3.8 Nickel for Shell, Nickel for 

Tube 

4 Recycled Gas 

Recuperator for CO 

Solar Reactor 3.8 Nickel for Shell, Nickel for 

Tube 

5 ASU Recuperator 

for N2 

ASU 3 Stainless steel for Shell, 

Stainless Steel for Tube 

6 Water Cooler Syngas 

Compressor 

3 Stainless steel for Shell, 

Stainless Steel for Tube 

7 Water Cooler Hydrocracker 

Compressor 

1 Carbon steel for Shell, Carbon 

Steel for Tube 

8 FT Reactor’s Water 

cooler 

FT and FT-

PSU 

1 Carbon steel for Shell, Carbon 

Steel for Tube 

9 Ethanol/ Methanol 

Reactor’s Water 

Cooler 

Ethanol/ 

Metahnol 

Reactors 

1 Carbon steel for Shell, Carbon 

Steel for Tube 

10 Ethanol/ Methanol  

PSU Water Cooler 

PSU for 

Ethanol and 

Methanol 

1 Carbon steel for Shell, Carbon 

Steel for Tube 

5.3.4 Motionless Mixer and Storage Tank Costs 

Mixer is a mechanical device which is used to mix 2 or more streams into one well-unifrom 

mixed stream. A motionless mixture is chosen due to its low price, low maintenance and 

almost none operating cost [83]. It is suitable for gas-gas or viscous fluid mixing. Physically, 

it is constructed by twisted metal ribbons which is inserted inside a pipe line. The twisted 

pattern of the ribbon ensures that the resulting stream is well and uniformly mixed. A 

motionless mixer bare module cost is a function of mixer diameter and for the calculation, it 

is treated as a flow inside a pipe where the fluid velocity is 2 m/s and 30 m/s for liquid and 

gas mixing respectively [68]. Equation (81) based on mass balance is used to calculate the 

diameter: 

 

 

𝑑𝑚𝑖𝑥𝑒𝑟 =  √
4 ∙  �̇�𝑜𝑢𝑡𝑙𝑒𝑡

𝜋 ∙ 𝜌𝑜𝑢𝑡𝑙𝑒𝑡 ∙ �̅�
 

(81) 

 

where �̅� is flow velocity inside the pipe in m/s, 𝑑𝑚𝑖𝑥𝑒𝑟 is diameter in m, and subscript outlet 

means condition at the outlet of the mixer which can be found from Aspen Plus® process 

flow sheet. 

 

The material for all mixers in the plant is chosen to be carbon steel since majority of the 

mixers are operated not in extreme temperature, except a mixer used for collecting the hot 

recycled sweep gas from the solar reactor which is made out of nickel aloy. For carbon steel 

motionless mixture  𝐹𝑏,𝑚 is 1.5 and 6.9 for nickel alloy motionless mixture which are based 

on Ullrich et al. [83]. The bare module cost for mixer can be calculated using equation (82) 

[83]: 
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 𝐶𝑏,𝑚𝑖𝑥𝑒𝑟,2004 =  10(1.4095 ∙log(𝑑𝑚𝑖𝑥𝑒𝑟) +4.5821)  (82) 

5.3.5 Compressor and Pump Costs 

Axial compressor is chosen to serve the plant. Since compressor working temperature is not 

extreme within the flow sheet, the material which is used for the compressor is carbon steel 

which has  𝐹𝑏,𝑚 of 3.5 for axial compressor. The total bare module cost for the axial 

compressor can be found using equation (83) [83]: 

 𝐶𝑏,𝑐𝑜𝑚𝑝,2004 =  10(0.911 ∙log(𝑃𝑐𝑜𝑚𝑝,𝑠ℎ𝑎𝑓𝑡) +3.1434) 
(83) 

 

where variable with subscript “shaft” word means shaft power of the equipment in kW. On 

the other hand, centrifugal pump is chosen for the process flowsheet due to its high tolerance 

towards deep partial load operation. Material for the pump is set to be cast iron since no 

pump is situated to serve under extreme temperature condition. The cast iron 𝐹𝑚 value for 

centrifugal pump is found out to be 1 while [83]. The bare module cost for the pump is 

following equation (84) [83]: 

 

 

𝐶𝑏,𝑝𝑢𝑚𝑝,2004 =  10
(

0.013 ∙log(𝑃𝑝𝑢𝑚𝑝,𝑠ℎ𝑎𝑓𝑡) 3+0.0295 ∙  log(𝑃𝑝𝑢𝑚𝑝,𝑠ℎ𝑎𝑓𝑡) 2+

0.3018 ∙log(𝑃𝑝𝑢𝑚𝑝,𝑠ℎ𝑎𝑓𝑡)+3.6
)

  

(84) 

5.3.6 RWGS, WGS, FT, Methanol, Ethanol and Hydrocracker Reactor Costs 

FT, ethanol and methanol reactor’s total cost depends on the reactor volume 𝑉𝑅 in m3 which 

has been discussed in chapter 3.1.2. The cost equation for the reactors is based from a curve 

for CSTR reactor with stainless steel as the material type explained by Peters et al. [68]. This 

means that the cost is already taken pressure and material factor into the value, thus: 

 

 𝐶𝑏,𝑚,𝐸𝑅−𝐹𝑇𝑅−𝑀𝑅,2004 =  10(0.5094 ∙ log(𝑉𝑅) +4.6021)  (85) 

Stainless steel is chosen to protect the reactor from corrosion phenomena and stainless steel 

is the cheapest non-corroding metal available among the list. 

 

A non linear enlargement correlation [83] is used to calculate hydrocracker price. It 

compares the product mass flow (kg/s) of the propopsed hydrocracker model with the 

previous research [75]. Equation (86) is used for the price calculation: 

 

 𝐶𝑏,𝑚,𝑐𝑟𝑎𝑐𝑘𝑒𝑟,2004 =  5.444645 ∙ 106  ∙  (
�̇�𝑐𝑟𝑎𝑐𝑘𝑒𝑟,𝑜𝑢𝑡

0.55
)

𝑎

  
(86) 

 

while 𝑎 is chosen to be 0.6 as to follow the golden ”six-tenth-rule” [83]. �̇�𝑐𝑟𝑎𝑐𝑘𝑒𝑟,𝑜𝑢𝑡 is the 

mass flow (kg/s) of the product within Aspen Plus® which differs for each case and can be 

found in Aspen Plus® flow sheet. 

5.3.7 Flash and Distillation Column costs 

Separation units which are used to separate gas from liquid stream are drum and distillation 

collumn. The difference in price calculation method for distilaltion collumn is that the 

distillation collumn has certain stages stacked up. Hence, when one knows the size of one 
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stage, the price is just simply a function of the column height which is the multiplication of 

the number of stage with the height of one stage. 

Bare cost for drum is a function of drum’s height. To find the height of the drum, the diameter 

must be calculated prior. Since gas is the component which takes the most of the space inside 

the drum, then drum diameter uses a continuity principle inside a pipe [83]. Assuming 

cylindrical drum, drum’s diameter can be calculated using equation (87) [83]: 

 

𝑑𝑑𝑟𝑢𝑚 =  √
4 ∙  �̇�𝑔𝑎𝑠

𝜋 ∙ 𝜌𝑔𝑎𝑠 ∙  �̅�𝑝𝑠𝑒𝑢𝑑𝑜,𝑔𝑎𝑠

 

(87) 

where subscript gas means property of the gas inside the stream which is coming into the 

drum. To find the pseudo velocity of the gas �̅�𝑝𝑠𝑒𝑢𝑑𝑜,𝑔𝑎𝑠 a Souders-Brown equation is used 

according to equation (88) [83]: 

 
�̅�𝑝𝑠𝑒𝑢𝑑𝑜,𝑔𝑎𝑠 =  0.10 ∙  (

𝜌𝑙𝑖𝑞𝑢𝑖𝑑 − 𝜌𝑔𝑎𝑠

𝜌𝑔𝑎𝑠
)

1/2

 
(88) 

A ratio of height ℎ𝑑𝑟𝑢𝑚  to diameter of 3 is taken since the operating pressure of all drums 

within all proposed plants is 0 barg [83]. Carbon steel is chosen as drum material since the 

working temperature is not critical which yields 𝐹𝑚 as 1. Since all of drums are operating at 

0 barg, 𝐹𝑝 is taken as 1. The combination of those 2 variables leads to 𝐹𝑏,𝑚 value of 3. The 

bare cost module of drum can be calculated using equation (89) [83]: 

 
𝐶𝑏,𝑚,𝑑𝑟𝑢𝑚,2004 =  10

(
27.778 ∙log(ℎ𝑑𝑟𝑢𝑚) 3−527.78 ∙  log(ℎ𝑑𝑟𝑢𝑚) 2+

4111.1 ∙log(ℎ𝑑𝑟𝑢𝑚)−3333.3
)
  

(89) 

The method to calculate the  �̅�𝑝𝑠𝑒𝑢𝑑𝑜,𝑔𝑎𝑠 and 𝑑𝑑𝑟𝑢𝑚 for distillation column is the same as 

the one used for drum. But, to estimate the height of one distillation stage, the correlation in 

Ullrich et.al. [83] is used. 

 ℎ𝑠𝑡𝑎𝑔𝑒 =  0.5 ·  𝑑𝑑𝑟𝑢𝑚
3  

 (90) 

Multiplying  ℎ𝑠𝑡𝑎𝑔𝑒  with number of stage for each distillation column from Aspen Plus® 

simulation (see chapter 3.5.3), the total height of the column can be calculated. The formula 

to calculate the 𝐶𝑏,𝑚,𝑐𝑜𝑙𝑢𝑚𝑛,2004 is similar with equation (89) with substitution of variable 

ℎ𝑑𝑟𝑢𝑚 with ℎ𝑠𝑡𝑎𝑔𝑒  times number of stage. 

5.3.8 Water Treatment Facility Costs 

There are two types of water treatment needed in order to operate the plant. The first type is 

a water desalination unit to purify the incoming water for oxidation step. Reverse osmosis 

system is known to have specific electrical energy consumption of 0.4 - 7 kWh/m3 and the 

investment cost for the plant is 0.5 €/m3 of yearly desalinated water [107]. 

The second water treatment type is the waste water purification plant for waste water coming 

out from the production plant which contains organic material such as wax and alcohols from 

methanol and ethanol plant. In order to treat the contaminants within the stream, a tertiary 

water treatment plants is chosen based on [83]. Tertiary plants includes filtration, sludge 
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treatment and chemical processing to remove inorganic material out of the water stream. The 

cost of waste water purification plant depends on the debit of incoming waste water in m3/s. 

The total module cost for water treatment plant then follows equation (91) [83]: 

 𝐶𝑏,𝑚,𝑤𝑎𝑡𝑒𝑟 𝑡𝑟𝑒𝑎𝑡𝑚𝑒𝑛𝑡,2004 =  10(0.6419 ∙ log(�̇�𝑤𝑎𝑠𝑡𝑒𝑤𝑎𝑡𝑒𝑟) +7.4771)  (91) 

5.3.9 Air Separation Unit Cost 

Air separation unit (ASU) plays a pivotal role in the plant by providing nearly pure N2. Since 

it is located within syngas production block, partial operation can’t be avoided when 

calculating ASU capacity. A base price for ASU is set to be 36.8 million €2010 with nominal 

capacity of producing average 76.6 ton of pure N2 per hour [108]. For the studied plant, the 

overall N2 produced over the year after taking account the partial operation is calculated 

prior by operating quasi-steady state calculation algorithm. It is assumed that within ASU 

system, only compressors are subjected to partial load efficiency while the rest of the 

equipment operates ideally, which means the N2 output at certain time is proportional with 

the incoming solar thermal heat to the solar reactor. After the annual N2 production is 

calculated, by dividing the value by 8760, the average hourly N2 production is known. 

Equation (92) based the non linear enlargement correlation [83] is used to calculate price of 

ASU unit: 

 
𝐶𝑏,𝑚,𝐴𝑆𝑈,2010 = (

𝑁2,𝑡𝑜𝑛 𝑎𝑣𝑒𝑟𝑎𝑔𝑒 𝑝𝑒𝑟 ℎ𝑜𝑢𝑟

76.6
)

0.6

∙ 36.8 ∙ 106 €2010 
(92) 

Finally the price is updated to 2018 by using CEPCI value for 2010. 

5.3.10 Syngas Tank Cost 

The tank to store syngas is caculated within the quasi-steady state simulation. The type of 

tank which is chosen to serve the purpose is a bullet tank. Stainless steel is chosen as syngas 

material in order to prevent corrosion inside the tank. The cost for the tank, which already 

take material selection into consideration is calculated using equation (93) [68] 

 𝐶𝑏,𝑚,𝑠𝑦𝑛𝑔𝑎𝑠 𝑡𝑎𝑛𝑘,2004 =  10(0.6419 ∙ log(𝑉𝑡𝑎𝑛𝑘) +3.4771) (93) 

which is a function of 𝑉𝑡𝑎𝑛𝑘 in m3. The quasi-steady state simulation automatically finds the 

maximum syngas volume ever stored inside the tank during one year operation as it has been 

discussed in chapter 4.2.1. 

5.3.11 Contigency Fee and Auxilliary Facility Costs 

One of auxilliary equipment cost which has not been discussed is CO2 provision device. 

Falter et.al. [6] provides a unit investment cost of 100 €2015/ton of yearly captured CO2. By 

running the quasi-steady state calculation, the CO2 needed in ton/year for operating the plant 

can be calculated. Thus, the investment cost for the CO2 capture unit is known.  
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5.4 Operation and Maintenance (O&M) Costs Calculation 

5.4.1 Electricity Cost 

Electricity cost for operating the plant can be divided into 3 groups. The first group is the 

equipment which runs always on full load condition. This equipment belongs to the process 

block starting from product conversion block all the way down to the recycling and product 

separation block (see Figure 33). The full load condition of operation can be achieved due 

to the contraction process which cuts down the amount of syngas feed to product conversion 

reactors (see chapter 4.2.1). By cutting the syngas feed to product conversion reactor, means 

cutting the size of the equipment which is located in product conversion block, PSU and 

recycling block. The summation of the electricity requirement for each equipment (obtained 

from Aspen Plus®), divided by the contraction factor and then multiplied by working hours 

of the FT, ethanol and methanol reactor yields the annual electricity demand for such 

equipment.  

The second group is the equipment which is situated in syngas production block. Those are 

mostly working under partial load condition due to fluctuation of solar heat energy, thus 

partial load efficiency is taken into account during the calculation. This type of equipment 

is included within the quasi-steady state simulation. 

The third group is the equipment which provides material for the plant. Equipment which 

belongs to this group are reverse osmosis unit and CO2 capture unit. Both of them are 

assumed  not to be affected by partial load operation. The O&M cost for intercooler’s water 

provision is negligible since there are no treatment needed. For CO2 stream, both make up 

CO2 stream for oxidation process, CO2 stream for methanol synthesis and CO2 stream for 

recycling block (RWGS or WGS reactor) are taken into account in the calculation. CO2 

capture electricity cost is found to be 200 kWhel/ton of CO2 and the specific energy 

requirement to run the reverse osmosis plant is 3 kWh/m3 [6]. By doing the hourly operation 

evaluation using quasi-steady state simulation, electricity cost to support the CO2 and H2O 

provision can be calculated. 

 

Figure 33. Plant’s Area which Operates Under Partial and Full Load Condition. 

5.4.2 Mirror Renewal Cost and CST Annual Operating Cost 

Since CSP system is commonly situated in an arid and sandy location heliostat’s mirrors are 

prone to failure and degradation. A constant renewal parts of the mirrors really depends on 

the weather conditions i.e. sand storm frequency, dust particle size and wind speed [6]. The 
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annual percentage factor of mirror renewal cost is set to be 0.2% of total mirror cost [109]. 

For the operation cost, a study from Dieckmann et al. [100] predicts that on 2025, following 

the current trend, the operation cost for a tower CSP system in 2025 will be 1.9% of total 

capital cost of CSP system. Given on 2015 that the O&M percentage is 2.3%, then for this 

study, it is assumed that O&M of the solar block at 2018 is 2.0% of total cost of CSP system 

which comprises of the tower, heliostats, land and solar reactor costs. 

5.4.3 Material Cost 

The plant constantly needs material replacement during operation. Even though theoretically 

the plant reuses CeO2 but during the practice, new supply of CeO2 must be fed periodically. 

Since no such solar reactor being operated at the moment, it is assumed that fresh feed of 

CeO2 must be brought online for once a year.  

Ethanol and methanol reactor’s O&M cost are based on reactor’s volume and catalyst density 

(see Table 24) while fresh catalyst is fed once every 2 years [18]. The reactor is assumed to 

be a tubular single tube reactor and the density of the catalyst is 1190 kg/m3of reactor (see 

chapter 3.5.1 and 3.5.2). As it has been discussed before (see chapter 3.5.1 and 3.5.2), 

Ethanol reactor operates using Molybedum catalyst and methanol reactor operates using 

Copper. In this research, the catalyst price is assumed to be the pure material price and can 

be seen in Table 24. With knowing the diameter and reactor’s length for each respective case 

(see chapter 4.3), material cost is able to be calculated. On the other hand, since FT reactor 

operation cost is based on the productivity of the plant, thus the operation cost for FT reactor 

is simply a muliplication of the fuel produced (main and side product) and the specific cost. 

5.4.4 Labor Cost 

Labor cost calculation is taken from Ullrich et al. [83] using operation per shift method. In 

this method, every equipment has its own equivalent number of operator. It is assumed that 

the plant operates at 3 shifts a day (8 hours per shift) thus the number of worker per year can 

be calculated based on the number of equipment times equivalent operator per unit factor. 

Finally, the result is multiplied by the annual labor cost per person. In 2004, average labor 

cost is 41600 USD2004/ year [83] and assuming that wages growth rate is 3% [83] thus, labor 

cost at 2018 is calculated using equation (94): 

 
𝑂&𝑀𝐿𝑎𝑏𝑜𝑟 𝑅𝑎𝑡𝑒,2018 𝑖𝑛 € = 41600 (

𝑈𝑆𝐷

𝑦𝑒𝑎𝑟
) · 1.0314 · 0.8 (

€

𝑈𝑆𝐷
)  

(94) 

The equivalent operator per unit factor (𝐹𝑖) is listed in Table 28 based on [83]. To find the 

operators year per unit needed, the operator per unit per shift-year must be calculated using 

equation (95): 

 
#𝑆ℎ𝑖𝑓𝑡𝑦𝑒𝑎𝑟𝑙𝑦 =  ∑ 𝑄𝑇𝑌𝑖 · 𝐹𝑖 · 3

𝑛

𝑖=1

  
(95) 

𝑄𝑇𝑌𝑖 is the number of unit for equipment 𝑖, number of shifts per day is 3 and Fi is labor 

factor of equipment i. 
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Table 28. 𝐹𝑖 Value for Each Type of Equipment [83]. 

No Equipment Factor per unit quantity 

1 Heat Exchanger 0.05 

2 Compressor Train 0.10 

3 Reactor 0.30 

4 Mechanical Refrigerator 0.30 

5 Distilaltion Unit 0.10 

6 Pump 0 

7 Electrical Heater 0.30 

8 Water Treatment Plant 1.3 

9 Mixer 0.2 

Finally, the labor cost for can be calculated by multiplying equation (94) and (95). 
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6. RESULTS AND DISCUSSION 

This chapter describes the result for all the scenarios. The result of sensitivity analysis is also 

presented here. Discussion is also done in this chapter to better understand the result of the 

research. 

6.1 TCI and Solar Field Result 

The heliostat field is re-calculated using HFLCAL for each solar reactor thermal efficiency value 

and the general shape of the field is shown in Figure 34. It is found out that 880685 m2, 825233.2 

m2 and 776333.2 m2 of heliostat’s facet are needed for 0.85, 0.9 and 0.95 thermal efficiency 

respectively. The three cases have the same optimized tower height of 220 m. The land radiuses 

are 1805 m, 1663 m and 1618 m for 0.85, 0.9 and 0.95 solar reactor thermal efficiency respectively. 

For each aperture, the flux density is kept constant at 1500 kWth/m2.  

 

Figure 34. Heliostat Field for 0.85 Solar Reactor Thermal Efficiency. 

To summarize, the result for heliostat field is listed in Table 29. 

Table 29. Heliostat Field Result. 

Thermal 

Efficiency 

Properties 

Mirror’s 

Facets (m2) 

Number of 

Heliostats 

Land 

Radius (m) 

Land Area 

(km2) 

Tower 

Height (m) 

0.85 880685.0 7258 1805 10.23 220 

0.90 825233.2 6801 1663 8.68 220 

0.95 776333.2  6398 1618 8.22 220 

The total capital TCI for all of the proposed plants has a range around 225.4-254.5 million €. Under 

base case scenario, TCI for all plants are shown in Figure 35. 
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(a) 

 

(b) 

 

(c) 

 

(d) 

Figure 35. Base Case Scenario TCI in million € for (a) Syndiesel, (b) Syngasoline, (c) Ethanol and (d) Methanol 

Plant.  

All of the plants share almost the same cost proportional where 37-41% of TCI comes from 

concentrated solar thermal (CST) components. For about 80% of the CST investment comes from 

the heliostat while the land and tower’s cost do not contribute much. However the uncertainty of 

the land price depends on the national policy as it is mentioned by Smyrnakis et al. [110]. 

Even though that the second biggest contributor towards TCI is the equipment cost (i.e compressor, 

pump, FT, methanol, ethanol reactors, PSU and etc.), but such equipment already reaches its 

maturity. Thus further reduction on TCI might come from the cost reduction of CST components 

in the near future which should help such a plant to be economically viable. Consequently, 

contingency fee will reduce since it is a function of TCI.  
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6.2 The Effect of Conversion, STS, and Solar Reactor Thermal 
Efficiency 

The productivity of the plants can be seen on Table 30. It is found that increasing the conversion 

of the solar reactor from 0.3-0.7 doesn’t affect the productivity of the plant. It is because as the 

conversion is increased, the capacity of 𝐶𝑒𝑂2−𝛿𝑟𝑒𝑑
 to absorb oxygen atom from H2O and CO2 

during oxidation in order to convert them into syngas (H2 and CO) doesn’t change since O2 

absorbtion capacity is governed by partial pressure of O2 and reaction temperature (see equation 

10 and chapter 3.3.1). 

Table 30. Productivity of the Plants at Base Case Scenario. 

Plants 

Conversion-

STS Efficiency 

(%) 

Production Yield 

(million L / year) 

Syndiesel Syngasoline Ethanol Methanol Propanol 

Syndiesel 30-30 3.3975 2.7452 - - - 

Syngasoline 30-30 2.7519 3.4889 - - - 

Ethanol 30-30 - - 8.319 - 1.6371 

Methanol 30-30 - - - 11.315 - 

Furthermore, increasing the conversion of the solar reactor leads to fewer amounts of H2O and 

CO2 circulating within the solar reactor system. This doesn’t reduce the thermal energy 

consumption due to heat integration within the solar reactor especially between the hot product 

stream (CO2/CO and H2O/H2) with the incoming raw material (CO2/H2O). Due to the further 

implementation of recuperation between the incoming raw material (H2O or CO2) and the recycled 

sweep gas, the raw material is able to reach 1300 K without taking extra thermal energy from the 

solar tower. This can drastically change when heat exchanger efficiency is not 100% as the heat 

exchanger losses can lead to additional solar thermal heat required to heat up the raw material to 

1300 K. The overall thermal efficiency of the plants is increasing as the solar reactor thermal 

efficiency increases (see Figure 36). 

 

Figure 36. Overall Plants Thermal Efficiency (%) for Different Solar Reactor Thermal Efficiency at Base Case. 

Under base case scenario, syngasoline plant has the highest overall thermal efficiency among other 

3 proposed plants while syndiesel plant has almost similar thermal efficiency with the syngasoline 

plant. This can be due to higher LHV of diesel and gasoline compared to ethanol and methanol. 

As can be seen on Table 30, these two plants produce as almost the same amount of side product 
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as the main product. On the other hand, although ethanol plant produces propanol, the quantity is 

small compared to ethanol’s yield while methanol plant doesn’t produce side product at all.  

When the STS efficiency is increased while keeping the solar reactor thermal efficiency to be 0.85, 

it is found out that ethanol plant yields the biggest thermal efficiency of 9.28% at STS 0.8 and 

conversion of 0.3 (see Table 31). At the base case, ethanol yields 3.93 % thermal efficiency, 

slightly lower than syngasoline at 4.05% thermal efficiency. At 0.3 conversion and 0.8 STS, 

syndiesel’s thermal efficiency is at 9.05% which surpasses syngasoline at 8.7%. Both syndiesel 

and ethanol can surpass syngasoline overall thermal efficiency at STS 0.8 conversion 0.3. This is 

due to the difference of the quantity of total product. At 0.8 STS, syngasoline plant produces 500 

thousand liter less of total product (diesel and gasoline) compared to syndiesel plant while ethanol 

plant total production doubles the syngasoline plant in terms of volume. For methanol, it yields 

the lowest thermal efficiency for all cases. 

Table 31. Thermal Efficiency of All Plants. Conversion is kept constant at 0.3 and solar reactor thermal efficiency is 

0.85. Electricity is supplied by CSP. 

Plants 
𝜂𝑡ℎ𝑒𝑟𝑚𝑎𝑙  (%) 

0.3 STS 0.8 STS 

Syndiesel 4.03 9.05 

Syngasoline 4.05 8.70 

Ethanol 3.93 9.28 

Methanol 3.46 7.38 

From production cost perspective, at base case scenario the proposed plants yield 6.47 €/L, 6.52 

€/L, 3.32 €/L and 2.31 €/L production cost for syndiesel, syngasoline, ethanol and methanol 

respectively. Increasing the conversion of the solar reactor from 0.3-0.7 in fact gives a slight 

reduction to FPC as it can be seen from Figure 37.  

 

(a) 

 

(b) 

Figure 37. (a) FPC of Syndiesel and Syngasoline and (b) Methanol and Ethanol, over Conversion Variation. 

Electricity is supplied solely from CSP and solar reactor thermal efficiency is 0.85. 

The decrement of FPC due to the increment of conversion is mostly seen on syndiesel-syngasoline 

production plant whereas on the ethanol-methanol plant, the drop is not significant. One factor that 

can affect this is the utilization of heater and chiller in the ethanol-methanol production plant for 

operating separation unit. Separation unit belongs to the part of the plant that works continuously 
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and independent from conversion. Since using chiller and heater for PSU at ethanol and methanol 

plant, the portion of electricity consumption from the part of the plant which runs under partial 

load condition is less. Since increasing conversion aims to reduce the material handling’s energy 

requirement within the syngas production block, the effect is less for the ethanol-methanol 

production plant. 

 

(a) 

 

(b) 

Figure 38. (a) FPC of Syndiesel and Syngasoline and (b) Methanol and Ethanol, over STS Efficiency Variation. 

Electricity is supplied solely from CSP and solar reactor thermal efficiency is 0.85. 

Incrementing STS heat exchanger efficiency deals a greater and more significant reduction of the 

FPC for all the fuels. Due to low redox extent during redox reactions, a massive metal-redox flow 

is needed inside the solar reactor system. Increasing just a little bit of the STS efficiency means 

utilizing energy from a very huge mass flow and it decreases the FPC greatly. To summarize, 

Figure 39 shows the FPC as a function of conversion and STS efficiency for all fuels. FPC for 

syndiesel and syngasoline is almost similar to each other while methanol yields the least FPC 

among other fuels. 

 

Figure 39. FPC (€/L) for All Fuels. Electricity is supplied solely from CSP and solar reactor thermal efficiency is 

0.85. 
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In order to fairly compare all of the fuels with each other, a relative difference between the FPC 

of each proposed plant and FPC price for each fuel in 2018 market is calculated. FPC for each fuel 

in 2018 has been discussed in chapter 5.1. Relative difference is defined as the ratio between the 

differences of the FPC of the proposed plant with current FPC to the current FPC. 

Figure 40 shows that increasing conversion doesn’t yield significance reduction of FPC relative 

difference. It also can be seen that among the proposed plants, syngasoline plant is the closest one 

to the current FPC while ethanol plant has the biggest relative difference. Even though methanol 

plant starts with better relative difference compared to syndiesel, as the STS efficiency increases, 

the syndiesel plant’s relative difference overlaps and surpasses the methanol’s FPC. That means 

for the long run, producing hydrocarbon fuels (syngasoline-syndiesel) using such conversion 

pathway is more viable option compared to alcohol fuels (methanol-ethanol) since they have the 

closest FPC to the current market production cost. 

The effect of increasing solar reactor thermal efficiency towards the FPC difference is also 

analyzed in this study (see Figure 41). The scenario used is the base case scenario. 

 

Figure 40. Relative Differences in FPC for All Fuels. Dashed-dot line represents conversion of 70%. Solid line 

represents conversion of 30%. Electricity is supplied solely by CSP with solar reactor thermal efficiency of 0.85.  

From Figure 41, the downward slope of FPC for all the fuels are almost the same where averagely 

the decrement of FPC due to the increment of solar reactor thermal efficiency is around 50-60%. 

On the other hand, by increasing STS efficiency to its maximum value, the FPC drops drastically 

for about 300%. That can be said that STS efficiency is the performance parameter that 

significantly affects the FPC. Although by increasing solar reactor thermal efficiency means that 

decreasing TCI due to less number of heliostat and land area needed, but the drop of TCI is not as 

significant as the increment of productivity of the plant due to the increment of STS efficiency. 
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Figure 41. FPC Relative Difference of Base Case Scenario Over Incremented Solar Reactor Thermal Efficiency. 

6.3 Effect of Mixing PV-CSP as Electricity Supply to FPC 

In this study, consideration of using PV-CSP combination to supply plant’s electricity 

consumption is explored. For this comparison, the solar reactor thermal efficiency is set to be 

constant at 0.85 and conversion is constant at 0.3. As it has been mentioned before, PV only 

supplies during the day and CSP electricity is used during night operation. This indicates that most 

of the electricity demand is supplied by PV since the biggest electricity consumption is the syngas 

production block (compressors, mechanical refrigeration units and pumps). Product conversion 

block, recycling and separation unit which run almost at full load are supplied both by CSP (night 

operation) and PV (daytime operation).  

 

Figure 42. FPC for All Fuels Under Base Case and PV-CSP Case. The dashed lines represent PV-CSP case while 

the solid line is CSP only case. 
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From Figure 42 and Figure 43, it is clearly shown that utilizing PV and CSP is very beneficial for 

the plants since PV’s electricity price is low. Choosing to mix the electricity supply with PV can 

decrease the FPC in the range of 0.25-0.5 €/L or 50-125% in FPC relative difference. Syngasoline 

still emerges as the closest future fuel production plants to be economically viable. At 0.3 

conversion and 80% STS using PV-CSP scenario, FPC of syngasoline is 3.01 €/L which 

corresponds to 262.3% relative difference. At 70% conversion and 80% STS, the FPC for 

syngasoline is 2.87 €/L which corresponds to 245.6% relative difference. 

Since PV and CSP are already commercialized but still under constant development, the electricity 

cost might be lower in the near future. Consequently, the advance development of PV and CSP 

technology can further decrease the FPC and make the plants more viable. 

 

Figure 43. Relative Difference of FPC for All Fuels Under Base Case and PV-CSP Case. The dashed lines represent 

PV-CSP case while the solid line is CSP only case. 

6.4 Cost Structure for Base Case, Best Case and PV-CSP   
Case 

Production cost for the base case of the proposed plant is calculated. To find the contribution of 

TCI towards FPC, each component of TCI is multiplied by annuity factor and divided by the main 

product annual yield. This step gives the contribution for each TCI cost component towards the 

production cost. Then, to find the contribution of O&M and side income towards the FPC, each 

component of O&M cost and side income are pulled to present value, multiplied by annuity factor 

and divided by the annual production yield of the main product.  
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Figure 44. Production Cost Structure (€/L) for Syndiesel and Syngasoline Plant. All electricity is supplied using CSP 

only. TCI other includes contingency and auxiliary cost. O&M CST includes solar field and mirror maintenance. 

O&M Other includes water provision and reactor operation cost. 

Noticed that there are some parts of the cost structure that have negative values. This is because it 

comes from the side income which helps decreasing the production cost of the fuels thus; it has 

negative values. Over the course of the proposed plant’s life time, for syngasoline and syndiesel 

plant (see Figure 44) under the base case scenario, TCI is still the biggest contributor towards the 

production cost at around 60% and around 50% for best case scenario. The drop of TCI 

contribution for the best case scenario can be explained by the bigger amount of syngas produced 

thus such operation condition produces more product. To accommodate the increment of syngas, 

the size is enlarged for the syngas production block excluding the heliostats, tower and land area. 

Investment cost for heliostats, tower and land area do not change even operates under the best case 

configuration therefore the contribution of CST becomes smaller. For O&M, electricity is still the 

biggest contributor towards the production cost. It accounts for around 75-80% of the total O&M 

contribution towards the FPC. For the best case scenario, it can be seen that the production cost 

drops and TCI contributes at around 50% to the total production cost. Both for the base and best 

case, the side income from selling O2 is the biggest contributor towards the reduction of FPC for 

almost 66% of the total contribution of side income towards FPC. 

Both ethanol and methanol plants have almost similar cost structure (see Figure 45). The TCI is 

still the biggest contributor for around 60% under the base case scenario and around 50% for best 

case scenario. Both for ethanol and methanol, electricity is still the biggest contributor of O&M, 

around two third and three fourth for base and best case respectively. 
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Figure 45. Production Cost Structure (€/L) for Ethanol and Methanol Plant. All electricity is supplied using CSP 

only. TCI other includes contingency and auxiliary cost. O&M CST includes solar field and mirror maintenance. 

O&M Other includes water provision and reactor operation cost. 

 

Figure 46. Comparison of Production Cost Structure (€/L) for Syndiesel and Syngasoline Plant Under Base Case 

and PV-CSP Case. 
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The O&M electricity contribution towards the FPC for PV-CSP case is becoming less for all the 

case compared to 100% CSP case. This can happen due to cheaper PV electricity price compared 

to CSP. For PV-CSP case, electricity contribution towards O&M drops from around 70% to 50% 

for all the plants. The drop is quite significant thanks to PV cover most of the electricity needed 

which mainly comes from the mechanical devices located within the syngas production block. 

 

Figure 47. Comparison of Production Cost Structure (€/L) for Ethanol and Methanol Plant under Base Case and PV-

CSP Case. 
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7. CONCLUSION AND FUTURE WORK 

The chapter concludes and answers the purpose of research. Future work also will be outlined for 

further possible research and development. 

Four candidates of future fuels have been selected based on their possible utilization area, the 

ability to be derived from synthetic gas, fuel property and market demand. The aforementioned 

candidates are syngasoline, syndiesel, ethanol and methanol. Syngasoline, syndiesel and methanol 

are already common commodities which can be derived from syngas. A gas to liquid plant in Qatar 

is one example to produce gasoline and diesel from synthetic gas from natural gas or coal. On the 

other hand, methanol is a common commodity and many existing plants have expertise in 

producing methanol. Until the date this study is conducted, only one ethanol plant based on syngas 

conversion (Enerkem Plant) exists. 

A multi aperture solar (MAP) field has been designed using HFLCAL for several cases of solar 

reactor thermal efficiency. Multi aperture approach has been considered since a first pre-study has 

shown that the total heliostat field’s efficiency is higher by using MAP as by using single aperture. 

It is found out that to operate the plant at base case scenario, 880685 m2 of mirror’s facets is needed 

for 85% solar reactor thermal efficiency. Increasing the thermal efficiency up to 95% decreases 

the required facet’s area to 776333.2 m2. Optimized tower height is calculated to be 220 meter. 

Particle solar reactor technology has been chosen due to its capability to operate continuously. 

Another advantage of using particle solar reactor technology is its possibility to incorporate STS 

heat exchanger which later is proven to be the major performance parameter of the plant. Four 

production plants layout have been successfully designed and simulated for solar syndiesel, 

syngasoline, ethanol and methanol production. The hydrocarbon fuels utilize FT reactor while 

alcohol fuels (ethanol and methanol) utilize plug-flow reactor with respective kinetic of reactions. 

Optimum operation temperature, diameter and pressure of reactors have been obtained. 

Thermal efficiencies for all the proposed plants have been calculated. In base case scenario, 

syngasoline has the highest overall thermal efficiency of 4.05 % at solar reactor thermal efficiency 

of 0.85 and 4.45% at solar reactor thermal efficiency of 0.95. On the other hand, increment of STS 

heat exchanger efficiency increases the overall thermal efficiency greatly for all the fuels. At STS 

efficiency of 0.8 and conversion efficiency of 0.3, overall thermal efficiencies are 9.05%, 8.7%, 

9.28% and 7.38% for syndiesel, syngasoline, ethanol and methanol plant respectively. This shows 

that from energetic perspective, syndiesel fuel is better than syngasoline while the best energetic 

performance is obtained for ethanol plant. Increasing conversion decreases the FPC of all fuels but 

not as significant as increasing STS efficiency. Increment of solar reactor thermal efficiency can 

decrease the FPC significantly compared to the conversion increment, but not as significant as 

STS efficiency. The production costs have been calculated for the different fuels. The biggest 

contributors towards TCI are the solar components especially heliostat (29-33% of the total TCI). 

Further reduction of the heliostat cost and other CST components will yield better economic 

viability of the plants. 

The cheapest production cost is obtained for methanol at 2.31 €/L for base case scenario (100% 

CSP scenario, 0.3 conversion, 30% STS and 0.85 solar reactor thermal efficiency). Increasing the 

STS efficiency to 80% and conversion to 0.7 decreases the production cost of methanol down to 

1.39 €/L. Implementing CSP-PV scenario further decreases the production cost of methanol down 

to 1.21 €/L for 0.3 conversion ,0.8 STS efficiency scenario. 

Syngasoline plant has the smallest relative production cost difference among other proposed 

plants. At STS of 0.8 and conversion of 0.3, the FPC relative difference of syngasoline plant is 

339.63% which corresponds to FPC of 3.65 €/L. Increasing conversion to 0.7 and holding the STS 
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efficiency at 0.8 further decreases the FPC relative difference of syngasoline to 323.04 % which 

corresponds to FPC of 3.51 €/L. Operating the plant using electricity from the combination of PV 

and CSP decreases the FPC relative difference for all fuels. Syngasoline still has the least FPC 

relative difference of 262.29 % which corresponds to FPC of 3.01 €/L when uses PV-CSP 

combination at STS efficiency of 0.8 and conversion of 0.3. At conversion of 0.7 and STS of 0.8 

with PV-CSP case, syngasoline has relative difference of 245.69% which corresponds to FPC of 

2.87 €/L. 

There are several possibilities for the future work. The first is to do a sensitivity analysis regarding 

DNI and to choose another location which has different solar irradiation intensity to see how it 

affects the FPC and overall thermal efficiency. Another sensitivity analysis regarding the size of 

the plant would enable to find an optimum plant size. A more detailed transient simulation for such 

plants, which can lead to the deployment of an optimization algorithm, can be developed. 

Integration of scripting language such as MATLAB® or Python® with dynamic flowsheet 

software such as Aspen Dynamic® can be a promising pathway.  

A detailed non-stoichiometric reduction inside solar reactor model can be developed using a 

premise that the reaction operates kinetically, thus incorporation of kinetic of redox within the 

solar reactor model should increase the accuracy of the calculation. A thermal modeling of the 

solar reactor should be developed to know its behaviour under the fluctuation of solar irradiation. 

Such model shall be developed under scripting language for a further integration possibility with 

optimization algorithm. Furthermore, detailed modelling on sub-models such as ASU, PSA and 

RWGS or WGS reactor can lead to a better detailed overall model. A further study on different 

type of fuels such as OME, Butanol or DME using the same conversion pathway can be pursued. 

Finally, Life cycle analysis (LCA) should be done further to complete the whole impression and 

environmental justification of developing such plants.  
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APPENDIX A: COST OF PLANT’S COMPONENTS 

CST Cost (€2018) for 85% Solar Reactor 

Thermal Efficiency 

Solar Reactor Cost 6479773,707 

Heliostat Cost 73963055,64 

Tower Cost 11114070,27 

Land Cost 8184158,8 

 

CST Cost (€2018) for 90% Solar Reactor 

Thermal Efficiency 

Solar Reactor Cost 6479773,707 

Heliostat Cost 67287317,17 

Tower Cost 11114070,27 

Land Cost 6947109,328 

 

Syndiesel Plant Component’s Price at Base Case 
 

SYNGAS PRODUCTION BLOCK 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

1 
Recuperator H2 Solar 

Reactor 
4 807.12 m2 per 1 item 2058261.55 

2 
Recuperator CO Solar 

Reactor 
2 702.691 m2 per 1 item 919783.34 

3 
Flash Separation H2 from 

H2O 
1 

Dia. 0.726 m 

Height 3 m 
21281.19 

4 PSA 1 138.718 mol/s 6808476.635 

5 Tower Water Pump 1 33.188 kWe 91787.124 

6 Tower CO2 Compressor  1 47.098 kWe 590574.146 

7 H2O Make-up Mixer 1 Dia. 0.0909 m 2770.267 

8 CO2 Make-up Mixer 1 Dia. 0.3811 m 20875.55 

ASU UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

9 Sweep Gas Recuperator 1 1 148.399 m2 per 1 item 151429.31 

10 Sweep Gas Recuperator 2 1 34.044 m2 per 1 item 68165.65 

11 FT Liquid Recuperator 1 0.707 m2 per 1 item 30725.83 

12 N2 Recuperator 5 786.657 m2 per 1 item 2855320.182 

13 Compressor ASU 1 1 5062.4 kWe (DP1 3 bar) 12118316.28 

14 Compressor ASU 2 1 2.6956 kWe (DP2 3 bar) 13454.824 

15 ASU unit 1 31.15 ton N2/hour average 

produced 
24343400.77 

16 N2 Mixer 1 Dia. 0.517 m 132920.143 

17 O2 Compressor Train2 1 2457.1 kWe 6477862.242 

18 O2 Compressor Intercooler 6 115.925 m2 per 1 item 160754.6289 

19 Intercoooler Pump 6 0.0242 kWe per 1 item 11030.388 

                                                 
1 DP is Discharge Pressure. Otherwise specified, compressor will have pressure ratio of 2. 
2 O2Compressor Train has pressure ratio of 3 

CST Cost (€2018) for 95% Solar Reactor 

Thermal Efficiency 

Solar Reactor Cost 6479773,707 

Heliostat Cost 63300156,75 

Tower Cost 11114070,27 

Land Cost 6576225,088 
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PRODUCT CONVERSION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

20 Syngas Tank 1 16.5766 m3 54202.4982 

21 Syngas Mixer 1 Dia. 0.399 m 17700.38191 

22 Syngas Compressor Train 1 1671.9 kWe 4262423.103 

23 Compressor Intercooler 1 1 140.2400 m2 73094.65 

24 Compressor Intercooler 2 1 122.7969 m2 67388.714 

25 Compressor Intercooler 3 1 18.939 m2 26563.6431 

26 FTR 1 0.743452 m3 48800.280 

27 FTR Cooler’s Pump 1 0.1079 kWe 10138.27423 

28 FTR Water Chiller 1 75.377 m2 50992.140 

29 Hydrogen Compressor Train 1 1606.5 kWe 5859877.2 

30 H2 Intercooler 1 1 44.6046 m2 38736.598 

31 H2 Intercooler 2 1 34.974 m2 34507.529 

32 Pump for Intercooler 1 1 0.0183 kWe 6024.94 

33 Pump for Intercooler 2 1 0.0197 kWe 6159.29 

34 Hydrocracker Unit 1 0.2104 kg/s of feed 2559569 

PRODUCT SEPARATION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

35 FTR Flash 1 Dia. 0.268 m 

Height 1 m 
1970.629 

36 Water Chiller for FTR Gas 1 1.8656 m2 14546.96 

37 H2O Pump FTR Gas Chiller 1 0.0042 kWe 3629.963 

38 FTR Gas Flash (Wax Flash) 1 Dia. 0.5216 m 

Height 2 m 
12768.767 

39 Wax Pump for FTR Liquid 3 0.5754 kWe total 16246.222 

40 Wax Pump for FTR Gas 

after FTR Gas Flash 
2 0.135 kWe total 10792.69 

41 Mixer for Cracked Wax 1 Dia. 0.2346 m 14896.875 

42 Flash for Wax Separation 

(373 K) 

1 Dia. 0.55 m 

Height 2 m 

12768.767 

43 Water Chiller for Wax 

Separation 

1 0.92140 m2 13673.07877 

44 Pump for Water Chiller for 

Wax Separation 

1 0.0049 kWe 3858.259 

45 Flash for Syndiesel 

Separation (298 K) 

1 Dia. 0.5325 m 

Height 2 m 

12768.76703 

46 Water Chiller for Syndiesel 

Separation 

1 101.403 m2 60151.8535 

47 Pump for Water Chiller for 

Syndiesel Separation 

1 0.0327 kWe 7189.921 

48 Flash for Syngasoline 

Separation (228 K) 

1 Dia. 0.394 m 

Height 2 m 

12768.767 

49 Refrigerator for Syngasoline 

Separation 

1 46.867 kWth 

15.623 kWe 

1418750 

50 Mixer for Dirty Water 1 Dia. 0.0202 m 332.26904 

51 Water Treatment Facility 1 0.00027 m3/s of water flow 218012.2898 
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RECYCLING UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

52 RWGS Reactor 1 32 ton per day product 

averagely 

209729.07 

53 Electric Heater for 

Recycling Unit 

1 265.72 kWe 51937.33 

54 Water Chiller for Recycled 

Gas 

1 0.934 m2 13682.29 

55 Pump for Water Chiller 1 0.0057 kWe 4078.0619 

OTHER EQUIPMENT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

56 Water Desalination Unit 1 36084 m3 of H2O annualy 18042 

57 CO2 Capture 1 20012 ton of CO2 annualy 2501500 

 

Total Syndiesel Plant’s Equipment Cost : 74.89 million USD2018 

 

Syngasoline Plant Component’s Price at Base Case 
 

SYNGAS PRODUCTION BLOCK 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

1 
Recuperator H2 Solar 

Reactor 
4 655.644 m2 per 1 item 1740489.355 

2 
Recuperator CO Solar 

Reactor 
3 845.499 m2 per 1 item 1603728.093 

3 
Flash Separation H2 from 

H2O 
1 

Dia. 0.657 m 

Height 2 m 
12768.767 

4 PSA 1 252.0835 mol/s 6808476.635 

5 Tower Water Pump 1 27.199 kWe 83555.002 

6 Tower CO2 Compressor  1 69.848 kWe 661819.54 

7 H2O Make-up Mixer 1 Dia. 0.0824 m 2411.66 

8 CO2 Make-up Mixer 1 Dia. 0.5122 m 31669.31 

ASU UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

9 Sweep Gas Recuperator 1 1 121.751 m2 per 1 item 134082.76 

10 Sweep Gas Recuperator 2 1 61.222 m2 per 1 item 90970.661 

11 FT Liquid Recuperator 1 0.00741 m2 per 1 item 92481.66 

12 N2 Recuperator 5 814.003 m2 per 1 item 2936222.991 

13 Compressor ASU 1 1 5076.6 kWe (DP3 3 bar) 12148299.02 

14 Compressor ASU 2 1 1.6006 kWe (DP4 3 bar) 8851.31 

15 ASU unit 1 35.7354 ton N2/hour 

average produced 
26434165.64 

16 N2 Mixer 1 Dia. 0.5192 m 133398.83 

17 O2 Compressor Train4 1 2475.5 kWe 6519255.871 

                                                 
3 DP is Discharge Pressure. Otherwise specified, compressor will have pressure ratio of 2. 
4 O2Compressor Train has pressure ratio of 3 
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18 O2 Compressor Intercooler 6 116.791 m2 per 1 item 229434.8383 

19 Intercoooler Pump 6 0.0783 kWe per 1 item 11053.45 

PRODUCT CONVERSION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

20 Syngas Tank 1 33.2827 m3 84788.56 

21 Syngas Mixer 1 Dia. 0.4882 m 29595.374 

22 Syngas Compressor Train 1 2979.7 kWe 7215307.13 

23 Compressor Intercooler 1 1 224.957 m2 99206.05 

24 Compressor Intercooler 2 1 88.922 m2 55775.44 

25 Compressor Intercooler 3 1 16.351 m2 25108.74 

26 FTR 1 14.775 m3 223750.38 

27 FTR Cooler’s Pump 1 0.1973 kWe 11999.95 

28 FTR Water Chiller 1 138.474 m2 72523.88 

29 Hydrogen Compressor Train 1 4.7087 kWe 134745.63 

30 H2 Intercooler 1 1 0.169 m2 14848.68 

31 H2 Intercooler 2 1 0.1691 m2 14848.72 

32 Pump for Intercooler 1 1 0.00005 kWe 345.1 

33 Pump for Intercooler 2 1 0.000048 kWe 319.424 

34 Hydrocracker Unit 1 0.000253 kg/s of feed 76831.2 

PRODUCT SEPARATION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

35 FTR Flash 1 Dia. 0.311 m 

Height 1 m 
1970.629 

38 FTR Gas Flash (Wax Flash) 1 Dia. 0.7054 m 

Height 3 m 
21281.2 

40 Wax Pump for FTR Gas 

after FTR Gas Flash 
2 0.0019 kWe total 2643.17 

41 Mixer for Cracked Wax 1 Dia. 0.2633 m 14896.96 

42 Flash for Wax Separation 

(364 K) 

1 Dia. 0.706 m 

Height 3 m 

21281.2 

43 Refrigerator for Wax 

Separation 

1 83.667 kWth 

27.889 kWe 

1989218.8 

45 Flash for Syndiesel 

Separation (273 K) 

1 Dia. 0.59 m 

Height 2 m 

899982.1 

46 Refrigerator for Syndiesel 

Separation 

1 16.733 kWth 

5.5778 kWe 

60151.8535 

48 Flash for Syngasoline 

Separation (253 K) 

1 Dia. 0.550 m 

Height 2 m 

12768.76703 

49 Refrigerator for Syngasoline 

Separation 

1 46.867 kWth 

15.623 kWe 

1418750 

50 Mixer for Dirty Water 1 Dia. 0.0202 m 332.26904 

51 Water Treatment Facility 1 0.00025 m3/s of water flow 208082.7439 

RECYCLING UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

52 WGS Reactor 1 12.91 ton per day product 

averagely 

121113.8011 

53 Electric Heater for 

Recycling Unit 

1 111.68 kWe 30624.39 
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54 Water Chiller Recycled Gas 1 0.00044 m2 1251.2 

55 Pump for Water Chiller 1 0.0057 kWe 3873.867 

OTHER EQUIPMENT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

56 Water Desalination Unit 1 22191 m3 of H2O annualy 11095.5 

57 CO2 Capture 1 36078 ton of CO2 annualy 3607800 

 

Total Syngasoline Plant’s Equipment Cost : 77.77 million USD2018 

 

Ethanol Plant Component’s Price at Base Case 
 

SYNGAS PRODUCTION BLOCK 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

1 
Recuperator H2 Solar 

Reactor 
4 496.775 m2 per 1 item 1402084.141 

2 
Recuperator CO Solar 

Reactor 
4 951.477 m2 per 1 item 2358676.136 

3 
Flash Separation H2 from 

H2O 
1 

Dia. 0.569 m 

Height 2 m 
12768.767 

4 PSA 1 377.41 mol/s 12375733.83 

5 Tower Water Pump 1 20.406 kWe 73323.34 

6 Tower CO2 Compressor  1 93.176 kWe 732727.4 

7 H2O Make-up Mixer 1 Dia. 0.071 m 1969.52 

8 CO2 Make-up Mixer 1 Dia. 0.84 m 63568.55 

ASU UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

9 Sweep Gas Recuperator 1 1 91.331 m2 per 1 item 113261.04 

10 Sweep Gas Recuperator 2 1 92.29 m2 per 1 item 113939.26 

12 N2 Recuperator 5 840.136 m2 per 1 item 3013431.432 

13 Compressor ASU 1 1 5078.8 kWe (DP5 3 bar) 12152903.51 

14 Compressor ASU 2 1 3.1353 kWe (DP6 3 bar) 15252.2 

15 ASU unit 1 35.7396 ton N2/hour 

average produced 
26436029.69 

16 N2 Mixer 1 Dia. 0.5183 m 133073.2 

17 O2 Compressor Train6 1 2459.6 kWe 6483580.55 

18 O2 Compressor Intercooler 6 116.049 m2 per 1 item 228265.55 

19 Intercoooler Pump 6 0.02435 kWe per 1 item 11033.69 

PRODUCT CONVERSION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

20 Syngas Tank 1 9.8617 m3 38836.75 

21 Syngas Mixer 1 Dia. 0.3803 m 20814.1 

22 Syngas Compressor Train 1 2979.7 kWe (DR 7 3) 10616311.78 

                                                 
5 DP is Discharge Pressure. Otherwise specified, compressor will have pressure ratio of 2. 
6 O2Compressor Train has pressure ratio of 3 

 
7 DR is Discharge Ratio. For Ethanol and Methanol’s syngas is 3. Otherwise specified, DR for compressor is 2. 
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23 Compressor Intercooler 1 1 379.995 m2 143421.2 

24 Compressor Intercooler 2 1 333.931 m2 130585.43 

25 Compressor Intercooler 3 1 75.052 m2 50739.92 

26 ER 1 84.78 m3 544851.99 

27 ER Cooler’s Pump 1 0.1758 kWe 11619.43 

28 ER Water Chiller 1 76.467 m2 51263.27 

PRODUCT SEPARATION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

35 Water Chiller before 1st 

Stage Disillation Column 

1 41.123 m2 
84413.63 

38 Pump for Water Chiller 1 0.005 kWe 3880.15 

40 
1st Stage Distillation 

Column 
1 

NS : 10 

Column Height : 8.208 m 

Dia. 0.5177 m 

43474.96 

42 Water Chiller before 2nd 

Stage Distillation Column 

1 2.403 m2 15080.914 

43 Pump for Water Chiller 1 0.0005 kWe 1421.523 

45 Molecular Sieves 1 5.368 mol/s feed flow 735282.02 

46 2nd Stage Distillation 

Column 

1 NS : 30 

Column Height : 7.056 m 

Dia. 0.00803m 

38972.15 

48 3rd Stage Distillation 

Column 

1 NS : 50 

Column Height : 16.65 m 

Dia. 0.0256m 

200375.74 

49 Water Chiller for Ethanol 1 0.046 m2 19685.94 

50 Pump for Ethanol Water 

Chiller 

1 0.0026 kWe 
3036.224 

 Water Chiller for Propanol 1 0.7106 m2 13556.71 

 Pump for Propanol Water 

Chiller 

1 0.0005 kWe 
3880.15 

 Refrigerator for 1st Stage 

Distillation Column 

1 261 kWth 

87 kWe 
1418750 

 Water Chiller for 2nd Stage 

Distillation 

1 11.99 m2 
22479.46 

 Pump for Water Chiller for 

2nd Stage Distillation 

1 0.1528 kWe 
11172.68 

 Water Chiller for 3rd Stage 

Distillation 

1 13.953 m2 
23693.08 

 Pump for Water Chiller for 

3rd Stage Distillation 

1 0.0248 kWe 
6613.812 

 Eletric Heater for All 3 

Distillation Columns 

1 814.74 kWe 
116788.31 

 Mixer for Dirty Water 1 0.02 m 332.3 

51 Water Treatment Facility 1 0.00000319964 m3/s of 

water flow 

12642.42 

OTHER EQUIPMENT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

56 Water Desalination Unit 1 22174 m3 of H2O annualy 13858.75 

57 CO2 Capture 1 54171 ton of CO2 annualy 6771375 
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Total Ethanol Plant’s Equipment Cost : 86.91 million USD2018 

 

Methanol Plant Component’s Price at Base Case 
 

SYNGAS PRODUCTION BLOCK 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

1 
Recuperator H2 Solar 

Reactor 
4 770.013 m2 per 1 item 1980719.37 

2 
Recuperator CO Solar 

Reactor 
4 853.119 m2 per 1 item 1077089.75 

3 
Flash Separation H2 from 

H2O 
1 

Dia. 0.709 m 

Height 2.12 m 
14012.1 

4 PSA 1 169.203 mol/s 7647646.061 

5 Tower Water Pump 1 31.628 kWe 89700.66 

6 Tower CO2 Compressor  1 53.473 kWe 610800.6 

7 H2O Make-up Mixer 1 Dia. 0.088 m 2682.22 

8 CO2 Make-up Mixer 1 Dia. 0.419 m 23914.2 

ASU UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

9 Sweep Gas Recuperator 1 1 141.588 m2 per 1 item 147059.3 

10 Sweep Gas Recuperator 2 1 41.062 m2 per 1 item 74429.3 

12 N2 Recuperator 5 796.67 m2 per 1 item 2884959.07 

13 Compressor ASU 1 1 5074.6 kWe (DP8 3 bar) 12143958.18 

14 Compressor ASU 2 1 23.539 kWe (DP9 3 bar) 88968.62 

15 ASU unit 1 36.116 ton N2/hour 

average produced 
26602729.9 

16 N2 Mixer 1 Dia. 0.5211 m 134066.1 

17 O2 Compressor Train9 1 2560.95 kWe 6710543.133 

18 O2 Compressor Intercooler 6 120.818 m2 per 1 item 235779.2229 

19 Intercoooler Pump 6 0.02534 kWe per 1 item 11158.71 

PRODUCT CONVERSION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

20 Syngas Tank 1 17.1394 m3 55376.68 

21 Syngas Mixer 1 Dia. 0.511 m 31627.28 

22 Syngas Compressor Train 1 3700.784 kWe (DR 10 3) 8790084.02 

23 Compressor Intercooler 1 1 237.117 m2 102801.41 

24 Compressor Intercooler 2 1 207.643 m2 94032.72 

25 Compressor Intercooler 3 1 71.945 m2 49582.26 

25 Compressor Intercooler 4 1 41.205 m2 37276.71 

26 MR 1 10.5975 m3 188905.45 

27 MR Feed Mixer 1 Dia. 0.103 m 13766.9 

28 N2-MR Recuperator 1 3.548 m2 32340.31 

     

                                                 
8 DP is Discharge Pressurre. Otherwise specified, compressor will have pressure ratio of 2. 
9 O2Compressor Train has pressure ratio of 3 
10 DR is Discharge Ratio. For Ethanol and Methanol’s syngas is 3. Otherwise specified, DR for compressor is 2. 



103 

     

PRODUCT SEPARATION UNIT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

35 Water Chiller before 1st 

Stage Flash 

1 82.275 m2 
106775.3 

38 Pump for Water Chiller 1 0.1701 kWe 11513.52 

40 
1st Stage Flash 1 

Dia. 0.611 m 

Height 1.835 m 
11094.884 

46 2nd Stage Distillation 

Column 

1 NS : 5 

Column Height : 2.17 m 

Dia. 0.006 m 

14435.13 

48 3rd Stage Distillation 

Column 

1 NS : 75 

Column Height : 53.411 m 

Dia. 0.322 m 

12526581.8 

49 Water Chiller for Methanol 1 28.667 m2 31552.904 

50 Refrigerator for 2nd Stage 

Distillation Column 

1 15 kWth 

5 kWe 
1418750 

 Water Chiller 3rd Stage 

Distillation Column 

1 194.289 m2 89994.51 

 Pump for Propanol Water 

Chiller 

1 0.0005 kWe 
3880.15 

 Refrigerator for 1st Stage 

Distillation Column 

1 261 kWth 

87 kWe 
1418750 

 Water Chiller for 3rd Stage 

Distillation 

1 11.99 m2 
22479.46 

 Pump for Water Chiller for 

3rd Stage Distillation 

1 0.331 kWe 
13883.32 

 Purge Gas Burner  1 5851.933 kWth 12891005.42 

 Eletric Heater for All 3 

Distillation Columns 

1 11.067 kWel 
5336.73 

 Mixer for Dirty Water 1 Dia. 0.202 m 332.3 

51 Water Treatment Facility 1 0.0000766572 m3/s of 

water flow 

97118.153 

OTHER EQUIPMENT 

No Equipment’s Name Quantity Specification 
Total Price 

(USD2018) 

56 Water Desalination Unit 1 34370 m3 of H2O annualy 21481.25 

57 CO2 Capture 1 30804 ton of CO2 annualy 3850500 

 

Total Methanol Plant’s Equipment Cost : 100.99 million USD2018 
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APPENDIX B : FT PLANT CONFIGURATION 
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APPENDIX C : METHANOL PLANT CONFIGURATION 
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APPENDIX D : ETHANOL PLANT CONFIGURATION 
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APPENDIX E : FPC FOR ALL CASES 

Syndiesel plant’s FPC (€/l) 100% CSP, Solar Reactor Thermal Efficiency 0.85 

 

    STS Eff 

    0,3 0,4 0,5 0,6 0,7 0,8 

Conv 

Eff 

0,3 6,47 5,88 5,29 4,76 4,16 3,57 

0,5 6,39 5,79 5,20 4,67 4,05 3,51 

0,7 6,36 5,76 5,15 4,62 4,01 3,48 

 

Syngasoline plant’s FPC (€/l) 100% CSP, Solar Reactor Thermal Efficiency 0.85 

 

    STS Eff 

  0,3 0,4 0,5 0,6 0,7 0,8 

Conv 

Eff 

0,3 6,52 5,97 5,38 4,78 4,19 3,65 

0,5 6,41 5,86 5,29 4,69 4,10 3,56 

0,7 6,35 5,81 5,23 4,65 4,06 3,51 

 

Ethanol plant’s FPC (€/l) 100% CSP, Solar Reactor Thermal Efficiency 0.85 

 

    STS Eff 

    0,3 0,4 0,5 0,6 0,7 0,8 

Conv 

Eff 

0,3 3,32 2,93 2,65 2,42 2,14 1,77 

0,5 3,12 2,88 2,60 2,38 2,10 1,72 

0,7 3,11 2,85 2,57 2,35 2,08 1,70 

 

Methanol plant’s FPC (€/l) 100% CSP, Solar Reactor Thermal Efficiency 0.85 

 

  STS Eff 

  0,3 0,4 0,5 0,6 0,7 0,8 

Conv 

Eff 

0,3 2,31 2,13 1,94 1,76 1,57 1,42 

0,5 2,29 2,10 1,91 1,74 1,55 1,40 

0,7 2,27 2,09 1,91 1,73 1,54 1,39 

 

Fuel’s FPC (€/L) 100% CSP 

 

Fuel Case Solar Reactor 

Thermal Eff 

0.85 (€/L) 

Solar Reactor 

Thermal Eff 

0.90 (€/L) 

Solar Reactor 

Thermal Eff 

0.95 (€/L) 

Syndiesel 30 STS 30 Conv 

Eff 
6,47 6,18 6,01 

Syngasoline 30 STS 30 Conv 

Eff 
6,52 6,27 6,10 

Ethanol 30 STS 30 Conv 

Eff 
3,32 3,12 3,05 

Methanol 30 STS 30 Conv 

Eff 
2,31 2,23 2,18 
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Fuel’s FPC (€/L) PV-CSP Case, Solar Reactor Thermal Efficiency 0.85 

 

Fuel Case FPC PV-CSP (€/L) 

Syndiesel 

30 STS 30 Conv Eff 5.80 

80 STS 30 Conv Eff 2.92 

80 STS 70 Conv Eff 2.82 

Syngasoline 

30 STS 30 Conv Eff 5.99 

80 STS 30 Conv Eff 3.01 

80 STS 70 Conv Eff 2.87 

Ethanol 

30 STS 30 Conv Eff 2.98 

80 STS 30 Conv Eff 1.48 

80 STS 70 Conv Eff 1.42 

Methanol 

30 STS 30 Conv Eff 2.10 

80 STS 30 Conv Eff 1.21 

80 STS 70 Conv Eff 1.14 

 


