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Abstract

Biomass is a viable alternative in order to mitigate the environmental ef-
fects caused by the aggressive use of fossil feedstock during the last century.
This thesis builds around the idea of a biofuel production process that is
comprised of biomass production, biomass gasification, gas cleaning and
fuel production. Biomass production includes microalgae synthesis followed
by harvesting to supply microalgae to the gasification process. In the gasi-
fication process, the prepared microalgae is dried, pyrolyzed and gasified
to obtain a producer gas containing syngas and impurities. The producer
gas is cleaned from the impurities and fed to a fuel production unit, e.g. a
methanation process.

This thesis investigates three distinct aspects related to this process
scheme, namely the flocculation of microalgae as part of harvesting, biomass
pyrolysis as a part of gasification, and sulfur removal from the producer gas
as a part of gas cleaning.

The investigation of flocculation focuses on secondary phenomena that
accompany the aggregation and breakup of the suspended particles, namely
restructuring, decay of floc strength and settling. For the study of the
considered phenomena, a population balance model is developed.

Slow pyrolysis of biomass is studied on both the reactor scale and the
pellet scale. A model for a rotary drum reactor, using principles of isocon-
versional analysis, is developed for the study of different biomass feedstock.
The proposed model allows for deriving a preliminary reactor design with
minimal experimental input data. A one-dimensional finite volume scheme
is developed for the investigation of pyrolysis on the pellet scale. The pro-
posed scheme accounts for convective and diffusive heat and mass transfer,
and is tested against analytical solutions and commercial software packages.

Sulfur removal by metal oxides in a packed bed is studied on both the
system level and the process level. Criteria for the selection of metal oxides
and the design of packed bed units are derived. A detailed analysis is
undertaken to study the reaction of H2S with ZnO in a packed bed, where
the nano-particles of ZnO experience void formation and outward growth.

Keywords: PBE modeling of flocculation; Pyrolysis in Rotary Kilns; Pel-
let Pyrolysis; Gas Cleaning; Desulfurization.



Sammanfattning

Biomassa är en r̊avara som kan ersätta fossil r̊avara i syfte att mildra
miljöp̊averkan som orsakats av den utbreda användningen av fossil r̊avara
under det senaste århundradet. Den här avhandlingen bygger kring idén
av en process för produktion av biobränsle som är best̊aende av biomas-
saproduktion, förgasning av biomassa, gasrening och bränsleproduktion.
Produktion av biomassa inkluderar produktionen av mikroalger följt av
en skördeenhet som tillför mikroalger till förgasningsprocessen i en lämplig
form. I förgasningsprocessen torkas först de förberedda mikroalgerna för att
sedan pyrolyseras och slutligen förgasas för att erh̊alla en gengas som best̊ar
av syntesgas och föroreningar. Gengasen renas sedan fr̊an föroreningar och
leds till bränsleproduktionsenheten, vilken t.ex. kan vara en metaniser-
ingsprocess. I det här arbetet s̊a har vi speciellt tittat p̊a flockulering av
mikroalger som är del av skörden av mikroalger, pyrolys av biomassa samt
renandet av gengas, särskilt avsvavling.

Flockuleringsprocessen undersöks för att känna igen andra möjliga feno-
men som uppkommer vid sidan av konventionell aggregation och upplösning.
Dessa fenomen kan p̊averka storleken och egenskaperna hos de kluster som
bildas vid flockulering.

I arbetet presenteras ett numeriskt system för en-dimensionell modeller-
ing av pyrolys av biomassapellets. Systemet är kapabelt att lösa en modell
som inneh̊aller konvektiva massa- och värmeöverföringstermer. En model-
leringsmetodik föresl̊as p̊a reaktorskala för att erh̊alla preliminära design-
data för pyrolys av biomassa i roterande trummor. Denna metodik mildrar
komplexiteten av simuleringen av en pyrolysprocess som orsakas av en vari-
ation av r̊avarumaterial.

En systemanalys genomförs p̊a en kall reningsprocess för att ta bort
föroreningar fr̊an gengasen. En guide presenteras för designen av pack-
ade bädd reaktorer där H2S avlägsnas genom att reagera med metallox-
ider. Zinkoxider är fördelaktiga metalloxider för en avsvavlingsprocess. Sist
men inte minst s̊a diskuteras i detalj en modellering av en packad bädd av
ZnO pellets, i vilken nano-partiklarna av ZnO genomg̊ar tom bildning och
ut̊atg̊aende tillväxt under sulfidering.



List of Appended Papers:

I Ramiar Sadegh-Vaziri, Kristin Ludwig, Kai Sundmacher, and Matthaus
U. Babler. Mechanisms behind overshoots in mean cluster size profiles
in aggregation-breakup processes.” Journal of Colloid and Interface
Science 528 (2018): 336-348.

II Ramiar Sadegh-Vaziri, and Matthaus U. Babler. ”Modeling of slow py-
rolysis of various biomass feedstock in a rotary drum using TGA data.”
Chemical Engineering and Processing-Process Intensification 129 (2018):
95-102.

III Ramiar Sadegh-Vaziri, Helen Winberg-Wang and Matthaus U. Babler.
”1D finite volume scheme for simulating gas-solid reactions in a porous
spherical particle.” to be submitted.

IV Ramiar Sadegh-Vaziri, Marko Amovic, Rolf Ljunggren, and Klas En-
gvall. ”A medium-scale 50 MWfuel biomass gasification based bio-sng
plant: A developed gas cleaning process.” Energies 8, (2015): 5287-
5302.

V Ramiar Sadegh-Vaziri, and Matthaus U. Babler. ”Removal of hydrogen
sulfide with metal oxides in packed bed reactors - a review from mod-
eling perspective with practical implications.” Submitted to Applied
Sciences (2019).

VI Ramiar Sadegh-Vaziri, and Matthaus U. Babler. ”Numerical investi-
gation of the outward growth of ZnS in the removal of H2S in a packed
bed of ZnO.” Chemical Engineering Science 158 (2017): 328-339.

List of relevant papers that are not included:

• Ramiar Sadegh-Vaziri, and Matthaus U. Babler. ”Providing sulfur
free syngas to a fuel cell system.” Energy Procedia 159 (2019): 448-
453.



Contribution to the appended papers:

Paper I: I refined the model, developed the simulations platform and
took the lead in writing the manuscript.

Paper II: I adapted the modeling framework, modified the models, per-
formed the simulations and took the lead in writing the manuscript.

Paper III: I developed the numerical scheme, performed the simulations
and dimensional analysis and wrote the manuscript together with Matthaus
U. Babler.

Paper IV: I developed the process configuration, performed the simula-
tions and wrote the manuscript together with the co-authors.

Paper V: I conceived the work, gathered the information, processed them,
prepared the process design guide-lines and took the lead in writing the
manuscript.

Paper VI: I conceived the overall strategy, developed the model, ran the
simulations and wrote the manuscript together with Matthaus U. Babler.

Outline of thesis according to the appended papers:

Chapter 2 is based on Paper I. Paper II and III are presented in chapter
3. In chapter 4, paper IV and V are loosely discussed while paper VI is
covered in more details.



Acknowledgment

I would like to express my deepest appreciation to my supervisor Dr. Matthäus
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Chapter 1

Introduction

Biomass as a feedstock for different industrial purposes has received a lot of
attention during the past decades, in particular in regard of substituting the
fossil feedstock. Although the main driving forces were the limited avail-
ability and the high price of fossil feedstock in the beginning, the increasing
concerns of the rise of CO2 in the atmosphere has gained more significance
in recent years. Since biomass in general includes also food crops, only cer-
tain types of biomass should be dedicated for industrial purposes in order
to avoid food shortage [34], which is the main issue with the first generation
biofuels [15]. For instance algae, non-edible crops, agricultural and forest
residues and solid waste (e.g. municipal bio-waste) [79] are the types of
biomass that can be used for industrial purposes with little to no sacrifice
of food production capacities.

1.1 Biofuel Production Process

Let us consider the biofuel production process shown in Fig. 1.1. The first
step in this process is the production of microalgae. The algae is synthe-
sized in a liquid medium at low concentrations. Next, the microalgae is
harvested and prepared in a suitable form to be used as gasification feed-
stock. Harvesting includes different steps such as flocculation, filtration or
centrifugation and dehydration. The prepared microalgae is fed to a gasifi-
cation process which results in a producer gas that contains contaminants
and impurities. Depending on the type of gasifier, the operating pressure
varies from atmospheric to about 30 bars, while the temperature is in the
range of 700-1000◦C [14]. The impurities and contaminants are removed as
the producer gas passes the cleaning and upgrading steps. The clean syngas
is then fed to a fuel production process which could be e.g. a methanation

1
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Figure 1.1: Schematic overview of the considered biofuel production process.

or a Fischer-Tropsch process to produce biofuel. The fuel production pro-
cess is a catalytic reactor that usually operates at about 400◦C.

The biofuel production process shown in Fig. 1.1 forms the roadmap for
this thesis that presents independent investigations of three process steps,
namely (i) harvesting, (ii) pyrolysis as a pre-step of gasification and (iii)
cleaning and upgrading. In the following these three process steps are fur-
ther described and the specific research questions to each process step are
defined. This is followed by the implemented methodology to find answers
to the research questions.

1.2 Microalgae Harvesting

Microalgae has different applications such as feedstock for production of
biofuels and biomaterials, animal feed, fertilizers, etc. The optimum tem-
perature for the cultivation of algae is between 16 and 27◦C, depending on
the type of the algae. Microalgae is produced in a liquid medium which is
usually water that at the end of the production process is separated from
the solid algae. The separation step is referred to as microalgae harvesting.
The separation is usually carried out using centrifuges and/or filtration.
However the separation efficiency of these techniques is relatively low and
energy intensive due to the small size of microalgae particles. Flocculation
of microalgae leads to aggregation of algae particles to form larger clusters
that can be separated from the growth medium more efficiently. During
flocculation the mean size of clusters often increases to a maximum and
then relaxes to a lower value in time. This pattern in the mean size profile
is rather intriguing and current theories fail to present a satisfying explana-
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tion of this so-called overshoot phenomena. The first part of the thesis thus
undertakes a theoretical investigation of overshoots in the mean cluster size
in flocculation processes. An understanding of the overshoot phenomena is
important in order to determine the optimum residence time of microalgae
in the flocculation process that leads to more efficient harvesting.

1.3 Biomass Gasification

Biomass gasification is one of the popular routes to produce biofuels and
generate heat and power. Lignocellulosic biomass which include agricultural
and forest residues have been traditionally used in the gasification process
to produce raw syngas (i.e. the producer gas). Although lignocellulosic
biomass is the most abundant biomass on earth, there are still parts of the
world that lack the resources to fully rely on this type of biomass. The
advent of microalgae as a feedstock offered a possible solution to the issue
of biomass feedstock availability.

The gasification process includes three main steps (sub-processes), namely
drying, pyrolysis and gasification as shown schematically in Fig. 1.2. The
moisture content of the biomass feedstock is significantly reduced during
the drying process. Pyrolysis is a thermochemical conversion of biomass
under an oxygen deprived environment to produce biochar, bio-oil and py-
rolysis gas. During gasification the biochar is gasified by using a gasifying
agent which could be air, steam, etc. The final product is a producer gas
which mainly consists of CO, H2, CO2, CH4, H2O and, to a lower degree,
other compounds that are not desired and are labelled as impurities and
contaminants. Among the undesired compounds are particulates, tars, N-
compounds, S-compounds, halides and alkalies.

1.3.1 Biomass Pyrolysis

Biochar is the solid product of slow pyrolysis. Beside being a feedstock
to the gasifier, it can be used as a mean for soil amendment. Biochar is
a viable carbon sink alternative as well since it can sequester carbon for

Figure 1.2: Overview of the three main steps of a gasification processes.
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long time and in high densities. Biochar can be produced from different
biomass feedstock. Depending on the feedstock the quality of the biochar
varies significantly. This variation in the quality of the feedstock also affects
the design parameters of the pyrolyzer, which means that the design of a
pyrolysis process is a complex task and requires extensive investigations.
The second part of the thesis addresses this issue by investigating pyrolysis
of biomass on the reactor scale and on the pellet scale. Because the exper-
imental data available to this study was for woody biomass, the analysis in
this part of the thesis considers wood and its constituents as biomass feed-
stock. However, the developed methods are expected to be also applicable
to biomass derived from microalgae.

1.4 Producer Gas Cleaning

The producer gas can be utilized to generate fuels, heat and power. Prior to
utilization, the producer gas needs to be cleaned of undesired compounds.
There exist different methods of cleaning that can be employed for the task
and they can be categorized in two main groups: cold cleaning and hot
cleaning processes.

Cold cleaning processes are based on absorption of the undesired com-
pounds in a solvent. The potent solvents used in these processes also remove
CO2 to some extent which is not favorable in some fuel production applica-
tions where it is crucial to keep all the C-compounds in the producer gas.
Hot cleaning processes are based on catalytic reactions or gas-solid reactions
at elevated temperatures. Among the contaminants S-compounds, and in
particular H2S, are crucial to remove to avoid corrosion and poisoning of the
catalysts in the downstream processes. Metal oxides are frequently applied
to remove H2S but there still exist issues and limitations that require further
investigation, in particular when it comes to selection of metal oxides and
optimization of the removal process. The third part of the thesis focuses on
H2S removal using metal oxides in a packed bed configuration.

1.5 Scopes and Research Questions

In this thesis three distinct areas are investigated, namely flocculation of
microalgae, biomass pyrolysis and producer gas cleaning.

The efficiency of the harvesting process depends on the quality of the
flocculation process. Flocculation experiments show that the mean size of
clusters rises to a maximum and then relaxes to a lower value, resulting in
an overshoot in the mean size profile as a function of time. The first research
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question is to identify the possible mechanism behind this overshoot in the
mean size profile.

Investigation of biomass pyrolysis gains significance either as a step of
biomass gasification or as a route to produce biochar. Modeling a pyrolysis
process includes sub-models of mass transfer, heat transfer and kinetics.
Pyrolysis kinetic models usually suffer from being case specific due to vari-
ations in biomass feedstock. The second research question of this thesis
is to find a method of modeling the pyrolysis process that mitigates the
complexities caused by variations in the biomass feedstock.

Biomass is fed in form of pellets to the pyrolysis process. It is often
assumed that the main heat transfer mechanism inside the pellets is heat
conduction. In other words, the effect of heat transfer due to the flow of the
pyrolysis gas inside the porous pellets is ignored. Numerical schemes for the
simulation of pellet pyrolysis with the inclusion of heat convection effects
are often ”pieced up” from existing schemes and testing of the numerical
schemes is in general insufficient. Hence, the third research question of this
thesis is to present a numerical scheme for simulation of both convective
and diffusive phenomena during biomass pellet pyrolysis.

Producer gas cleaning is believed to be one of the main obstacles towards
a wide implementation of biomass gasification for fuel production. Keeping
all of the C-compounds (CO+CO2) together with H2 while removing other
impurities and contaminants is a challenging task that is highly crucial for
the viability of the process for fuel production. Metal oxides are frequently
applied to remove H2S and although the technology has reached a certain
level of maturity there remain some open issues and limitations. The fourth
research question of this thesis concerns the development of a set of criteria
and rules for the design and optimization of H2S removal using metal oxides
in a packed bed configuration.

Zinc oxide is one of the most favorable metal oxides to remove H2S. In
recent experiments, it was shown that nano-size particles of ZnO exhibit an
outward growth leading to the formation of hollow nano-particles made out
of zinc sulfide. The fifth research question is to investigate the effect of this
outward growth on the nano-scale on the other scales i.e. pellet and packed
bed scales.

1.6 Methodology

The research questions of this work possess different analysis scales; some
of them require investigations on a system level, some on a unit or macro
level, and some on a micro level.

Investigations on the system level, which is the case of the gas cleaning
process design, entails flow-sheeting of process units that are connected
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through material and energy streams. This type of analysis was done by
using ASPEN Plus in this work.

Macro level investigation refers to cases where a single process unit is
studied. In such cases, mass and energy balances together with required
sub-models for the related phenomena are employed. The result is a set of
partial differential equations that are solved numerical schemes that were
implemented in MATLAB. Simulation of the pyrolyzer and packed beds of
metal oxides fall in this category.

Investigations on the micro level considers phenomena inside the pel-
lets for instance. In this work, pellets of biomass undergoing pyrolysis and
pellets of metal oxides undergoing sulfidation are the cases of micro level
analysis. Similar to the macro level investigations, mass and energy bal-
ances with required sub-models are used. MATLAB was the main tool for
implementation of the numerical solution of the developed models. In the
case of pellet pyrolysis, COMSOL was also used in order to compare the
results.

1.7 Contribution to a Sustainable Society

The research presented in this thesis directly relates to two of the seventeen
goals of the UN for a sustainable society, namely Affordable and Clean
Energy and Climate Action.

Increasing the share of renewable energy in the global energy mix is
possible by using biomass as an energy feedstcok. One of the projects in
this thesis involved international collaborations with Max planck Institute
in Germany. This way, we contributed to enhancing international coopera-
tion to facilitate access to clean energy research and technology, including
renewable energy.

Biofuels produced from biomass feedstock are considered carbon neutral.
Also the energy supplied by biomass slow pyrolysis is considered carbon
negative if the produced biochar is stored for carbon sequestration. This
way, supplying fuel and energy from biomass feedstock contributes to clean
energy and climate action. The research presented in the following chapters
aims at facilitating the process of making biomass gasification and pyrolysis
a viable alternative to provide affordable and clean energy.



Chapter 2

Biomass Preparation:
Harvesting of Micro-algae

2.1 Micro-algae as Energy Feedstock

The first generation biofuels negatively influenced the food supply and
raised awareness to establish criteria of viable biofuel recourses. A techno-
economically viable resource uses no or low additional land and water, helps
the air quality by e.g. CO2 sequestration, and has a price lower than or com-
parable to fossil fuel recourses [52]. Microalgae has shown a great potential
to meet the criteria of a viable biofuel resource. Algae cultivation needs less
water than terrestrial crops [29] and the water could be a brackish water
[102] or wastewater [78]. Algae assimilates CO2 from air, and S, N, and
P from the water to synthesize and grow. The production plant could be
located in a non-arable land so it does not compete with food production
[102]. Additionally, microalgae can be produced all year long and has a
high production rate which makes it more suitable to meet the high fuel
demands [73, 108]. On these accounts, microalgae has been a major subject
of biofuel related researches to determine if it can have a price comparable
with fossil fuels.

Microalgae has been tested in variety of processes to produce biofuel,
which can be divided in three types of chemical, thermochemical and bio-
logical processes. Transesterificaiton of the extracted lipids from microalgae
to produce biodiesel is an example of a chemical process. Thermochemical
processes are gasification to produce syngas, thermal liquefaction to produce
bio-oil, and pyrolysis to produce char and bio-oil. Anaerobic digestion of
microalgae to produce methane and anabolic fermentation to produce alco-

7
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hols, in particular ethanol, are among the biological processes. Comparing
the three types of processes, thermochemical processes seem to be more fa-
vorable due to shorter process time, flexibility to the type of feedstock and
simpler process in overall [21].

Gasification of microalgae has been carried out in both conventional and
supercritical water gasification (SCWG). Conventional gasification methods
operate at temperatures of 700-1000◦C and pressures of 1-10 bar [51] and
require drying [45] of the microalgae prior to feeding. The quality of syn-
gas though depends on different factors such as the strain of microalgae,
gasification agent (which could be air, O2, N2, water and steam), operating
conditions (T and P ) and the type of reactor [21]. SCWGs operate at tem-
peratures of 400-500◦C and pressures of 240-360 bar where water is in its
supercritical condition and acts as a non-polar solvent, providing a suitable
environment for gasification [21]. SCWGs do not require the predrying of
microalgae, and the feed could have solid concentration as low as 5% [85].
It is also possible to add catalysts to SCWGs which benefits the results in
terms of better efficiency and shorter residence times [18]. Although SCWGs
have high operating costs, they have higher energy efficiency compared to
the conventional gasifications, as shown by Aziz et. al [4].

2.1.1 Microalgae Production

In this work, we refer to all the unicellular and simple multi-cellular microor-
ganisms, including prokaryotic and eukaryotic microalgae, as microalgae.
The algae production can be carried out in either open ponds or photo-
bioreactors. Depending on the synthesis conditions the concentration of
algae in open ponds is in a range of 0.1-40 g/l and in photobioreactors in a
range of 1.5-85 g/l [14, 40]. In order to be able to feed the microalgae to a
gasification process, the concentration of produced microalgae from any of
the above production methods is relatively low and needs to be elevated to
at least 50 g/l. This will be done during the recovery process.

2.1.2 Recovery of Microalgae

The produced microalgae has a size of 2-20 µm [116] and a concentration
of 0.5-85 g/l [14]. The concentration of microalgae can be increased by
either filtration or centrifuge processes. However, this will be costly since
the size and concentration of microalgae in the stream is too low. In order
to solve this issue a flocculation process is conducted beforehand. During
flocculation the microalgae stick together and form larger particles, leading
to either sedimentation and flotation of flocks. A flocculation process, if
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conducted properly, can increase the concentration to 800 times of the ini-
tial concentration. [54]

Neither filtration nor centrifugation processes are suitable for separat-
ing particles smaller than 70 µm. Filtration of microalgae could increase
the solid volume fraction to values as high as 27%, while centrifugation can
elevate it to 15%. Harvesting with centrifugation has been reported to be
as highly efficient as 95% [14].

2.2 Microalgae Flocculation

Microalgae carry negative charge which prevents them from naturally ag-
gregating, thus they form a stable suspension. There are several methods
to trigger flocculation of microalgae, among which are chemical, physical,
biological and genetic methods.

Chemical methods involve addition of a flocculant (or a coagulant) to
the suspension. The flocculant can be a metal salt such as ferric chlo-
ride (FeCl3), aluminum sulfate (Al2(SO4)3) or a cationic polymer such as
Polyferric sulfate (PFS) [41]. The flocculants offset the electrostatic repul-
sion of the microalgae by charge neutralization, electrostatic patch mech-
anism, bridging or sweeping flocculation. Charge neutralization happens
when cations released from salts or polymers encompass microalgae so that
the microalgae have a neutral net charge. Electrostatic patch mechanism
is observed when a cation’s positive charge locally surpasses the negative
charge on microalgae surface, thus creating a locally positive charge area,
which leads to attracting other microalgae. Bridging occurs when (two ends
of) a polymer binds with two microalgae. Sweeping flocculation is a condi-
tion where microalgae are trapped in precipitates formed from salts [116].

In physical flocculation, a physical force in form of electrolytic, magnetic
and ultrasound triggers the flocculation. During biological flocculation, a
bacteria or fungi is used to start the flocculation. It is also possible to use a
strain of microalgae that is self-flocculating to trigger flocculation of other
strains. Finally, genetic modification of microalgae in a way that the cell
walls excrete flocculation proteins that helps microalgae to stick together is
another possible method of flocculation.
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2.3 Modeling of Flocculation

Flocculation is recognized as an answer to the problem of harvesting of
microalgae. During flocculation, microalgae stick together upon collisions
and form clusters. The bigger the size of the clusters, the higher are the
chances of aggregation. However, as the clusters grow in size, it is more
likely for them to break into smaller fragments due to the influences of the
fluid shear. The combined aggregation and breakup of clusters has been
frequently modeled in the literature by using population balance equations
(PBEs) to investigate the effect of particle-particle interactions and fluid
shear on the dynamic of the suspension [91].

PBEs are generic material balance equations that describe the evolu-
tion of a distributed property over a specific population. The considered
property could be mass, concentration, purity, etc. In our work, to model
the flocculation process with PBEs, we focus on tracking the mass as our
desired property. From the obtained mass distribution, we can track the
size evolution, as explained shortly.

Aggregation of microalgae under certain circumstances leads to an over-
shoot in the mean cluster size, i.e. starting from a suspension of primary
particles (i.e. microalgae cells) in a batch system the mean cluster size first
increases before passing through a maximum beyond which a slow relax-
ation is observed. Such behavior was observed in various systems including
the flocculation of suspended solids from raw waters [104]. The size of clus-
ters influences the efficiency of the afterward filtration or centrifuge, thus
it is of interest to carefully track the size evolution of clusters, making the
studying of overshoot a crucial research topic.

The occurrence of a maximum in the time evolution of the mean ag-
gregate size is often explained by aggregate breakup that ”kicks in” once
the aggregates have reached a certain size. Aggregate breakup is clearly an
important phenomenon in shear aggregation as it controls the stationary
size distribution that establishes after a long time. However, breakup alone
cannot explain the occurrence of a maximum in the mean aggregate size.
Even in the relaxation phase in the second stage of the process the evolution
of the aggregate size distribution is controlled by aggregation and breakup
which both are relatively fast processes.

In this study we want to explore what kind of conditions lead to a
maximum in the evolution of the mean cluster size in a system controlled
by aggregation and breakup. Considering a suspension of microalgae in a
batch system undergoing aggregation and breakup the following factors can
cause an overshoot of the mean aggregate size:

• A transient evolution of the particle properties that lead to a change
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in the aggregation and breakup dynamics:

– Change in fractal dimension of aggregates due to restructuring

– Change in mechanical stability of aggregates structure

• Aggregation is dominated by reactions with primary particles.

• Removal of large aggregates due to settling or deposition

The present study presents a theoretical analysis of the overshoot phe-
nomena in suspensions undergoing aggregation and breakup. The mech-
anisms listed above will be considered and the controlling factors behind
each one are studied.

2.3.1 Developing PBE

In this section we develop a PBE to describe the flocculation of microalgae.
A batch system containing microalgae that are in the stagnation phase of
their growth, i.e. do not grow in size or weight, is considered. The microal-
gae are assumed to be spherical and mono-dispersed. In the continuation,
the microalgae are referred to as primary particles with their radius denoted
by Rp. We consider only binary aggregation, meaning only two clusters at
a time can collide to form a bigger cluster. Considering a well-mixed batch
system where the clusters can only aggregate or break, the PBE reads as:

dn(m, t)

dt
= Bagg(m, t)−Dagg(m, t) +Bbrk(m, t)−Dbrk(m, t) (2.1)

where n(m, t) is the number distribution of clusters with a mass equal to m
at time t. The terms B and D in Eq. (2.1) correspond to birth and death of
clusters, respectively. In the absence of coalescence or sintering, fractals or
fractal-like structures are formed when small particles stick together. Here,
we use the fractal concept in the common form to relate the aggregate size
(expressed through the radius of gyration) to the aggregate mass (expressed
as a multiple of the primary particle mass) as:

m = (Rg/Rp)
df (2.2)

where df is the aggregate fractal dimension and Rg is the radius of gyration.
Birth of clusters of mass m due to aggregation is found from the number of
successful collision between two clusters with arbitrary masses whose sum
equals m:

Bagg(m, t) =
1

2

∫ m

0

KA(m′,m−m′)n(m′, t)n(m−m′, t)dm′ (2.3)
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where KA is the aggregation kernel that depends on the size of the colliding
clusters. The prefactor (1/2) is included because the integral counts each
collision twice. The death of clusters due to aggregation is computed from
the number of successful collisions between clusters with mass m and any
other clusters in the system:

Dagg(m, t) =

∫ ∞
0

KA(m,m′)n(n, t)n(m′, t)dm′ (2.4)

The birth of clusters due to breakup is obtained from the number of clusters
with the mass m formed from the breakup of larger clusters:

Bbrk(m, t) =

∫ ∞
m

KB(m′)g(m,m′)n(m′, t)dm′ (2.5)

where KB is the breakup function or the selection function which is basically
the frequency of selecting clusters to go through the breakup process while
g(m,m′) is the fragment distribution function. The death of clusters due to
breakup simply reads as:

Dbrk(m, t) = KB(m, t)n(m, t) (2.6)

In the following, we will be discussing aggregation kernel, breakup func-
tion and fragment distribution function.

The aggregation kernel KA(m1,m2) which appears in Eqs (2.3 and 2.4)
describes the probability of two clusters with masses of m1 and m2 undergo-
ing a successful collision, meaning colliding, sticking together and forming
an aggregate. In this work, we consider the case where aggregation is in-
duced by both Brownian motion and fluid shear. Expressing the cluster size
through Eq. (2.2), the aggregation kernel to be used in Eqs. (2.3 and 2.4)
reads as:

KA(m,m′) =
2kBT

3µ

(
m1/df +m′1/df

)2
(mm′)

1/df
+

1.3GR3
p

(
m1/df +m′1/df

)3

f(m,m′; df ) (2.7)

where the kB is the Boltzmann constant, T is the temperature, µ is fluid
viscosity, G is the shear rate and f is the collision efficiency. The first terms
on the right hand side of the equation represents Brownian aggregation and
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the second is the shear aggregation. The shear induced aggregation is often
descried by two terms: collision frequency and collision efficiency to form
aggregates. The collision efficiency used in the present work is described
through the porous sphere model of [6]. The latter takes into account the
hydrodynamic and colloidal interactions of the colliding clusters which re-
sults in a significant correction of the classical Saffman-Turner expression.
It is a function of size and fractal dimension of aggregates and requires two
parameters to quantify the colloidal interactions, namely a dimensionless
Hamaker constant, NF = 0.15AH/µR

3
pG, and a dimensionless retardation

length, NL = λL/Rp, which were calculated assuming a London wave length
of λL = 100 nm and a Hamaker constant of AH = 3× 10−21 J [33].

The breakup rate function used in this work is based on the model de-
veloped in [8] which is based on the idea that breakup occurs when the
hydrodynamic stress, due to turbulence, on an aggregate exceeds a critical
threshold [27, 42, 105]. The hydrodynamic stress experienced by an ag-
gregate is proportional to the local energy dissipation rate ε. Hence, the
occurrence of breakup is controlled by the time it takes for an aggregate to
experience a local dissipation that exceeds a threshold dissipation εcr, repre-
senting the aggregate strength. Denoting this time lag by τεcr , the breakup
rate follows as KB

εcr = 〈τεcr〉−1. In [7] the τεcr was measured by following
the trajectories of tracer-like aggregates in a direct numerical simulation of
the Navier-Stokes equation in a periodic box. The result is an empirical
parametrization of the breakup rate as a function of the critical dissipation:

ln(KB/G) =


−0.457 (εcr/〈ε〉)− 2.8775, εcr/〈ε〉) ≤ −2

−0.00104 (εcr/〈ε〉)4 − 0.02284 (εcr/〈ε〉)3

−0.1494 (εcr/〈ε〉)2 − 0.8138 (εcr/〈ε〉)
−3.160

εcr/〈ε〉 > −2

(2.8)

where 〈ε〉 is the average dissipation obtained from 〈ε〉 = νG2. To use this
breakup function within the PBE model, we need to find a relation between
the threshold dissipation εcr and the aggregate mass m, which is established
as:

εcr/〈ε〉 = Cm−2/(dfp) (2.9)

where C is the dimensionless aggregate strength parameter, which is in-
versely proportional to the mean shear rate squared C ∼ G−2, and p
is the strength exponent. With reference to [106], for aggregates with
df ≈ 2.7 and Rp ≈ 0.405 µm, a typical value for the strength parame-
ter is C ≈ (1.5 × 1013 s−2)G−2. However, since the aggregate strength is
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very sensitive to the material and surface chemistry of the primary particles
and the flocculant, in the following we use the strength factor C as a free
parameter, while the strength exponent is taken as p = 0.5. The latter
presents the average strength exponent for fractals in range df = 2.4 to 2.9
[24].

The fragment distribution function describes the mass distribution of
fragments formed from the breakup of a larger cluster. In this work, we
consider symmetric binary breakup, so the fragment distribution reads as:

g(m,m′) = (b+ 1)
2

m′

(
−
∣∣∣∣2mm′ − 1

∣∣∣∣+ 1

)b
(2.10)

where b is a precision exponent. For b → ∞ the fragment distribution
corresponds to formation of two fragments that are identical in mass which
is exactly half of the mass of the original cluster. In the calculations run
here we arbitrarily set b = 8, resulting in two fragments that differ by less
than 25% in two out of three cases.

2.3.2 Numerical Scheme for Solving PBEs

Eq. (2.1) is solved using the fixed pivot method of [58]. In this method, the
continuous variable of the system (m) is discretized on a geometric grid with
mi+1 = 2qmi, where the grid parameter q > 0. In our simulations, q = 1/3
was used as the fine grid while q = 1 was used in the case of coarse grid.
The upper limit of the size grid in all simulations is mmax ≈ 1012, except
for the case of primary particle aggregation and systems with deposition
of large clusters where we considered mmax ≈ 109 and mmax ≈ 8 × 103

respectively.
Solving Eq. (2.1) gives the cluster mass distribution n(m, t), from which

the average aggregate size is obtained. In this work, we consider the mean
radius of gyration as our principle quantity to evaluate the dynamics of
the system. In experiments, the latter is readily accessible from light scat-
tering measurements [103, 105, 107], while its relation to the cluster mass
distribution is [9, 107]:

〈Rg〉 =


∫ ∞

0

n(m, t)m2[Rg(m)]2 dm∫ ∞
0

n(m, t)m2 dm


1/2

(2.11)

where Rg(m) is the radius of gyration of an aggregate of mass m, which
is expressed through the strict definition Rg(m) = Rg,0m

1/df , with Rg,0 =√
3/5Rp being the radius of gyration of the primary particle.
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Figure 2.1: Time evolution of the mean radius of gyration in the absence
of secondary effects. The three panels show the influence of the (a) fractal
dimension, (b) aggregate strength, and (c) solid volume fraction.

If not specified otherwise, in the numerical calculations performed in
this work we consider colloidal particles with a primary particle radius of
Rp = 100 nm. The shear rate was set to G = 100 s−1 which is a typical value
found in stirred tank (cf. Tab. 1 in [77]) or Taylor-Couette [84] reactors
used in aggregation studies.
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X(τ) =

 X0 + (X∞ −X0)e+β(τ−τ1). τ < τa

X∞ − (X∞ −X0)e−α(τ−τ2), τ ≥ τa

Figure 2.2: Model equation for evolving the fractal dimension (X = df ) and
the aggregate strength parameter (X = C) in time. The model consists of
two exponential branches that intersect in τa. Model parameters are the
two plateau values X0 and X∞, the relaxation rates α and β, the level
crossing times τ1 and τ2, and the inflection point τa. Imposing X(τ) to be
continuous and smooth in τa allows for expressing two parameter through
the others, i.e. β = α/[eα(τa−τ2)−1] and τ1 = τa−β−1[ln(α/β)−α(τa−τ2)].
Furthermore, in the simulations run in this work we set τ2/τa = 0.9 except
when fitting the model to the experimental data. Notice that all parameter
are made dimensionless by the aggregation time τc = 4π/(3Gφ).

2.4 Mean Size Evolution of Clusters

For an aggregation-breakup system, the mean radius of gyration of clusters
increases exponentially with time and then relaxes to a plateau, as shown
in Fig. 2.1. The main controlling parameters of an aggregation-breakup
system including fractal dimension df , aggregate strength C and solid vol-
ume fraction φ are varied in the figure to study the system behavior. In
this figure, the vertical axis is normalized by dividing the mean radius of
gyration by the radius of gyration of primary particles. The dimensionless
time is obtained from τ = t/τc, where τc is the characteristic time of aggre-
gation defined as τc = 4π/(3Gφ). When the mean size reaches the plateau,
the rate of aggregation and breakup are in balance. This condition can be
interpreted as the steady state of the mean size of clusters. The steady
state cluster size is shown to increase with decreasing fractal dimension and
increasing aggregate strength and solid volume fraction. More importantly,
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the results shown in Fig. 2.1 reveals that an aggregation-breakup system
alone does not lead to an overshoot in the mean size profile of clusters. In
the following we investigate systems that beside aggregation and breakup
involve an extra mechanism that leads to the overshoot.

2.4.1 Overshoot due to Restructuring of Clusters

Restructuring of clusters results in a change in the aggregate fractal dimen-
sion (df ). This change in df during restructuring was shown experimentally.
In certain aggregation-breakup processes df increases monotonically from
an initially low value to a constant plateau value [3, 99, 103]. In the PBE
modeling framework, the value of df affects the aggregation rate, the colli-
sion efficiency and the breakup rate.

To include the time evolution of the fractal dimension into our PBE
model we adopt an approach in which df (t) follows a predefined function.
The advantage of this approach is that it provides the flexibility to study
different restructuring scenarios at a reasonable computational effort. The
empirical model for df (t) is taken as the extended sigmoid function, outlined
in Fig. 2.2. It evolves df (t) from an initial value df,0 to a final value df,∞
following an ”S”-shaped curve. The model for df (t) is parametrized by two
parameters, namely the restructuring rate α′ characterizing the exponential
relaxation to the plateau value, and the inflection point τ ′a that specifies the
time when restructuring takes place. Below, the parameters are reported in
dimensionless form as α = α′τc and τa = τ ′a/τc.

In our simulations, we assume that the aggregates are initially open
with df,0 = 1.8, which is the typical value for diffusion limited aggrega-
tion [50]. Due to breakup and re-aggregation and interactions with the
flow [84] [11, 117], the aggregates become more compact and reach a final
fractal dimension of df,∞ = 2.6, which is the value found by [32] for shear
aggregation.

Fig. 2.3 shows the time evolution of the mean radius of gyration (panel a)
together with the fractal dimension (panel b). Solid lines show simulations
where the fractal dimension is evolving from df,0 to df,∞ while dashed lines
show simulations with the fractal dimension kept constant at either df,0 or
df,∞. In the former, we kept constant the restructuring rate (α = 5) and
varied the time when restructuring occurs, i.e. we considered the cases of
early restructuring (τa = 0.01), intermediate restructuring (τa = 0.1), and
late restructuring (τa = 0.25). In the case where restructuring occurs at
an early time the mean radius of gyration exhibits no overshoot. On the
other hand, when restructuring occurs at an intermediate or late time, the
growth of 〈Rg〉 is substantially faster and an overshoot is observed. In all
cases the mean radius of gyration relaxes to a plateau 〈Rg〉∞/Rg,0 ≈ 94
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Figure 2.3: Time evolution of the mean aggregate size in the case of restruc-
turing. (a) Mean radius of gyration and (b) fractal dimension. Solid lines
refer to simulations with the fractal dimension evolving from df,0 = 1.8 to
df,∞ = 2.6, while dashed lines refer to simulations with the fractal dimen-
sion kept constant at either df,0 or df,∞. Here and below, the shear rate is
G = 100 s−1 and Rp = 100 nm.

that is controlled by the final fractal dimension, as indicated by the dashed
line that shows the case where df is constant at df,∞. The simulations
suggest that there is no overshoot when the mean radius of gyration during
the restructuring is still smaller than the final plateau value, while on the
other hand, if the mean radius of gyration exceeds the final plateau value
during the restructuring an overshoot occurs.

2.4.2 Overshoot due to Aggregate Strength Decay

Cyclic breakup and re-aggregation can alter the surface of of the primary
particles. This can decrease the the bond strength between primary par-
ticles, making the aggregates weaker [17, 76]. In the adapted modeling
frame-work here, the aggregate strength is measured with a strength pa-
rameter C that enters the breakup rate function. To model the decrease
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Figure 2.4: Time evolution of the mean aggregate size for the case of a
decaying aggregate strength. (a) Mean radius of gyration and (b) aggregate
strength parameter. Solid lines refer to simulations where the aggregate
strength parameter decreases from C0 = 108 to C∞ = 107, while dashed
lines refer to simulations with the aggregate strength kept constant at C0

and C∞. In all simulations, the fractal dimension is constant at df = 2.6.

of the strength parameter C in time we adapt a similar approach as in the
case of restructuring, i.e. we use the sigmoid function outlined in Fig. 2.2
where C evolves from an initial value C0 to a final plateau value C∞. In
the numerical simulations that follow we consider compact aggregates with
df = 2.6 whose strength parameter decreases from C0 = 108 to C∞ = 107.

Fig. 2.4 shows the time evolution of the mean radius of gyration (panel
a) together with the aggregate strength parameter (panel b). The solid lines
refer to simulations where the strength parameter is evolving from C0 to
C∞ while the dashed lines show simulations with the strength parameter
kept constant at either C0 or C∞. Three cases for the evolution of C(t)
are considered, namely fast decay (α = 5), intermediate decay (α = 2.5),
and slow decay (α = 1). In all cases the decay sets in at τa = 0.5. As
can be seen there is no overshoot in the case of fast decay of C(t) while an
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overshoot is observed for the cases with intermediate and slow decay. In
all cases the mean radius of gyration relaxes to a plateau 〈Rg〉/Rg,0 ≈ 46
that is controlled by the aggregate strength at the end (C∞) as indicated
by the dashed line in Fig. 2.4-a. The simulations suggests that there is no
overshoot when the mean aggregate size at the end of the decay of C(t) is
still smaller than the final plateau size, as is the case for the fast decay.

2.4.3 Overshoot due to Deposition of Large Clusters

As the size of aggregates increases, some aggregates may settle, float or
stick to the walls of the reactor due to, e.g. gravitational or inertial effects.
This leads to zones with much higher solid volume fractions compared to
the bulk of the system. Assuming that the interaction of these zones with
the rest of the system is negligible, we can exclude the large aggregates
that are in these zones from the aggregation-breakup dynamics that take
place in the bulk of the system. To simulate this case, we consider a critical
aggregate mass, mc, above which the aggregates enter the high density zones
and are therefore excluded from the system. In the following the critical
aggregate mass is taken as mc = 8 × 103 which, for df = 1.8, corresponds
to a dimensionless aggregate size of Rg/Rp ≈ 147.

Fig. 2.5 shows the time evolution of the mean radius of gyration (panel
a) together with the bulk solid volume fraction (panel b). Solid lines refer
to the case where there is deposition of large aggregates while dashed lines
refer to the case without deposition, i.e. the large aggregates stay in the
system. The fractal dimension and the aggregate strength are kept constant
at df = 1.8 and C = 108, respectively. As can be seen, the mean radius of
gyration increases up to t ≈ 8 min at which point some of the aggregates
are large enough to pass the critical size. Excluding these aggregates from
the system results in a decrease in the solid volume fraction as shown in Fig.
2.5-b. This loss of aggregates disturbs the balance between aggregation and
breakup and leads to an overshoot in the mean radius of gyration. The slow
decay of 〈Rg〉 in the second stage of the process is controlled by the rate at
which aggregates grow larger than the critical size.

2.4.4 Overshoot due to Primary Particle Aggregation

Discrete processes where the growth of an entity (or particle) proceeds
through the reaction with another entity (or particle) may show a strong de-
pendency on the size of one of the reacting entities. A key example is radical
polymerization where the growth of a polymer chain is dominated by reac-
tions with monomers, while in the colloidal domain aggregation of charged
particles may show similar characteristics [59, 82]. Other particulate sys-
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Figure 2.5: Time evolution of the mean aggregate size for the case of large
aggregate deposition. (a) Mean radius of gyration and (b) bulk solid volume
fraction. Solid lines refer to simulations with large aggregate deposition
while dashed lines refer to simulations where all aggregates remain in the
system.

tems that show a strong dominance of reactions that involve monomers may
be found in hetero-aggregation or in wet agglomeration processes [59].

An aggregation-breakup process where aggregation is dominated by re-
actions with primary particles may exhibit an overshoot in the mean ag-
gregate size, i.e. once the primary particles are consumed (or their con-
centration gets very low) aggregate growth ceases and the evolution of the
aggregate size distribution is controlled by breakup, resulting in a decrease
of the aggregate size.

In the following, we aim at exploring the effect of primary particle aggre-
gation on a sheared system where aggregation and breakup show a strong
size dependency. In order to observe a pronounced overshoot we set the
primary particle radius equal to Rp = 500 nm (as opposed to 100 nm in
other cases considered in this work) and use a coarse grid for the numerical
integration of the PBE model.

Fig. 2.6 shows the time evolution of the mean radius of gyration (panel
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Figure 2.6: Time evolution of (a) the mean radius of gyration and (b)
the number of primary particles for a system governed by primary particle
aggregation. The three sets of data refer to different aggregate strength as
characterized by the strength parameter C.

a) together with the corresponding evolution of the number of primary
particles (panel b). The three cases considered refer to aggregates with
different strength, as characterized by the strength parameter C that is
kept constant in each simulation. For all cases the fractal dimension is kept
constant at df = 1.8. Increasing the aggregate strength leads to a more
pronounced overshoot in the mean size. Stronger aggregates experience
lower breakup rates so large clusters have a higher chance of formation.
Since large clusters aggregate faster, they consume more primary particles.
That is why we observe a faster decrease of primary particles in the cases
with higher values of C, as shown in Fig. 2.6-b.

2.5 Distinguishing the Different Mechanisms

Identifying the controlling mechanism behind the overshoot through direct
experimental investigation is highly demanding and requires sophisticated
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Figure 2.7: Time evolution of the mean radius of gyration for a system
controlled by primary particle aggregation. The dashed and dashed-dotted
lines show the response of the system upon lowering the shear rate to half
of its original value. The markers indicate the times when the step change
in shear rate are applied. The slopes s1 and s2 indicate the rate of regrowth
upon a step change in the shear rate.

instrumentation [32, 76, 103], especially in the case of complex systems
such as wastewaters [16] or microalgae [116]. In the following we propose a
simple protocol how a step change in the shear rate at a specific moment
in time allows for distinguishing among the four mechanisms discussed in
this work. The basic principle of the proposed protocol is to compare the
time evolution of the mean aggregate size in the case where the shear rate
is kept constant with the case where the shear is lowered before and after
the maximum in the mean size profile in the original experiment.

As an example, the response of step changes in the shear rate for a
system controlled by primary particle aggregation is shown in Fig. 2.7. The
solid lines refer to the situation where the shear rate is kept constant, while
the dashed and dashed-dotted lines refer to the situation where the shear
rate is reduced to half of its original value before and after the maximum
in the original experiment, respectively, as indicated by point 1 and point
2 in Fig. 2.7. The figure shows the time evolution of the mean aggregate
size plotted versus the dimensionless time τ = t/τc, for a shear rate that
changes from G = 100 to 50 s−1. The exact times when the shear rate is
lowered were chosen arbitrarily. Notice that due to the dependency of τc on
the shear rate there are two characteristic aggregation times: one for the
interval before the step change in G and one for the interval after the step
change, which needs to be accounted for when plotting the data along the
none-dimensional time axis. Normalizing the time axis by τc cancels out the
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Table 2.1: Distinguising the different overshoot mechanisms
Mechanism Re-grow ratesa Late stage re-grow pattern

Restructuring of clusters s1 > s2 Increase-relaxation
Decay of aggregate strength s1 ≈ s2 Increase-relaxation
Deposition of large clusters s1 ≈ s2 Overshoot
Primary particle aggregation s1 > s2 Overshoot/decay
a s1 and s2 denote the re-growth rates for a step change in the shear

rate before and after the maximum in the mean aggregate size.

direct effect of the shear rate on the dynamics of the aggregation process
and allows for highlighting the characteristics of the mechanisms leading to
an overshoot.

In particular, the important characteristic that allows for distinguish-
ing between the mechanisms is the rate of regrowth upon the step change
in G. Fig. 2.7 shows that for primary particle aggregation, the re-growth
at an early stage is substantially faster than the re-growth at a late stage,
as indicated by the slopes s1, respectively, s2. However, applying the step
change at a sufficiently late time (point 3 in Fig. 2.7) will lead to a pattern
where the mean size exhibits negligible re-growth and, instead, stays ap-
parently constant. This apparently constant aggregate size that establishes
upon lowering the shear rate is due to the absence of primary particles that
would be required for the re-growth.

Repeating the same kind of analysis for other mechanisms of overshoot,
we see that the rate of re-growth in the case of restructuring is substantially
different in point 1 and point 2, while in the case of a decaying aggregate
strength the rate of re-growth is of similar magnitude in point 1 and point
2. The reason for this is that reducing the shear rate leads to a drastic
reduction of the breakup rate which gives aggregation the overhand over
breakup. Due to the strong dependency of the aggregation rate on the
fractal dimension the restructured aggregates grow substantially slower in
point 2 than the more open aggregates in point 1. In the case of a decaying
aggregate strength the fractal dimension and therefore the aggregation rate
are not affected. Accordingly, similar regrowth rates are observed in point 1
and point 2. Such distinguishing was applied by [76] to relate the overshoot
to a decaying aggregate strength.

Analyzing the overshoot due to deposition of large clusters shows that
the re-growth of the mean aggregate size is similar in the two situations
where the step change in G is applied before (point 1) or after (point 2)
the maximum of the original experiment, hence, the behavior of the re-
growth is similar to the case of a decaying aggregate strength. However,
the difference to the latter is that in the case of large aggregate deposition,
reducing the shear rate once the apparent plateau is reached results in a re-
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growth followed by a second overshoot. The reason for this second overshoot
is that reducing the shear rate allows for the aggregates to grow to sizes that
are prone to deposition. This deposition again disturbs the balance between
aggregation and breakup resulting in the second overshoot.

The results of the analysis to identify the dominating mechanism in
a system exhibiting an overshoot are summarized in Table 2.1. The two
characteristics, i.e. the re-grow rates s1 and s2 and the pattern of the
re-growth for a late change in the shear rate, are not the same for any
two mechanisms. This provides us the protocol to distinguish among the
different mechanisms behind the observed overshoot.

2.6 Summary

Flocculation of microalgae was presented as a viable solution to enhance
harvesting the biomass particles at the end of microalgae production pro-
cess. Experimental results from the literature and co-workers show that the
profile of mean size of algae clusters exhibits an overshoot. It was shown
that a typical aggregation-breakup processes does not lead to an overshoot
in the mean size profile and there must exist another explanation for this
phenomena. We simulated four mechanisms that lead to the overshoot.
These mechanisms are restructuring of clusters, aggregate strength decay,
deposition of clusters, and primary particle aggregations. The simulations
of all four mechanisms showed the overshoot in the mean size profile. Also
a protocol was presented in order to distinguish between these mechanisms
and recognize the mechanism leading to the overshoot in any given case.



Chapter 3

Biomass Pyrolysis

Depending on the heating rate and the operating temperature pyrolysis
processes are divided into two categories namely, slow and fast pyrolysis.
Slow pyrolysis of lignocellulosic biomass results in production of biochar
and volatile products. Biochar finds applications for different purposes such
as energy commodities and fuel production, carbon sink, soil amendment
and improving water quality [60]. The operating conditions of slow pyrol-
ysis of biomass to produce biochar includes relatively slow heating rates
(<100◦C/min) under which the temperature varies from 25 to 500◦C [92].
The final product is a biochar that preserves up to 50% of the fed biomass.

Slow pyrolysis was studied in this thesis with different objectives in
mind. On the one hand side, we looked at pyrolysis on the scale of the
reactor. Here, an issue is the modeling of the pyrolysis reaction. Section
3.1 presents a method that incorporates a reaction model based on isocon-
versional analysis into a process model. On the other hand, we looked at
pyrolysis on the scale of a biomass particle. Here, the issue is how to de-
scribe and simulate the internal heat and mass transfer due to molecular
and convective transport. Section 3.2 presents a model for the simulation
of a macroscopic biomass particle undergoing pyrolysis and it outlines the
finite volume scheme that was developed for solving the model. Since the
experimental data available for this study were for wood based biomass,
the research in this chapter considers wood and its constituents as biomass
feedstock.

26
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Figure 3.1: Block diagram of the proposed approach.

3.1 Modeling Methodology for Pyrolysis of
Different Biomass Feedstock

Generally, processes that involve thermal treatment of biomass have the
issue of variation in the feedstock properties. This means that these pro-
cesses run with different raw materials, including forest residues and waste
materials from different industries. Process modeling can help in predicting
the behavior of different feedstock materials for a given biomass plant.

We consider the slow pyrolysis of biomass for the production of biochar
in a rotary kiln reactor. In such processes, predicting the conversion fraction
of biomass to biochar under different process conditions is highly desired.
To estimate the conversion fraction, one can implement rigorous process
modeling which requires a kinetic rate expression for describing the con-
version of the biomass when subject to thermal treatment. Here, we show
that an effective rate expression suitable to be used in a process model can
be obtained from the analysis of thermogravimetric data by means of a
recently developed isoconversional method [98]. Thermogravimetric analy-
sis (TGA) is a common practice for characterization of biomass materials.
However, the prediction of the behavior of a certain biomass material in
a given process requires running the TGA with the specific temperature
evolution the biomass experiences in the actual pyrolysis process. This is
quite impractical since the specific temperature evolution the biomass ex-
periences is difficult to measure or it is unknown at an early stage of process
development. To address this issue, we propose isoconversional analysis of
TGA data measured at different heating rates to obtain an effective rate
expression, as outlined in the block diagram shown in Fig. 3.1. The rate ex-
pressions obtained with this method can then be implemented in a process
model based on the reactor configuration to simulate biochar production
and other preliminary process design data.

The feasibility of the suggested approach in Fig. 3.1 is examined by
investigating the pyrolysis of four vastly different biomass materials, namely
spruce wood, pulp, lignin and xylan-lignin. The latter three are extracted
from the black liquor of the kraft paper making process. The considered
reactor configuration for conducting the pyrolysis process is a rotary drum
reactor that is heated indirectly. TGA data for the pyrolysis of these four



Section 3.1 Page 28

biomass is taken from Samuelsson et. al [96], which covers a wide range of
heating rates. The data in combination with the isoconversional approach is
used to derive a rate expression. The derived rate expression is implemented
in a process model that simulates a rotary drum pyrolyzer and results in
prediction of the solid conversion in the pyrolyzer. The considered process
model accounts for the overall conversion of biomass to biochar and volatile
products, and the heat transfer to and from biomass. The results from
the developed approach are compared to experimental data and to a more
detailed process model [10].

3.1.1 Pyrolysis Kinetics

The existing kinetic models in the literature [25, 28] have different number
of fitting parameters that are mostly worked out for common types of wood.
However, finding the model parameters for the biomass at hand is a complex
and often tedious task. In the contrary, isoconversional analysis of TGA
data provides an effective rate expression at minimal efforts. Samuelsson
et. al [98] showed that isoconversional analysis which is typically used to
estimate activation energies from TGA data can be extended to also predict
the conversion rates. In the following, the derivation of a rate expression
based on the isoconversional analysis of TGA data that can be implemented
in a process model is described.

A simple relation to describe the pyrolysis of biomass is considered:

B → (1− ψ)C + ψG (3.1)

where B is the biomass fed to the pyrolyzer, C is the produced biochar, G
is the pyrolysis gas (condensables and permanent gases), and ψ is the mass
fraction of gas that forms in the reaction. It is assumed that the volume of
the biomass sample stays constant during the TGA experiment. This means
that the conversion of biomass B can be defined based on its density:

X =
ρB,0 − ρB
ρB,0

(3.2)

Table 3.1: Kinetic model parameters
Biomass ψ
Spruce wood 0.8
Pulp 0.87
Xylan-lignin 0.62
Lignin 0.57
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where ρB,0 and ρB are the densities of biomass B at time zero and time
t, respectively. From Eq. (3.1) the amounts of unreacted biomass, and
produced char and gas can be expressed as:

ρB = ρB,0(1−X), ρC = (1− ψ)ρB,0X, ρG = ψρB,0X, (3.3)

where ρC and ρG are the densities of the char and the gas, respectively. At
full conversion the second of Eq. (3.3) reduces to ρC,∞ = (1−ψ)ρB,0, which
provides:

ψ = 1− ρC,∞/ρB,0 (3.4)

where ρC,∞ is the density of the fully converted biomass sample. The values
of ψ obtained for the different biomass types used in this work are listed in
Tab. 3.1. Since it is assumed that the biomass volume is constant during
the process, we can assume that ρC,∞/ρB,0 = m∞/m0 where m0 and m∞
are the initial and final sample mass measured in TGA.

Additionally, the mass conversion α is defined as:

α =
ρB,0 − (ρB + ρC)

ρB,0 − ρC,∞
(3.5)

which is the primary quantity measured in a TGA experiment. Combining
Eq. (3.3) and Eq. (3.5), we conclude that the conversion of biomass B
(denoted by X) is equal to the mass conversion α, i.e. X = α. By taking
the time derivative of Eq. (3.3) and substituting α for X, the following rate
expressions are derived:

rB =
dρB
dt

= −ρB,0
dα

dt
(3.6a)

rC =
dρC
dt

= (1− ψ)ρB,0
dα

dt
(3.6b)

rG =
dρG
dt

= ψρB,0
dα

dt
(3.6c)

The conversion rate dα/dt in the isoconversational method of Samuels-
son et. al [98] is expressed as:

dα

dt
= cα exp

[
−Eα
R

(
1

T
− 1

T0

)]
(3.7)

where cα and Eα represent the apparent prefactor and the apparent acti-
vation energy, respectively, which both depend on the mass conversion α,
while R is the gas constant and T0 is a reference temperature. The pref-
actor cα comes from the conversion function and the reference temperature
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(a)

(b)

Figure 3.2: (a) TGA of spruce wood measured at a heating rate of 2 K/min.
Symbols: experimental data reported in [97], solid lines: isoconversional ki-
netic model, dashed lines: kinetic model of [87]. (b) TGA of lignin, xylan-
lignin and pulp measured at a heating rate of 2 K/min. Symbols: experi-
mental data reported in [96], solid lines: isoconversional kinetic model.

T0 was introduced for conditioning the numerical problem of determining
cα and Eα from TGA data [98]. The implemented values of cα and Eα in
this work are found in Appendix II for the four different biomass feedstock.

Fig. 3.2-a shows the mass loss curve of spruce wood under pyrolysis con-
ditions measured on an analytical TGA device at a heating rate of β = 2
K/min. The figure shows a comparison between the experimental data of
[97] (symbols) and simulated data of two kinetic models, namely the iso-
conversional model discussed in the previous section (solid line), and the
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macro-kinetic model proposed by [87] (dashed line). The data for β = 2
K/min is chosen because it reveals the largest difference between the two ki-
netic models. The isoconversional model shows the capability of completely
predicting the mass loss of the samples during pyrolysis. On the other hand,
the macro-kinetic model shows good agreement with the experimental data
up to around 350◦C after which the model predicts an abrupt stop of the
mass loss, followed by a levelling off of the sample mass at ca. 0.38 of the
original sample mass, in disagreement with the experiments that show a
further mass loss to reach a value around 0.2 at 600◦C.

Fig. 3.2-b shows experimental mass losses as a function of temperature
measured on an analytical TGA (symbols) together with simulations from
isoconversional model (lines) for lignin (blue specifiers), xylan-lignin (red
specifiers) and pulp (yellow specifiers). The experimental data is taken
from [96]. The predictions from the isoconversional model for the three
samples are in good agreement with the experimental data. The TGA data
shows that the three materials behave very differently when imposed to
pyrolysis conditions. Lignin and xylan-lignin samples are the first ones to
start pyrolyzing while pulp is the last to start reacting. However, the pulp
has the highest mass loss among the three materials and its char yield is
even lower than that of spruce wood.

Due to the nature of the isoconversional model, a very good agreement
between the model predictions and the experimental data is observed. This
combined with the simplicity of the model makes it a superior alternative
compared to other kinetic models, especially in cases where the mass of the
sample is the main parameter to track.

3.1.2 Process Model

The process model adapted in this work is based on the rotary kiln model of
[10] which uses the kinetic scheme proposed by Park et. al [87] to describe
the pyrolysis reactions. However in our case, the kinetic scheme is derived
from isoconversional analysis of TGA data. A schematics of the considered
pyrolyzer is shown in Fig. 3.3-a. Biomass together with a small stream of
nitrogen enters the pyrolyzer that is designed as a rotary drum and that
operates at 360-400◦C and atmospheric pressure. There exists a dam at the
drum outlet, which prolongs the residence time of the biomass in the drum
[95]. The products of this process are biochar and pyrolysis gas. The latter
is burned and the flue gas from the burners is used as heat source for the
pyrolysis step. The flue gas passes through the shell area of the pyrolyzer,
marked with (1) in Fig. 3.3, and flows along the axis and cocurrently to the
biomass inside the drum.
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Figure 3.3: Schematic of the rotary drum pyrolyzer. (a) Side view and (b)
front view of the rotary drum.

Granular flow

Biomass chips or pellets are fed to the rotary drum at a mass flow rate FB,0
and flow along the axis of the drum. Since we assume no change in biomass
volume due to pyrolysis, the granular flow is independent from the other
phenomena taking place in the pyrolyzer [10]. We assume that the drum
operates in the rolling mode [44] and the simple geometrical model of [95]
can describe the the changes in the bed height H, i.e. the height of the
granular flow, along the drum axis:

dH

dz
= −3 tan θ

4πω
Q
[
R2

0 − (R0 −H)2
]−3/2

+
tan γ

cos θ
(3.8)

where θ is the dynamic angle of repose of the granular solid, as shown
in Fig. 3.3, ω is the angular velocity with which drum rotates, Q is the
volumetric flow rate which is the bulk volume of granular solid per unit
time, R0 is the inner radius and γ is the drum inclination. Here we assume
a constant volumetric flow rate, Q = FB,0/[ρB,0(1 − ε)], with ε denoting
the bed porosity. Eq. (3.8) is subject to the following boundary condition
defined at the outlet of the drum:

at z = L : H = Hdam (3.9)

where L is the length of the rotary drum and Hdam is the dam height. Once
the bed height H is known, the cross section area of the solid bed is obtained
from:

Sb = R2
0 arccos

(
R0 −H
R0

)
− (R0 −H)

√
2R0H −H2 (3.10)
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Mass balances

The solid granular material is fed along a stream of nitrogen at the drum
entrance, resulting in two distinct domains inside the drum, namely a solid
bed domain that falls in the lower part and a gas phase domain that occupies
the upper part of the rotating drum. It is assumed that the two domains
are radially well mixed and that axial dispersion is negligible [23]. The
mass and heat transfer resistance inside the solid particles are assumed to
be negligible [53, 68]. The cross section area of both domains evolve along
the drum axis due to the rolling motion of the granular solid as described
by Eqs. (3.8) and (3.10). It is assumed that no reaction takes place in the
gas phase domain, and the pyrolysis reaction only takes place in the solid
bed domain. Considering steady state conditions, the mass balances for the
different species read as:

dFj
dz

= (1− ε)Sbrj (3.11)

where Fj is the mass flow rate of species j, with j = B, C, and G, and
rj is the reaction rate given by Eq. (3.6). The term dα/dt that appears
in the expressions for rB , rC , and rG is calculated from Eq. (3.7). Notice
that for the solid species the mass flow rates relate to their densities as
FB = (1 − ε)QρB and FC = (1 − ε)QρC . Solving for the densities and
substituting into Eq. (3.5) results in the conversion α at a given axial
position, i.e. α = [FB,0 − (FB + FC)]/(ψFB,0).

Energy balances

Energy balances are expressed in a similar form. The energy balance for
the solid bed domain reads as:

(FBCp,B + FCCp,B)
dTb
dz

= qbed (3.12)

where Tb is solid bed temperature, Cp,j is the heat capacity of species j,
and qbed is the heat flux from the drum wall and the gas phase to the bed.
Note that the heat of reaction is not included in the energy balance since
the results of [10] shows that the heat of reaction has little to no significant
influence on the temperature profile and solid yield along the bed. Writing
the energy balance over the gas phase domain gives:

(FGCp,G + FN2
Cp,N2

)
dTg
dz

= −(1− ε)SbrG
∫ Tg

Tb

Cp,G dT + qgas (3.13)

where Tg is the gas phase temperature, FN2 is the mass flow rate of nitrogen,
and qgas is the heat flux from the drum wall and the bed to the gas phase.
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The first term on the right hand side of Eq. (3.13) estimates the required
heat for the gas released from the bed to be heated up tp the gas phase
temperature.

The drum wall temperature is controlled by the flue gas. Neglecting
the heat transfer resistance of the wall material and assuming fast heat
transfer from the flue gas to the wall, the following energy balance for the
wall temperature Tw is derived:

FfgCp,fg
dTw
dz

= −qdrum − qloss (3.14)

where ”fg” stands for flue gas, and qdrum and qloss are the heat fluxes from
the wall to the drum and from the wall to the surroundings, respectively.
The heat transfer from the flue gas to the wall and to the solid and gas
domains, and the heat transfer between the solid and gas domains are com-
puted according to the heat transfer model of [10]. Heat capacities of the
pyrolysis gas, nitrogen, flue gas and the biomass feedstock are listed in Ap-
pendix II. The heat capacity of the biochar is assumed to be equal to that
of the biomass [10]. Other parameters required in the heat transfer model
calculations, e.g. emissivity, heat conductivities, etc. are taken from [10]
and are assumed to be the same for the different feedstock considered here.

Numerics

The model consists of 7 ordinary differential equations (ODEs) that were
implemented in Matlab and solved using standard ODE-solvers. When
combined, the 7 ODEs present a boundary value problem. The three mass
balances given in Eq. (3.11) and the three energy balances given in Eqs.
(3.12)-(3.14) are solved simultaneously subject to the following boundary
conditions:

at z = 0 :

{
FB = FB,0, FC = FG = 0
Tb = Tg = Ta, Tw = Tfg

(3.15)

where Ta is the ambient temperature and Tfg is the flue gas inlet tempera-
ture. To deal with this, we first solved Eq. (3.8) subject to (3.9) and carried
over the solution to Eqs. (3.11)-(3.14) that subsequently were solved subject
to (3.15).

3.1.3 Pyrolysis of Spruce in Rotary Drum

We consider the simulation of the rotary drum pyrolyzer using the parameter
values listed in Tab. 3.2. Fig. 3.4 shows the simulation results for the



Page 35 Section 3.1

Table 3.2: Model parameters
Initial biomass density ρB,0 = 650 kg/m3

Bed Porosity ε =0.57
Angle of repose θ = 37◦

Inclination angel γ = 1.5◦

Nitrogen flow rate FN2 = 1 kg/h
Biomass feeding rate FB,0 = 125 kg/h
Flue gas flow rate 480 Nm3/h
Flue gas temperature Tfg,in = 560◦ C
Flue gas density at STP ρfg = 1.25 kg/Nm3

Rotating speed ω = 3.15 rpm
Drum length L = 2.5m
Drum diameter D = 0.91 m
Dam height Hdam = 0.21 m
Ambient temperature Ta = 15◦C

pyrolysis of spruce wood in a rotary drum obtained from two kinetic models,
namely the isoconversional model (solid lines) and the macro-kinetic model
(dashed lines). In Fig. 3.4-a the solid mass along the drum is plotted, and
it is shown that the models have identical predictions of the solid yield at
the drum outlet. This might seem contrary to what is plotted in Fig. 3.2-a
where the the macro-kinetic model predicts a final solid yield close to 0.4
while in Fig. 3.4-a the final yield is below 0.3. This is due to the fact that
the biomass inside the rotary drum experiences higher heating rates than 2
K/min which results in lower yields. The only difference between the models
observed in Fig. 3.4-a is the earlier drop in the solid mass in the case of the
isoconversional model, which is because the isoconversional model predicts
the pyrolysis to kick in at lower temperatures than the macro-kinetic model.

Fig. 3.4-b shows the temperature profiles for the bed, the wall and the
gas along the drum. The two models result in almost identical tempera-
ture profiles, with the bed temperature rising from 25◦C at the entrance to
slightly higher than 350◦C at the outlet of the drum. In this temperature
range, according to Fig. 3.2-a, the two models are almost identical in their
mass loss prediction, which is why the solid yield at the drum outlet is al-
most equal for the two models. Notably, the macro-kinetic model shows a
faster drop to the final yield from z = 0.85 to 1.35 m which corresponds to
the temperature interval where the macro-kinetic model was shown in Fig.
3.2-b to predict faster conversion rates.

The developed process model with isoconversional kinetics for spruce
wood was also compared to experimental data. The model prediction was
in good agreement with the experimental data as shown in Appendix II. We
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Figure 3.4: Evolution of (a) the solid mass and (b) the bed, wall, and gas
temperature along axial coordinate z of the rotary drum reactor for the
pyrolysis of spruce wood. Solid lines: isoconversional kinetic model, dashed
lines: macro-kinetic model of [87].

measured our approach against a previously validated model (i.e. the macro-
kinetic model) and experimental data with satisfactory results. The results
show the capabilities of the methodology proposed in this work. In other
words, using an isoconversional kinetic model in combination with a process
model presents a reliable approach to investigate pyrolysis processes and
perform preliminary design calculations and optimization of rotary drum
pyrolyzers.

3.1.4 Pyrolysis of Different Material in Rotary Drum

In the following, other types of biomass feedstock, namely lignin, xylan-
lignin and pulp are investigated using the proposed approach to analyze the
behavior of these materials in the rotary drum pyrolyzer.

Fig. 3.5 shows the behavior of the different biomass as they go through
the rotary drum pyrolyzer. Fig. 3.5-a shows the solid mass evolution for
the three materials as function of the axial position inside the drum. The
observed patterns for the mass loss evolution are similar to the TGA data,
meaning lignin and xylan-lignin being the first ones to begin pyrolyzing,
and pulp having the lowest solid yield at the drum outlet. In Fig. 3.5-b the
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Figure 3.5: Evolution of (a) the solid and (b) the bed temperature along
the axial coordinate of the rotary drum reactor for three different biomass.
The upper axis of panel (a) shows the local solid residence time at the given
spatial coordinate.

bed temperature along the bed is shown for the three samples. The profile
of the three biomass feedstock coincide, which is due to relatively similar
heat capacities of them.

3.1.5 Process Design Optimization

Designing and operating a rotary drum pyrolyzer involves many parameters
that influence the behavior of the system. Parameter values are those listed
in Tab. 3.2, except for the biomass feed flow rate that is set to FB,0 = 150
kg/h in order to enhance the influence of the design parameters.

The upper panels in Fig. 3.6 show the solid yield plotted versus the
bed length and the mean residence time (MRT) of the biomass inside the
drum, while the lower panels shows the outlet temperature of the solid bed
plotted versus the bed bed length and the mean residence time (MRT). The
different curves refer to different drum diameters. The MRT is calculated
as:

MRT =
ρB,0
FB,0

∫ L

0

Sb(z)dz (3.16)
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Figure 3.6: Influence of drum length and drum diameter on (a,b) the solid
yield and (c,d) the bed temperature at the drum outlet for the pyrolysis
of spruce wood. The left panels show the data plotted versus the drum
length, while the right panels show the same plotted versus the solid mean
residence time (MRT).

The solid yield plotted versus the drum length for different drum di-
ameters is shown Fig. 3.6-a. The solid yield decreases almost linearly to
a minimum, after which it slowly increases with bed length. The reason
for this behavior is that increasing the drum length leads to a decrease in
the bed height which directly affects the heat transfer inside the drum and
results in a lower bed temperature, which translates into a lower final solid
yield. Fig. 3.6-b shows that the solid yield is controlled by the MRT. It is
shown in the figure that after reaching the minimum solid yield (which cor-
responds to the highest biomass conversion), prolonging the MRT leads to
less biomass conversion and higher solid yields which is due to heat loss from
the drum to the surroundings. Fig. 3.6-c shows that the bed temperature
outlet increases to reach a maximum after which the temperature linearly
decreases. The maximum in the outlet bed temperature corresponds to the
minimum solid yields. Plotting the same data versus the MRT in Fig. 3.6-d
we observe that the different curves coincide up to the maximum tempera-
ture and after which a slight difference in the temperature is observed. The
drop in bed outlet temperature at high MRT is less significant for drums
with lower diameter. This is explained by knowing that the temperature
drop is mostly due to the heat loss from the drum, which is reduced by
lowering the drum lateral surface area.
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3.2 Numerical Scheme for Modeling of Biomass
Pellet Pyrolysis

In order to simulate the pyrolysis process on the pellet scale, the biomass
pellet is considered to be a porous media. Initially the heat is transferred
into the pellet by heat conduction through the solid matrix of the pellet.
The increase of temperature inside the pellet triggers the pyrolysis reactions
whose products include gaseous compounds. The build-up of pressure inside
the porous media due to accumulation of product gas leads to a significant
pressure gradient along the space coordinates which results in convective
mass transfer of the gaseous products. The convective flow of the gas also
contributes to heat transfer. The final solid product of pyrolysis is bio-char
which has a lower density than the biomass. During pyrolysis the volume
of the pellets reduces which results in a decrease in the characteristic time
of heat transfer. In other words, the pellet shrinkage increases the char-
acteristic rate of heat transfer through the pellets which in return short-
ens pyrolysis time for converting biomass to bio-char. Another aspect of
biomass pellet pyrolysis which makes the modeling more challenging is the
anisotropic nature of the biomass pellets. Primary implications of this char-
acteristic is that pyrolysis is faster along one of the space coordinates and
the pellets shrinkage extends to different degree along different coordinates.

In the work considered here, we ignored theses secondary phenomena
(shrinkage and anisotropy) and focused on the primary phenomena, i.e. the
pyrolysis conversion of a macroscopic biomass particle subject ot heat and
mass transfer limitations.

3.2.1 Pyrolysis of Spherical Biomass Pellet

Let us consider a spherical biomass pellet in an oven that is at temperature
Ts. We assume that the temperature of the pellet surface is equal to the
oven temperature. As the pellet heats up, it undergoes a pyrolysis reaction
in which the solid biomass converts to solid char and pyrolysis gas according
to reaction (3.1).

Assuming that the biomass is a porous media and has a constant volume
during the process, the mass balances over the gas, virgin biomass and char
read as:
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∂ερg
∂t

= −∇. (uρg) + ψS (3.17a)

∂ρb
∂t

= −S (3.17b)

∂ρc
∂t

= (1− ψ)S (3.17c)

where ρg is the gas density, ρb is the density of virgin biomass, ρc is the
char density, ε is the pellet porosity, u is the convection velocity of the gas
products inside the pellet and S is the rate of biomass consumption. In
order to obtain the gas velocity inside the pellets Darcy’s law is considered
where the velocity is proportional to the pressure gradient. The gas pressure
is obtained from the gas density by using an equation of state (EOS) taken
here as the ideal law:

u = −κ
µ
∇P ; P =

RTρg
Mg

(3.18)

where κ is the permeability of the biomass pellet, µ is the viscosity of the
pyrolysis gas, R is the gas constant, T is the absolute temperature and Mg

is the molar weight of the pyrolysis gas. Here, a simple expression for the
rate of reaction is considered:

S = ρbS0 exp

(
−E
R

(
1

T
− 1

T0
)

)
(3.19)

where S0 is the reaction prefactor, E is the activation energy and T0 is a
reference temperature. T0 = 600 K is considered in our simulations.

The temperature distribution of the pellet is obtained by solving the
energy balance equation. The heat transfer mechanisms considered in our
modeling framework are heat conduction through the solid and heat con-
vection by the pyrolysis gas. With this, the energy balance reads as:

ρCp
∂T

∂t
+∇.(uρgCp,gT ) = λ∇2T + S.∆Hrx (3.20)

where ∆Hrx is the net heat of pyrolysis reaction, λ is the heat conductivity
through the solid matrix of the porous biomass pellet, and ρCp is the average
heat capacity expressed as:

ρCp = ερgCp,g + (1− ε) (ρbCp,b + ρcCp,c) (3.21)

(3.22)
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where Cp,g is the heat capacity of the pyrolysis gas, Cp,b is the heat capacity
of the biomass and Cp,c is the heat capacity of the char.

3.2.2 Numerical Scheme

Although simple in its formulation, developing a numerical solution to the
pellet model described above bears certain challenges. Here, we consider
isotropic spherical pellets in which the concentrations and the temperature
vary in radial direction only. The numerical solution of a partial differ-
ential equation (PDE) begins with discretization of the considered domain
and transforming the PDE to a set of ordinary differential equations. The
resulted set of ODEs can then be solved using MATLAB ODE solvers.

Direct radial discretization of the model PDEs leads to violation of con-
servation laws. This is caused due to the inherent error introduced when
estimating radial derivatives with finite differences. Re-mediation of this
issue requires to conduct a volume based discretization where the volume
of elements are calculated accurately.

Since the pellets are heated up from the surface toward the center, the
pyrolysis first begins at the outer shell of the pellet that is closer to the
surface. In the beginning of the pyrolysis process, the pyrolysis gas is pro-
duced mainly at the outer shell. The accumulation of this gas at the outer
shell results in a pressure gradient that drives the gas convective flow. The
gas flow is toward the positions with lower pressure which is the center and
outside of the pellet. This means the velocity can be both positive and
negative. Coping with such a behavior requires a more rigorous numerical
scheme than the already existing ones in the literature for this application.

Here we propose a numerical scheme based on finite volume methods
(FVM) that both assures the conservation of mass and energy and is capable
of handling a sign change of the velocity. This numerical scheme is explained
in details in Appendix III, together with a series of tests in which the FVM
scheme is compared to analytical solutions and numerical approximations
obtained from commercial PDE solvers, i.e. Comsol.

3.2.3 Pellet Pyrolysis

The numerical model was used to study the pyrolysis of a spherical wood
particles with a diameter of 2 cm, placed in an inert atmosphere at 500C◦.
Transport and thermal properties are taken from Park et. al [87]. Kinetic
parameters (S0, E and ∆Hrx) are given in Appendix III.

The build-up of pressure due to accumulation of the pyrolysis gas inside
the biomass pellets is a phenomenon that has been overlooked in most of
the previous works. This pressure build-up, beside leading to the flow of the
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gaseous products inside the pellet, can also affect the mechanical structure
of the pellet, meaning it can crack the pellet. Fig. 3.7 shows the pressure
profile at the pellet center as a function of time. The pressure increases
due to production and accumulation of the pyrolysis gas inside the pellet
increases until reaching a maximum after ca. 6 min. Thereafter, the rate of
convection of the pyrolysis gas becomes faster than the rate production so
the overpressure gets depleted until it eventually becomes equal to zero.

Since in most cases it is assumed that the effect of heat convection is
negligible, in the continuation we consider two cases, one with convection
included and the other with convection omitted. The latter is simply sim-
ulated by assuming κ = 0.

Fig. 3.8 shows the temperature profile at the particle center for the con-
sidered cases. In the case of only conduction, the temperature profile goes
through a maximum that is even higher than the pellet surface tempera-
ture, which is due to exothermic reactions during pyrolysis. Thereafter, the
temperature relaxes to a plateau which corresponds to the temperature at
the surface of the particle. The other case though, where both conduction
and convection are considered in the simulations shows a rapid rise of tem-
perature during the first 5 minutes, followed by a much slower increase in
the temperature until it relaxes to the plateau value that is equal to the
surface temperature. The temperature starts decreasing when there is little

Figure 3.7: Overpressure at the center of a 2 cm wood sphere as a function
of time.
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Figure 3.8: Temperature evolution at the pellet center as a function of
time. Comparing two cases: simulation without considering gas convection
effects inside the pellet (blue line) and the other is case with considering
gas convection (red line).

to no biomass left in the pellet to be pyrolyzed. This does not occur for
the case with convection since the produced gas inside the particle is blown
out due to pressure build-up inside the particle, which leads to cooling the
inner parts of the pellet.

Fig. 3.9 shows the particle mass evolution during the pyrolysis process
for two cases: one where conduction is the main heat transfer mechanism
and convection is ignored (blue line) and one where both heat conduction
and convection are considered (red line). The mass decreases continuously
until it relaxes to a plateau which is the mass of the produced biochar. The
rate of mass loss is faster in the case of heat transfer by conduction only.
This is explained by the results presented in Fig. 3.8 where it is shown that
the temperature is higher for the case of conduction only. As a result of
this faster mass loss rate, the pyrolysis proceeds much faster in the case of
conduction only and it takes about 10 minuets while in the case where both
conduction and convection are considered it takes more than 20 minutes.
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Figure 3.9: Sample mass evolution as a function of time. Comparing two
cases: simulation without considering gas convection effects inside the pellet
(blue line) and with including gas convection (red line).

3.3 Summary

Biomass pyrolysis simulation at two different scales is discussed in this chap-
ter, namely reactor scale and pellet scale. On the reactor scale, a method-
ology is proposed to model rotary kiln reactors with different biomass feed-
stock. The proposed methodology facilitates the prediction of the process
behavior which is a challenging task when dealing with variation in the
biomass feedstock. This results in a predictive tool that can provide prelim-
inary design data for the pyrolysis process. On the pellet scale, a numerical
scheme is presented that considers both diffusive and convective transport
phenomena. The importance of considering the convective flow of pyrolysis
gas through the biomass pellet is discussed. It is shown that the proposed
scheme is highly capable of modeling the convective flow to simulate the
pellet pyrolysis.



Chapter 4

Producer Gas Cleaning:
Hot H2S Removal

Producer gas, which is the gaseous product of the gasification process, con-
sists of CO, H2, CO2, CH4, H2O and compounds labelled as impurities
and contaminants, namely particulates, tars, N-compounds,S-compounds,
halides and alkalies. One of the key challenges of using the producer gas is to
clean the stream from these undesired compounds. Cleaning processes are
usually categorized based on their operating temperature into cold an hot
cleaning processes. Cold cleaning processes are typically based on absorp-
tion methods while hot cleaning processes are based on catalytic reactions
and/or solid-gas reactions.

4.1 Cold gas cleaning

Cold cleaning methods are used for removal of acid gases in the producer gas
including CO2, H2S, HCN, HCl, etc. In order to remove these compounds
from the producer gas, absorption-based processes are frequently employed.
The most well-known examples of such processes are Rectisol, Selexol and
Sulfinol. A typical Rectisol process operates at high pressures of about
75 atm and cryogenic temperatures as low as −50◦C [57], with methanol
as solvent. Physical absorption is dominant and this process is capable of
removing sulfur compounds down to ppb levels [94]. Beside the acid gases
this process can remove ammonia as well. The Selexol process uses dimethyl
ether of polyethylene glycol (DMPEG) as solvent which is also a physical
absorption solvent. The solubility of H2S in DMPEG is 9 times higher than
that of CO2, which makes the process suitable for selective separation of

45
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H2S from a gas stream that contains CO2. However, the Selexol process
lacks the ability to remove COS, so in cases where concentration of COS
is high a catalytic hydrolysis unit to convert COS to H2S is used before
the absorption column. The Selecol process typically operates at 0◦C and
40 atm [57]. The Sulfinol process with sulfolane and DIPA or MDEA as
solvents takes advantage of a mixture of a physical and a chemical solvent.
This process removes H2S, COS and CO2 to a high extend that is superior
to Rectisol and Selexol [57].

Although cold cleaning methods are well studied and established in the
industry, and are capable of removing other impurities as well, they have
high costs, especially in the case of the Rectisol process. Moreover, the
overall thermal efficiency of the fuel production process shown in Fig 1.1 is
negatively influenced by using the cold cleaning methods. This is explained
by recalling that the producer gas coming from gasification has a tempera-
ture higher than 700◦C [20] and the typical fuel production units operated
at around 400◦C. Thus, using cold cleaning methods introduces sources of
heat loss during cooling and heating up the flow stream.

4.2 Hot Desulfurization Process Design

Metal sorbents are frequently used to remove H2S from diluted gas streams
[66]. The active compound of the sorbent is a metal oxide that reacts with
H2S to trap the sulfur in the form of solid metal sulfide according to:

H2S (g) + γMO (s) 
 H2O (g) + γMS (s) (4.1)

where γ is the stoichiometry coefficients, MO is the metal oxide and MS
is the produced metal sulfide. Notice that MO and MS in the notation
used here do not strictly refer to stoichiometric compounds, e.g. MO may
stand for Fe2O3. Depending on the cleaning requirement and the desired
operating temperature, there are different metal oxides that are suitable to
be used in reaction (4.1). The efficiency, simplicity and relatively low cost
of metal oxide based sorption methods have given the method ”an edge”
over other possible alternatives [111].

Removal of H2S using metal oxides according to reaction (4.1) requires
a reactor that puts a gas containing H2S in contact with solid metal ox-
ides which typically are in the form of granular pellets. Two characteristic
length scales become apparent: the reactor scale and the pellet scale, as
shown schematically in Fig. 4.1 for a packed bed. The gas stream con-
taining H2S is introduced into the reactor where it gets in contact with the



Page 47 Section 4.2

Figure 4.1: Schematic of a packed bed reactor for H2S removal with metal
oxides: (a) reactor scale, (b) pellet scale.

pellets that contain the metal oxide to conduct reaction (4.1). On the bed
scale, the transport phenomena taking place is the transfer of the gaseous
reactant from the bulk of the fluid to the pellet surface (commonly referred
to as external mass transfer). On the other hand, the transport phenomena
taking place on the pellet scale include internal mass transfer, i.e. the dif-
fusion of the gaseous reactant to the reaction sites, and the reaction itself.
The following sections present a discussion of these phenomena and how
they influence the performance of the removal process.

4.2.1 Reactor Scale

There are three common reactor configurations for conducting reaction
(4.1): entrained flow reactor [1], fluidized reactor [74] and packed bed re-
actor [61]. The parameter that can be used to characterize the different
reactor configurations is the particle volume fraction φ, that relates to the
bed porosity εb as follows:

φ =
Total volume of solid particles

Total volume of reactor
= 1− εb (4.2)

The entrained flow reactor has the lowest solid volume fraction while the
packed bed reactor has the highest solid volume fraction among the three
reactor configurations (φ > 40%) [69].

There are different empirical correlations to predict the bed porosity
for a packed bed reactor. A simple correlation with acceptable accuracy is
given in [12]:

εb =
A

(d0/dp + C)
2 +B (4.3)

where dp is the the equivalent sphere diameter of the particles, d0 is the
reactor diameter and A, B and C are empirical parameters whose values
for common particles shapes are given in [12]. For spherical and cylindrical
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particles the latter gives A = 1.740, B = 0.390, C = 1.140 and A = 1.703,
B = 0.373, C = 0.611, respectively. Notice that the first term on the right
hand side (rhs) of Eq. (4.3) represents a correction for the case where the
particle size is comparable to the reactor diameter; for dp � d0 the first
term vanishes and the bed porosity becomes a constant.

Important parameters in choosing the reactor configuration are pressure
drop, attrition of particles and contact surface. In this specific case, the
available contact-surface area between the solid particles and the fluid is
of highest relevance since the kinetics of the removal reaction is not very
fast while a high level of sulfur removal is often required. Among the three
reactor configuration, the packed bed reactor provides the largest contact
surface area for a given reactor volume. This is one of the reasons why the
packed bed is the reactor of choice in most applications.

4.2.2 Pellet Scale

The pellet size and pellet porosity are the main properties that affect the
removal process of the scale of the pellet. Pellet porosity directly affects
the intra-pellet diffusion. In order to improve the intra-pellet diffusion, it
is more favorable to make pellets with high porosity without sacrificing the
mechanical durability. On the other hand, pellet size affects the bed porosity
through wall effects (cf. Eq. (4.3)) and the pressure drop. Moreover,
the pellet size affects the characteristic time of diffusion which means that
smaller pellets require shorter diffusion time. However, small pellets in a
packed bed lead to high pressure drops. Hence, finding the optimum size
of the pellets, that are not too small to cause high pressure drop and not
too large too cause slow intra-pellet diffusion turns into an optimization
problem.

4.2.3 Operating Conditions

Reaction (4.1) was tested at different reactor pressures, ranging from 1 to 20
atm. The observations show that increasing the reactor pressure adversely
affects the rate of conversion [19, 123, 125]. This is explained by recalling
that molecular diffusivity is inversely proportional with pressure. Hence,
the mass transfer rate decreases as the pressure increases.

Regarding the operation temperature, despite the common perception
that metal oxides are used only at elevated temperatures [38, 55, 61, 111,
121, 122], there are several works that show that certain metal oxides can
remove H2S to ppm levels even at room temperature [49, 67, 89, 90]. The
operating temperature of H2S removal with metal oxides can be anywhere
between 25 and 1100 ◦C. Reaction (4.1) is exothermic which means that
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at elevated temperature the equilibrium is shifted to the left. This implies
that under thermodynamic control the higher the temperature, the higher
is the outlet concentration of H2S, i.e. less efficient removal. However,
both the reaction kinetic and diffusion can benefit from elevated tempera-
tures. Depending on the operating temperature, different metal oxides can
be suitable for the purpose.

4.2.4 Selecting a Suitable Metal Oxide

The literature discusses several metal oxides for the removal of H2S [66].
However, depending on the operating temperature only a few may turn out
to be suitable. The selection criteria are [114] (1) removal efficiency, (2)
sorbent durability, and (3) regenerability and cost of sorbent.

Removal Efficiency

Reaction (4.1) has a high equilibrium constant which means the forward
reaction is favorable (i.e. removal of H2S). The equilibrium constant for
reaction (4.1) is defined as K = [H2O]/[H2S] and obeys the thermodynamic
relation:

K = exp

(
−∆G

RT

)
(4.4)

where ∆G is the standard Gibbs free energy change of reaction (4.1), T is
the temperature and R is the gas constant. Notice that reaction (4.1) is
exothermic. Hence, with increasing temperature the equilibrium constant
decreases and the equilibrium becomes less favorable for the metal sulfide.

In addition to the equilibrium, there always exist kinetic limitations
that prevent reactions from reaching equilibrium in a given reactor. The
intrinsic reaction rate (i.e. the reaction rate without transport limitations)
of reaction (4.1) is commonly expressed as:

r = ksC
n
H2S (4.5)

where r is the reaction rate defined as the rate of consumption of H2S per
unit surface area of sorbent, ks is the intrinsic rate function, CH2S is the
concentration of H2S at the surface of the sorbent, and n is the reaction
order. Most studies found reaction (4.1) to be of first order with respect to
H2S [19, 36, 38, 62, 64, 86, 112, 121, 127, 128]. An exception are copper
based sorbents that showed a reaction order smaller than one [56, 64]. For
all sorbents, the rate function ks is found to follow Arrhenius law:

ks = k0 exp

(
− Ea
RT

)
(4.6)
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where k0 is the kinetic prefactor and Ea is the activation energy. A com-
pilation of ∆G and the kinetic pairs (k0, Ea) for different metal oxides is
given in Tab. 2 and 3 of Paper V.

Taking together the considerations on the equilibrium and on the kinet-
ics, it can be seen that the kinetics benefits from increasing the temperature
while the equilibrium becomes less favorable. Hence, the upper bound for
the operation temperature for a given metal oxide is determined by the
equilibrium while the lower bound is controlled by kinetic limitations [26].
Specifically, from the equilibrium data and the specified amount of H2S re-
moval, the maximum operating temperature for a metal oxide is derived
from Eq. (4.4) as:

Tmax ≈
∆G

R

[
ln

(
CH2S,∞

CH2O,0 + γ(CH2S,0 − CH2S,∞)

)]−1

(4.7)

where CH2S,0 and CH2O,0 are the inlet (or initial) concentrations of H2S and
H2O, respectively, and CH2S,∞ is the desired concentration of H2S after the
removal is completed, i.e. the concentration after the gas has passed the
packed bed before before breakthrough. Similarly, the minimum operation
temperature is estimated treating reaction (4.1) as an irreversible reaction
taking place in a well mixed continuous reactor. The resulting minimum
temperature reads as:

Tmin ≈
Ea
R

[
ln

(
CH2S,∞

(CH2S,0 − CH2S,∞)τ0k0

)]−1

(4.8)

where τ0 is the residence time of the reactor. Notice that Eq. (4.8) is de-
rived by assuming the intrinsic reaction to be the rate limiting step which
is valid for small (micrometer sized) sorbent particles in the early stages of
the removal process. For larger sorbent particles transport limitations can
become dominant even for low temperatures. In this case, transport phe-
nomena need to be accounted for in the estimate of the minimum operation
temperature. Also, we note that Tmin and Tmax are approximated based on
the assumption that the metal oxides are stable and only participate in the
sulfidation reaction (4.1).

Durability

Sorbents require a high mechanical and chemical strength such that they
can sustain high operating hours. The main mechanical strength issue with
metal oxide sorbents is attrition which is more significant in fluidized bed
reactors compared with fixed beds reactors [48]. Also, some metal oxides
experience sintering at high temperatures which leads to changes in the sur-
face and pore structure [113]. Such changes can have a significant impact
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on the performance of the sorbent. Also, compounds other than H2S con-
tained in the gas stream can interact with the solid oxide and affect the
removal efficiency of the sorbent [100], so it is important that the metal ox-
ide does not extensively participate in other reactions rather than reaction
(4.1). The most common solution to increase the chemical and mechanical
strength of the sorbent is to mix or dope it with other compounds such as
titanium [71, 101].

Cost and Regenerability

Metal oxide sorbents are mainly used for H2S removal from diluted streams.
In the form so called guard beds they present free-standing units that are
easily integrated into a process. In such applications regeneration of the
sorbent is usually not considered as the spent bed is simply replaced once the
sorbent saturated. This is typically the case for calcium based sorbents and,
to a lesser extent, iron based sorbents that are relatively cheap such that
the issue of regeneration loses significance and fresh sorbent is re-supplied
when needed [110].

Regeneration of sorbent gains importance when the fresh sorbent is
costly to supply and prepare or in operations with multiple beds that cycle
between removal and regeneration. Regeneration is essentially the reversal
of the sulfidation reaction, i.e. the conversion of the metal sulfide to the
metal oxide. The gas that is formed in the regeneration step typically con-
tains sulfur in the form of SO2 which is then processed further using, e.g.
the Claus process that separates sulfur and stores it in form of elemental
sulfur or sulfuric acid [57]. Regeneration usually takes place under extreme
operating conditions, i.e. high pressure and temperature. Regeneration
agents include air, oxygen, or steam to which SO2 or CO2 is added.

The critical aspect of regeneration is the preservation of the removal
efficiency of the sorbent. Changes in surface and pore structure during
repeated sulfidation-regeneration cycles can lead to a loss of specific surface
area and pore blockage [2] which in turn results in incomplete regeneration
and eventually a reduction of the sulfur removal capacity. A common issue
with regeneration of sorbents for H2S removal is that during the sulfidation
process the metal oxide particles are fused together. This is due to the
higher molar volume of the metal sulfide compared to the metal oxide. This
means that in the sulfidation process the particles slightly grow in size and
some neighboring particles might squeeze into each other which results in
the fusion of the particles. This limits the available contact surface and
hinders the regenerating agents to reach to some parts of the spent sorbent,
resulting in an incomplete regeneration. This issue is usually fixed by mixing
the sorbent with an inert solid that does not react during sulfidation. In



Section 4.3 Page 52

this way the increase of the solid volume is reduced and so the possibility
of fusion of particles is lowered.

4.3 Sulfidation of Zinc Oxide

Among the metal oxides, zinc oxide (ZnO) has a favorable equilibrium and
adequate thermodynamic stability [72, 111, 120] and is the most commonly
used metal oxide for the removal of hydrogen sulfide. ZnO reacts with H2S
according to:

ZnO (s) + H2S (g) 
 ZnS (s) + H2O (g). (4.9)

The equilibrium of Reaction (4.9) is strongly to the right which allows for
treating Reaction (4.9) as an irreversible gas-solid reaction. Typical oper-
ating conditions are 300-600◦C [31] and with H2S concentrations as low as
8 ppm [83].

The reaction between ZnO and H2S has been investigated repeatedly in
the past [22, 31, 47, 62, 63, 83, 93, 109, 114, 115, 121]. Despite these efforts
it was only recently that experiments showed nano-sized particles of zinc
oxide exhibiting an outward growth and void formation in the inside of the
particles when reacting with hydrogen sulfide at 350◦C and concentrations
of about 10% [13, 80, 81]. The formation of hollow particles is caused by
the relative immobility of the formed ZnS that remains on the outer regions
of the particle and the diffusion of Zn and O from the inside of the particle
through the layer of ZnS towards the particle surface where it reacts with
H2S. Specifically, [75] explain the chemical transformation of a nano-sized
particle of ZnO to a hollow particle of ZnS as an anion exchange process.
The faster diffusion of Zn2+ compared to the diffusion of the anions results in
the outward growth of the particles. At the same time, the faster diffusion of
O2− compared to S2− promotes void formation in the inside of the particle.
The void formation caused by such differences in diffusion rates is sometimes
referred to as Kirkendall effect [13, 35, 126], first discovered in diffusion of
metal ions in the process of alloy formation.

Models used in the literature do not account for this outward growth,
i.e. the shrinking core model and the grain model that were often used
to describe sulfur removal in packed beds assume an inward growth of the
sulfide layer and a shrinking core of zinc oxide, which is in disagreement with
the recent experimental findings described before. This mismatch between
existing models and experimental findings motivated for a refined analysis
of the outward growth in order to assess its effect on the macroscopic scales
of the removal process, i.e. the breakthrough profile of a packed bed. Since
experimental breakthrough curves where an outward growth of nanoscopic



Page 53 Section 4.3

ZnO particles was observed is not available, the model presented here is
formulated in a general framework using dimensionless numbers to quantify
the physical phenomena taking place.

Adapting the grain model framework, we distinguish between three
scales involved in the process of removal of H2S with a packed bed of ZnO:
(1) the grain scale which represents the crystallites of ZnO and has a size
range of a few tens to a few hundreds of nanometers, (2) the pellet scale
with a size range from few hundred micrometers to centimeters, and (3) the
bed scale which varies from few centimeters to meters. H2S passes through
the void space of the bed and reaches the surface of the pellets. Thereafter,
it diffuses through the porous structure of pellets to reach the grains, where
it reacts with the fresh ZnO.

In the grain scale, the chemical reaction, diffusion through the solid
product (from now on referred to as ash diffusion), and void formation
inside the crystallites are the main phenomena. The pellet scale involves
the intra-pellet diffusion of the gaseous reactant through the pellet pores
and the change in pellet porosity due to the outward growth of the grains.
On the bed scale, the convective flow of the gas stream and the transfer of
H2S from the bulk to the surface of pellets are the phenomena taking place.

4.3.1 Grain Scale

Let us consider a non-porous, crystalline grain of solid reactant (ZnO) re-
acting with the gaseous reactant (H2S) according to Reaction (4.9). The
grain is assumed to be of spherical shape with an initial outer radius de-
noted by Rg,0. The reaction is assumed to be irreversible and to take place
in a narrow region of the grain, approximated as a 2-dimensional reaction
front [46]. Also, the gas concentration is assumed low such that the reac-
tion is slow and heat effects can be ignored. Two reaction pathways are
considered: In the first one the reaction front is moving inwards leaving
behind a layer of solid product (ZnS). This pathway leads to the shrinking
core model (SCM). In the second one the reaction front is moving outwards
leaving behind a void space due to the consumption of the solid reactant.
This pathway leads to the hollow core-shell model (HCSM).

Inward Growth of Product Layer

The inward growth of the reaction front, on which the SCM is based on,
is shown schematically in the upper row of Fig. 4.2. The grains grow as
the reaction proceeds since the specific molar volume of the solid product
is larger than that of the solid reactant.

Fig. 4.3.1a shows schematically the concentration profile of the sulfur
species: Starting from the surface (concentration Cg,s) H2S diffuses through
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Figure 4.2: Schematic of the evolution of the grain according to (a) SCM
and (b) HCSM. The fresh solid reactant (ZnO) is shown in blue and the
solid product (ZnS) is shown in green. The dashed line in (a) indicates the
original grain size.

the product layer to reach the reaction front (concentration Cg,i). There
are two rate controlling steps, i.e. the diffusion of the sulfur species through
the product layer and the reaction. For each of these steps we can write a
rate expression:

FDf =
4π

3
KDf (Cg,s − Cg,i), FRx =

4π

3
KRxCg,i (4.10)

where Fi is the consumption of the sulfur species in step i in units of (mole
reactant)/s, and KDf = 3D′ashRi/(1 − Ri/Rg) and KRx = 3k2CB,0R

2
i are

the rate coefficients. The radii Ri and Rg used in Eq. (4.10) are shown
in Fig.4.3.1a, while D′ash is the diffusivity of H2S in the product layer and
CB,0 is the molar concentration of solid reactant, i.e. ZnO. Making a quasi-
steady state approximation [65], the rate of the two steps become the same
and equal to the overall consumption rate that reads as:

F =
4π

3
KCg,s, K =

(
1

KDf
+

1

KRx

)−1

(4.11)

The consumption rate of the sulfur species given in Eq. (4.11) is equal to
the consumption rate of the solid reactant. Expressing the latter through
the solid conversion X = 1 − (Ri/Rg,0)3 we arrive at the solid conversion
rate, that in dimensionless form, reads as:

dX

dτ ′
= f ′(X, cg,s) = k′θcg,s, k′ =

(
1

k′Df
+

1

k′Rx

)−1

(4.12)
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where τ ′ = tD′ash/R
2
g,0 is the dimensionless time for the SCM, cg,s =

Cg,s/C0 is the dimensionless gas concentration at the grain surface, and
θ = C0/CB,0 is the ratio between the initial concentrations of gas and solid
reactant. In this work, we used θ = 10−6 which corresponds to an initial
concentration of H2S of 0.4%. The dimensionless rate coefficients k′Df and
k′Rx are given in Tab. 4.1. The latter contain two dimensionless parameters,
i.e. Ψ′RD that is the ratio of the characteristic rates of the reaction (rreact)
and ash diffusion (rash diff):

Ψ′RD =
(rreact)

(rash diff)
=
k2CB,0Rg,0

D′ash

(4.13)

and the second parameter, α, is the ratio of the specific molar volume of the
solid product (ZnS) and the solid reactant (ZnO). For the system ZnO/ZnS,
α ≈ 1.66 [81].

Outward Growth of Product Layer

In order to describe the experimental observations [5, 13, 80, 81] that show
the outward growth and void formation inside the grains , we propose a Hol-
low core-shell Model (HCSM) which assumes the diffusion of solid reactant
to the outer surface where the chemical reaction with the gaseous reactant
takes place, as shown schematically in the lower row of Fig. 4.2. The trans-
fer of solid reactant leaves behind void spaces. The voids grow in size as
the consumption of the sorbent continues. The concentration profile inside
a grain is schematically shown in Fig. 4.3.1b. Accordingly, we consider
three transport steps taking place in a grain: void formation, diffusion and
reaction. The void formation step results in transport of solid reactant from
the core, with an average concentration of CB , to the interface separating
the fresh and consumed sorbent (radius Ri, concentration of solid reactant
CB,i). This creates voids in the original grain. During the diffusion step,
the solid reactant diffuses from the interface at Ri through the solid product
to the surface of the grain (radius Rg, concentration CB,s). At the grain
surface the reaction takes place, which results in deposition of the product
layer at the outer surface. Writing the molar flow of the solid reactant for
each transport step, we arrive at:

FNc =
4π

3
KNc(CB − CB,i) (4.14)

FDf =
4π

3
KDf (CB,i − CB,s) (4.15)

FRx =
4π

3
KRxCB,s (4.16)
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where Fj is the molar flow rate of step j, Kj is the rate of mass transfer of
step j and CB is the concentration of the solid reactant in different positions,
as specified in Fig. 4.3.1b.

To findKNc, we model the void formation step as a process of nucleation-
growth of voids that can be described by the well-known Avrami (or JMAK)
model [119]. To derive the expression for KNc, first we consider a case where
only void formation occurs with no diffusion and reaction. Then, we adapt
the obtained result to the case where all three transport steps.

According to Avrami model, if solid particles were only subject to void
formation, the conversion of solid to void follows Xv(t) = 1 − e−(kfreqt)

m

,
where X is the conversion defined as X = 1 − CB/CB0; the subscript ”v”
is added to emphasize that the expression describes conversion due to void

Figure 4.3: Schematic of the concentration profile inside a grain. (a) Sulfur
species from the gaseous reactant in the SCM. (b) Solid reactant (ZnO) in
the HCSM. The fresh solid reactant is shown in blue and the solid product
(ZnS) is shown in green. The interface between the fresh reactant and the
solid product is at Ri. The grain outer radius is Rg. The dashed line in (a)
indicates the initial grain radius.
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formation only. Furthermore, m and kfreq are the rate exponent and the
rate coefficient of the nucleation-growth taking place inside the grain. The
rate of conversion is readily derived from the Avrami expression and after
rearrangement we obtain:

dXv

dt
= mkfreq(1−X)(− ln(1−X))1−1/m (4.17)

Void formation leads to an outward flow of material and by writing a mass
balance over a grain, the molar flow rate is derived as:

Fv =
4π

3
mkfreqR

3
g,0(1−X)(− ln(1−X))1−1/mCB (4.18)

Now, going back to the case that includes also diffusion and surface
reaction, we approximate the molar flow due to nucleation-growth as:

FNc ≈
4π

3
mkfreqR

3
g,0(1−X)(− ln(1−X))1−1/m(CB − CB,i) (4.19)

Comparing Eq. (4.19) with Eq. (4.14), KNc is obtained as:

KNc = mkfreqR
3
g,0(1−X)(− ln(1−X))1−1/m (4.20)

In this case m = 4 is presumed since the voids are assumed to grow 3-
dimensionally [119].

To estimate KDf , we consider the diffusion of Zn and O from the inter-
face denoted by Ri in Fig. 4.3.1b to the grain surface denoted by Rg. This
results in:

KDf =
3DashRg

Rg/Rg,0 − 1
(4.21)

where Rg is the outer radius of the grain, which is constantly growing, while
Rg,0 is the initial radius of the grain, which is also the interface between the
product layer and the particle core that contains ZnO. Notice that here the
diffusion coefficient Dash refers to the diffusing species of the solid reactant
(ZnO) while in SCM it referred to the diffusing species of the gaseous reac-
tant (H2S).

The rate expression for the surface reaction is formulated as a Langmuir-
Hinshelwood kinetics [37], therefore the transport coefficient reads as:

KRx =
k2R

3
gκCg,s

1 + κCg,s
(4.22)
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where κ is the adsorption equilibrium coefficient.

Making a quasi-steady state assumption, the rates of the three steps
become the same and equal to the overall consumption rate that reads as:

F =
4π

3
KCB , K =

(
1

KNc
+

1

KDf
+

1

KRx

)−1

(4.23)

Eq. (4.23) describes the consumption rate of the solid reactant. Expressing
the latter through the solid conversion X = 1 − CB/CB we arrive at the
solid conversion rate for the HSCM that, in dimensionless form, reads as:

dX

dτ ′′
= f ′′(X, cg,s) = k′′(1−X),

k′′ =

(
1

k′′Nc
+

1

k′′Df
+

1

k′′Rx

)−1

(4.24)

where τ ′′ = tD′′ash/R
2
g,0 is the dimensionless time for the HCSM. The di-

mensionless rate coefficients k′′Nc, k
′′
Df , and k′′Rx are given in Tab. 4.1. The

latter contain several dimensionless parameters: Ψ′′RD that is Eq. (4.13)
with D′ash replaced for D′′ash, ΨND defined as the ratio of the characteristic
rates for nucleation-growth (rnuc) and ash diffusion (rash diff),

ΨND =
(rnuc)

(rash diff)
=
mkfreqR

2
g,0

D′′ash

, (4.25)

and Ψad = κCB,0 used to describe the adsorption equilibrium.

4.3.2 Pellet Scale

The modeling of the pellet scale considers a spherical pellet of radius Rp
consisting of a large number of small grains of solid reactant (ZnO). The
pellet has an internal porosity εp that initially is assumed to be homoge-
neous at εp,0. The gaseous reactant (H2S) diffuses from the surface of the
pellet into the pellet where it is consumed by the reaction with the grains.
Assuming the pellet size to be much larger than the grain size allows for
describing the pellet as a continuous porous medium. The effective diffu-
sion coefficient in such a medium can be expressed as Deff ∼ ε2

pD0 [43, 118]
where D0 is the pore diffusion coefficient. A mass balance for the gaseous
reactant, in dimensionless form, reads as:



Page 59 Section 4.3

Table 4.1: Dimensionless rate coefficients
Shrinking core model (SCM)

k′Df = 3
(1 + (α− 1)X)1/3(1−X)1/3

(1 + (α− 1)X)1/3 − (1−X)1/3

k′Rx = 3Ψ′RD(1−X)2/3

Hollow core-shell model (HCSM)

k′′Nc = ΨND(1−X) (− ln(1−X))
1−1/m

k′′Df = 3
(1 + αX)1/3

(1 + αX)1/3 − 1

k′′Rx = 3Ψ′′RD
Ψadθcg,s

1 + Ψadθcg,s
(1 + αX)2/3

∂cp
∂τ

=
β

ξ2

∂

∂ξ

(
ε2
pξ

2 ∂cp
∂ξ

)
− 1− εp,0

θ
f(X, cg,s) (4.26a)

∂X

∂τ
= f(X, cg,s) (4.26b)

subject to

ξ = 1, τ > 0 : cp(τ, ξ) = cp,s (4.27a)

ξ = 0, τ > 0 : ∂cp/∂ξ = 0 (4.27b)

where cp = Cp/C0 is the dimensionless concentration of the gaseous reac-
tant, ξ = r/Rp is the dimensionless radial coordinate, and τ stands either
for τ ′ in case of SCM or τ ′′ in case of HCSM. The last term on the rhs of
Eq. (4.26a) describes the consumption of the gaseous reactant due to the
reaction with the grains, with f(X, cg,s) given either by the SCM (i.e., f ′

in Eq. (4.12)) or by the HCSM (i.e., f ′′ in Eq. (4.24)). The dimensionless
gas concentration at the grain surface (cg,s) is related to the dimensionless
pellet scale gas concentration (cp) as:

cg,s = cp/(1− εp,0). (4.28)

Eq. (4.26) contains a single dimensionless parameter, β, that is the ratio
of the characteristic rate of pellet diffusion (rpellet diff) and ash diffusion
(rash diff):
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β =
(rpellet diff)

(rash diff)
=
D0

R2
p

R2
g,0

Dash
. (4.29)

where Dash stands for either D′ash or D′′ash depending whether the grains are
described by the SCM or the HCSM, respectively.

In the limit where intra-pellet diffusion is much faster than the rate of
grain conversion (which is the case for β � 1, β/ΨRD � 1, and β/ΨND �
1) the pellet can be treated as homogenous, i.e. the gas concentration
and solid conversion are uniform throughout the pellet. This allows for
formulating a simplified model that, in dimensionless form, reads as:

dcp
dτ

= 3ε2
pβ(cp,s − cp)−

1− εp,0
θ

f(X, cg,s) (4.30a)

dX

dτ
= f(X, cg,s) (4.30b)

where the first rhs term of Eq. (4.30a) describes the mass transfer from the
pellet surface to the inside of the pellet.

As the reaction proceeds, the internal porosity changes due to the dif-
ference in the specific molar volumes between the solid reactant (ZnO) and
the solid product (ZnS). This leads to a local internal porosity that evolves
with the local solid conversion:

εp = 1− (1− εp,0)[1 + (α+ δ − 1)X] (4.31)

where δ = 0 for the SCM and δ = 1 for the HCSM. Eq. (4.31) suggests that
for εp,0 < (α+δ−1)/(α+δ), the porosity decreases as the reaction proceeds.
This can continue to a point where εp = 0 occurs which is interpreted as
pore clogging. When pore clogging occurs the inner parts of the pellet
will not undergo full conversion as clogging prevents the gaseous reactant
to reach to the inner parts. The pellet then will reach only finite average
conversion. For the system ZnO/ZnS the ratio of specific molar volumes is
α ≈ 1.66. A pellet whose grains react according to the SCM therefore would
need an initial porosity smaller than 0.39 for pore clogging to occur which
is too low for pore clogging to be of practical relevance. On the contrary, a
pellet whose grains react according to the HCSM encounters pore clogging
for an initial porosity εp,0 < 0.62. This is well within the range of pellet
porosities applied in packed bed applications, reported to vary from 0.56
to 0.69 [39, 124]. This makes pore clogging a realistic scenario, as was also
concluded by Gibson and Harrison [39] who explored the effect of change of
porosity on the pellet diffusion and suggested the possibility of pore clogging
due to the volume expansion of the ash layer on the grain scale.
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4.3.3 Bed Scale

The modeling of the bed scale considers a packed bed of length L filled
with spherical pellets of radius Rp. The void space in between the pellets
defines the bed porosity εb. A gas stream containing an inert carrier gas
and the gaseous reactant (H2S) at an inlet concentration C0 enters the bed
at an interstitial velocity uint. The gas stream is assumed to be diluted
and pressure and temperature are constant (negligible pressure drop) which
allows for treating uint as constant. The bed is assumed to be radially well
mixed and the gas flow is subject to axial dispersion. Also, for the sake
of simplicity, we consider the case of fast intra-pellet diffusion (β � 1)
which allows for ignoring the radial variation inside the pellets along the
bed. Under these assumptions a mass balance for the gaseous reactant, in
dimensionless form, reads as:

∂cb
∂τ1

+
∂cb
∂z

=
1

Pe

∂2cb
∂z2

− 3νbε
2
pφ(cp,s − cp) (4.32a)

∂cp
∂τ1

= 3ε2
pφ(cp,s − cp)−

1− εp,0
θ

∂X

∂τ1
(4.32b)

∂X

∂τ1
=
φ

β
f(X, cg,s) (4.32c)

subject to

z = 0, τ1 > 0 : 1 = cb(τ1, 0)− 1

Pe

∂cb
∂z

(4.33a)

z = 1, τ1 > 0 :
∂cb
∂z

= 0 (4.33b)

where, for convenience, we used the common bed scale characteristics (i.e.
the bed length L and carrier gas residence time L/uint) to define dimen-
sionless variables. Thus, τ1 = uintt/L is the dimensionless time on the
bed scale, z = x/L is the dimensionless axial coordinate, and cb = Cb/C0

is the dimensionless concentration of the gaseous reaction in the bulk gas
phase. The first of Eq. (4.32) describes the evolution of the gaseous reac-
tant along the bed while the second and third are equivalent to Eq. (4.30)
and describe, respectively, the pellet scale and the grain scale. Furthermore,
νb = (1−εb)/εb where εb is the bed porosity which is given a numerical value
of 0.55. The dimensionless gas concentration at the pellet surface (cp,s) is
obtained from the bulk gas concentration (cb) as:

cp,s =
kgcb + cp
kg + 1

(4.34)
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where kg = KgRp/D0 is the dimensionless mass transfer coefficient of the
gas molecules from the bulk to the pellet surface. In this work, we assume
that the mass transfer resistance from the bulk of the gas phase to the
pellet surface is negligible i.e. kg → ∞, hence the concentration at the
pellet surface is approximated as cp,s = cb. The two remaining dimension-
less parameters in Eq. (4.32) are the Peclet number Pe = uintL/E that
characterizes the axial dispersion in the bed and that in this work is fixed
at Pe = 104, and the bed scale parameter φ defined as the ratio of the
characteristic rates for pellet diffusion (rpellet diff) and convection (rconv):

φ =
(rpellet diff)

(rconv)
=
D0

R2
p

L

uint
(4.35)

Hence, the dimensionless time of the bed (τ1) is related to the dimen-
sionless time of the grain and the pellet as τ1 = τβ/φ.

4.3.4 Numerical Solution

Eq. (4.12), (4.24) and (4.30) are first order ordinary differential equations
(ODEs) and are solved numerically by MATLAB using conventional ODE
solvers.

Eq. (4.26a) is a parabolic partial deferential equation (PDE) and is
solved by semi-discretization, i.e. discretization of the space domain which
is referred to as Method of Line (MoL) in the literature [30]. To avoid the
singularity at ξ = 0 the space discretization is performed in the domain
ξ ∈ (δ, 1) instead of (0, 1), where δ is a small increment. In the present work
150 collocation points were used for solving Eq. (4.26a). The conservation
equation in Eq. (4.32a) is solved by MoL where discretization of the space
domain is based on the Finite Volume scheme described in [70]. Here, 100
collocation points were used for solving Eq. (4.32a).

4.4 Results and Discussion

In this section we explore results obtained from the HCSM. The aim is to
investigate the effect of the phenomena occurring on the grain scale on the
two other scales of the reactor.

4.4.1 Dynamics on the Grain Scale

According to the HCSM, the rate of conversion of grains is controlled by
three steps, namely void nucleation-growth, ash diffusion and surface reac-
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Figure 4.4: Influence of reaction rate on the grain conversion. Conversion
of a grain as a function of time for the HCSM (solid lines) and the SCM
(dashed line).

tion. The controlling parameters of the model, i.e. ΨRD and ΨND, represent
the relative rate of these steps.

The grain conversion obtained from the HCSM is plotted for different
values of ΨRD in Fig. 4.4 with black solid lines. The nucleation rate is
assumed to be high, i.e. ΨND = 106, such that it has little to zero effect
on the overall conversion rate. As shown in the figure, the grain conversion
increases exponentially and relaxes to X = 1 which corresponds to full con-
version. As expected, by increasing the rate of reaction (increasing ΨRD),
the conversion rate becomes faster. A grain conversion profile obtained from
the SCM is also plotted in Fig. 4.4 with a blue dashed line. Note that the
plot is scaled and corresponds to the non-dimensional time denoted by τ ′,
while the plots of HCSM correspond to τ ′′.

Comparing the conversion profile of the SCM with that of the HCSM
with ΨRD = 106 shows that the two model qualitatively describe the grain
conversion very similarly. Thus, the HCSM behaves similar to SCM in the
limit of fast nucleation. An experiment measuring the grain conversion in
time using, e.g. a TGA apparatus [31, 62], therefore would not be able to
distinguish between an inward growth mechanism as in the case of SCM or
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Figure 4.5: Pellet conversion as a function of time for the full model (solid
lines) and the lumped model (dashed lines). Both models employ the HCSM
for the grain scale.

an outward growth mechanism as in the case of HCSM.

4.4.2 Dynamics on the Pellet Scale

The concentration of the gaseous reactant in a pellet (cp) and the grain
conversion (X) as a function of time (τ) and radial position inside the pellet
(ξ) are obtained from solving either Eq. (4.26) for the full model or Eq.
(4.30) in the case of the lumped model. In the simulations of this section,
we consider the case where fast nucleation prevails. Hence if not declared
otherwise, in the remainder of this work we use ΨRD = 108, ΨND = 106

and Ψad = 1.

The pellet conversion is obtained from the local grain conversion by
integrating over the pellet volume:

X(τ) = 3

1∫
0

ξ2X(τ, ξ)dξ (4.36)



Page 65 Section 4.4

Figure 4.6: Pellet conversion at clogging (Solid line) and time to reach
clogging (dashed line) as a function of the initial porosity. The data are
obtained from the full model.

The pellet conversion profile as a function of time is shown in Fig. 4.5
for the full model with black solid lines and for the lumped model with blue
dashed lines. Similar to the grain conversion profiles, the pellet conversion
exponentially increases and relaxes when approaching full conversion. The
pellet parameter β is set to be high (i.e. fast intra-pellet diffusion or small
pellets), and the conversion profiles obtained from the two models are almost
identical.

It is shown in the figure that pellets with initial porosities lower than
0.62 do not reach full conversion. This is a result of the outward growth
of the grains. The porosity of the pellets constantly decreases as a result
of the outward growth to a point where the pores at the surface are fully
clogged and the gas molecules cannot enter the pellet to reach the unreacted
solid in the inside of pellets. Consequently, the pellet do not reach the full
conversion. This is further investigated in Fig. 4.6. The pellet conversion
at clogging, denoted by X̄c, increases with increasing the initial porosity.
Also, the time to reach clogging exponentially increases with initial porosity
to the critical limit, εp,0 = 0.62, above which no clogging occurs.

For β ≥ 108, if we consider typical values of parameters, (e.g. D0 ≈ 10−5

m2/s and Dash ≈ 10−15 m2/s adapted from[88], and Rg,0 ≈ 10−7 m) the



Section 4.4 Page 66

0 0.5 1 1.5 2 2.5 3 3.5 4

x 10
5

0

0.2

0.4

0.6

0.8

1

φ = 10

30

102

105

ε
p,0

=0.65

Dimensionless time τ
1

G
as

 C
on

ce
nt

ra
tio

n 
c b

Figure 4.7: Concentration profiles of the gas at the outlet of the bed as a
function of time for pellets without pore clogging.

lumped model provides reasonable results for micrometer pellet size range.
This clearly shows that the lumped model is not applicable for industrial
pellets which have a centimeter size range, but since it still captures the
pore clogging we will use this model in modeling of the packed beds.

4.4.3 Dynamics on the Bed Scale

When studying packed beds, it is of our interest to analyze the behavior of
the unit by evaluating the breakthrough curves. The breakthrough curves
show the concentration of the gas at the outlet of the bed as a function of
time. The concentration of the gaseous reactant in the bulk (cb) is computed
by solving Eq. (4.32).

Fig. 4.7 shows the breakthrough of beds with different bed parameters
φ. The beds are filled with pellets that have high initial porosity so that
no pore-clogging occurs. As shown in the figure, the breakthrough curve
has a step-like shape for very large bed parameters, i.e. very long beds.
In this case, the outlet concentration is zero up to the bed limit above
which the concentration sharply increases to the feed concentration. The
blue dashed line in the figure shows the bed theoretical limit. This limit is
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Figure 4.8: Concentration profiles of the gas at the outlet of the bed as a
function of time for pellets with pore clogging.

obtained analytically by assuming that all of the sorbent in the bed can be
converted. The limiting breakthrough time is:

τ1,b = 1 +
1− (εb + (1− εb)εp,0)

εbθ
(4.37)

For lower values of φ, i.e. shorter beds, the breakthrough curves exhibit a
unique behavior. These curves sharply rise at breakthrough times and then
slowly relax to the concentration of the feed. This characteristic shape of
noncatalytic gas-solid reactions was also observed in a study done by Rosso
et. al [93]. The timespan from the breakthrough to the recovery of the feed
concentration is referred to as the mass transfer zone of the bed. Decreasing
φ makes the mass transfer zone wider, as seen in Fig. 4.7.

When pellets embedded in the beds experience pore clogging the bed
does not meet the bed limit, as shown in Fig. 4.8. This shows that even
when the intra-pellet diffusivity and the bed length are relatively high, there
will remain some unconsumed metal oxide in the bed due to pore-clogging.
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4.5 Summary

A set of criteria for selection of suitable metal oxides for desulfurization
was discussed in this chapter. Sulfidation of ZnO pellets in a packed bed
was investigated in detail. This was done since recent experiments show
void formation and outward growth under certain circumstances in nano-
size particles of ZnO during desulfurization. The classical models in the
literature are not capable of describing such phenomena. A hollow core-
shell model (HCSM) was developed to describe the phenomena taking place
on the micro-scale.

The conversion profile of grains obtained from the HCSM was qualita-
tively very similar to that of the shrinking core model (SCM), making it
difficult to determine the mechanism of sorbent conversion just by looking
at the conversion data obtained from e.g. TGA experiments.

The effect of the outward growth and void formation was investigated on
the pellet and bed scales. On the pellet scale, the pore-clogging phenomena
was successfully captured by the model. It was shown that the pellets do
not reach full conversion if the initial porosity is not higher than a critical
value. This value is a function of the expansion factor. Also, it was shown
that the pore-clogging causes shorter breakthrough times for the beds.
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