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A B S T R A C T

Steelmaking is responsible for around 7% of the global emissions of carbon dioxide and new steelmaking pro-
cesses are necessary to reach international climate targets. As a response to this, steelmaking processes based on
the direct reduction of iron ore by hydrogen produced via water electrolysis powered by renewable electricity
have been suggested. Here we present a novel variant of hydrogen-based steelmaking incorporating methanol as
a hydrogen and carbon carrier together with high-temperature co-electrolysis of water and carbon dioxide and
biomass oxy-fuel combustion. The energy and mass balances of the process are analyzed. It is found that this
methanol-based direct reduction process may potentially offer a number of process-related advantages over a
process based on pure hydrogen, featuring several process integration options. Notably, the electricity and total
energy use of the steelmaking process could be reduced by up to 25% and 8% compared to a reference pure-
hydrogen process, respectively. The amount of high-temperature (> 200 °C) heat that must be supplied to the
process could also be reduced by up to approximately 34%, although the demand for medium-temperature heat
is substantially increased. Furthermore, the suggested process could allow for the production of high-quality
direct reduced iron with appropriate carburization to alleviate downstream processing in an electric arc furnace,
which is not the case for a process based on pure hydrogen.

1. Introduction

Iron ore-based steelmaking is currently responsible for around 7% of
global carbon dioxide (CO2) emissions [1]. Reducing these emissions to
meet climate targets is challenging as the currently dominating form of
steelmaking, the blast furnace-basic oxygen furnace (BF-BOF) process,
is dependent on coal as a reductant and fuel [2–4]. In essence, there are
two options for reducing CO2 emissions from steelmaking: to keep the
BF-BOF process and implement carbon capture and storage (CCS)
technology, or to seek new low-emissions processes [5]. One of the
alternative processes currently considered promising is the production
of direct reduced iron (DRI) via hydrogen (H2) direct reduction (H-DR)
[6]. Produced DRI may be refined to steel using an electric arc furnace
(EAF) [7]. H-DR steelmaking is the basis of the HYBRIT (HYdrogen
BReakthrough Ironmaking Technology) initiative, a collaboration be-
tween SSAB (steelmaking), Luossavaara-Kiirunavaara Aktiebolag
(LKAB) (mining), and Vattenfall (energy utility). The goal of the HY-
BRIT project is to achieve full-scale implementation of H-DR by 2035
[1].

The H-DR process replaces the conventional coal-based reductant of

the BF-BOF process with H2 produced via the electrolysis of water
(H2O). As electrolysis is an inherently electricity-intensive process, the
large-scale implementation of H-DR is expected to affect the Swedish
energy system significantly; replacing all current BF capacity in Sweden
with H-DR could increase electricity consumption by as much as 10% of
the current total Swedish electricity production [8].

A key part of managing the large electricity demand of the H-DR
process is the incorporation of an H2 storage. An H2 storage allows for
the discontinuous production of H2 while maintaining constant steel
production. This decoupling of H2 and steel production allows for the
electrolyzer load to be lowered during times of high electricity prices
and vice versa. In this way, the average H2 cost is reduced – granted
that the costs associated with the storage do not outweigh the reduced
H2 production costs. Furthermore, the flexibility afforded by an H2

storage makes it possible for the electrolyzers to provide additional grid
services.

There are very few large-scale storages of H2 in operation, all being
salt caverns [9]. These caverns are created by pumping water into an
underground salt formation to dissolve part of the salt, after which the
produced salt-H2O mixture is pumped out, leaving a cavity suitable for
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H2 storage [10]. Unfortunately, salt cavern storages, along with other
possibly promising options for the underground storage of large
amounts of H2, e.g., aquifers and depleted natural gas fields, require
certain geological conditions [9]. In many regions of the world, in-
cluding Sweden, these conditions cannot be met and, therefore, alter-
native solutions are required for large-scale H2 storage [11].

H2 can principally be stored via several other routes beyond as a
compressed gas [12]. One such route is the reaction of H2 with CO2 to
form methanol (CH3OH) and H2O. This CH3OH-H2O mixture can then
be converted back to H2 via a reforming process. By utilizing this
CH3OH-based system, H2 can be stored at high density (99 kg H2/m3 for
pure CH3OH or 107 kg H2/m3 for a stoichiometric CH3OH-H2O mix-
ture) in liquid form at ambient conditions.

The remainder of this article aims to explore how an H2 storage in
the form of CH3OH may be integrated into an H-DR process and what
the possible advantages of such integration could be. In particular, the
incorporation of a CH3OH-based H2 storage enables the possibility of
utilizing the CO2 formed in the carbon monoxide-based (CO) iron ore
reduction and carburization reactions to store H2. Further objectives of
this article are to evaluate the effects that DRI carburization and re-
ducing gas CO content have on the overall mass and energy balances of
a DR process. Another objective is to evaluate possible advantages of
the production of CO from CO2 in an H-DR process, in particular via the
high-temperature co-electrolysis of steam and CO2. Furthermore,
oxygen (O2) co-produced with H2 in electrolysis can be utilized for
biomass oxy-fuel combustion to provide heat and carbon to the process.
The starting point for the analysis is a review of the principles for the
production of DRI in existing natural gas-based DR processes, the cur-
rently existing commercially applied steelmaking processes that closest
resemble the H-DR process.

1.1. Conventional direct reduction processes

A distinguishing feature of DR processes is that the product of the
reduction – the DRI – remains in solid phase, in contrast to the molten
pig iron obtained from the BF. The most widely applied reactor design
in DR processes is the reduction shaft, or shaft furnace, which is a solid-
gas countercurrent moving bed reactor [13]. In the reduction shaft, iron
ore pellets, consisting mainly of hematite (Fe2O3), flow downwards
under the effect of gravity against a counter flow of reducing gas, a
mixture of predominantly H2 and CO most commonly produced via the
reforming of natural gas (which mostly consists of methane (CH4))
[14,15]. The reducing gas reacts with the Fe2O3 to form metallic iron
(Fe) via the following overall reduction reactions [16]:

+ + =H Fe O s Fe s H O3 ( ) 2 ( ) 3 ( H 99.5 kJ/mol)2 2 3 2 R (1)

+ + =CO Fe O s Fe s CO3 ( ) 2 ( ) 3 ( H 24.8 kJ/mol)2 3 2 R (2)

Two other iron oxides are formed as intermediates on the way to-
wards Fe: first magnetite (Fe3O4), then wüstite (FeO) [17]. The DRI
product is never fully reduced in conventional DR processes, i.e., some
iron oxide remains in the product DRI in the form of FeO, formed via
reactions (3) and (4) [18].

+ + =H Fe O s FeO s H O( ) 2 ( ) ( H 18.6 kJ/mol)2 2 3 2 R (3)

+ + =CO Fe O s FeO s CO( ) 2 ( ) ( H 25.7 kJ/mol)2 3 2 R (4)

The share of the Fe in incoming Fe2O3 that is fully reduced is re-
ferred to as the DRI ‘metallisation’. DRI metallisation is generally in the
range 90–96% (by mole) in conventional DR processes [19,20]. While
theoretically advantageous, higher degrees of metallisation are not vi-
able due to the kinetics of the commercial processes [14,20–22].

Conventional DRI typically contains some amount of carbon, ori-
ginating from CO or unconverted CH4 in the reducing gas. This carbon
can be present in DRI as either cementite (Fe3C) or free carbon (Cfree);
in conventional DRI, Fe3C constitutes around 65–95% of the contained
carbon and the amount of carbon ranges from 1.5% to 5.0% (by weight)
[21,23,24]. The DRI carburization reactions can be summarized as
[18,19,21,25]:

+ + =Fe CO Fe C CO3 2 ( H 148.7 kJ/mol)3 2 R (5)

+ + + =Fe CO H Fe C H O3 ( H 105.0 kJ/mol)2 3 2 R (6)

+ + + =Fe CO H Fe C H O( ) ( H 135.6 kJ/mol)free2 2 R (7)

+ + =Fe CH Fe C H3 2 ( H 98.3 kJ/mol)4 3 2 R (8)

Note that: 1) reactions (5) and (6) are connected via the water-gas
shift reaction; 2) reaction (5) is related to the well-known Boudouard
reaction (2 CO → C + CO2), which is catalyzed by metallic iron at
temperatures above about 400 °C [24,26]. A high DRI carburization is
advantageous in the EAF typically located downstream of the reduction
shaft, helping to reduce any remaining FeO (FeO + C → Fe + CO) and
decreasing the electricity demand of the melting process [23,26,27]. In
addition, a high-carbon DRI is easier to handle and store due to its
lower reactivity, particularly with air and H2O, compared to low-carbon
DRI.

An EAF is used to convert DRI, generally along with some amount of
recycled steel scrap, to steel [18,28]. In the EAF, the DRI (or DRI-scrap
mixture) is melted utilizing electricity that is fed via graphite (carbon)
electrodes. This melting is an electricity-intensive process, despite the
fact that a substantial share of the energy demand – typically around
35–60% – is provided by the oxidation of elements (foremost carbon) in
the DRI or DRI-scrap mixture [23,29]. Part of this oxidation is

Nomenclature

AEL Alkaline electrolysis
ASU Air separation unit
BF Blast furnace
BOF Basic oxygen furnace
CCS Carbon capture and storage
cp° Specific heat capacity
DR Direct reduction
DRI Direct reduced iron
EAF Electric arc furnace
H° Specific standard enthalpy
H-DR Hydrogen direct reduction
HHV Higher heating value
HYBRIT Hydrogen Breakthrough Ironmaking Technology
LHV Lower heating value
M Degree of metallisation

MAF Moisture- and ash-free substance
MD Methanol decomposition
MEA Monoethanolamine
Mw Molar weight
ṅ Molar flow
NIST National Institute of Standards and Technology
OSR Oxidative steam reforming
PEMEL Proton exchange membrane electrolysis
POX Partial oxidation
PSA Pressure swing adsorption
SOEL Solid oxide electrolysis
SR Steam reforming
T Temperature
t Temperature in Kelvin divided by 1 000
ΔHR Enthalpy of reaction
ΔHVap Enthalpy of vaporization
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customarily achieved via oxygen injection into the EAF; natural gas or
oil burners can also provide part of the energy demand [29,30]. Process
CO2 emissions from the EAF stem from oxidation of carbon in the DRI
or scrap (or injected carbon fines), combustion of natural gas or oil, or
consumption of the graphite electrodes [29]. During the melting pro-
cess, impurities originating from the iron ore, most notably phos-
phorous and sulfur, are simultaneously removed through a slag. The
formation of this slag is facilitated by the addition of lime to the EAF
[31].

As mentioned, the reducing gas of DR processes is most often gen-
erated via the reforming of natural gas. The three main reforming
processes applied in conventional DR processes are [19]:

1. External steam reforming: a conventional steam reformer is used to
produce a H2-CO mixture via a reaction between natural gas and a
stoichiometric excess of H2O over a catalyst; the HyL III process is an
example of a DR process that utilizes this type of reforming
[18,22,32,33].

2. External top gas reforming: the top gas, i.e., the gas that leaves the
top of the reduction shaft, is recycled back to the reformer. In the
reformer, part of the formed H2O and CO2 react with fed natural gas
over a catalyst, producing H2 and CO. This type of DR process, also
known as the MIDREX process, is seen Fig. 1 [20,34].

3. Internal reforming: natural gas is directly fed to the reduction shaft,
in which the iron acts as a reforming catalyst [20,34,35]. A separate
reformer is not necessary in this design. This type of process is seen
in Fig. 2. The HyL/Energiron ZR process is an example of this type of
scheme [30,33,35].

As can be seen in Figs. 1 and 2, the top gas is recycled back to the
reformer or pre-heating section in both processes, with some of the top
gas being combusted to provide heat. In the case of external top gas
reforming, a large share of the top gas can be recycled as both H2O and
CO2 is consumed in the reforming process, although a part of the top
gas is combusted to provide heat. In contrast, it is necessary to selec-
tively remove H2O and CO2 from the top gas in the internal reforming
process to prevent their accumulation [28].

1.2. Hydrogen direct reduction

Unlike the conventional DR process described above, an H-DR

process is based on a feed of pure H2, typically suggested to be provided
by the electrolysis of water, rather than natural gas [7,37,38]. This
theoretically leads to a somewhat less complex process as there are no
carbonaceous species present in the reduction shaft. Moreover, as no
CO is consumed in reduction reactions and no fossil natural gas is
combusted, process CO2 emissions should be minimal [1]. Heating of
the reducing gas should preferably not be achieved via combustion of
H2 due to the relatively low efficiency; electric heating is one suitable
alternative [27,39,40]. A process scheme of a H-DR process featuring
electric reducing gas pre-heating is seen in Fig. 3.

2. Suggested methanol-based direct reduction process

A CH3OH-based H2 storage system could be integrated into an H-DR
process in several ways. Here we assess one possible CH3OH-based DR
process based on the incorporation of a high-temperature electrolyzer
and a biomass oxy-fuel furnace, as seen in Fig. 4. In contrast to con-
ventional DR processes based on a feed of fossil natural gas, this process
is powered by electricity and biomass, which allows for fossil-free
steelmaking. An advantage of the suggested DR process over the H-DR
process seen in Fig. 3 is the possibility to produce carburized DRI.

The suggested process can be divided into steady-state and dynamic

Fig. 1. External top gas reforming direct reduction process [20].

Fig. 2. Internal reforming direct reduction process [36].

J. Andersson, et al. Energy Conversion and Management: X 7 (2020) 100051

3



parts. The dynamic part of the process is made up of the low-tem-
perature electrolyzer, the CH3OH production process, the CH3OH sto-
rage, and the CH3OH reformer with the associated gas separation step,
here assumed to be pressure swing adsorption (PSA). The purpose of the
dynamic part of the process is to deliver a constant stream of H2 to the
reduction shaft at as low cost as possible, where that cost is largely
determined by the price of electricity used to operate the low-tem-
perature electrolyzer. During times of relatively low electricity prices,
the low-temperature electrolyzer is operated at or near its maximum
load, delivering all H2 to both the reduction shaft and the CH3OH
production process, which is also operated at its maximum load.
Conversely, during times of relatively high electricity prices the low-
temperature electrolyzer is operated at its minimum load, delivering
only as much H2 as is necessary to operate the CH3OH production
process at its minimum load. To compensate for the then lower H2

production from the low-temperature electrolyzer, stored CH3OH is

consumed to produce H2 and CO2 in the CH3OH reformer. The CO2

formed in the reforming process may be recycled back to the high-
temperature electrolyzer or the CH3OH production process. Note that
the production of CH3OH also depends on the degree of filling of the
CH3OH storage.

The steady-state part of the process consists of all remaining units,
centered around the reduction shaft and the delivery of reducing gas.
The reducing gas delivered to the reduction shaft is a mixture of three
gas streams: 1) H2 from the dynamic part of the process, i.e., the low-
temperature electrolyzer or CH3OH reformer; 2) recycled top gas that
has had most H2O and CO2 removed via condensation and amine ab-
sorption, respectively; and 3) H2 and CO from the high-temperature
electrolyzer. The CO2 captured from the top gas is recycled back to the
rest of the process for conversion to CO or CH3OH.

As the overall reduction-carburization process inside the reduction
shaft is endothermic, it is necessary to pre-heat the entering reducing
gas so that sufficient reaction rates are achieved. The incoming redu-
cing gas is first pre-heated via heat exchange with the top gas.
Thereafter, further heat is provided via the oxy-fuel combustion of
biomass. The oxy-fuel combustion also provides carbon in the form of
CO2 to the process to produce CH3OH or CO and make up for any
carbon consumed by DRI carburization. It is assumed that it is not
possible to reach a sufficiently high reducing gas temperature via heat
exchange with the oxy-fuel flue gas due to material constraints [41].
Therefore, the final pre-heating of the reducing gas up to the reduction
shaft temperature is achieved via electric heating.

2.1. Methanol production from carbon dioxide

Conventional CH3OH production processes are based on a feed
consisting of predominately H2 and CO with small amounts of CO2 [42].
However, it is also possible to produce CH3OH via the direct reaction of
CO2 and H2 according to the following reaction [43]:

+ + =CO H CH OH H O3 ( H 49 kJ/mol)2 2 3 2 R (9)

As CO2 must be separated out from the DR process top gas, as seen

Fig. 3. Generic hydrogen direct reduction process.

Fig. 4. Suggested methanol-based direct reduction process (DR: direct reduction).
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in Fig. 4, the reaction above becomes a convenient way to store H2 (and
CO2) in liquid form in the context of a DR process. The basic process of
producing CH3OH from CO2 and H2, as seen in Fig. 5, consists of feed
and recycle compressors, a (series of) reactor bed(s), and a distillation
section, which may consist of one to four distillation columns de-
pending on the target CH3OH purity [44]. As the CH3OH-forming re-
action is exothermic, it is necessary to cool the reactor(s), either via a
series of heat exchangers (as in Fig. 5) or via quench streams (multiple
reactant inlets along the length of the reactor), to achieve sufficient
conversion per reactor pass [45]. The same type of catalyst can be used
in the CO2-based process as in the conventional CH3OH production
process and in CH3OH reforming: Cu/ZnO/Al2O3 [46]. Typical reactor
conditions are 210–280 °C at 40–80 bar. The presence of the recycle
stream necessitates a purge stream to avoid the accumulation of inert
gases in the system. The purge stream is small, about 1% (by mole) of
the recycle stream is sufficient, and is combusted to provide additional
heat [47–49]. The heat generated via the CH3OH-forming reaction and
the purge combustion is sufficient to cover the heat demand of the
distillation process [47,50]. Therefore, no external heat input is ne-
cessary in this process.

The electricity demand of the CH3OH production process is mainly
for the powering of compressors. Estimates of the electricity demand of
larger-scale CO2-based CH3OH production processes in the literature
are typically in the range of 1–2 kWh/kg of stored H2 (based on the
storage of three moles of H2 per mole of CH3OH) [51,52], e.g., Perez-
Fortes et al. estimated an electricity demand of 0.169 MWh/t CH3OH
for a plant producing 1320 t CH3OH from CO2 and H2 per day,
equivalent to, considering the stoichiometry of reaction (9), 0.9 kWh/
kg H2 stored in CH3OH [47].

Conventional CH3OH plants typically operate at steady state. In the
case of the DR process suggested here, a flexible CH3OH production
process is necessary since the main purpose of the H2 storage is to
compensate for variable electricity prices. Recent literature indicates
that such dynamic operation of a CH3OH production process may be
achievable, with a minimum load of 20% of the maximum capacity
[53–58], although certain CO2-based CH3OH production process
equipment suppliers have claimed that even lower minimum loads are
attainable [59,60]. Nevertheless, no such dynamic CH3OH production
process has yet been realized on an industrial scale, presumably be-
cause conventional plants have been based on a steady feed of natural
gas or coal [54].

2.2. Supply of carbon and heat to the process

When carbon-containing DRI is produced it is necessary to supply
carbon to the DR process, and if the process should be fossil fuel-in-
dependent this carbon should originate from biomass. The minimum
amount of carbon that must be supplied to a DR process can be esti-
mated by considering the DRI production and its degree of carburiza-
tion. At a production of 2 Mt DRI per year, approximately equal to the
current steel slab production at the SSAB BF-BOF plant in Luleå [61],
and a degree of carburization of 1% (by weight), the carbon con-
sumption of the process is 20 000 t per year, equivalent to a minimum
supply of around 73 000 t of CO2 per year, considering stoichiometry.
The amount of biogenic CO2 available from higher-concentration
sources in Sweden, such as biofuel production processes, is considerably
less [62]. Accordingly, we consider it most likely that carbon must be
supplied to the DR process via a direct influx of biomass to the site.

As large amounts of heat also must be provided to the DR process,
we regard the oxy-fuel combustion of biomass the most suitable option
for this supply of carbon. The principle of oxy-fuel combustion is
simple: instead of combusting a fuel in air, O2 is used as the oxidant.
The avoidance of N2 in the oxidant stream results a in flue gas con-
sisting of mostly steam and CO2, from which the CO2 can easily be
separated via condensation of the steam [63]. In conventional oxy-fuel
combustion processes, the generation of near-pure O2 using an air

separation unit (ASU) is a significant thermodynamic and economic
obstacle [64]. In the here suggested DR process there are already large
amounts of O2 available from the electrolyzers. This pure O2 may thus
be used directly in the oxy-fuel combustion process, as seen in Fig. 4,
without additional costs.

2.3. Production of reducing gas in a methanol-based direct reduction
process

2.3.1. Electrolysis
The production of H2 from H2O electrolysis provides a possible

route to fossil-free H2. Table 1 gives a brief comparison of current
commercial electrolyzer technologies. Alkaline electrolysis (AEL) is the
most mature technology with operational lifetimes of 10 to 20 years.
Proton exchange membrane electrolysis (PEMEL) has recently become a
possibly viable alternative to AEL. PEMEL can operate at higher current
densities than AEL, enabling a more compact design, and go up and
down in load more rapidly, although both technologies can operate in
wide load windows [65,66]. Both AEL and PEMEL are characterised as
low-temperature electrolysis technologies as both operate below
100 °C, i.e., on liquid H2O.

In contrast to AEL and PEMEL, solid oxide electrolysis (SOEL) is a
high-temperature technology, i.e., it operates on steam and not on
water (typically at 700–1 000 °C). SOEL is more efficient than low-
temperature technologies, but is associated with higher investment
costs. High-temperature electrolysis is particularly interesting when
external heat, or steam, is available as this avoids the need for supply of
the heat of evaporation of H2O. A potentially attractive operating mode
for SOEL is the production of a mixture of H2 and CO (syngas) when
steam and CO2 are co-fed; this concept is referred to as co-electrolysis.
The molar ratio of H2 and CO can be tailored depending on the re-
quirement of the product syngas. Such co-electrolysis of H2O and CO2

could provide a one-step fossil-free method for producing both H2 and
CO in a DR process.

As one mole of H2 or CO can reduce the same amount of Fe2O3 (per
reactions (1) and (2)), the electricity consumption per mole of CO and
H2 is of particular importance for a DR process. In addition to H2 and
CO, CH4 is also formed as a side product when operating an SOEL in co-
electrolysis mode [70]. However, current literature reveals that oper-
ating the SOEL at high temperatures and low pressures inhibits CH4

production [71].

2.3.2. Methanol reforming
The release of H2 from CH3OH can be achieved via four reactions: 1)

endothermic steam reforming (SR); 2) exothermic partial oxidation

Fig. 5. The basic layout of a CO2-based CH3OH production process [50].
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(POX); 3) oxidative steam reforming (OSR); and 4) endothermic CH3OH
decomposition (MD):

+ + =CH OH H O CO HSR: 3 ( H 49 kJ/mol)3 2 2 2 R (10)

+ + =CH OH O CO HPOX: 1/2 2 ( H 192 kJ/mol)3 2 2 2 R (11)

+ + + =CH OH H O O CO HOSR: 4 3 1/2 4 11 ( H 0 kJ/mol)3 2 2 2 2 R (12)

+ =CH OH CO HMD: 2 ( H 91 kJ/mol)3 2 R (13)

The OSR reaction is a combination of the SR and POX reactions. For
certain ratios of fed O2 and H2O, the OSR reaction is heat-neutral, ex-
cluding pre-heating of the reactants up to the reactor temperature; this
is referred to as autothermal reforming. The methanol reforming re-
actions are typically performed over a Cu/ZnO/Al2O3 catalyst [72–74].
It should be noted that the evaporation of CH3OH and H2O constitutes
most of the heat demand of the SR and OSR processes. Therefore, it is
highly advantageous if steam and gaseous CH3OH can be delivered to
the reforming process. For instance, if liquid H2O and CH3OH is de-
livered to an OSR operating at autothermal conditions, the minimum
amount of H2 that must be combusted to provide heat for the process
increases from 7 to 15% of the released H2.

The MD reaction is noteworthy in the present context as it directly
produces a mixture of H2 and CO, similar to the reducing gas of con-
ventional DR processes. Furthermore, although the yield of H2 is lower
in MD than in OSR or SR, MD produces one equivalent of CO, which has
the same theoretical reduction capacity as H2 and may also be used for
carburization. Notable disadvantages of the MD reaction are the high
endothermicity and the likely increased formation of byproducts such
as methyl formate, CH4, and dimethyl ether [75]. MD suffers from
several uncertainties at the present conceptual stage and is therefore
not considered further.

Another reforming option of interest is to directly utilize the top gas,
specifically its H2O and CO2 content, in the reformer. However, it is
presently unclear whether the reforming of CH3OH with CO2, i.e., dry
reforming of CH3OH, is viable. Therefore, like with the internal re-
forming approach, we do not pursue the dry reforming of CH3OH fur-
ther here. POX is not pursued further either due to the low H2 yield and

the intermittent generation of large amounts of heat. However, the
continuous POX of small amounts of CH3OH may be an attractive op-
tion to increase the reducing gas temperature before the reduction
shaft, analogous to the common practice of POX of CH4 in conventional
DR processes [19].

The remaining CH3OH reforming options, i.e., SR and OSR, do each
have specific advantages when integrated into a CH3OH-based DR
process. One critical factor is the heat demand of the processes: starting
from liquid H2O and CH3OH at room temperature, SR demands ap-
proximately twice the heat of OSR when operated in autothermal mode.
The price of the reduced heat demand of OSR is met by the loss of H2 in
the process, approximately 8% compared to SR per the stoichiometry of
reaction (12). As this lost H2 would originally be produced from elec-
tricity, the choice between OSR and SR is ultimately decided by the
relative costs of electricity and heat. An advantage of the OSR route is
that the addition of O2 inside of the reactor allows for very efficient
heat transfer, allowing fast start-up times and rapid response to changes
in reformer load [73,76]. However, at present time it is difficult to
evaluate the value of a more dynamic operation of the reforming pro-
cess.

2.4. Capture of carbon dioxide from top gas

As produced CO2 is not consumed, it is necessary to selectively re-
move CO2 from the top gas to prevent its accumulation in the reduction
shaft recycle loop (as seen in Fig. 4). While many CO2 removal tech-
nologies are possible, e.g., adsorption, membranes, molecular sieves,
and cryogenic separation, the only technology that has been success-
fully applied in conventional DR processes is amine absorption
[28,77,78]. Absorption-based CO2 separation processes are suitable for
the removal of CO2 from DR process top gas since: 1) the partial pres-
sure of CO2 in the top gas is typically low (below 20% (by mole)), a
detriment to CO2 separation methods based on compression; and 2) any
suitable surplus heat from the DR process may be used to regenerate the
amine solution [79,80].

The most common solvents for absorbing CO2 are aqueous mono-
ethanolamine (MEA) solutions (20–30% MEA (by weight)) [77,81]. The
generation of low-pressure steam for the regeneration of the amine
solution at 100–120 °C constitutes the major part of the energy demand
of MEA CO2 absorption processes with steam demands typically in the
range of 3–4 MJ/kg CO2 [81].

3. Method and assumptions

The basic mass and energy balances of the suggested CH3OH-based
DR process were calculated to evaluate its feasibility and performance,
e.g., its heat and electricity use, and how much H2 that can be stored in
the form of CH3OH per day. It was found necessary to adopt several
assumptions and simplifications to perform these calculations. A major
reason for this need for simplification is the currently large number of
uncertainties regarding the process components and their inter-
connections. Therefore, the results of these calculations should be

Table 1
Operational data for current commercial electrolyzer technologies [66–69].

AEL PEMEL SOEL

Temperature (°C) 60–90 50–80 700–1 000
Pressure (bar) 10–30 20–50 1–15
Current density (A/cm2) 0.25–0.45 1.0–2.0 0.3–1.0
System efficiencya (%) 51–60 46–60 76–81
Specific energy consumptionb (kWh/Nm3) 5.0–5.9 5.0–6.5 3.7–3.9
Lifetime (kh)

Capital expenditure (€/kWel)
55–120
1 000–1 200

60–100
1 860–2 320

8–20
> 2000

a Electricity demand, including auxiliaries and heat supply, on a lower
heating value basis starting from liquid water.

b System level.

Table 2
Shomate equation parameters for relevant gases [82].

Compound H2 CO H2O(g) CO2 O2

Temperature (K) 298–1 000 1 000–2 500 298–1 300 500–1 700 298–1 200 100–700 700–2 000

A 33.066178 18.563083 25.56759 30.092 24.99735 31.32234 30.03235
B −11.363417 12.257357 6.09613 6.832514 55.18696 −20.2353 8.772972
C 11.432816 −2.859786 4.054656 6.793435 −33.69137 57.86644 −3.988133
D −2.772874 0.268238 −2.671301 −2.53448 7.948387 −36.5062 0.788313
E −0.158558 1.97799 0.131021 0.082139 −0.136638 −0.00737 −0.741599
F −9.980797 −1.147438 −18.0089 −250.881 −403.6075 −8.90347 −11.32468
G 172.70797 156.288133 227.3665 223.3967 228.2431 246.7945 236.1663
H 0 0 −110.5271 −241.8264 −393.5224 0 0
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considered as basic estimates based on a conceptual process design.
Calculations where performed in MS Excel using the built-in solver tool.
Specific heat capacities and enthalpies of gases where calculated using
the Shomate equation (Eqs. (14) and (15)) using parameters from the
National Institute of Standards and Technology (NIST) Webbook per
Table 2 [82]:

= + + + +°c A B t C t D t E
tp

2 3
2 (14)

= + + + +° °H H A t B t C t D t E t F H/2 /3 /4 /298.15
2 3 4 (15)

where cp° is the specific heat capacity (in J/(mol, K)), t the temperature
(t = T/1000, where T is the temperature in Kelvin), and H° the specific
standard enthalpy (in kJ/mol). The reference state for enthalpy calcu-
lations is 25 °C, 1 bar, and H2O(g).

The iron ore pellets that are fed to the reduction shaft are antici-
pated to consist of Fe2O3 and 5% (by weight) of inert material [7]. This
inert material remains as part of the produced DRI and is later sepa-
rated out in the EAF as slag. A DRI metallisation of 94% is assumed in
all cases; all remaining iron oxide is in the form of FeO, as is typical in
conventional DRI production [17,23]. Consequently 25.4 kmol of re-
ductant, i.e., H2 or CO, is consumed per t DRI per equation (16), con-
sidering the stoichiometry of reactions (1), (2), (3), and (4):

= +n X
M Fe

X
M FeO

3
2 ( )

(1 ) 1
2 ( )

10red Fe
w

Fe
w

3
(16)

where XFe is the weight fraction of Fe in the DRI (excluding inert ma-
terial), Mw(Fe) the molar weight of Fe, and Mw(FeO) the molar weight
of FeO. The weight fraction of Fe in the DRI can be calculated using the
DRI metallisation (M) per equation (17). A DRI metallisation of 94%
yields XFe = 0.92.

=
+ ( )X M Fe

M Fe M FeO
( )

( ) ( ) 1
Fe

w

w w M
1

(17)

The radiation and convection losses from the reduction shaft is as-
sumed to be 15% of the thermal energy of the entering reducing gas
(calculated per Eq. (15) for the various components) [83]. All solids
passing through the reduction shaft are assumed to have a heat capacity
of 0.56 kJ/(kg, K) and to enter and exit the reduction shaft at tem-
peratures of 25 °C and 850 °C, respectively [83]. As the mass of carbon
in the produced DRI is relatively small in all cases, the difference in DRI
mass caused by carburization is ignored in the energy balance over the
reduction shaft. The production of DRI (excluding inert material and
carbon, i.e., only Fe and FeO) is assumed to be 2 Mt per year with the
plant is in operation for 360 days per year, which is taken as the
standard plant utilization. This yields the solid-phase reduction shaft
mass balance in Table 3:

Assuming that all Fe in the produced DRI ends up in the final steel
product and that all inert material is separated out as slag in the EAF,
this yields 1.97 Mt liquid steel (Fe) per year. The plant, excluding the
CH3OH production process and the steam fed to the high-temperature
electrolyzer and the amine-based CO2 absorption process, is assumed to
operate at atmospheric pressure [7].

Due to equilibrium reasons, only part of the H2 and CO in the re-
ducing gas entering the reduction shaft is consumed per pass. A per-pass
conversion of 30% of entering H2 and CO is assumed for the reduction
reactions, based on the modelling work of Yi et al. [84]. However, it is
assumed that all H2 and CO sent to the reduction shaft is eventually
utilized upon sufficient recycling, i.e., there are no losses of H2 or CO.

The effect of varying the H2/CO ratio on the energy and mass bal-
ances of the process was investigated in the range of CO reducing gas
concentrations of 5–30% (by mole) in increments of 5%. As the degree
of carburization that is achieved under different process conditions is
uncertain, this is considered a variable in the calculations with four
cases (carbon by weight in DRI): 0.0%, 0.5%, 1.0%, and 1.5%. In

practice, a higher reducing gas CO concentration should enable a higher
degree of carburization and vice versa [85]. Nevertheless, cases of high
reducing gas CO content and low carburization or low CO content and
high carburization are included to show all theoretical possibilities. In
total, this yields 25 cases, per Table 4. Note that the case of 0.0%
carburization and 0% CO in the reducing gas includes no high-tem-
perature electrolysis or amine scrubber as no CO is supplied to the re-
duction shaft. Therefore, this is referred to as the H-DR case. The dif-
ference between this H-DR case and the process shown in Fig. 3 is the
oxy-fuel pre-heating step and the CH3OH-based H2 storage.

For simplicity, it is assumed that all carbon in the DRI is in the form
of Fe3C, as most carbon is in conventional DR processes (especially for
lower degrees of carburization [25]) and to be formed via reaction (5)
[23]. Reaction (5) was chosen as this results in the largest CO2 pro-
duction per degree of carburization and, thus, represents a worst-case
scenario as all produced CO2 must be separated out to prevent its ac-
cumulation in the reactor loop. The CO consumed via carburization is
assumed to be in addition to that consumed via reduction, i.e., the top
gas flow is somewhat smaller for cases of higher carburization, even if
the flow of reducing gas to the reduction shaft is identical in all cases.

It is assumed that a minimum temperature difference of 50 °C is
achieved in the heat exchange between the top gas and the reducing
gas. The reducing gas, excluding additions of H2 and CO from the high-
temperature electrolyzer, is assumed to enter this heat exchanger at
70 °C. The remaining heat in the top gas after this heat exchanger down
to 140 °C is used to generate part of the 3 bar steam (saturation tem-
perature 133.5 °C; only heat of vaporization (2163.5 kJ/kg H2O) is
considered [86]) needed for the regeneration of the amine solution.
Thereafter the top gas is cooled down further (to around 50 °C) to
condense steam and to facilitate the subsequent CO2 absorption process
[77,87,88]. The low-temperature heat generated by this cooling and
condensation is not utilized in the current system. However, it is pos-
sible that it could be used to provide e.g., district heating. The CO2

absorption process is modelled as a black box process and is taken to
require an input of 3.5 MJ/kg CO2 of 3 bar steam for regeneration of the
amine solution [81]. The reducing gas is assumed to always contain 5%
CO2 and 5% of H2O (by mole) due to their incomplete separation from
the top gas. However, to maintain the same reducing gas flow in the
pure H-DR case (with no CO) as in all other cases, it is assumed that the
reducing gas then contains 90% H2 and 10% H2O (by mole).

The low-temperature electrolyzer is assumed to be of the AEL kind
and to require 50.0 kWh of electricity per kg of H2 (100.8 kWh/kmol
H2) independently of its load; this efficiency is based on projected va-
lues for 2030 [67,89]. The high-temperature electrolyzer is of the SOEL
kind and operates in H2O-CO2 co-electrolysis mode. The SOEL operates
at 700 °C, producing a 1:1 M ratio of H2 and CO at an electricity de-
mand of 70 kWh/kmol of reductant when receiving saturated steam at
3 bar (starting from H2O(l) at 25 °C and 1 bar, this is equivalent to a
heat demand of 13.1 kWh/kmol, yielding a total energy demand of
SOEL of 83.1 kWh/kmol). The electricity consumption of the SOEL is
estimated via simulations; further details can be found in literature
[71,90–93]. The high-temperature electrolyzer is assumed to operate at
atmospheric pressure; consequently CH4 formation is most likely neg-
ligible and thus neglected [71,94].

The biomass combusted in the oxy-fuel furnace is taken to have an
elementary dry composition of 51% carbon, 6% hydrogen, and 43%

Table 3
Mass balance for solids in the reduction shaft.

Component In (t/h) Change (t/h) Out (t/h)

Fe2O3 325.4 −325.4 0
Inert solids 17.1 0 17.1
FeO 0 +17.6 17.6
Fe 0 +213.9 213.9
Sum 342.5 −93.9 248.6
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oxygen (by weight) and to carry with it 50% (by weight) liquid H2O
[95]. The higher heating value (HHV) of the dry biomass is 19.4 MJ/kg
of moisture- and ash-free substance (MAF), yielding a lower heating
value (LHV) of 17.0 MJ/kg MAF [95]. The biomass is assumed to be
completely combusted (i.e., all hydrogen in the fuel is converted to H2O
and all carbon in the fuel is converted to CO2) in the oxy-fuel furnace at
a stoichiometric excess of O2 of 10% (by mole). The O2 necessary for
the combustion is delivered from the process electrolyzers and is as-
sumed to enter at a temperature of 25 °C. A cold-side temperature of
700 °C is achieved in the oxy-fuel reducing gas pre-heating step. Any
remaining heat in the oxy-fuel flue gas after this heat exchange with the
reducing gas down to 140 °C is used to generate 3 bar steam. An ex-
ception is the H-DR case, where there is no demand for 3 bar steam.
Here a minimum temperature difference of 50 °C is achieved already
during heat exchange with the reducing gas. The efficiency of heat
transfer from the oxy-fuel combustion is assumed to be 90%.

After heat exchanging, the H2O in the oxy-fuel flue gas is condensed
and separated out, leaving a stream of essentially pure CO2. It is as-
sumed that this CO2 is sufficiently pure to be sent directly to the CH3OH
production process, i.e., the energy demand of any additional gas
cleaning steps is assumed to be negligible. As with the top gas con-
denser, the condensation heat could be (but is in the current system
not) used for district heating. The final pre-heating of the reducing gas
from 700 °C up to the reduction shaft temperature of 900 °C is achieved
by electrical heating with an efficiency of 100%. As no carbon is con-
sumed in the H-DR case, it is then principally possible to operate the
process on electric pre-heating alone if desired, as seen in Fig. 3.

The CH3OH production process is assumed to require an input of
1 kWh/kg of H2 stored in CH3OH for compression purposes [47]. The
internal heat demand of this process, including distillation, is assumed
to be entirely covered by the reaction heat, i.e., there is no need to
supply external heat. Only the stoichiometry of reaction (9) is con-
sidered; formation of side products is assumed to be unimportant for the
overall mass and energy balances [49]. The identification of the max-
imum allowable CH3OH production capacity is a goal of the presented
energy and mass balances.

The heat demand of the CH3OH reformer, also modelled as a black
box process, is estimated based on the use of either SR (reaction (10)) or
OSR (reaction (12)) using the enthalpies of vaporization of H2O
(40.66 kJ/mol) and CH3OH (35.20 kJ/mol) at their respective standard
boiling points. Assuming a stoichiometric excess of H2O of 50% is uti-
lized in SR yields [96]:

=
+ +

=Heat demand
mol mol

kJ mol H
H 1.5 H H

( / )
48.4 /SR
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H CH OH SR
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2
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H CH OH OSR

, , 2 , 3

2 3
2

(19)

Note that approximately 8% of H2 in CH3OH is lost as heat in the
OSR case, per stoichiometry. The EAF is assumed to be fed by only hot
DRI, resulting in an electricity demand that varies linearly with the DRI
carburization between 760 kWh/t steel for carbon-free DRI and 520
kWh/t steel for DRI with a carburization of 2% (by weight) (1.5% is the
highest DRI carburization considered here) [8]. No addition of steel
scrap to the EAF is considered.

The basic calculations performed in this article considers only the

basic chemical and physical processes occurring in the different parts of
the process using e.g. stoichiometry, heat capacities, and reaction en-
thalpies. More complex aspects, such as the kinetic effects in the re-
duction shaft and changes in the energy demand of various sub pro-
cesses due to variations in load, have been left out. Furthermore, the
energy demand of certain minor parts of the process, such as CO2

purification as part of the oxy-fuel process, H2O purification processes,
and pumping of liquids have been neglected in the calculations.

4. Results and discussion

4.1. Mass balances

The currently available data on the mass balance of a conventional
DR shaft for varying reducing gas compositions is limited
[14,34,97,98]. This lack of available data means that it is not possible
to validate the simple reduction shaft model applied here for all con-
sidered conditions. Nevertheless, the developed simplified reduction
shaft model does correspond well with actual MIDREX plant data for
similar reducing gas conditions, as seen in Table 5.

An important aspect of the suggested CH3OH-based DR process is
the carbon mass balance: the amount of CO2 delivered by the oxy-fuel
combustion process and separated out from the top gas must be suffi-
cient for the operation of the high-temperature electrolyzer. As seen in
Fig. 6 for degrees of carburization of 0.0% (left) and 1.5% (right), this
condition is fulfilled for all considered conditions (this also applies for
intermediate degrees of carburization), i.e., there is always an excess of
CO2: the combined flow of CO2 from the oxy-fuel furnace and the amine
absorption unit (blue line) is larger than the consumption of CO2 due to
CO production for reduction and carburization via high-temperature
electrolysis (green line) (note that the lines indicating total CO con-
sumption (green line) and CO2 separated from the top gas (yellow line)
overlap in the 0.0% carburization case). This excess CO2 can be used to
store H2 in CH3OH. A consequence of this excess of CO2 in the process is
that it is not necessary to capture CO2 from the downstream EAF,
simplifying the overall process. When the CH3OH reformer is operated
there will always be a large excess of CO2 as it is co-produced with H2.

The relative excess of CO2 is larger at lower CO concentrations in
the reducing gas: in the case of 1.5% (by weight) DRI carburization
presented in Fig. 6, the excess of CO2 is (by mole) between 75% and
48% for CO concentrations of 5% and 30% in the reducing gas, re-
spectively. Although the inflow of CO2 from oxy-fuel combustion is
higher at higher reducing gas CO content, this is outweighed by the

Table 4
Studied cases of reducing gas CO concentration and DRI carburization.

Reducing gas CO concentration (% by
mole)

0.0% carburization (by weight) 0.5% carburization (by weight) 1.0% carburization (by weight) 1.5% carburization (by weight)

0 Yes (H-DR case) No No No
5, 10, 15, 20, 25, 30 Yes Yes Yes Yes

Table 5
Comparison of reduction shaft mass balance between the developed simplified
model and data from Gilmore Steel Corporation MIDREX plant in Portland,
Oregon, USA (production capacity: 26.4 t Fe/h) [14,98]. Gilmore plant DRI
carburization: 2.0% (by weight), model carburization: 2.0% (by weight).

Reducing gas (mol%) Top gas (mol%)

Gilmore plant data Model Gilmore plant data Model

H2 52 60 37 43
CO 30 30 19 18
CO2 5 5 14 16
H2O 5 5 21 23
N2 + CH4 8 – 9 –
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increased CO2 demand of the high-temperature electrolyzer. Note that
although there is enough CO2 supplied from only the oxy-fuel furnace
to fully supply the process at low reducing gas CO concentrations, CO2

must still be separated out from the top gas to prevent its accumulation.
Therefore, it is not viable to separate out less CO2 from the top gas
when the excess of carbon in the system is high to decrease the heat
demand.

As mentioned, the excess of CO2 produced by oxy-fuel combustion
and separated out from the top gas can be used to produce CH3OH and
store H2. Accordingly, the data in Fig. 6 can be used to assess the al-
lowed sizes of the CH3OH production process and, thus, the low-tem-
perature electrolyzer overcapacity, as this unit must supply sufficient
H2 for the CH3OH production process. Assuming that each mole of
excess CO2 can be used to store three moles of H2 (per reaction (9)), the
maximum allowable overcapacity of the low-temperature electrolyzer

increases with increasing CO concentration in the reducing gas per
Fig. 7. For pure H-DR (0% CO in reducing gas, 0% carburization, and
with all CO2 from the oxy-fuel combustion), the maximum overcapacity
of low-temperature electrolyzers is approximately 267 MW, increasing
to 471 MW for 30% (by mole) CO in the reducing gas (no carburiza-
tion). These low-temperature electrolyzer overcapacities would allow
for maximum CH3OH production rates of between 244 and 431 kt/y.
Increasing DRI carburization leads to lower allowable electrolyzer
overcapacities as a higher share of CO2 from oxy-fuel combustion must
then be sent to the high-temperature electrolyzer for CO production.
Accordingly, the case of 5% (by mole) reducing gas CO concentration
and 1.5% (by weight) carburization achieves the lowest allowable
overcapacity at 198 MW (equivalent to a maximum CH3OH production
rate of 181 kt/y).

Utilizing all of the available overcapacity for CH3OH production is
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likely not reasonable at higher reducing gas CO concentrations. In such
a case, the minimum electricity demand of supplying the CH3OH pro-
duction process (at 20% load) with H2 would nearly completely elim-
inate the possibility of dynamic operation of the process, i.e., reducing
the electricity use during times of high electricity prices. This indicates
that more venting of excess CO2 may be necessary for higher reducing
gas CO concentrations.

As the high-temperature electrolyzer is delivering a mixture of CO
and H2, a smaller share of the total H2 will be delivered from the dy-
namic section of the process, i.e., the low-temperature electrolyzer or
CH3OH reformer, the higher the amount of CO in the reducing gas. This
effect is seen in Fig. 8.

As can be seen, the share of the total H2 that is delivered from the
high-temperature electrolyzer increases rather rapidly with increasing
reducing gas CO concentration. The effect of DRI carburization is also
significant with higher shares of high-temperature electrolysis for
higher degrees of carburization. As it is assumed that the flow of re-
ducing gas is constant in all cases, more CO is consumed per pass for the
cases of higher degrees of carburization and, thus, more H2 is co-pro-
duced with this CO in the high-temperature electrolyzer. The share of
H2 being delivered from the high-temperature electrolyzer determines
the maximum size of the CH3OH reformer: the larger the share of H2

that is delivered from the high-temperature electrolyzer is, the smaller
the CH3OH reformer has to be to cover the dynamic supply of H2 to the
reduction shaft.

It should be noted that there are sufficient amounts of O2 delivered
from the high-temperature electrolyzer to supply the oxy-fuel furnace
for cases with high reducing gas CO concentrations and DRI carbur-
ization. For a DRI carburization of 1.5% (by weight), there is enough
hot O2 for the oxy-fuel furnace when the reducing gas CO concentration
is higher than 8% (by mole). However, if the O2 delivered from the
high-temperature electrolyzer is not sufficient, O2 from the low-tem-
perature electrolyzer can be used as a supplement. The delivery of hot
O2 from the high-temperature electrolyzer would be advantageous for
the oxy-fuel combustion energy balance, increasing the heat input per
kg of MAF biomass by around 6% compared to when O2 is delivered at
25 °C (as assumed in calculations).

4.2. Thermal energy balances

The presence of CO in the reducing gas decreases the heat demand
of the reduction shaft due to the exothermic reduction (reaction (2))
and carburization (reaction (5)) reactions. This effect is seen in Fig. 9.

Clearly, the presence of CO in the reducing gas and carbon in the
DRI has a substantial effect on the heat demand of the reduction shaft.
A concentration of 30% (by mole) of CO in the reducing gas reduces the

heat demand of the shaft by 19% compared to the pure H-DR case, not
considering carburization. The heat balance of the reduction shaft
under different conditions is presented in Table 6.

The reduced heat demand of the reduction shaft at higher con-
centrations of CO in the reducing gas results in higher top gas heat
temperatures. In the case of pure H-DR, our model results in a top gas
temperature of 303 °C. For 30% (by mole) of CO in the reducing gas and
a degree of carburization of 1.5% (by weight), the top gas temperature
is 481 °C.

For the case of pure H-DR, the theoretical amount of pre-heating is
120 MW. In the case of a carburization of 1.5% (by weight) and a re-
ducing gas CO concentration of 30% (by mole), the amount of reducing
gas pre-heating is reduced to 80 MW due to the less exothermic op-
eration of the shaft, out of which 40 MW is provided by oxy-fuel
combustion. The amount of electrical heating necessary to provide the
final pre-heating of the reducing gas from 700 °C to 900 °C is ap-
proximately 38 to 40 MW in all cases (small differences are due to
variations in the reducing gas heat capacity), which corresponds to
between 32% and 50% of the total amount of pre-heating. There are
two additional major heat demanding sections of the process beyond
the pre-heating of the reducing gas: the regeneration of the amine so-
lution used for CO2 capture and the generation of steam for the high-
temperature electrolyzer. As the CO content in the shaft and DRI car-
burization increases, the heat demands of both of these processes in-
crease, as seen in Fig. 10. However, part of this increase is compensated
by the increase in excess heat in the top gas after heat exchange with
the reducing gas that can be used to generate 3 bar steam.

The increased heat demand for CO2 separation and steam genera-
tion outweighs the decrease in heat demand for pre-heating of the re-
ducing gas. However, it should be noted that the heat necessary for the
CO2 separation process and the generation of steam for the high-tem-
perature electrolyzer is of much lower temperature than that which is
needed for the pre-heating of the reducing gas (mostly around 140 °C
vs. from 300 to 400 °C up to 900 °C). Therefore, it is expected that oxy-
fuel combustion can supply all of the necessary heat for these processes
and, consequently, that no major additional amount of electrical
heating is necessary. The utilization of waste heat from low-tempera-
ture electrolyzers via heat pumping may also be a viable option to
provide this heat [99].

The maximum full load heat demand of the CH3OH reformer (that is
to be supplied intermittently) can be estimated by considering the en-
thalpies of the reforming reactions and the heats of evaporation of H2O
and CH3OH per Eqs. (18) and (19). For SR, the maximum heat demand
of the reformer is 79 MW, which is found in the H-DR case. If OSR is
instead used, the maximum heat demand decreases to 39 MW. As the
dynamic supply of H2 decreases with increasing reducing gas CO
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concentration and DRI carburization, so does the reformer capacity and
heat demand. For a reducing gas CO concentration of 30% (by mole)
and a carburization of 1.5% (by weight), the maximum heat demand of
the reformer is 18 MW for SR or 9 MW for OSR. It can be concluded that
the share of the total heat demand of the DR process that must be in-
termittently supplied to the CH3OH reformer is relatively small com-
pared to the total heat demand of the process, especially for OSR and
higher reducing gas CO concentration and DRI carburization.

4.3. Electricity demand

There are four major electricity demanding subprocesses in the in-
vestigated DR process: the low-temperature electrolyzer, the high-
temperature electrolyzer, the EAF, and the final pre-heating of the re-
ducing gas. The electricity demand of these processes is affected by
changes in the reducing gas CO concentration and the DRI carburiza-
tion.
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Fig. 9. Heat demand of reduction shaft as a function of the concentration of carbon monoxide in the reducing gas for varying degrees of carburization.

Table 6
Energy balance for reduction shaft in case of pure H-DR versus when CO is introduced. The reducing gas CO concentration has been chosen as to represent typical
direct reduction processes for the case with carburization.

H-DR Input Heat (MJ/t DRI) Share Output Heat (MJ/t DRI) Share
Reducing gas 2 334 100% Heat of reactions 757 32%

Sensible heat of DRI 462 20%
Heat loss 350 15%
Top gas 766 33%

Total 2 334 Total 2 334
30% CO in reducing gas, 1.5 wt% C in DRI. Input Heat (MJ/t DRI) Share Output Heat (MJ/t DRI) Share

Reducing gas 2 417 100% Heat of reactions 266 11%
Sensible heat of DRI 462 19%
Heat loss 363 15%
Top gas 1 327 55%

Total 2 417 Total 2 417
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As seen in previous sections, the concentration of CO in the reducing
gas affects the relative capacity of the low and high-temperature elec-
trolyzers. The degree of carburization mainly affects the electricity
demand of the EAF downstream the reduction shaft. The electricity
demand of the reducing gas pre-heating process does not change sig-
nificantly when varying the reducing gas CO content, as the tempera-
ture of the reducing gas after heat exchange with the oxy-fuel flue gas is
assumed to be the same in all cases. The effect of changing the reducing
gas CO content and the degree of carburization on the electricity de-
mand of the DR process is shown in Fig. 11. Note that any low-tem-
perature electrolyzer overcapacity is excluded, i.e., the shown elec-
tricity demand is for the case that electrolyzers provide all of the
reducing gas. Likewise, the electricity demand of the CH3OH produc-
tion process is not included as its optimal capacity is unknown. How-
ever, even for the maximum allowable CH3OH production capacities,
its contribution is relatively small (under 10 MW at maximum load in
all cases).

In Fig. 11, it is seen that the overall electricity demand decreases
with increasing reducing gas CO concentration and DRI carburization.
Increasing the concentration of CO in the reducing gas increases the
share of high-temperature electrolysis, improving the average electro-
lysis electrical efficiency. Increasing the carburization reduces the
electricity demand of processing the DRI downstream in the EAF. The
electricity demand of the process for a reducing gas CO concentration of
30% (by mole) and a degree of carburization of 1.5% (by weight) is
670 MW, a reduction of 17% compared to the H-DR case (806 MW). If
only electricity would be used to pre-heat the reducing gas (i.e., no oxy-
fuel combustion), as presented in Fig. 3, then the electricity demand of
the H-DR case increases to 888 MW. The relative reduction in electricity
demand achieved in the case with 30% (by mol) CO in the reducing gas
and 1.5% (by weight) carburization is then 25%. This calculated elec-
tricity demand of the H-DR with purely electric pre-heating case agrees
reasonably well with the results of Vogl et al. (2018): 3.48 MWh/t steel
vs. 3.94 MWh/t steel here (assuming that all Fe in produced FeO re-
mains in the final steel product and that all inert material in the pellets
is separated out with the slag in the EAF). The higher estimate here is
mainly due to a difference in assumed electrolyzer efficiency. For the
case of 30% (by mole) CO in the reducing gas and a carburization of
1.5% (by weight), the specific electricity demand is 2.97 MWh/t steel.

The distribution of the total electricity consumption among the low-

and high-temperature electrolyzers, the EAF, and the reducing gas pre-
heating in Fig. 11 is also of interest. It can be seen that the electrolyzers
consume most of the electricity in all cases, with higher shares of high-
temperature electrolysis at higher reducing gas CO concentrations. The
EAF has the second highest electricity consumption, around 20% of the
total. Increasing the degree of carburization with one percentage point
is estimated to lower the overall electricity demand of the overall
steelmaking process by roughly 3–4%. Electrical pre-heating of the
reducing gas from 700 °C to 900 °C consumes a relatively small share of
the total process electricity, around 5%.

The electricity demand of the steady state part of the process, i.e.,
the high-temperature electrolyzer, the EAF, and the electric pre-
heating, increases with increasing reducing gas CO concentration; the
result is that the minimum electricity demand of the process increases.
The minimum electricity demand, excluding any CH3OH production,
increases from 215 MW in the case of H-DR to 539 MW in the case of
30% (by mole) of CO in the reducing gas and a DRI carburization of
1.5% (by weight). This increased minimum load may be dis-
advantageous during extended periods of high electricity prices, since
this limits the dynamic operation of the process. However, it should be
noted that the allowable low-temperature electrolyzer overcapacity
also increases when increasing the reducing gas CO concentration, as
seen in Fig. 7. Therefore, the total decrease in electricity demand
flexibility of the process (here meaning the difference between the
maximum and minimum electricity demand) when going from H-DR to
30% (by mole) CO and 1.5% (by weight) DRI carburization is only
around 43% (from 866 MW to 493 MW of variability).

4.4. Total energy demand

The results of Fig. 10 and are combined in Fig. 12 (avoiding double
counting of electric pre-heating). The overall energy demand of the
process decreases with increasing reducing gas CO concentration, from
a maximum of approximately 896 MW in the case of H-DR down to
823 MW for 1.5% (by weight) DRI carburization and 30% (by mole) of
CO in the reducing gas.

Furthermore, as a larger share of the energy demand is made up of
medium-temperature heat rather than electricity for cases with higher
concentrations of CO in the reducing gas, the suggested process may be
at an advantage over H-DR in terms of operational expenditure (OPEX),
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especially in a case when the price of biomass is low relative to that of
electricity. This may even be true for relatively low reducing gas CO
concentrations and a low degree of DRI carburization.

5. Conclusion

A DR process incorporating a CH3OH-based H2 storage, high- and
low-temperature electrolyzers, and oxy-fuel combustion of biomass was
introduced and evaluated. The only inputs to this process are elec-
tricity, biomass, and iron ore pellets. Therefore, the net CO2 emissions
from the process should be significantly lower compared to the con-
ventional BF-BOF steelmaking process under the condition that the
consumed electricity is predominately generated from fossil-free
sources.

The oxy-fuel combustion of biomass in combination with high-
temperature co-electrolysis of CO2 and H2O allows for the introduction
of CO into the reduction shaft, affecting the mass and energy balances
of the overall process substantially. Most significantly, the electricity
and total energy use of the process can be lowered by as much as 25%
and 8% compared to the case of a pure H-DR process with electric pre-
heating, respectively (17% reduction in electricity use if biomass oxy-
fuel combustion is used for pre-heating in H-DR case). This decrease is
mainly due to the higher efficiency of high-temperature electrolysis
compared to low-temperature electrolysis and the introduction of bio-
mass oxy-fuel combustion, which contributes significantly to the overall
energy demand of the process. Secondly, the required supply of high-
temperature heat is decreased when introducing CO into the process,
although the demand for medium-temperature heat (at around 140 °C)
increases significantly. A major share of this additional medium-tem-
perature heat is used for the regeneration of the amine-based CO2 ab-
sorption solution. However, despite this increase in the demand of
medium-temperature heat, the overall energy demand of the DR pro-
cess is found to decrease with increasing amounts of CO in the reducing
gas, although the minimum electricity load of the process simulta-
neously increases, which may be a concern during extended periods of
high electricity prices.

It is found that the integration of an oxy-fuel furnace and high-
temperature electrolyzer allows for the storage of substantial amounts

of H2 in the form of CH3OH (from 181 up to 431 kt/y) using excess CO2

in the process, i.e., there is no need for a dedicated supply of CO2 for the
production of CH3OH, nor for a CO2 storage. The maximum amount of
CH3OH that can be produced increases with increasing reducing gas CO
content, and in the other end, the heat demand of the CH3OH reformer
is found to constitute a relatively small part of the overall heat demand
of the process.

The results of this paper indicate that the suggested DR process is
worth a more detailed evaluation. The process currently has many
uncertainties and further research within a number of areas is required.
Large-scale CH3OH reforming with possible supply of O2; H2O and CO2

high-temperature co-electrolysis; oxy-fuel combustion of biomass;
economic optimization of CH3OH production capacity; and the per-
formance of the process under dynamic conditions are particular areas
that need further investigation.
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