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Abstract 
This thesis encompasses CO2 mitigation using three different processes: i) natural 
gas-fired combined cycle with chemical looping combustion (CLC), ii) tri-
generation of electrical power, hydrogen and district heating with extended CLC, 
iii) steam-based gasification of biomass integrated in an advanced power cycle. 

In CLC, a solid oxygen carrier circulates between two fluidised-bed reactors and 
transports oxygen from the combustion air to the fuel; thus, the fuel is not mixed 
with air and an inherent CO2 separation occurs. In this thesis, CLC has been 
studied as an alternative process for CO2 capture in a natural gas-fired combined 
cycle (NGCC). The potential efficiency of such a process using a turbine inlet 
temperature of 1200 °C and a pressure ratio of 13 is between 52 and 53 % when 
including the penalty for CO2 compression to 110 bar. It is shown that this 
efficiency cannot be further improved by including an additional CO2 turbine. Two 
conceivable reactor designs for CLC in an NGCC are presented. Top-firing has 
been studied as an option to overcome a temperature limitation in the CLC reactor 
system. The degree of CO2 capture is shown versus the temperature in the CLC 
reactor and its combustion efficiency. CLC has the potential to reach both a higher 
efficiency and a higher degree of CO2 capture than conventional post combustion 
CO2 capture technique. However, further research is needed to solve technical 
problems as, for example,  temperature limitations in the reactor to reach this 
potential. 

Extended CLC (exCLC) is introduced, in which hydrogen is not only produced but 
also inherently purified. The potential efficiency of a novel tri-generation process 
for hydrogen, electricity and district heating using exCLC for CO2 capture is 
investigated. The results show that a thermal efficiency of about 54% might be 
achieved. 

A novel power process named evaporative biomass air turbine (EvGT-BAT) for 
biomass feedstock is presented. This process contains a steam-based gasification of 
biomass, which is integrated in an externally fired gas turbine cycle with top-firing. 
In the EvGT-BAT process, the steam-based gasification is conducted in an 
entrained-flow tubular reactor that is installed in the SFC as a heat exchanger. The 
EvGT-BAT process has the potential to generate electrical power from biomass 
with an efficiency of 41 %. 
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1 Introduction 

Europe's park of power plants is growing old at the same time as the demand on 
electrical power increases. For the next 20 years, it is predicted that power plants 
with a total capacity of 200 GW will be installed in the EU-15 countries (Epple et al., 
2004). Due to the lack of competitive alternatives and due to the beginning nuclear 
power phase-out in some European countries, it can be expected that most of these 
plants will be fuelled by fossil fuels. These new plants will probably be built under 
more strict environmental constraints including not only the local emissions such 
as particulates, SOx and NOx, but also their contribution to global CO2 emissions. 
There is a growing interest in reducing global CO2 emissions since CO2 is the most 
important anthropogenic greenhouse gas. According to the Kyoto protocol from 
1997, the countries in the European Union (EU 15) have to reduce their emission 
of CO2 and five other greenhouse gases by at least 8 % by 2008 to 2012 compared 
to levels in 1990 (UNFCCC, 2004). Because electric power plants using fossil fuels 
produce more than one third of the global carbon emissions and because a limited 
number of centralized and large emitters are easier to control than millions of 
vehicle emitters or small boilers, the power production sector is likely to become a 
prime target for CO2 emission control and mitigation (IPCC, 2001b).  

Approaches to mitigating CO2 from power generation include the improvement of 
the plants' efficiencies, increased use of renewable energy sources, and the capture 
and sequestration of CO2 emissions from energy systems. In addition, switching to 
low-carbon fuels such as natural gas is considered as a further option for CO2 
mitigation (IPCC, 2001b). A switch from coal to natural gas allows the use of 
combined cycle technology with high efficiency and low capital cost. However, 
natural gas is a fossil fuel and an important source of CO2 emissions. Today, 
natural gas stands for 22% of the world energy mix (McKee, 2002). With this 
background power plats using natural gas as fuel are an interesting field for new 
advanced technology for low or zero CO2 emissions.  
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1.1 Thesis outline  

This thesis includes the combination of three approaches for CO2 mitigation. 
These approaches are capture and sequestration of CO2 emissions from a natural 
gas-fired power generation process, the use of biomass and the improvement of the 
plants' efficiency. Two power generation processes with almost zero CO2 emissions 
and high efficiencies are presented. The first process, which makes up the main 
part of this thesis, integrates a novel technique for CO2 capture in a natural gas-
fired power plant. This technique is known as Chemical Looping Combustion 
(CLC) and has the potential to separate CO2 from a power generation process with 
only small penalties in efficiency. The second process contains a steam-based 
gasification process of biomass to substitute coal and natural gas in an advanced 
power generation process. Biomass is a renewable energy resource and does not 
contribute to CO2 emissions as long as the reforestation exceeds the consumption. 
Therefore, using biomass in place of fossil fuels for power generation reduces CO2 
emissions.  

In Chapter 2 the technical backgrounds of these processes are described along with 
more detailed information about the Kyoto protocol and the previous work on 
CLC. Chapter 3 gives an introduction to the methods of approach for the studies of 
CLC and the novel power process integrated with steam-based gasification of 
biomass. 

Chapter 4 contains the results of five studies with CLC integrated in a natural gas-
fired combined cycle (NGCC) and the resulting dimensions of two conceivable 
reactor layouts. Chapter 4 is based on the work published in Papers I and II and an 
MS thesis project under supervision of the author (Hicking, 2002).   

In Chapter 5, an extended CLC (exCLC) process for producing and purifying 
hydrogen is presented. The potential efficiency of a novel tri-generation process for 
hydrogen, electricity and district heating using exCLC for CO2 capture is 
investigated. In Chapter 5, the work published in Papers III and IV is summarised. 

In Chapter 6, a power process named evaporative biomass air turbine (EvGT-BAT1) 
is presented. This process includes  steam-based gasification of biomass, which is 
integrated in an externally fired evaporative gas turbine cycle with top-firing. The 
potential efficiency of this process is studied by varying, for example, the moisture 
content of biomass. The work presented in Chapter 6 refers to Papers V and VI. 

                                                 
1 EvGT stands for evaporative gas turbine and BAT stands for Biomass Air Turbine 
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Chapter 7 contains the conclusions of this work and in Chapter 8 the author gives 
recommendations for continued research in the field of CLC and EvGT-BAT. All 
used abbreviations and chemical compounds are listed in Chapter 11.  

In the Appendix (Chapter 12), a hydrodynamic model for a CLC reactor is described 
and initial estimations for the dimensions of two conceivable layouts for a CLC 
reactor are presented.  

1.2 Objective of this thesis 

This thesis has two major topics: CLC and biomass gasification for advanced 
power cycles. 

The aim of this thesis is to evaluate the performance of CLC compared to existing 
techniques for CO2 capture in a natural gas-fired power plant under consideration 
of technical limitations in temperature and mass flowrates in the CLC reactor. A 
further objective is to find additional applications for CLC as, for example, 
cogeneration of hydrogen and electricity together with CO2 capture. 

Steam-based gasification of biomass has been studied as an alternative fuel to 
natural gas in a new power generation process that uses the advantages of existing 
concepts and minimises their technical problems such as temperature limitation, 
the large size of gasifiers and the low efficiency of power plants using biomass 
feedstock. The aim of this work is to evaluate the impact of the process parameters 
of the gasification on the overall electrical efficiency. 
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2 Background 

2.1 CO2 mitigation 

Since the late 18th century to the present, the atmospheric concentration of CO2 has 
increased from 280 ppm to 367 ppm, which is an increase by 31 %. During the 
same time period the global average temperature has increased by 0.6 °C (IPCC, 
2001a). Although, there is no evidence that the increasing concentration of CO2 is 
the reason for the global warming, many scientists agree that a connection between 
these two phenomena is possible. For this reason, in December 1997, the so called 
Kyoto protocol was adopted at the third session of the Conference of Parties 
(COP3) to the United Nations. The protocol contains legally binding emissions 
targets for 36 industrialised countries. These counties are to reduce their collective 
emissions of six key greenhouse gases (CO2, CH4, N2O, HFCs, PFC, and SF6) by at 
least 5 % by 2008 to 2012 compared to levels 1990. According to the agreement, 
the European Union (EU 15) has to reduce their emission of the six greenhouse 
gases by at least 8 % in the same time frame (UNFCCC, 2004). This first five-year 
period is only the first step.  

Especially since the commitment to the Kyoto protocol in 1997, numerous studies 
have been conducted on CO2 capture in natural gas-fired power generation 
systems. It has been shown that removing CO2 from flue gases is expensive and 
consumes a significant amount energy. For instance, previous investigations have 
indicated that the electrical efficiency of a natural gas-fired combined cycle 
(NGCC) will be decreased by about eight to ten percentage points when using 
available concepts for CO2 capture (Audus, 2000; Herzog et al., 1997; Göttlicher and 
Pruschek, 1997; Bolland, 2003). 
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2.1.1 Three natural gas-fired power plant concepts with CO2 capture 

Figure 2-1 shows three frequently discussed concepts for CO2 capture, in which the 
CO2 is separated after (a), during (b) or before (c) the combustion process (Bolland, 
2003):  

(a) Technologies for separation of CO2 from flue gases after combustion include 
the use of chemical absorption and adsorption. The exhaust gas from the gas 
turbine flows into a CO2 capture plant consisting of exhaust gas preparation 
(cooling and a booster fan to overcome the exhaust gas pressure drop in the CO2 
capture plant), absorption, stripping of CO2 from the absorbent and CO2 
compression. Low-pressure steam extracted from the steam turbine in the CC is 
used to cover the heat demand in the stripping process. 

(b) Separation during combustion is based on a combined cycle with a near 
stoichiometric combustion using pure oxygen from an air separation unit (ASU) to 
oxidise the natural gas in an atmosphere of re-circulated flue gases. CO2 and steam 
are produced in the combustion and the working medium in the gas turbine is 
mainly CO2. The CO2 can be purified by simply condensing the water (Göttlicher, 
1997; Bolland, 2003). Flue gas re-circulation can also be applied with air instead of 
oxygen. In this case, an ASU is not necessary but instead a chemical absorption 
unit is used. The exhaust gas contains a higher partial pressure of CO2 than in a 
standard combined cycle which eases the absorption (Audus, 2000). 

(c) Separation before combustion includes steam reforming, partial oxidation or 
auto-thermal reforming plus a CO/H2 shift reactor and a high pressure CO2 
capture unit to produce a hydrogen rich (H++) fuel gas. When using auto-thermal 
reforming (Figure 2-1) compressed air and steam are extracted from the combined 

Figure 2-1. Three natural-gas fired power plant concepts with CO2 capture 
(Bolland, 2002) 
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cycle and used for the reforming. Some high pressure steam is transferred back into 
the  combined cycle (Bolland, 2001, 2003). 

All these technologies reduce the thermal efficiency of the power generation 
process by about 10 percentage points. More detailed data about the penalty in 
efficiency for CO2 capture in an NGCC based on state-of-the-art technologies is 
summarised in Table 1-1. The table shows the efficiency of a reference system 
without CO2 capture and the efficiencies when the above described concepts for 
CO2 capture are used.  

 
Table 1-1. Thermal efficiencies of a NGCC with CO2 capture after (A) and 

before (C) combustion and with re-circulated flue gas (B). 

1) CO2 leaves the process at atmospheric pressure 
2) CO2 leaves the process at 110 bar 
3) CO2 leaves the process at 100 bar and 90 % of CO2 is captured 
4) Combustion with O2 by using ASU 
5) Combustion with air, no ASU 
6) Steam reforming and absorption with MDEA 
7) Partial oxidation with O2 by using ASU and a physio-chemical solvent for CO2 capture 
8) Air-blown autothermal reforming (ATR) 
 

Göttlicher (1997)1) Audus (2000)2) Bolland (2003)3)

Technology ηth [%] ref.  
sys. [%] ηth [%] ref.  

sys. [%] ηth [%] ref. sys. 
[%] 

A  50  47   49.6  
B  484)  485)  47.24)  
C  426) 

  
 57.5 
   487) 

  
 56  
   45.38)  

 
 58  
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2.2 Chemical Looping Combustion  

2.2.1 Technical background 

Chemical looping combustion (CLC) is a new concept for CO2 capture. The 
separation of CO2 from the combustion product gases occurs like in concept (b) 
during the combustion process, but in CLC no ASU is necessary. Direct contact of 
fuel and combustion air is avoided; thus, the CO2 is inherently separated from 
nitrogen which normally makes up the main fraction of the exhaust. In CLC a solid 
oxygen carrier performs the task of carrying the oxygen from the air to the fuel gas. 
Figure 2-2 illustrates the principle of a CLC process. The oxygen carrier is a metal 
oxide that is reduced in a fuel reactor (also called reduction reactor) at the same 
time as the fuel is oxidised (Reaction Eq. 2-1). The oxygen carrier is then transported 
into an air reactor (also called oxidation reactor) where it is re-oxidised by air 
(Reaction Eq. 2-2). After passing through a cyclone to separate the solid oxygen 
carrier from the hot gases (N2 and O2), the oxygen carrier is recycled back into the 
fuel reactor. The gaseous reaction products from the fuel reactor consist of carbon 
dioxide and water.  

 

Fuel reactor 

2y2x221y1xba OMe
2
ba2OH

2
baCOOMe

2
ba2HC ⋅






 +⋅Ω+






+→⋅






 +⋅Φ+  (2-1) 

Air reactor 

1y1x2y2x OMe
2
ba2

4
baOMe

2
ba2 ⋅
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 ++⋅






 +⋅Ω  (2-2) 

 
The coefficients Φ and  Ω in Eqs. 2-1 and 2-2 can be calculated from the 
compositions of the oxides (Eqs. 2-3 and 2-4). 

1221

2

xyxy
x

⋅−⋅
=Φ  (2-3) 

1221

1

xyxy
x

⋅−⋅
=Ω  (2-4) 
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Nitrogen is inert in the Reaction Eq. (2-2). Therefore, the gas phase leaving the air 
reactor consists of nitrogen and excess oxygen, depending on the reaction 
conditions. In this way, CO2 is obtained in a stream separate from nitrogen. In 
order to obtain pure CO2, the gas mixture from the fuel reactor is cooled and the 
remaining water is condensed. In addition to its inherent CO2 separation, a further 
advantage of CLC is that no significant formation of nitrogen oxides takes place 
during combustion (Ishida and Jin, 1996).  

2.2.2 Research activities in chemical looping combustion  

The principles of CLC were first introduced in 1983 by Richter and Knoche (1983) and 
later, this novel combustion process was given the name Chemical Looping 
Combustion (Ishida et al., 1987). The main object of introducing CLC at that time 
was to increase the energy conversion efficiency in thermal power processes by 
decreasing the entropy production in the combustion. However, it has been shown 
that an advantage in the overall thermal efficiency of processes with CLC can only 
be achieved if the separation of CO2 from the exhaust gases is included in the 
calculation (Grönkvist, 1995; Anheden, 2000; Paper II).  

Since 1983, several studies have been performed on process integration, selection 
and preparation of oxygen carriers, and reactor design. The Laboratory of Resource 
Utilization at the Tokyo Institute of Technology in Japan has conducted both 

CO2
H2O

N2 (+ O2)

CH4 (Fuel)N2+O2 (air)

Cyclone

Fuel reactor

Air-
reactor

Oxygen carrier
Metal
Oxygen

CO2
H2O

N2 (+ O2)

CH4 (Fuel)N2+O2 (air)

Cyclone

Fuel reactor

Air-
reactor

Oxygen carrier
Metal
Oxygen

Figure 2-2. The principle of chemical looping combustion 
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systems analysis (Ishida et al., 1987, 1997; Ishida and Jin, 1994a; Jin and Ishida, 1997) 
and experimental studies on oxygen carriers (Ishida and Jin, 1994b; Ishida et al., 1996; 
1998, 1999, 2002). Some experimental studies on CLC have also been performed at 
the National Institute for Resources and Environment (NIRE), Japan, (Hatanaka et 
al., 1997).  

At the Royal Institute of Technology in Stockholm, Sweden, the first studies on 
CLC were started in 1995. These studies focused on performance analysis of 
combined power cycles with CLC using ABB's gas turbines GT24/26 with a 
maximum pressure of 30 bar, a TIT of 1235 °C, and a reheat at 15 bar (Anheden et 
al., 1995). In a later study, coal gasification was included in a combined cycle with a 
simpler gas turbine that operates at 17 bar and a TIT of 1280 °C (Anheden and 
Svedberg, 1996). A comprehensive exergy analysis was conducted of these two 
systems (Anheden and Svedberg, 1997). 

In the late nineties an increasing number of new groups started research on CLC as 
a novel method for CO2 capture. A research team at Chalmers University of 
Technology in Gothenburg, Sweden, focuses on a suitable reactor design for CLC 
and performs experimental work on oxygen carriers (Mattisson and Lyngfelt, 1998, 
2001; Mattisson et al., 2001; Lyngfelt et al., 2001, 2004; Johansson, 2002; Johansson et al., 
2002, 2004; Cho et al. 2002, 2004). Another group worked at TDA Research, Inc. in 
Colorado, USA. Their project was supported by the US Department of Energy 
(DOE) and their proposed system is called “Sorbent Energy Transfer Systems” 
(SETS), which is based on a principle similar to CLC (Copeland et al., 2000, 2002). 
Further research on particle preparation of oxygen carriers and process design is 
being conducted at the Norwegian University of Science and Technology in 
Trondheim, Norway (Brandvoll and Bolland, 2002; Brandvoll et al., 2004; Naqvi et al., 
2004). Further activities, especially in particle design and reactor design, have been 
reported from the Instituto de Carboquímica (CSIC) in Zaragoza, Spain (Adánes et 
al., 2003, 2004) and from Italy (Villa et al., 2003). In Korea at the Institute of 
Research, NiO with betonite and hexaaluminate as support material has been 
investigated (Ryu et al., 2002). At the Vienna University of Technology in Austria 
practical experiments on fluidisation in a CLC reactor model have been conducted 
(Kronberger et al., 2004a, 2004b, 2004c).  

Recently, research has been started on CLC for hydrogen production. A process 
study on an NGCC with CLC for CO2 capture and hydrogen production has been 
conduced by Hicking (2002) at the Royal Institute of Technology in Stockholm, 
Sweden. At Chalmers University of Technology in Gothenburg, Sweden, Mattisson 
et al. (2004) has shown experimentally that hydrogen can be produced in the fuel 
reactor of a CLC system. An advanced gasification-combustion (AGC) process 
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with integrated CO2 capture was presented by GE Energy and Environmental 
Research Corporation (Rizeq, 2001). In this process an oxygen and a carbon carrier 
circulate between a gasification reactor, a CO2-release reactor and an oxygen-
transfer reactor. The process resembles CLC and produces pure hydrogen and CO2 
ready for sequestration. 

2.2.3 Previous work on potential oxygen carriers 

In chemical looping combustion, special particles must be manufactured that can 
meet the challenging conditions in CLC. Some of these demands are: 

• A high operating temperature 
• A high gas velocity in the air reactor causing mechanical stress 
• Alternately a reducing and an oxidising atmosphere  
• High reactivity 
• High transport capacity for oxygen 

Many potential oxygen carriers have been proposed, including combinations of 
copper, manganese, iron, and nickel as the active agent and aluminium oxide, 
titanium dioxide, zirconium dioxide and silicon dioxide as the inert material (Ishida 
and Jin, 1994b; Ishida et al, 1996, 1999, 2002; Mattisson et al., 2001a, 2001b; Lyngfelt et 
al., 2001, 2002, 2004; Cho et al., 2002, 2004; Copeland et al., 2000, 2002; Brandvoll and 
Bolland, 2002, Brandvoll et al., 2004; Ryu et al., 2002; Adánes et al., 2004; 
Villa et al., 2003). In this thesis, three oxygen carriers, that belong among the most 
promising alternatives, are further studied: 

1. Pure Fe2O3, 

2. Fe2O3 stabilised with Al2O3 with a composition of 60 wt% Fe2O3 and 40 
wt% Al2O3, and 

3. A nickel-based oxygen carrier that consists of 50 wt% active NiO and 50 
wt% inert NiAl2O4.  

TDA Research, Inc, tested pure Fe2O3 as oxygen carrier at 720°C to 800°C and 
found excellent chemical stability and no loss of activity with cycling (Copeland et al., 
2002). However, at 900°C the same particles began to agglomerate. Though the 
agglomeration rate was slow, the authors concluded that the agglomeration would 
continue and make the particles unusable. Experiments have been conducted with 
iron-based oxygen carriers, which were stabilized with Al2O3, and no agglomeration 
or breakage was found at 950°C (Cho et al., 2002). An oxygen carrier composed of 
60 wt% NiO and 40 wt% NiAl2O4 has been studied and no agglomeration at 
1200 °C was reported (Ishida et al., 2002). Moreover, the first kinetic data for the 
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reaction of nickel oxide with hydrogen have recently be published (Brandvoll and 
Bolland, 2004). 

2.2.3.1 Nickel oxide 

Nickel belongs to group VIII of the transition metals. The melting point of pure 
nickel is 1453 °C. The most common nickel oxide is nickel monoxide. Its melting 
point is at 1990 °C. Higher nickel oxides such as Ni2O3 and NiO2 are formed only 
through oxidation of nickel(II)hydroxide. NiO2 can be formed by using a strong 
oxidation agent such as an aqueous peroxodisulfate solution to oxidise 
nickel(II)hydroxide (Falbe and Regitz, 1995). In CLC, apparently, the conditions for 
forming higher nickel oxides do not occur, i.e., only NiO has to be considered. 
This means that, if nickel is used as oxygen carrier, Reaction Eq. 2-1 becomes 
Reaction Eq. 2-5. In the air reactor nickel is re-oxidised according to Reaction Eq. (2-
6).  

 

Fuel reactor 
CH4 + 4NiO → CO2 + 2H2O + 4Ni (endothermic) (2-5) 

Air reactor 
4Ni + 2O2 → 4NiO (exothermic) (2-6) 
 

Nickel oxide in combination with aluminium(III)oxide (Al2O3) was found to be 
very interesting as oxygen carrier in CLC. The reason is the formation of water-free 
nickel aluminates when calcining particles of these materials. The water-free nickel 
aluminates are also named nickel-aluminium spinel (NiO*Al2O3-spinel). The spinel 
seems to make the particles very heat resistant and therefore suitable for CLC. For 
example, Ishida et al. (2002) tested particles of nickel oxide stabilised with NiAl2O4 
(NiO*Al2O3-spinel) for CLC. The authors concluded that their particles had good 
circulation properties, high mechanical strength, high reactivity and, therefore, they 
are highly applicable in CLC. Cho et al. (2004) also come to the conclusion that 
nickel oxide is the most promising oxygen carrier for CLC. 

However, nickel and nickel oxide have a major disadvantage. Nickel and many of 
its chemical components, including nickel oxide, are referred to be carcinogen and 
for many compounds containing nickel it was found that they have the potential to 
generate allergies and mutations (Falbe and Regitz, 1995).   
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2.2.3.2 Iron oxide 

Iron, just as nickel, belongs to group VIII of the transition metals. The melting 
point of pure iron is 1535 °C. Iron forms the oxides wustite (FeO), hematite 
(Fe2O), and magnetite (Fe3O4). The formation of one or the other iron oxide is 
dependent on the amount of oxide in relation to the amount of methane in the fuel 
reactor. The Reaction Eqs. 2-7 to 2-16 demonstrate the high number of possible 
reactions in the fuel reactor and Figure 2-3 shows the actual reaction products as a 
function of the ratio of hematite to methane if chemical equilibrium is assumed.  

   
CH4 + Fe2O3 ↔ 2 Fe + 0.15 CO2 + 0.85 CO + 0.5 H2O + 1.5 H2 (2-7) 
CH4 + Fe2O3 ↔ Fe + FeO +0.15 CO2 + 0.85 CO + 0.5 H2O + 1.5 H2 (2-8) 
CH4 + 2 Fe2O3 ↔ 4 FeO + 0.5 CO2 + 0.5 CO + 0.5 H2O + H2 (2-9) 
CH4 + 3 Fe2O3 ↔ 6 FeO + 0.5 CO2 + 0.5 CO + 1.5 H2O + 0.5 H2 (2-10) 
CH4 + 3 Fe2O3 ↔ 2 Fe3O4 + CO + 2 H2 (2-11) 
CH4 + 3 Fe2O3 ↔ Fe3O4 + 3 FeO + CO2 + 2 H2  (2-12) 
CH4 + 4 Fe2O3 ↔ Fe3O4 + 5 FeO + CO2 + H2O + H2  (2-13) 
CH4 + 4 Fe2O3 ↔ 8 FeO + CO2 + 2 H2O (2-14) 
CH4 + 5 Fe2O3 ↔ Fe3O4 + 7 FeO + CO2 + 2 H2O  (2-15) 
CH4 + 12Fe2O3 → 8Fe3O4+CO2 + 2H2O (2-16) 
 

Figure 2-3 shows that at a low concentration of hematite in the fuel reactor even 
pure iron will occur. In this case a high concentration of carbon monoxide and 
hydrogen can be expected while only a small amount of CO2 will be produced. This 
means that, in order to achieve a high fuel conversion in the fuel reactor, it is 

Figure 2-3. The composition of gases and iron oxides in the fuel 
reactor at 1000°C versus the molar ratio of active hematite to 
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necessary to increase the amount of hematite. From Figure 2-3a, one can realise, 
that at an input of 5 mole hematite into the reactor and one mole methane, there 
will still be some carbon monoxide and hydrogen left after the reaction. A 
complete conversion of methane to CO2 and water will be achieved if 12 mole 
hematite reacts with one mole methane (Figure 2-3b). For this reason Reaction Eq. 2-
16 will dominate if enough hematite is in the fuel reactor. The re-oxidation of the 
formed magnetite occurs according to Reaction eq. 2-17. 

 
8Fe3O4 + 2O2 → 12Fe2O3 (2-17) 

 

In CLC, apparently all oxides will appear at the same time on each particle of 
oxygen carrier. The reason is that the surface of the particles is more exposed to 
the reducing gas phase in the fuel reactor than the inner porous body of the 
particle. This may lead to a significant amount of wustite in the fuel reactor. 
However, due to considerable changes in the structure of the particle, when 
magnetite and hematite are reduced to wustite, the formation of wustite in the 
inner structure of the particle is not desirable. In order to simplify the calculations 
only the presence of magnetite has been considered in this thesis. 

2.2.4 Previous work on reactor design 

A suitable reactor system for CLC in an NGCC has to met the following 
requirements: 

• Enable sufficient particle transport between the fuel reactor and the air 
reactor to guarantee an efficient fuel conversion 

• Prevent gas exchange between the two reactors 
• Provide a sufficient reaction time for the reactions 
• Reach a sufficiently high temperature to met the turbine inlet temperature 

of a modern gas turbine 
• Withstand the required pressure of a turbine combustor 

The last named requirement assumes that the CLC reactor is pressurised. Initial 
research on reactor design, however, has been focused on an atmospheric reactor 
concept. A dual fluidised-bed reactor consisting of a riser and a stationary fluidised 
bed of the bubble bed type has been suggested. In this design scheme, the riser is 
the air reactor and the combustion air transports the particles into a cyclone that 
separates them from the hot oxygen-lean air. From the cyclone the particles flow 
via a particle pot seal into the fuel reactor. The particle pot seal prevents gas leakage 
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from the fuel reactor into the cyclone. From the fuel reactor, which is designed as a 
bubble bed reactor, the particles flow via a second particle pot seal back into the air 
reactor. An initial feasibility study of this concept was presented by Lyngfelt et al. 
(2001). First experiments with a cold model were conducted by Johanson et al. (2002, 
2004). Andanz et al. (2003) have presented a kinetic model to optimise the 
dimensions of the fuel reactor. In 2003, experimental work with a prototype of 
such a CLC reactor with a thermal capacity of 10 kWth started at Chalmers 
University of Technology in Gothenburg, Sweden (Lyngfelt et al., 2004).  

2.3 Steam-based gasification of biomass 

This section provides the reader a background to the studied EvGT-BAT system. 
This novel process is an integration of externally fired gas turbines (EFGT) with 
top-firing, evaporative gas turbines (EvGT) and steam-based gasification of 
biomass (SBGoB). In this section, the relevant technologies for the present work 
are explained (Sections 2.3.1 and 2.3.2) and previous work on the new process is 
presented (Section 2.3.3). Section 2.3.4 gives the technical background of the steam-
based gasification. 

2.3.1 Externally fired gas turbines with topping combustion  

A proposed technique for using solid fuels such as coal and biomass in power 
generation is the concept of externally fired gas turbines (EFGT). The basic idea in 
EFGT is the application of a high-temperature heat exchanger (HTHx), that 
indirectly heats the working medium of a gas turbine up to the required turbine 
inlet temperature (TIT1). In this way, the working medium, which is humid air in 
this study, is heated without mixing with the combustion products, which usually 
contain traces of the alkali metals sodium and potassium and particles damaging to 
the gas turbine blades. In EFGT, no combustion products enter the turbine and, 
therefore, it is possible to use a wide variety of solid fuels such as waste, all types of 
coal, and biomass without jeopardising the gas turbine. A disadvantage, today, is 
the temperature limitation of the HTHx. It is a challenge to develop a heat 
exchanger that withstands the temperature and pressure necessary to meet the 
requirements of modern gas turbines, which use a TIT of above 1200°C. The 
maximum temperature of the HTHx, today, may be 900 to 1000 °C (Anheden and 
Ahlroth, 1997). Additionally, the melting point of the ash particles may also lead to a 

                                                 
1 TIT in this work is defined as the temperature of the hot gas when it leaves the combustion and before 
cooling air is mixed to it. 
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limitation of temperature in the combustion. Previous work on research and 
development of EFGT has been reviewed by Yan (1998b).  

In the present process, top-firing is used to increase the temperature of the working 
medium to the desired TIT and, thereby, improve the performance of the process. 
If top-firing is used, the pressurised air may be heated to the highest possible 
temperature in the HTHx before entering the topping combustor. In this additional 
furnace, the air temperature is further increased by combusting a fuel gas. The fuel 
gas for the topping combustion could be natural gas as in the previous work (Section 
2.3.3) or cleaned product gas from a gasification as in the studied EvGT-BAT 
process (Chapter 6). The exhaust gas from the gas turbine may be used as 
combustion air in the furnace as suggested in Paper V or it can be used in a heat 
recovery (HR) to supply heat for humidifying the combustion air as proposed in 
the EvGT-BAT process.  

2.3.2 The evaporative gas turbine cycles (EvGT) 

EvGT cycles belong to a group of humidified gas turbine (HGT) cycles that have 
been studied as an alternative to the combined cycle (CC) and diesel motors for 
power generation (Ågren, 2000; Bartlett and Westermark, 2003; Dalili, 2003; Jonsson and 
Yan, 2004). This group consists of gas turbine cycles that utilise cycle heat sources 
to evaporate water, which in turn augments the expander flowrate. Water can be 
evaporated in a steam generator as in steam injected gas turbine (STIG) technology, 
a humidification tower as in the EvGT-BAT cycle, or through water injection into 
the warm working fluid. The important aspect of HGT cycles is that the turbine 
flow increase occurs without increasing the compressor flow. The additional work 
from the larger turbine expander can be utilised in the generator, raising the 
specific power output and the electrical efficiency of the cycle (Bartlett, 2002). 

In EvGT cycles the water vapour is produced directly in the working fluid, which is 
realised in a humidification tower. The humidification tower is a refinement of a 
water injection, in which the temperature of the injected water is rapidly raised 
above its boiling point when mixing with the warm working fluid. In the 
humidification tower the evaporation of water occurs below its boiling point. The 
principle is the same as when drying clothes on a clothesline, i.e., despite the air 
temperature being below the boiling point of water at atmospheric pressure 
(100°C) water still evaporates into the air (Bartlett, 2002). The physical explanation 
of this evaporation is that the partial pressure of water at the water-air interface 
exceeds the partial pressure of water in the air, which causes a mass transport of 
water molecules driven by diffusion from the water-air interface into the gaseous 
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phase. Assuming the air-water mixture is an ideal gas, this mass transport continues 
until the air is saturated, i.e., the partial pressure of water at the interface and in the 
air are the same. At this state the two-phase system is in phase equilibrium. In order 
to allow the water and air to come closer to equilibrium, in the humidification 
tower, water flows in a counter-current direction to the compressed air as a thin 
film on a packing surface. The flowrate of water decreases on its way through the 
humidification tower while the flowrate of the water-air mixture increases. Because 
only a part of the water stream that is flowing down the tower is evaporated, the 
remaining chilled2 water at the bottom can be used as an internal heat sink in the 
cycle. The result of this process is an increased water flowrate, which can be used 
to recover more heat from the flue gas than is the case with steam or water 
injection. Hence a humidification tower is a very useful unit to recover larger 
quantities of low temperature heat, after either a recuperator or a heat recovery 
steam generator (HRSG). From a comprehensive literature review presented in 
Jonsson and Yan (2004), the authors concluded that for gasified coal or biomass, the 
evaporative cycles have a potentially higher efficiency than combined cycles. 
Moreover, especially in case of smaller power output they also have the potential 
for lower investment costs and cost of electricity than combined cycles.  

2.3.3 Previous work  

The studied EvGT-BAT system is a further development of a hybrid process using 
biomass in a solid fuel combustion (SFC) and natural gas for top-firing. This 
process has been studied earlier by Yan et al, (1995). The original system (Figure 2-4) 
contains a gas turbine (T), an intercooler (IC), an aftercooler (AC), a recuperator 
(RC), a humidification tower (HT), two air preheaters (PH), two economizers 
(ECO), a solid fuel combustion (SFC), a humid air heater (HAHx), and a high 
temperature heat exchanger (HTHx). The SFC, fuelled with biomass, provides the 
main part of the thermal energy for producing electricity. The high-temperature 
heat exchanger (HTHx) heats the air to about 900 °C. Before entering the turbine, 
the air temperature is further increased by mixing with the flue gas from the 
topping combustion to the required turbine inlet temperature of 1100 °C. After 
being expanded from 12 bar to atmospheric pressure, the exhaust gas is cooled in 
recuperator, a preheater, and an economizer before it leaves the process at a 
temperature of about 100 °C. The flue gas from the SFC is cooled in the HTHx, 
HAH, a preheater for the combustion air and an economzier and leaves the process 

                                                 
2 The principle for the cooling effect is the same as in an atmospheric cooling tower, in which a water 
stream is cooled by evaporating a part of it. The cooling effect comes from the heat of evaporation that is 
consumed during the evaporation. 
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as well at about 100 °C. The energy for the humidification comes from four 
sources; these are the intercooler, the aftercooler, and the two economizers.  

The original system has been studied and optimised earlier by Yan et al. (1995).  
Natural gas was used for top-firing and biomass with a heating value of 8.25 MJ/kg 
at a moisture content of 50 wt% was fed into the SFC. The optimum thermal 
efficiency of this process was 45 %. Initial studies on the integration of a steam-
based gasification were conducted in an MS thesis under the co-supervision of the 
author (Barone, 2000). 

Fig. 2-4. Flowsheet of the reference process using natural gas for 
top-firing 

C = compressor, T = turbine expander, G = generator, IC = intercooler,
AC = aftercooler, HT = humidification tower, RC = recuperator, PH = preheater,

ECO = economizer, HAHx = humid air heat exchanger,
HTHx = high temperature heat exchanger, SFC = solid fuel combustion
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2.3.4 Technical background of steam based gasification of biomass  

In the EvGT-BAT system, the natural gas is replaced by fuel gas produced from 
biomass in a steam-based gasification process. This section gives the technical 
background for this process.  

During the twentieth century, a wide variety of gasifiers was investigated (Beenackers, 
1994; Brightstar Synfuels Co, 1999; Ising et al., 1998; Kaltschmitt et al., 1998; Yan, 1998b). 
The main difference between these techniques is the method of heat transfer, 
heating rate, temperature, pressure and the way of transporting the feedstock the 
reactor. The mechanism of gasification, however, always follows the same pattern 
(Figure 2-5). First, the material is preheated and dried. Then the temperature is 
raised to about 250°C to 700°C where devolatilisation of the volatile matter takes 
place. This process step is called pyrolysis. In the next step, a great variety of 
substances consisting of both solid and gaseous components exist. The 
temperature here is between 700 °C (CFB Gasifier of Lurgi, Frankfurt) and 
1400 °C (Carbo V process of UET, Freiberg) and the gaseous components are 
reacting with the pyrolysis char and with each other (Kaltschmitt, 1998). This step is 
mainly controlled by char conversion and is called gasification3. In order to gain a 
product gas with a higher heating value, steam may be added to the process 
initialising steam reforming. During this reforming process, more hydrogen and 

                                                 
3 Commonly, the term gasification is used for the whole conversion of a solid matter into a gas. 
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carbon dioxide are formed. All these steps, preheating, pyrolysis, gasification and 
steam reforming require energy, which can be supplied in several ways. 

The most conventional way of generating the required thermal energy for the 
gasification is through partial oxidation within the gasification reactor. However, in 
this direct heating method the product gas is contaminated with flue gas from the 
incomplete combustion. The stack gas decreases the heating value and, moreover, 
if air is used as gasifying medium, nitrogen will further dilute the product gas and 
form nitrogen oxides in the top-firing. These drawbacks can be avoided by indirect 
methods such as external heating. 

The main feature of externally heated gasification is the separation of gas 
production and heat generation. Similar to externally fired gas turbines, many types 
of fuel, both solid and gaseous, may be used for heat generation. However, also 
similar to externally fired gas turbines, a heat exchange system is required limiting 
the operating temperature of the gasifier. The highest possible temperature is about 
850 °C maybe 900 °C. Primary investigations with coal have shown that this 
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Figure 2-6. Principle scheme of the steam-based gasification process 
conducted in an entrained-flow tubular reactor housed in the furnace 
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temperature is too low for an efficient conversion. This may be a reason why 
externally heated gasifiers have not been studied more intensively. Biomass on the 
other hand can attain very high gasification efficiencies with operation temperatures 
lower than those required for coal (Consonni and Larson, 1996; Várhegyi et al., 1997; 
Klass, 1998). A survey of introduced types of gasifier are given by Yan, 1998a; 
Consonni and Larson, 1996; Klass, 1998.  

In the presented EvGT-BAT cycle an externally heated entrained-flow tubular 
reactor is installed in the SFC. The principle of this gasifier is shown in Figure 2-6 . 
The idea is to propel biomass very rapidly through a tube, which is heated by the 
SFC. The medium that carries the biomass is recycled product gas, which contains 
up to 50% steam. Because the tube is installed in the combustion chamber of the 
SFC, the fuel for heating the gasification is also biomass. Installing the gasification 
reactor within the SFC reduces the numbers of units for the EvGT-BAT cycle. An 
advantage of this technique is that moisture from the raw material can be used for 
the reforming process. Therefore, drying the biomass is not necessary in order to 
produce a medium-energy fuel gas. Brightstar Synfuels Co. (BSC) has been 
developing an entrained flow tubular gasifier, which is able to use moist biomass 
with a water content of up to 60 % (Brightstar Synfuels Co, 1999). The advantages of 
entrained flow tubular reactors for biomass gasification are summarised by Bohn and 
Benham (1984): 

• Very rapid heating rates, of the order of 104 °C/s, thereby minimising char 
and tar production 

• Product gases are not contaminated by products of combustion or 
nitrogen 

• Syngas with a higher heating value up to about 17 MJ/Nm3 
• Maximum quantities of hydrogen, carbon monoxide and the unsaturated 

hydrocarbon species 
• Wide variety of heating methods including combustion of solid feedstock, 

process offgas, natural gas, fuel oil or use of solar energy 
• Continuous mode 
• High throughput capability 
• Compact design 

Bohn and Benham (1984) and Brightstar Synfuels Co (1999) discovered that the 
composition of the product gas is relatively insensitive to the used biomass type. 
Due to the very high heating rate in the reactor, this process is also called flash 
pyrolysis. More details about this flash pyrolysis can be found in Paper V. 
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3 General method 

This chapter introduces the general methods that were used to investigate CLC and 
the EvGT-BAT process. Parameter definitions and specific methods for the 
individual studies are explained in the chapters where they are applied. 

3.1 General method of studying chemical looping 
combustion 

For the studies with CLC the method of approach was to find first a promising 
power process with CLC for CO2 capture, if natural gas is used as fuel. In the 
process the pressure and temperature demands for the CLC reactor were 
determined in order to reach a sufficiently high thermal efficiency. The mass 
flowrates of the oxygen carrier, combustion air and natural gas were calculated by a 
mass and energy balance of the CLC reactor. For this step, including the process 
simulations and the calculations of the chemical equilibrium of the CLC reactions, 
the simulation software Aspen Plus® was used. 

The second step was to find a suitable reactor design and to define the demands for 
the particles of oxygen carrier in order to realise the CLC process in a conceivable 
reactor design. A hydrodynamic analysis of the reactor was conducted to find the 
required dimensions of the air reactor, the fuel reactor, and the cyclone system. A 
theoretically possible maximum flowrate of oxygen carrier from the air reactor into 
the fuel reactor (MTPFR) was defined as the border of feasibility for the CLC 
reactor. The calculations for the hydrodynamic analysis were implemented in MS 
Excel®.  

The third step was to look at potential oxygen carriers that meet the requirements 
determined in step one and two. For this task, a new method was developed, in 
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which the key parameters of CLC are plotted in a diagram called CLC parameter 
mapping (CLC-PM). The CLC-PM can be seen as an interface between the oxygen 
carriers’ properties, the requirements of the CLC reactor, and the input data of the 
system study. The CLC-PM is explained in Section 4.6.1. 

3.2 General method of studying the EvGT-BAT 
process 

For the studies of the EvGT-BAT process, the method of approach was, first, to 
gain knowledge of the requirements of the steam-based gasification, if it is 
conducted in a entrained tubular flow reactor. It was necessary to collect 
information about the composition of the produced fuel gas at different conditions 
during the gasification such as heating rate, final temperature, and moisture 
content. For this step, data from the literature and calculations of equilibria were 
used (Paper V).  

The second step was to implement the steam-based gasification process in Aspen 
Plus®. An existing model of the same process, but with natural gas for top-firing, 
was used. For the EvGT-BAT process the stream of natural gas was replaced by 
the gasifier. The original process was used as a reference process and is described in 
Section 2.3.3. 

In a third step the gasifier was integrated in the process as well as possible in order 
to reduce the penalty in efficiency caused by the gasification process. The process 
was simulated with different moisture contents of the biomass used in the gasifier. 
More details about the integration of the gasifier can be found in Section 6.1. 
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4 CO2-free power generation using chemical 
looping combustion 

In this chapter the studied NGCC cycles with CLC for CO2 capture are described 
and the results of the conducted studies are presented. In Section 4.1, the studied 
system and a reference system are described. The results of five system studies with 
CLC for CO2 capture in an NGCC are presented in Sections 4.2 to 4.6. Section 4.7 
contains the presentation of two conceivable reactor designs and Section 12.7 
presents the results of a hydrodynamic analysis of the conceivable reactor designs 
and the resulting dimensions of a CLC reactor with a thermal capacity of 
800 MWth. This study is also published in Papers III and IV. 

4.1 The studied systems 

In this work, the assumed fuel is natural gas (methane1). The fuel input has been 
stet to 16kg/s (1 kmolCH4/s) which corresponds to 802 MWth (LHV). A future 
power generation process using CLC for CO2 capture will compete with the most 
efficient technology using gaseous fuels. Today, natural gas-fired combined cycles 
(NGCC) achieve the highest electrical efficiencies to 60% (Jeffs, 1998). Assuming a 
penalty in efficiency by 8 to 10 percentage points for CO2 capture and compression 
if MEA absorption or an air separation unit is used, these processes will reach an 
efficiency of about 50% or even higher. In order to find a power process with 
CLC, that in the future can compete with commercially available techniques, the 
potential efficiency of a NGCC integrated with CLC has been studied. 

 

                                                 
1 In order to facilitate the calculations, methane has been used throughout this thesis instead of natural 
gas. 
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4.1.1 Description of the reference NGCC 

The reference system contains only commercially available components and is 
therefore called the conventional combined cycle (CCC) and is shown in Figure 4-1. 
The compressor ratio is 13 and the turbine inlet temperature (TIT2) of the gas 
turbine is 1200°C. For turbine cooling, 11% of the compressor air bypasses the 
combustion chamber. After the combustion gas is expanded in the gas turbine, it 
enters a tri-pressure reheat steam cycle that contains three boilers (A3, A6, and A9), 
which operate at 110 bar, 20 bar and 1.7 bar (Figure 4-1). The superheaters A1 and 
A2 heat the steam to 450°C before the high-pressure turbine (hp turbine) and 
470°C before the intermediate-pressure turbine (ip turbine). The heat exchangers 
A4, A8, and A10 are economizers and pre-heat the water close to the boiling point. 
The stack gas leaves the process at 74 °C and is a mixture of N2, H2O, O2 and CO2. 
This power cycle was chosen as a the reference system, because a TIT of 1200 °C 
may be the minimum requirement for a modern gas turbine used in a combined 
cycle and the maximum reachable temperature of the air reactor in CLC. This 
power cycle is especially suitable for studying the necessary changes in order to 
integrate CLC into the process, because the TIT and the pressure in the 

                                                 
2 TIT in this work is defined as the temperature of the hot gas when it leaves the combustion and before 
cooling air is mixed to it. 

Figure 4-1. Flowsheet of the reference system, here denoted 
conventional combined cycle (CCC) 
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combustion chamber are the same as in the studied NGCC with CLC. Comparing 
the new power cycle with CLC with this reference system will show the impact of  
applying CLC on the efficiency. 

4.1.2 Description of studied systems (CC-CLC) 

The studied power process is a natural gas-fired combined cycle, which is based on 
the reference process (CCC), with CLC for CO2 capture (CC-CLC). In the CC-
CLC system the combustor of the gas turbine is replaced by the CLC (Figure 4-2). 
Due to the principle of the CLC, the main difference between the two processes is 
that two streams of combustion products enter the bottoming steam cycle. The 
first one comes from the gas turbine and consists of nitrogen and some excess air. 
The second one is much smaller and comes directly from the fuel reactor. It 
contains only steam and CO2. The temperature of this stream is much higher than 
the temperature of the gas from the gas turbine outlet. The CO2/H2O stream is, 
therefore, used to increase the steam temperature before the high-pressure and the 
intermediate-pressure steam turbines (superheaters B1 and B2 in Figure 4-2). In this 
way, higher inlet temperatures for the high-pressure and the intermediate-pressure 
steam turbines are reached in the CC-CLC than in the CCC. Another feature of the 

A1, A3, A6 = superheater; A2, A5, A9 = evaporator; A4, A7, A8, A10 = preheater
B1, B2 = superheater; B3 economizer; B4 = supplemental evaporator; B5 = preheater
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Figure 4-2. Flowsheet of the studied combined cycle with CLC for CO2
capture (CC-CLC) 
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CC-CLC is that the dew point of the compressed CO2/H2O stream is above the 
boiling point of the water in the evaporator of the low-pressure steam turbine 
(evaporator B4 in Figure 4-2). Hence a part of the heat of evaporation of the steam 
generated in the fuel reactor can be recovered in the steam cycle, which increases 
the efficiency of the whole process. The CC-CLC includes a CO2 compressor, 
which compresses the separated CO2 to 110 bar. More information can be found in 
Section 4.2.1. 

 
Table 4-1. Assumptions for the cycle calculations 

 CCC CC-CLC 
Fuel input (1 kmolCH4/s = 16 kg/s) [MW]  802  802 
Efficiencies   
      Isentropic efficiency of the gas turbine [%]  90  90 
      Isentropic efficiency of the compressor [%]  85  85 
      Isentropic efficiency of the steam turbine [%]  91  91 
      Isentropic efficiency of the pumps [%]  65  65 
      Isentropic efficiency of the booster fan [%]  88  88 
      Mechanical efficiency of the gas turbine [%]  99  99 
      Mechanical efficiency of the compressor [%]  100  100 
      Mechanical efficiency of the steam turbine [%]  98  98 
      Mechanical efficiency of the booster fan [%]  100  100 
      Mechanical efficiency of the pumps [%]  100  100 
      Efficiency of the generator [%]  100  100 
Gas turbine compressor   
      Pressure ratio [-]  13  13 
      Inlet temperature [°C]   15  15 
      Intet air pressure [bar]  1  1 
Gas turbine expander   
      TIT [°C]  1200  1200 
      Partial flow of compressor air used for cooling [%]  11  11 
hp steam turbine   
      Inlet temperature [°C]  450  570 
      Pressure change [bar] 110/20 150/20 
ip steam turbine   
      Inlet temperature [°C]  470  570 
      Pressure change [bar] 20/1.7 20/1.7 
lp steam turbine   
      Inlet temperature [°C]  180  190 
      Pressure change [bar] 1.7/0.06 1.7/0.06 
Heat exchanger – minimum temperature difference   
      gas – gas heat exchanger [°C]  30   30  
      gas – water heat exchanger [°C]  10   10  
      water – water heat exchanger [°C]  10   10  
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4.1.3 Assumptions for the performance studies of the system 

The CCC and the CC-CLC systems were simulated with Aspen Plus® using the 
same assumptions for the gas turbine and the heat exchangers’ pinch points. The 
heat losses in heat exchangers, steam generators or the CLC reactor are not 
included. The pressure drops in the heat exchangers and pipes are neglected. The 
pressure drop over the CLC reactor, however, is considered in Section 4.4. Detailed 
information about the assumptions for the system analysis can be found in 
Table 4-1. 
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4.2 Comparison of a standard NGCC to an NGCC 
using CLC for CO2 capture 

In this study, the potential efficiency of a CC-CLC is compared to the CCC using 
MEA absorption for CO2 capture (CCC-MEA). The MEA absorption was not 
simulated in this thesis, but a penalty in electrical efficiency of 8 to 10 percentage 
points for the absorption process was assumed referring to the literature (Audus, 
2000; Herzog et al., 1997; Göttlicher, 1997; Bolland, 2002). As can be seen in Section 
4.1.3, all pressure losses and heat losses in pipes, heat exchangers and combustion 
are neglected in both processes. This study was published in Paper I. A further 
comparison of these to processes by using an exergy analysis can be found in Paper 
II. 

4.2.1 Results of the system simulation 

The resulting temperature profile of the optimised steam cycles for the reference 
system is shown in Figure 4-3. The x-axis gives the amount of exchanged heat and 
the y-axis shows the temperature at which the heat exchange occurs. Figure 4-3a 
shows the results of the reference system. Figure 4-3b shows the optimised steam 
cycles of CC-CLC.  

The thermal efficiency of the reference system was about 55% (LHV) without 
considering CO2 capture. According to Göttlicher (1997) and Audus (2000), the CO2 
separation reduces this efficiency by about eight percentage points and the 
compression of CO2 up to 110 bar by about two percentage points. Thus, the 
CCC-MEA process will achieve a maximum thermal efficiency of 45%. The 
maximum thermal efficiency for the CC-CLC process is between 52 and 53%. 

4.2.2 Discussion 

The comparison between the CC-CLC and the reference system with state-of-the-
art technology for CO2 capture (CCC-MEA) showed that the CC-CLC process has 
the potential to achieve five percentage points greater efficiency if both processes 
operate at a TIT of 1200°C. While an available CO2 capture technology reduces the 
efficiency of an NGCC by about eight percentage points plus two percentage 
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points for CO2 compression, CLC only causes two to three percentage points 
penalty in efficiency.  

This study also shows that the CC-CLC system is only more efficient than a CCC if 
CO2 capture is included. The efficiency of the CC-CLC system was 2 to 3 
percentage points lower than the efficiency of the CCC cycle without CO2 capture. 
In Paper II an exergy analysis is presented that confirms this conclusion. 
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Figure 4-3. Heat exchanger profile. Q is the exchanged heat based on 
1 kmolCH4/s and Ax/Bx refers to Figures 4-1 and 4-2. 
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4.3 Performance study of a CC-CLC process 
including a CO2 expander 

Previous researchers suggested a CO2 expander to produce extra power from the 
CO2/H2O stream (Ishida et al., 1987; Anheden et al., 1995; Brandvoll et al, 2002; Naqvi, 
2004). However, in these previous studies, the conclusions where based on process 
simulations, in which no CO2 compression was considered. In this study the CC-
CLC process has been extended with a CO2 expander, in order to investigate 
whether a CO2 expander will improve the overall efficiency if CO2 compression is 
included. The bottoming steam cycle has been re-designed. The new configuration 
of the CC-CLC is called CC-CLC-CO2ex. The same assumptions are used as for 
the CC-CLC system in Section 4.2. A more detailed study concerning the integration 
of a CO2 expander in an NGCC with CLC can be found in Paper I. 

4.3.1 Description of the system with CO2 expander 

The flowsheet of the CC-CLC-CO2ex is shown in Figure 4-4. The application of the 
CO2 expander has two major effects on the design of the bottoming steam cycle. 
One change is that the temperature of the CO2/H2O stream is reduced by about 
400°C after the CO2 expander. Due to the lower temperature of this stream when 
entering the steam cycle, lower steam data will be reached in the superheaters. 
Therefore, the inlet pressure of the high-pressure steam turbine is reduced from 
150 bar to 120 bar and the inlet temperatures for the three turbine steps are 
reduced from 570 to 483 °C (hp turbine), from 570 to 503 °C (ip turbine) and from 
190 to 175 °C (lp turbine), respectively. Another consequence of introducing the 
CO2 expander is that the CO2/H2O mixture has atmospheric pressure when 
passing through the steam cycle. The dew point of this mixture is below 100°C; 
thus, the integration of a condenser and an evaporator, as in the CC-CLC process, 
is impossible according to the two-phase behaviour of the CO2/H2O mixture at 
atmospheric pressure.  
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4.3.2 Results  

The main result of this study is that the efficiency of the CC-CLC-CO2ex 
configuration also reached a value between 52 and 53 %. Figure 4-5 shows the heat 
exchanger profile of the CC-CLC-CO2ex. It can be seen that the outlet 
temperature of the CO2 expander is about 200°C higher than that of the gas 
turbine. This is due to the lower isentropic coefficient of the CO2/H2O stream 
(1.24) compared to the one of nitrogen (1.38). The smaller isentropic coefficient 
results in a smaller temperature drop when expanding both streams by the same 
pressure ratio.  

From a comparison of Figures 4-5 and 4-3b, one can see that in spite of the 
complexity of the bottoming steam cycle of the process CC-CLC-CO2ex, the 
amount of  recovered heat is about 100 MW larger in the CC-CLC configuration. 

A1, A3, A6 = superheater; A2, A5, A9 = evaporator; A4, A7, A8, A10 = preheater
B1, B2 = superheater; B3 economizer; B4 = supplemental evaporator; B5 = preheater
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4.3.3 Discussion 

Although CC-CLC-CO2ex contains a CO2 expander, the efficiency is similar to 
that for  CC-CLC. This may be due to the following two reasons. The first is that 
the CO2 must be compressed to 110 bar in the studied systems. The calculations 
showed that the required compression work for compressing the CO2 stream from 
1 bar to 110 bar reduces the efficiency by about two percentage points in the 
process CC-CLC-CO2ex. In the CC-CLC process, after condensing the water from 
the CO2/H2O-mixture, the stream of pure CO2 still has a pressure of 13 bar. Thus, 
the CO2 stream has to be compressed from 13 bar to 110 bar instead of from 1 bar 
to 110 bar. Since the critical pressure of CO2 is at 73.9 bar (Perry, 1997), the major 
compression work is already performed for the compression from 1 to 13 bar. In 
this way, power is saved for compressing the CO2 in the CC-CLC. Compressing 
the CO2 diminishes the efficiency by only 0.8 percentage points in the CC-CLC.  

The second reason is that the dew point at 13 bar of a CO2/H2O-mixture is at 
171°C which is above the boiling point of the water for the second reheat stream 
(1.7 bar, boiling temperature 115 °C). The high temperature of the dew point 
makes it possible to use a part of the latent heat from the pressurised steam in the 
CO2/H2O mixture to evaporate water for the second reheat. At 1 bar the dew 
point of the CO2/H2O mixture is at 88 °C and thereby below the boiling point of 
the water for the second reheat (1.7 bar). For this reason, the latent heat in the 
CO2/H2O stream of process CC-CLC-CO2ex cannot be recovered for power 
production which leads to losses in the thermal efficiency compared the CC-CLC. 

0

100
200

300
400

500

600
700

800

0 100 200 300 400

Q [MW]

Te
m

pe
ra

tu
re

 [°
C

]

hot
cold

B4

A6
A5

A4
A3

A2
A1

B1

B5

B2

B6

B3

Figure 4-5. Heat exchanger profile of the CC-CLC-CO2ex. Q is the 
exchanged heat based on 1 kmolCH4/s and Ax/Bx refers to Figure 4-4. 



4 CO2-free power generation using chemical looping combustion 

 35

The result from this study indicates that the investment in a CO2 expander in the 
CC-CLC with a TIT of 1200 °C and a compressor ratio of 13 cannot be 
recommended, because the extra power gained by the CO2-expander will be lost 
again due to a less efficient bottoming steam cycle and the extra power required for 
the CO2 compression. Moreover, the CO2 expander that operates at such high 
temperature has to be cooled by, e.g., steam which would reduce the efficiency 
further. 
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4.4 Comparison of nickel oxides and iron oxides as 
oxygen carrier 

Previous studies showed that both iron and nickel-based particles are promising 
oxygen carriers. The advantage of nickel-based oxygen carriers is that they 
apparently withstand a higher operating temperature and that they are more 
efficient in transporting oxygen. The disadvantages of nickel are its high price and 
that it can be hazardous to personnel (Section 2.2.3). Therefore, it is relevant to 
study iron as an alternative oxygen carrier. Advantages with iron are the 
environmental compatability of its oxides magnetite (Fe3O4), hematite (Fe2O3), and 
wustite (FeO) and the lower price of hematite than of nickel oxide (NiO). 

This study is to investigate whether iron-based oxygen carriers are a possible 
alternative to nickel-based oxygen carriers and what technical requirements have to 
be fulfilled so that CLC can be used efficiently in an NGCC. The technical 
constraints of different oxygen carriers from the viewpoint of the system’s 
performance and the feasibility of the reactor have been considered, including the 
reaction kinetics, required mass flowrates and agglomeration of the particles 
resulting in temperature limitations.  

As previously stated (Section 3.1), CLC parameter mapping (CLC-PM) has been 
developed, in which the key parameters of CLC are plotted in a diagram. The CLC-
PM can be seen as an interface between the oxygen carriers’ properties, the 
requirements of the CLC reactor, and the input data for a system study. This new 
method is described in Section 4.4.1. In Section 4.4.2, the studied cases are introduced 
and in Sections 4.4.3 to 4.4.5 the results of the parameter mapping and a system 
analysis are presented and discussed. This study was published in Paper II. 

4.4.1 Method  

The CLC-PM is based on a mass and energy balance over the CLC reactor and 
summarises the key parameters in a comprehensive diagram. Figure 4-6 shows the 
principles of the CLC-PM. The diagram includes the mass flowrate of solids 
entering the air reactor (x-axis) and the mass flowrate of combustion air (y-axis). 
The lines in the diagram are isotherms of the air reactor (negative slope) and the 
fuel reactor (positive slope). The vertical dashed lines give the conversion degree 
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(x) of metal oxide in the fuel reactor. By knowing two independent parameters, for 
example, the conversion degree and the temperature in the air reactor, the 
remaining parameters can be read from the diagram (Point A in Figure 4-6). 

The conversion degree of the oxygen carrier (X) is defined as the ratio of the 
number of moles of the oxygen carrier that are reduced in the fuel reactor to the 
number of moles of the oxidised form that enter the reduction reactor. If the 
conversion of one mole methane to one CO2 and two mole H2O is assumed3, the 
conversion of the nickel and iron-based oxygen carriers is described by Eqs. 4-1 and 
4-2,  respectively (referring to Reaction Eqs. 2-5 and 2-16).  
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In addition to the conversion degree, another property of the oxygen carrier is the 
mass flowrate of oxygen carrier (oxidised form) that is necessary to transport the 
oxygen. This mass ratio between oxygen and oxygen carrier, we define as the mass 

                                                 
3 In the case of nickel, this assumption is not entirely correct, because about 1 % of  the methane is 
converted to hydrogen and carbon monoxide. 

Figure 4-6. The principle of CLC-PM. The lines with the negative slope 
are isotherms of the air reactor. The lines with the positive slope are 

isotherms of the fuel reactor. The vertical dashed lines give the 
conversion (x) of the metal oxides in the fuel reactor. 
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per transported oxygen value (MOV). For example: the reaction of pure hematite 
to magnetite follows Eq. (4-3) 

 

24332 O
2
1OFe2OFe3 +↔ . (4-3) 

 

The MOV for pure hematite to magnetite is therefore 3*159.7/16 = 29.9 kg 
hematite/kg oxygen. If the hematite is stabilised with Al2O3 in a mixture of 60 wt% 
Fe2O3 and 40 wt% Al2O3, the MOVFe2O3,Al2O3 increases to 49.9 kg/kg. The MOV 
for the nickel-based particle can be calculated in the same way and results in 
MOVNiO,NiAl2O4 = 9.3 kg/kg, if the mixture consists of 50 wt% NiO.  

An important information for the evaluation of oxygen-carrier material is the 
maximum mass flowrate of oxygen carrier, that can be circulated in the CLC 
reactor. In this thesis the maximum theoretically possible flowrate of oxygen carrier 
from the air reactor into the fuel reactor (MTPFR) is introduced. This flowrate is 
specific for each reactor design and is explained later in Section 4.7.1. In this section 
an MTPFR, based on the conceivable reactor designs described later in Section 4.7, 
is included.  

4.4.2 Description of the studied cases 

Seven cases are considered for the simulations of the CC-CLC system (Table 4-2). 
Four parameters have been varied: the three oxygen carriers, two different turbine 
inlet temperatures, two different pressure levels in the CLC, and three different 
conversion degrees of the oxygen carriers. The flowrate of fuel gas (methane) is 
1 kmol/s which corresponds to a thermal capacity of the CLC of about 802 MW 
(LHV). The temperature in the air reactor was set to 1200°C and the pressure ratio 
in the gas turbine was 13 in the cases with Fe2O3 stabilised with 40 wt% Al2O3 
(cases C and D) and in the cases with NiO stabilised with 50 wt% NiAl2O4 (cases E 
to G). Two cases with a TIT of 1000°C and a pressure ratio of 9 have been studied.  

Two more cases (CA’ and CB’, derived from case C) are analysed, in which the 
residence time of the oxygen carrier in the air reactor is varied. These two cases are 
further described in Appendix 12.2. They are interesting for the system study 
because the increased residence time results in an increased pressure drop in the 
CLC reactor. 
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Table 4-2. Studied cases with combination of oxygen carriers, turbine inlet 

temperature, pressure of CLC reactors, and conversion degree of active metal 
oxide in the fuel reactor  

Case A B C D E F G 
Oxygen 
carrier Fe2O3 Fe2O3 

Fe2O3/ 
Al2O3 

Fe2O3/ 
Al2O3 

NiO/ 
NiAl2O4 

NiO/ 
NiAl2O4 

NiO/ 
NiAl2O4 

TIT [°C]  1000  1000  1200  1200  1200  1200  1200 
PCLC [bar]  9  9  13  13  13  13  13 
X [%]  70  20  70  20  70  40  20 

PCLC  = Pressure in CLC reactors 
X = Conversion of active metal oxide in the fuel reactor; the inert material is not  
  considered 
 

4.4.3 Results of the CLC Parameter Mapping 

Figure 4-7 shows the CLC-PMs for  

a) Pure Fe2O3 for 9 bar,  

b) Fe2O3 with 40 wt% Al2O3 as inert material for 13 bar, and  

c) NiO with 50 wt% NiAl2O4 as inert material for 13 bar.  

In all cases, the natural gas (methane) is preheated to 180 °C and the combustion 
air has a temperature depending on the gas turbine pressure ratio. For example, the 
combustion air has a temperature of 306 °C at 9 bar or 372 °C at 13 bar before it 
enters the air reactor.  

Figure 4-7a) shows the CLC-PM for pure Fe2O3. The points A and B mark the 
system's positions in the chart for cases A and B. In case A, for example, the 
required mass flowrate of the solids is 2670 kg/s, the mass flowrate of the 
combustion air is 970 kg/s, and the temperature in the fuel reactor is 913 °C. From 
the chart can be seen that the mass flowrate of the circulating solids has to increase 
by more than three times if the conversion degree decreases from 0.7 to 0.2. At the 
same time, more heat will be transferred from the air reactor to the fuel reactor; 
thus, the temperature in the fuel reactor increases from about 910°C in case A to 
975 °C in case B. The mass flowrate of combustion air, which also cools the 
reactor, will slightly decrease from about 970 to 960 kg/kmolCH4, because the mass 
flowrate of oxygen carrier, which has to be heated in the air reactor, is greater.  
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Figure 4-7. a) CLC-PM for Fe2O3 at 9 bar; b) CLC-PM for Fe2O3/Al2O3 at 
13 bar; the particles contain 40 wt% Al2O3; c) CLC-PM for NiO/NiAl2O4 at 

13 bar, the particle contains 50 wt% NiAl2O4. 
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Figure 4-7b) shows the CLC-PM for Fe2O3 with 40 wt% Al2O3. Due to the presence 
of inert aluminium oxide, the required mass flowrate of circulating solids is much 
larger in cases C and D than that in the respective cases A and B. In case D, about 
16 t/s oxygen carrier would have to be circulated in an 800 MWth reactor. At this 
high circulation rate, the temperature in the air and fuel reactors will almost be 
equal. 

Figure 4-7c) shows the CLC-PM for NiO with 50 wt% NiAl2O4. The mass flowrate 
of solids is much smaller than in the cases with iron-based oxygen carriers. A 
comparison of cases D and G shows that the mass flowrate of solids is 80 % less 
when the nickel-based particle is used instead of the iron/aluminium-based particle.  

Figure 4-7b shows the impact of the MTPFR on the feasibility of CLC in the 
IPFBR. An operating line divides the chart into two regions. On the left hand side 
of the operating line (case C), the required flow of oxygen carrier is less than the 
MTPFR and on the right hand side (case D) the required mass flow is not possible 
in the suggested reactor. The same can be concluded for case B in Figure 4-7a. 
Cases B and D are, therefore, not included in the performance analysis. The result 
indicates that when using the suggested reactor, a conversion degree of about 60 % 
is necessary for the Fe2O3/Al2O3 particles in order to realise CLC with a TIT of 
1200 °C. Generally, this result suggests that an oxygen carrier with a MOV of about 
50 kg/kg should react fast enough for a conversion of 60 % to be achieved in the 
available reaction time. Figure 4-7c shows the impact of the oxygen carriers’ MOV 
on the reactor design. If NiO is used as the oxygen carrier, the required mass flow 
is much less compared to the Fe2O3/Al2O3 case, because of the lower MOV of 
NiO. Even at a conversion degree of less than 20%, the MTPFR will not be 
reached. This shows that NiO is a suitable oxygen carrier even if the oxidation 
would be slower than in case of an iron-based oxygen carrier. 

When using the first mode of operation, case C turns into case C' (Figure 4-7b). In 
case C' the reactor works at the operating point and, therefore, its flow of oxygen 
carrier is always the MTPFR. This means for case C' that more particles circulate in 
the reactor than necessary or that conversion degree of about 58% of the oxygen 
carrier is required in order to reach 1200 °C in the air reactor.  

4.4.4 The impact of pressure drop and fan power 

The efficiency losses due to the pressure drop over the CLC reactor are different 
for different oxygen carriers because the circulating flowrate of the solid particles 
depends on the MOV and the conversion degree of the oxygen carrier. The 
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pressure drop over the cyclones was calculated by using the dimensions that are 
presented later in Section 12.7. Table 4-3 shows the pressure drops over the air 
reactor plus four pairs of cyclones and the fuel reactor, the resulting fan power, and 
the total required fan power for the 800 MWth CLC reactor.  

The pressure drop over the air reactor plus cyclones is largest in cases CB’ (0.5 bar), 
because of the great amount of bed material. In cases A, B, E, F, and G, the 
pressure loss is only half of that in case CB’. The pressure drop over the fuel reactor 
is higher, because the 60 s residence time of the oxygen carrier in the fuel reactor 
leads to a much greater amount of bed material in this reactor than in the air 
reactor. However, the volume flowrate of the gases through the air reactor is 
almost forty times the one through the fuel reactor. Due to this large difference in 
the volume flowrate, the required fan power is much less for the fuel reactor than 
for the air reactor. The total required fan power is greatest in case CB’ with about 
11 MW. Case A requires more fan power than the cases C, E, F, and G. This is due 
to the lower pressure in the CLC which leads to a larger volume flowrate and 
consequently to a greater volumetric work for compression. 

 
Table 4-3. Results of the hydrodynamic analysis 

Case A C CA’ CB’ E F G 
∆P air reactor plus 
cyclones [bar] 0.47 0.24 0.37 0.49 0.24 0.24 0.24 

∆P fuel reactor [bar] 0.26 0.62 0.80 0.80 0.11 0.20 0.41 
Fan power air reactor 
[MW] 9.4 3.0 4.5 6.0 3.1 3.1 3.0 

Fan power fuel reactor 
[MW] 0.1 0.2 0.3 0.3 <0.1 0.1 0.1 

Total fan power [MW] 9.5 3.2 4.8 6.3 3.2 3.1 3.1 
Mean residence time 
in air reactor [s] 4.8 4.8 8.1 11.4 4.8 4.8 4.8 

Diameter of the air 
reactor [m] 7.1 5.7 5.7 5.7 5.8 5.7 5.7 

Total bed mass in the 
air reactor [t] 13 22 47 66 4 7 14 

Total bed mass in the 
fuel reactor [t] 160 270 345 345 48 86 176 

Flowrate of oxygen 
carrier [t/s] 2.7 4.5 5.8 5.8 0.8 1.4 2.9 
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4.4.5 Results of the system analysis 

The turbine inlet temperature (TIT) has the most important impact on the 
efficiency of the combined cycle (Table 4-4). The efficiency decreases by about 4 
percentage points when the TIT is reduced 200 °C, i.e., from 1200 °C to 1000 °C 
(Case A). This shows the disadvantage of systems with pure Fe2O3 as oxygen 
carrier because the maximum operation temperature for pure Fe2O3 is limited to 
1000°C (Section 2.2.3). 

When comparing the oxygen carriers NiO and Fe2O3 stabilised with Al2O3, no 
significant difference in efficiency could be found, though the pressure drop over 
the CLC reactor differs significantly. Systems C, E and F all have efficiencies of 
about 52 to 53 %. The penalty in efficiency for the power consumption of the 
booster is relatively small (max: case CB’ with 0.8 percentage points; min: cases C, 
E-G with 0.4 percentage points, Table 4-4). This shows that the loss due to the 
pressure drop in the CLC reactor, caused by a larger MOV or a longer residence 
time of an oxygen carrier, is less important than the TIT. 

Other parameters linked to the oxygen carrier, which may have an impact on the 
process’ efficiencies, include the temperature in the fuel reactor and the 
combustion air flowrate (CLC PM in Figure 4-7). However, the system analysis has 
shown that these variations have no significant impact on the overall electrical 
efficiency of the studied CC-CLC system. 

 
Table 4-4. Electrical efficiencies of the studied cases of the CC-CLC system 

Case A C CA’ CB’ E F G 
 ηth-11) [%] 49.2 52.5 52.5 52.5 53.0 52.8 52.1 
 ηth-22) [%] 48.6 52.1 51.9 51.7 52.6 52.4 51.7 

1) The electrical efficiency without the power consumption of the booster fan 
2) The electrical efficiency including the power consumption of the booster fan 

 

4.4.6 Discussion  

The question was raised, whether it is possible to use an iron-based oxygen carrier 
instead of a nickel-based one in an efficient NGCC using CLC for CO2 capture and 
what are the requirements on that oxygen carrier. The following answers are found:  

• If the conversion degree of hematite stabilised with 40 wt% aluminium oxide 
is over 60 %, and the operating temperature is not limited to below the 
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desired TIT (e.g., 1200 °C), this oxygen carrier might be an alternative to 
nickel oxide.  

• Pure hematite is, due to its temperature limitation, apparently no option as 
oxygen carrier if CLC is used in an NGCC. If the temperature in the air 
reactor is limited to 1000 °C, the electrical efficiency would be between 48 % 
and 49 %. This is about the same efficiency as for an NGCC with a post-
combustion CO2 absorption process. In this case there would be no 
incentive for the power industry to  adopt CLC. 

An important aspect concerning the MOV of an oxygen carrier may be an 
unwanted gas transport between the air and the fuel reactor. Due to the porosity of 
the oxygen carrier, gas will be enclosed in the particles when they circulate between 
the two reactors. If the particles, for example, flow from the air reactor into the 
fuel reactor nitrogen will travel with them and be released in the fuel reactor. The 
same mechanism will lead to a transport of CO2 into the air reactor and thereby 
reduce the degree of CO2 capture. Assuming that 5 t of oxygen carrier circulate per 
second in the CLC reactor this gas exchange might be significant, especially if the 
reactor is pressurised as necessary for the use in an NGCC. The unwanted gas 
exchange in CLC may be an advantage for nickel-based oxygen carriers, because 
they result in a smaller flowrate of particles. 
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4.5 Impact of the degree of conversion in the fuel 
reactor on the thermal efficiency of the system 

An NGCC with CLC for CO2 capture has the potential to reach a thermal 
efficiency of 52 to 53 %, if a temperature of 1200 °C can be reached in the air 
reactor and if the combustion efficiency in the fuel reactor reaches 100 %. A 
combustion efficiency of 100% means that all methane is converted to CO2 and 
steam. However, if the fuel reactor contains a fluidised bed, some methane may 
stay unconverted. Bubbles of methane are formed, which move through the bed 
material faster than all the methane can react. This may occur because of slow 
convection and diffusion processes within the bubbles. The combustion efficiency 
depends among other variables on the amount of bed material and the gas velocity 
in the reactor. Assuming a thermal efficiency of 53%, each percentage point loss in 
combustion efficiency reduces the overall efficiency by 0.53 percentage points. 
Moreover, in the studied systems, the compression of CO2 to 110 bar is included, 
which means that all unconverted methane will also be compressed and thereby 
consume some compressor work. In this section the impact of the combustion 
efficiency on the overall efficiency is presented and a simple separation step is 
studied as a potential solution to this problem. Initial work for this study was done 
in an MS thesis under supervision of the author (Hicking, 2002). 

4.5.1 Description of studied cases 

In order to investigate the importance of the combustion efficiency, three cases 
were studied. In all cases the steam of the CO2/H2O stream is completely 
condensed while the gas mixture is compressed and cooled. The unconverted 
methane does not condense and remains in the gaseous phase. In Case I, the 
methane was compressed to 110 bar along with the CO2. The methane leaves the 
process unused. In Case II, it was assumed that a part of the unconverted methane 
is separated by a one-step condenser after the gas mixtures was compressed to 71 
bar, which is close to the critical point of CO2 (73.9 bar, Perry et al., 1997). This one-
step condensation is further explained in Section 4.5.2. In Case II, no additional 
energy was necessary for separating the unconverted methane from the CO2. The 
separated methane is recycled into the fuel reactor. Case III is a hypothetical case. 
Complete recycling of the unconverted methane back into the fuel reactor, after 
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compression to 110 bar, is assumed while the energy for the required separation of 
methane from the outgoing CO2 stream is not included. This case shows the 
efficiency losses caused by the additional compressor work for the unconverted 
methane and is defined as a reference case for comparison with  Cases I and II. 

4.5.2 Separation of methane and CO2 by a "simple" condensation in 
Case II 

The potential efficiency of a condenser is connected to the two-phase behaviour of 
the mixture under the prevailing pressure. Figure 4-8 shows the two phase 
behaviour of a methane-CO2 mixture at 71.2 bar. The upper line of the two phase 
region is the dew-point curve (green curve in Figure 4-8) and the lower line is the 
boiling-point curve (blue curve Figure 4-8). When reducing the total pressure, the 
two-phase region will move towards lower temperatures such that cooling of the 
condenser below 15°C will be necessary. Since one of the features in Case II was to 
avoid the use of external cooling sources or extra power for the separation process, 
71.2 bar was chosen for the condensation. A further increase of the total pressure 
will lead to an increase in power consumption and, moreover, above a partial 
pressure of 73.9 bar CO2 is supercritical and no separation would be possible.  

From Figure 4-8 can be seen that a complete separation in one step is impossible, 
assuming a gas mixture of 15% methane and 85% CO2 at a total pressure of 71.2 

  

C   

B   

A   

B'   
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C'   C''   

D  

E  
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Figure 4-8. Two-phase behaviour of methane and CO2 at 71.2 bar 
based on the Peng-Robinson equation of state (Aspen Plus®) 
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bar is cooled from 30 °C to 15 °C (Points A and B in Figure 4-8). At phase 
equilibrium the liquid phase will have a methane concentration of 9 % (Point B') 
and the gas phase will contain 17 % methane (Point B''). The fraction G of the 
original amount of gas (F) that will stay in the gas phase can be calculated by 
Eq. 4-4. The fraction L that will condense can be calculated by Eq. 4-5, 

 

F
''B'B

B'B
G ⋅=  [mol] (4-4) 

F
''B'B
''BB

L ⋅=  [mol] (4-5) 

 

where F has the unit mole and |B'B|, |B'B''| and |BB''| are the distances from 
the respective points to each other in Figure 4-8. According to Eq. 4-6 and 
Figure 4-8, when condensing the gas mixture at 15°C, the ratio of the recycled 
amount of methane ( recycle,4CHn& ) to the amount of unconverted methane ( unconv,4CHn& ) 
is about 78 % (Eq. 4-6). This means that about 78% of the unconverted methane 
could be recycled by a one-step condenser at 15°C. 
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However, the recycle stream will contain 83 % CO2 (point B'' in Figure 4-8), which 
will lead to a significant increase of the gas volume in the fuel reactor. Moreover, 
this large recycle stream (G = 67 %) has to be preheated in order to maintain the 
temperature in the fuel reactor. Preheating consumes energy which will reduce the 
overall efficiency. An alternative is to reduce the temperature in the condenser to 
10°C (Point C in Figure 4-8). In this way, 76 % of the recycle stream would be CO2 
(point C'' in Figure 4-8) and only 25% of the original stream would be recycled. 
However, only 40% of the unconverted methane can be recovered (Eq. 4-5). 
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This example shows that finding the right temperature for the condenser is an 
optimisation problem. In Case II, the simulation software Aspen Plus® has been 
used to perform this optimisation.  

From Figure 4-8 it can also be concluded that the higher the fraction of methane is, 
the lower is the necessary temperature of the condenser. If, for example, the 
methane fraction is 47 % (Point D in Figure 4-8), the condenser must be cooled 
below -10°C to condense any CO2. If no external cooling is accessible, the cooling 
could be generated by flash-expanding the gas mixture from a higher pressure. 
However this method requires even more compressor work.   

4.5.3 Results  

Figure 4-9 shows the efficiencies of the CC-CLC process for the studied cases in a 
range from 70 to 100 % of methane conversion in the fuel reactor. From the curve 
of Case I can be read that a loss in combustion efficiency of 5 percentage points 
will lead to a decrease in overall efficiency to beneath 50 %. The curve of Case II 
shows the potential improvement of the system by applying one step condensation. 
If 95 to 100% of the methane is converted in the fuel reactor, the application of a 
condenser provides only a slight improvement, which comes from the low 
efficiency of this "simple" separation step at low methane concentrations. At higher 
methane concentrations in the exhaust of the fuel reactor, the efficiency of the 
separation increases and the efficiency can be improved half way to the curve of 
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the hypothetic Case III. However, it is not possible to increase the efficiency over 
50%. In Case III, a no-power-consuming separation is assumed. Only the power 
loss for compressing the unconverted methane is considered. This case shows that 
the additional power consumption for the unconverted methane has a relatively 
small impact. The major loss comes from the fuel loss. 

4.5.4 Discussion  

This study demonstrates the importance of high combustion efficiency in CLC. 
The combustion efficiency should be close to 100%, since it is not possible to 
recover the unconverted methane sufficiently by a one-step condensation. If 
combustion efficiency cannot be achieved it may be necessary to use a more 
complex separation such as a separation column. However, a costly and energy 
consuming separation unit would question the concept of CLC, because the special 
feature of CLC is just that no post-combustion separation unit is required. 
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4.6 Top-firing to overcome temperature limitation in 
the air reactor 

From previous discussion, it can be concluded that the TIT is a very imported 
parameter in order to achieve a competitive efficiency for the CC-CLC process. 
However, it is uncertain if the particles of oxygen carrier or the reactor can 
withstand the sufficiently high temperature of about 1200°C. In this case, 
additional natural gas can be used for top-firing to increase the TIT, which offers 
an option to achieve a high electrical efficiency even if the temperature in the air 
reactor is limited. However, this will increase the CO2 emissions, because the 
carbon contained in the additional natural gas will be emitted as CO2. The quantity 
of CO2 emitted depends on the temperature in the air reactor. This section presents 
a study concerning the impact of the temperature of the air reactor on the avoided 
amount of CO2 if the air temperature is increased to 1200 °C by using top-firing 
with additional natural gas. The results are compared to the same NGCC with 
monoethanolamine (MEA) absorption for CO2 capture (CCC-MEA). A part of the 
study is published in Paper II. 

4.6.1 Definition of the avoided CO2 

The avoided CO2 per kilowatt hour (z) in either CC-CLC or CC-MEA was 
calculated using Eq. 4-8 and Eq. 4-9, respective, 
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where mCO2 is the emitted CO2 and Wnet is the generated power. The first term in 
Eqs. 4-8 and 4-9 is the emitted CO2 from the reference system with an electrical 
efficiency of 55.2% (CCC, Section 4.2.1). The second term in Eqs. 4-8 and 4-9 is the 
emitted CO2 from the CC-CLC system and the CCC-MEA system, receptively, at 
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the calculated efficiencies (η). For the CCC-MEA system two cases are considered: 
a) CO2 absorption of 95 % with an efficiency penalty of eight to ten percentage 
points, and b) 80 % of the CO2 is captured with an efficiency loss of eight to ten 
percentage points. 

4.6.2 Results 

Figure 4-9 shows the avoided CO2 emissions and the electrical efficiency of the CC-
CLC system at a temperature range in the air reactor from 800 to 1200°C and a 
methane conversion in the fuel reactor from 75 to 100%. The TIT was raised to 
1200 °C in all cases by using top-firing with additional methane. The impact of the 
degree of methane conversion on the system's efficiency is presented in Section 4.5. 
For this study, the results of Case II, where a one-step condenser was applied to 
recover a part of the unconverted methane, are used to calculate the penalty in 
efficiency. By including the methane conversion in Figure 4-9, the CC-CLC's 
efficiency covers a range of 45 to 52.5% and the avoided CO2 varies from 0.145 to 
0.35 kg CO2/kWh. The CCC-MEA system can be found in this diagram in an area 
defined by the points 1 and 2 for Case a) and the points 2 and 4 for Case b), 
respectively. Assuming a trade off between a high degree of CO2 capture and a 
good electrical efficiency for the CCC-MEA system the points 2 and 3 may be 
irrelevant.  

Figure 4-9. Comparison of the amount of avoided CO2 - emission 
of the CC-CLC system with top-firing to the CCC-MEA system 
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Comparing the CC-CLC with the CCC-MEA system, Figure 4-9 shows that CLC 
has the potential to avoid more CO2 emissions than a MEA absorption, if the 
oxidation temperature can be as high as the required TIT. Assuming the 
temperature in the oxidation reactor is limited to 1100 °C the CCC-MEA system 
would avoid an equal or even higher amount of CO2 if an efficiency loss of about 
10 percentage points is accepted. However, in this case the CC-CLC system with 
top-firing will still have an efficiency of five to seven percentage points higher than 
the CCC-MEA system, if 100% methane conversion can be realised. By including 
the "simple" condenser to recover unconverted methane, the CC-CLC system has 
the potential to reach a higher efficiency than the CCC-MEA system down to a 
methane conversion of about 80%. 

CLC has also the potential to reach both a higher efficiency and to avoid more CO2 
emissions than today's most advanced combined cycles with an electrical efficiency 
of 60% combined with a MEA absorption causing about 10 percentage points in 
efficiency, in order to absorb 95% of the produced CO2 (future CC-MEA in Figure 
4-9). However, in order to compete with these advanced processes, a complete 
methane conversion and an oxidation temperature close to the TIT are necessary. 

4.6.3 Discussion  

From this study it can be concluded that, compared to today's conventional 
technology for CO2 capture, CLC will provide a higher efficiency even if top-firing 
with methane is used to overcome a temperature limitation in the air reactor. 
However, in order to compete in the future with other CO2 capture processes such 
as MEA absorption integrated in future combined cycles, CLC should reach at least 
1200°C in the air reactor. 

This study also shows that CLC has the potential to reach an high efficiency of 
53 % while almost 100 % of the produced CO2 is captured. This potential, 
however, can only be used if both the reactor and the particles can withstand at 
least 13 bar and 1200 °C. Additionally, the combustion efficiency must be close to 
100 %. 
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4.7 Conceivable reactor design 

The conclusions of the previous sections have shown that the CLC reactor is a key 
component in the CLC concept. This reactor consisting of a fuel reactor and an air 
reactor is different from conventional equipment in power plants. Previous 
research on the CLC reactor has been focused on atmospheric dual fluidised-bed 
reactors (Section 2.2.4). However, for the application of CLC in the systems 

 
 Gas distribution + Fan 

From compressor 
To turbine 

H2O/CO2 

Fuel gas/ methane 

From compressor 

To turbine 
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Figure 4-10. Layout of the studied CLC reactor, version IPFBR_A1 
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presented in this thesis a pressurised reactor system is required. This section 
presents two conceivable design alternatives of the CLC reactor. The design 
alternatives are denoted IPFBR_A and IPFBR_B. IPFBR stands for interconnected 
pressurised fluidised bed reactor (Figure 4-10). Both design alternatives have in 
common that they are installed in a pressure shell similar to those in pressurised 
fluidised bed combustion (PFBC) technology. After the air reactor, the oxygen 
carrier particles are separated from the hot gases by a cyclone system as in PFBC 
technology. The mathematical models for both IPFBR designs are similar and 
limitations of the flow of oxygen carrier can be calculated using the same equations. 
This boundary of the flow of oxygen carrier is called the maximum theoretically 
possible flowrate of oxygen carrier from the air reactor into the fuel reactor 
(MTPFR) and is discussed in the next section. In Sections 4.7.3 and 4.7.4 the 
alternative designs are described. A hydrodynamic model of the IPFBR is presented 
in Appendix 12.2 to 12.4. The dimensions and the required amount of the essential 
materials for the two reactor alternatives are shown in Appendix 12.7. 

4.7.1 The boundary for the flow of oxygen carrier – the MTPFR 

This section explains why the maximum theoretically possible flowrate of oxygen 
carrier from the air reactor into the fuel reactor (MTPFR) is introduced and why it 
is important to study this boundary of feasibility. 

In the IPFBR, the amount of material which can be transported from the air 
reactor into the cyclone is limited by the maximum transport capacity of the air 
flow. At a constant gas velocity and an increasing amount of particles entering the 
riser, the first very dilute gas-solid mixture will reach a state, in which the gas 
stream is saturated with particles. Here the MTPFR is reached. If the particle input 
increases further, the gas stream is not able to entrain all particles and the riser will 
fill with particles. The MTPFR is strongly connected to the mass flowrate of the 
combustion air. A higher mass flowrate of combustion air results in a larger 
diameter of the reactor or in a higher gas velocity which would increase the 
MTPFR. The mass flowrate of air can be increased by reducing the temperature in 
the air reactor while keeping the fuel flowrate into the fuel reactor constant. Since 
the released heat in the reactor remains the same, more air is needed to cool the 
reactor and the MTPFR increases. In this way, an operating point for the suggested 
reactor can be determined. This operating point marks a theoretical limitation for 
the flow of oxygen carrier in the IPFBR and is important in finding the 
requirements for the oxygen carrier. However, a suitable model is missing for 
calculating the MTPFR in the studied air reactor, because of its high gas velocity 
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(u0 = 6 to 10 m/s) and the large diameter (Da = 5 to 6 m). In order to obtain a 
preliminary estimation, a freeboard entrainment model for fast fluidisation has been 
extrapolated. The model was described by Kunii and Levenspiel (1991) and is derived 
from experimental results obtained in vessels with a diameter of less than 0.5 m. 
More details about the model can be found in Appendix 12.1. Since there will be a 
significant difference in fluidisation behaviour in large (D = 5 to 6 m) and small 
(D = 0.5 m) vessels, the calculations in this study can only give an indication of the 
MTPFR.  

The MTPFR is calculated as a function of the superficial gas velocity (u0), the 
terminal velocity (uT) of the particles and their density (ρs) (Eq. 4-10):  

 
( )T0sesasea uuAGAMTPFR −⋅ε⋅ρ⋅=⋅=  (4-10) 

 

εse is the solid fraction at the exit of the reactor and Aa is its cross-sectional area. 
The particle diameter (dp) is also important for the MTPFR, because the terminal 
velocity (uT) is a function of the diameter (dp). By decreasing dp the MTPFR can be 
increased. The calculation of the terminal velocity (uT) is based on a force balance 
(Kunii and Levenspiel, 1991; Appendix 12.3). 

 
Table 4-5. Assumptions for the hydrodynamic calculations 

Particle diameter 125 µm  
Particle density 2400 kg/m3 
Gas composition in the fuel reactor CH4/H2O/CO2 = 0.1/0.6/0.31) 

Isentropic coefficient (n = f(T)) From Aspen Plus 
    Air reactor  1.4 
    Fuel reactor (methane) 1.237 
cP (T) from Aspen Plus 
    Air reactor  1 kJ/(kg,K) 
    Fuel reactor (methane) 2.74 kJ/(kg,K) 

1) mole fraction 

4.7.2 Assumption for calculating the hydrodynamic behaviour of the 
IPFBR   

Table 4-5 gives more assumptions for the hydrodynamic calculations. The particle 
diameter (dp), the particle density (ρs), and the residence time (τ) are based on 
literature (Copeland et al., 2002; Cho et al., 2002; Lyngfelt, 2001; Johansson, 2002; Ishida 
2002). The gas composition, CH4/H2O/CO2 = 0.1/0.6/0.3, is assumed to be the 



CO2 Mitigation in Advanced Power Cycles - Chemical Looping Combustion and Steam-Based Gasification 

56 

average composition in the fuel reactor. However, there is still great uncertainty 
about these parameters because no experience in a full scale CLC reactor are 
available. Therefore, the values in Table 4-5 should be considered as an example for 
the initial calculations in this thesis. 

4.7.3 IPFBR_A: A riser and a stationary fluidised bed 

The design of the IPFBR_A is a further development of the layout presented in 
Lyngfelt et al., 2001 (Section 2.2.4) The fuel reactor is of the bubble bed type and the 
air reactor is essentially a pneumatic transport reactor (Figure 4-10). Using design A 
of the IPFBR, two cases with a difference in the cyclone system and two modes of 
operation are investigated. In the first mode, it is possible to control the mass 
flowrate of solids from the fuel reactor into the air reactor and in the second mode, 
this flowrate is determined by the gas flowrate of combustion air into the air 
reactor. A detailed discussion about the two modes of operation can be found in 
Appendix 12.2. 

4.7.4 IPFBR_B: Two circulating fluidised bed reactors 

The second design is a further development of the IPFBR_A based on the 
experiences gained from studying the cyclone system. In contrast to PFBC systems, 
in CLC the bed material consists of especially prepared particles with a well-defined 
diameter, for example, 125 µm (Table 4-2). According to the VDI-Wärmeatlas 
(2002), the cyclones (with dimensions presented in Appendix 12.7) will separate all 
particles with a diameter larger than 55 µm to 100 %. In the ideal case, which 
means very strong particles, no breakage, and no abrasion, there are no particles, 
which are smaller in diameter than 125 µm. Theoretically, the cyclones in CLC will 
separate all particles. However, no particle will be so strong that it never breaks. 
This means that after a period of operation the diameter of the particles will be 
reduced and smaller particles will exist in the CLC reactor. The particle-size 
distribution will approach a profile that is promoted by the cyclone system and the 
particle discharge from the fuel reactor. If the IPFBR_A is used for CLC, the 
particle discharge from the fuel reactor will dominate, because the design velocity 
of the gas in the fuel reactor is close to the terminal velocity of the particles with a 
diameter of 125 µm. Particle fragments with a diameter smaller than 115 µm will be 
carried out of the reactor.  
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Figure 4-11. IPFBR (B) for a CLC reactor system of about 800 MW
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The risk of particle discharge from the fuel reactor can be reduced by increasing the 
diameter of the reactor or by installing a second system of cyclones for the fuel 
reactor. The second option may be the better one, because the fuel reactor can 
have a smaller diameter and the particle discharge becomes independent of the 
flowrate of methane, which may be an advantage if the methane flowrate varies in, 
for example, off-design operation. 

Figure 4-11 shows the layout of the IPFBR_B. The air reactor on the left hand side 
and the fuel reactor on the right hand side are shadowed in yellow. The top-view 
picture shows the arrangement of the cyclones better. For the air reactor, four 
cyclones in parallel are assumed and for the fuel reactor, three primary cyclones and 
one secondary cyclone are suggested for the initial calculations in this thesis. In this 
arrangement the smallest particles will be collected in the downcomer of the 
secondary cyclone. Optionally, this particle fraction can be removed from the 
system in order to protect the gas turbine for particle fragments. More data about 
the dimensions of the reactor can be found in Appendix 12.7. 

4.7.5 Discussion  

The suggested IPFBR is a promising reactor design for CLC because it uses to 
some extent available technology similar to that of PFBC. Major differences to 
PFBC are: 

• No heat exchanger pipes have to be installed in the reactors. This facilitates 
the construction of the fluidised beds. 

• The maximum temperature in the cyclones should be at least 1200 °C. This 
increases the demands on the material.  

• The arrangement of the reactors within the pressure shell is more 
complicated. 

The IPFBR_B is an interesting design for a CLC reactor. It is less sensible to 
varying fuel gas flowrates than the IPFBR_A. Due to the compact construction, 
significant material savings for the pressure shell are possible (detailed results about 
the required amount of essential materials for the IPFBR version A and B, 
respectively, can be found in Appendix 12.7.  
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5 CO2-free cogeneration of power and 
hydrogen with chemical looping combustion 

Chapter 4 has shown that a combined cycle will have a higher efficiency with CLC 
than conventional techniques for CO2 capture, if the temperature in the air reactor 
can be raised to 1200 °C or higher. Furthermore, top-firing with additional natural 
gas may improve the efficiency of CLC systems with lower temperature in the air 
reactor but will increase the CO2 emissions. Another option is to use hydrogen for 
top-firing. In this way, the temperature of the combustion air can be raised to the 
required TIT while the degree of CO2 capture stays close to 100 %. A major 
disadvantage is the high price for hydrogen. A third option is to produce the 
hydrogen in the process itself, purify it and use it either for top-firing to increase 
the efficiency of the process or trade it as a valuable by-product. In this chapter, a 
process is presented that tri-generates hydrogen, electrical power and district 
heating. The special feature with this new process is that the hydrogen is produced 
and purified in an extended CLC (exCLC) process. The objective of this study is to 
find a new interesting application for CLC by reducing the demands on the material 
in the air reactor while keeping the thermal efficiency high. It has been investigated 
whether a thermal efficiency of over 50 % can be achieved with a temperature in 
the air reactor not exceeding 1000 °C by far. The suggested process is denoted 
extended CLC in steam-injected gas turbine (exCLC-STIG) cycle  
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5.1 The principle of hydrogen production with 
chemical looping combustion 

This section presents the development from the classic CLC (Chapter 4), to an 
extended CLC (exCLC). In exCLC hydrogen is produced and inherently separated 
from CO2. Section 5.1.1 describes the mechanism that makes hydrogen production 
possible in CLC and Section 5.1.2 shows the concept of separating the hydrogen 
from CO2. 

5.1.1 Hydrogen production with chemical looping combustion 

Hydrogen production can be realised in the fuel reactor of the classic CLC by 
reducing the amount of oxygen carrier so that the oxygen present is not sufficient 
for a complete oxidation of the fuel. Partial oxidation (Reaction Eqs. 5-1 –5-3) and 
steam reforming (Reaction Eq. 5-4) then take place at the same time. The amount of 
active oxygen carrier controls the yield of produced hydrogen and carbon 
monoxide (Reaction Eqs.5-5 and 5-6). 

 
CH4 + 2 NiO → 2 Ni + CO2 + 2 H2 (5-1) 
CH4 + 2 NiO → 2 Ni + CO + H2O + H2 (5-2) 
CH4 + 2 NiO → 2 Ni + C + 2 H2O (5-3) 
CH4 + H2O → CO + 3 H2 (5-4) 
NiO + H2 → Ni + H2O (5-5) 
NiO + CO → CO2 (5-6) 
CO + H2O ↔ CO2 + H2 (5-7) 
C + H2O ↔ CO + H2 (5-8) 
 

The homogeneous and the heterogeneous water-gas shift reaction (Reaction Eqs. 5-7 
and 5-8) control the composition of the gaseous phase and are heavily dependent 
on the reaction temperature. If there is too little steam or oxygen available in the 
fuel reactor, the decomposition of methane will cause deposits of carbon on the 
particles of the carrier material (Reaction Eqs. 5-3 and 5-8). The composition of the 
thermo-chemical equilibrium in the fuel reactor for various temperatures is shown 
in Section 5.6.1.  
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5.1.2 Separation of hydrogen and carbon dioxide in the exCLC 

So far, the gaseous products of the fuel reactor are CO2, hydrogen, and steam. In 
order to separate the hydrogen from the CO2 a carbon carrier (calcium oxide in this 
study) is used that circulates along with the oxygen carrier between the reactors. 
Due to the presence of calcium oxide in the fuel reactor, the CO2 will react to 
calcium carbonate (CaCO3) according to Reaction Eq. 5-9.  

 
CaO + CO2 ↔ CaCO3 (5-9) 
 

In this way, CO2 is removed from the gaseous phase where only hydrogen and 
steam remain. In order to regenerate the carbon carrier, a third reactor (the 
calcination reactor) is added. Figure 5-1 illustrates the principles of the exCLC. In 
order to operate the fuel reactor at an appropriate temperature, the very hot 
particles that return from their regeneration have to be cooled. This is necessary for 
the formation of calcium carbonate. In Figure 5-1 a configuration is proposed, in 
which steam is used to cool the particles before they enter the fuel reactor. To 
regenerate the carbon carrier, the particles flow into a calcination reactor where 
calcium carbonate decomposes into calcium oxide and CO2 (calcination reactor in 
Figure 5-1). In this reactor, the temperature must be above the decomposition 

Figure 5-1. Principle of the exCLC  
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temperature of calcium carbonate, i.e., the equilibrium of Reaction 5-9 must be on 
the left hand side. However, this desorption reaction is endothermic; thus, 
additional heat is needed. For the heat supply, a partial flow of the hot particle 
steam leaving the third reactor (the air reactor), in which the oxygen carrier is 
regenerated, can be used. However, depending on the temperature in the air 
reactor, the achievable temperature with this measure will be too low for 
calcination (CO2-desorption). Therefore, a second measure is used, additionally. 
The hot steam, that cools the fuel reactor, is introduced into the calcination reactor 
in order to reduce the partial pressure of CO2 in the calcination. The only gaseous 
products of the calcination reactor are CO2 and steam. The oxygen carrier is inert 
in the calcination reactor and has to be regenerated in the air reactor (also called 
oxidation reactor), where the reduced nickel oxide re-oxidises according to Reaction 
Eq. 2-6. 
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5.2 Consideration of a conceivable reactor layout 

As in classical CLC it will be a challenge to build a reactor for the exCLC because 
of the high flowrates of solids. Figure 5-2 shows a conceivable reactor layout where 
the whole reactor system is built within a pressure shell as in PFBC and as 
suggested for the classic CLC (Section 4.7). From the air reactor (a transport 
reactor), the particles are transported into a system of cyclones where the gaseous 
products are separated from the particles and flow towards the gas turbine. The 
particle flow is divided into two, of which one partial flow enters the calcination 
and the other the solid-gas heat exchanger (HX). The HX may be a bubble bed 
reactor where pressurised steam fluidises the particles and then flows into the 
calcination. The cooled particles flow from the HX into the fuel reactor, that also 
contains a bubble bed. After the fuel rector, the particles enter the calcination 

 

From compressor 
mixed with steam 

To turbine 

CO2/ Steam 

Fuel gas/ methane 
mixed with steam 

H2/ Steam 
Steam Calcination 

Air reactor 

Fuel reactor 
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Figure 5-2. Conceivable reactor design for a 
exCLC based on PFBC technology 
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before they return into the air reactor. In the calcination, the fluidising medium is 
the steam from the HX and the desorbed CO2. Compared to the IPFBR presented 
in Section 4.7 the suggested reactor for exCLC has more complicated layout. On the 
other hand, due to the concept of exCLC-STIG the temperature in the air reactor 
can be much lower as discussed later in Sections 5.7 and 5.8. 

5.3 Nickel as potential oxygen carrier in exCLC 

Nickel is a promising oxygen carrier for the exCLC with hydrogen production. This 
is due to its good properties for CLC (Sections 2.2.3 and 4.4) and nickel has been 
recognized as the most suitable catalyst when steam reforming hydrocarbons 
(Twigg, 1989). Recent experiments on nickel-based particles for hydrogen 
production in CLC have confirmed its promising properties for this type of 
processes (Mattisson et al., 2004). However, nickel catalysts are sensible to sulphur 
and it is necessary to install a fuel gas cleaning before the reformer (Twigg, 1989). 

Calcium carbonate is commonly used in power industry for removing sulphur 
dioxide from the exhaust gases from coal combustion. However, in that process, 
the carbonate is not recycled. If it is used in an exCLC, the carbon carrier must be 
regenerated. Previous experiments showed that it is difficult to regenerate calcium 
carbonate (Abanades, 2002). Only after a few cycles the material had lost much of its 
activity. It seems to be necessary to develop special particles as in classical CLC.  
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5.4 The system of an extended CLC in a steam-
injected gas turbine cycle (exCLC-STIG) 

In this section, a STIG (Steam Injected Gas Turbine) cycle is integrated with 
exCLC which has the potential to cogenerate the three products of heat, hydrogen 
and power by using a simple cycle configuration. 

5.4.1 Description of the system 

Figure 5-3 shows the flowchart of the exCLC-STIG process. In the process the 
compressed air flows from the compressor into the air reactor along with steam, 

Figure 5-3. Flowsheet of the exCLC-STIG process 
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oxygen carrier and carbon carrier particles. After the air reactor, the hot gas 
consisting of nitrogen and a little excess oxygen is separated and enters a the top-
firing, in which, a partial flow of the hydrogen/steam mixture that comes from the 
fuel reactor is used to increase the temperature of the combustion gas stream up to 
the desired TIT before it enters the gas turbine. The turbine exhaust and the 
remaining hydrogen/steam are used for steam generation and district heating (heat 
exchangers A1 to A4 and B1 plus B2 in Figure 5-3).  

The mixture of steam and CO2 leaving from the exCLC is mainly used to generate 
the steam that is needed to operate the calcination with low CO2 partial pressure. 
In order to generate enough steam, it is necessary to compress the stream between 
evaporators C4 and C5 from 10 bar to 20 bar. In this way, the dew point increases 
so that most of the steam can be condensed in the evaporator C5; thus, the heat of 
vaporization can be used to generate more steam. When all the steam has been 
removed from the CO2 after heat exchanger C6, the CO2 is compressed to 110 bar 
for final storage.  

 
Table 5-1. Assumption for the process study of the exCLC-STIG 
Efficiencies Unit  
      Isentropic efficiency of the gas turbine [%]  90 
      Isentropic efficiency of the compressor [%]  85 
      Isentropic efficiency of the booster fans [%]  85 
      Isentropic efficiency of the pumps [%]  65 
      Mechanical efficiency of the gas turbine [%]  99 
      Mechanical efficiency of the compressor [%]  99 
      Mechanical efficiency of the booster fans [%]  99 
      Mechanical efficiency of the pumps [%]  99 
      Efficiency of the generator [%]  99 
Heat exchanger – min. temp. difference    
      Gas – gas heat exchanger [°C]  30  
      Gas – water heat exchanger [°C]  10  
      water – water heat exchanger [°C]  10  
Cooling of gas turbine   
      Percentage of compressor air [%]  11 
District heating   
      Temperature of incoming water [°C]  50 
      Temperature of heated water [°C]  80 
Lower heating value (LHV)   
      Methane  [kJ/mol]  802 
      Hydrogen  [kJ/mol]  242 
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5.4.2 Assumptions 

The assumptions are summarized in Table 5-1. It should be mentioned, a smaller 
temperature difference in the heat exchangers may be feasible, which would lead to 
a higher efficiency of the system. In particular, the efficiency for district heating 
could be increased. 
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5.5 Methods  

Two aspects of the exCLC-STIG have been analyses. The first was a thermo-
chemical analysis of the fuel reactor and the calcination reactor and the second was 
a parameter study of the whole process. The results of the thermo-chemical 
analysis improve the understanding of the reactions occurring in the fuel reactor 
and the calcination. The results from the thermo-chemical analysis are presented in 
Section 5.6. A parameter study reveals the required conditions in the reactors. The 
definitions of the studied parameters are given in Section 5.5.1 and the results are 
presented and discussed in Section 5.7. 

5.5.1 Process analysis method  

Five independent process parameters were identified for the analysis of the exCLC-
STIG, f, TAR, TTC, RSM and z.  

Parameter f determines the mass flowrate of particles that circulate between the air 
and the calcination reactor in order to heat the calcination process. Here, f is the 
ratio of the particle stream that comes from the air reactor ( out,ARm& ) to the part flow 
that enters the fuel reactor ( in,FRm& ). 

 

inFR,

outAR,

m
m

f
&

&
=  (5-10) 

inFR,outAR,inCR, mmm &&& −=  (5-11) 
( ) FR,inCR,in m1fm && ⋅−=  (5-12)  

 

From Eqs. 5-11 and 5-12 it can be seen the larger f is, the larger is the flowrate of 
solids into the calcination reactor ( in,CRm& ).  

TAR is the temperature in the air reactor,  

TTC is the temperature in the topping combustion,  

RSM is the ratio of the mass flowrate of steam to fuel (methane) entering the fuel 
reactor and  



5 CO2-free cogeneration of power and hydrogen with chemical looping combustion  

 69

z is the mass fraction of inactive material in the oxygen carrier particle.  

The system’s efficiencies are defined as the thermal efficiency, Eq. 5-13, the 
hydrogen efficiency, Eq. 5-14, the efficiency of electrical power, Eq. 5-15, the 
degree of CO2 capture Eq. 5-16), and the efficiency of district heating Eq. 5-17. 
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A model of the whole system was implemented in the simulation software Aspen 
Plus® and five series of simulations were conducted, in which the five parameters 
were varied starting from a base case. In order to study the impact on the system of 
each parameter, only one parameter was changed during a series and the others 
kept as in the base case (if possible). The settings for the base case were f = 8, 
TAR = 1000 °C, TTC = 1150 °C, RSM = 0.6, z = 0.4. This base case was chosen 
because it could be used over a wide range in most of the series. However, it 
should be pointed out that in some cases it was necessary to change two parameters 
in order to obtain the required TAR. 

Another important parameter is the ratio of the mass flowrate of steam to the mass 
flowrate of calcium carbonate into the calcination reactor (RSCa). RSCa controls the 
partial pressure of CO2 in the calcinator. In contrast to the above defined 
parameters, RSCa is not independent. On the contrary, TAR, RSM, and z influence the 
amount of steam passing the gas-solid heat exchanger (HX in Figure 5-3 and 
thereby they change RSCa. This means that some of the effects of the independent 
parameters on the system’s performance, and here especially the CO2 capture, are 
caused by changing RSCa. Therefore, for a better understanding of the system, a 
series was simulated, in which only RSCa was varied while the other five parameters 
were kept as in the base case. In this simulation series, steam was added into the 
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calcination reactor via heat exchanger C1 in Figure 5-2. In all other series, this 
stream was set to zero. 

A further assumption was that all calcium oxide reacts to calcium carbonate in the 
fuel reactor. In practice, a fraction of the particles will be inactive, as is the case 
with the oxygen carrier. 
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5.6 Results of the thermo-chemical analysis 

This section contains the results of a thermo-chemical study of the fuel reactor 
(Section 5.6.1) and the calcination reactor (Section 5.6.2).  

5.6.1 Thermo-chemical analysis of the gas composition in the reactors  

The amount of metal oxide controls which reactions in the fuel reactor are 
dominant. More oxygen carrier means that more oxygen is in the reactor and 
consequently a fraction of the hydrogen will react to water (Reaction Eq. 5-5). Less 
oxygen carrier, therefore, increases the hydrogen production. However, less oxygen 
in the reactor leads to a reduced conversion of methane which must be avoided in 
order to achieve a high efficiency of the combustion. In this study, it was found 
that a ratio of three mol active nickel oxide to one mol methane gives a good 
conversion of methane and a good hydrogen production.  

Figure 5-4a shows the thermo-chemical equilibrium of the fuel reactor versus the 
temperature of reaction at 10 bar for hydrogen production in the classic CLC. 
From the diagram, it can be read that the concentration of hydrogen is highest at a 
temperature of about 750 °C. At increasing temperatures, the yield of hydrogen 
decreases while the concentration of carbon monoxide increases. The 
concentration of carbon dioxide follows the concentration of hydrogen. Since the 
desired products are carbon dioxide and hydrogen, a lower temperature is 
favourable. However, even when assuming thermo-chemical equilibrium, some 
methane will be left unconverted at 750 °C.  

By introducing calcium oxide in the fuel reactor, the gas composition at the 
equilibrium can be shifted. Figure 5-4b shows that in the temperature range of 
600 °C to 700 °C the gaseous phase consists of almost 50 % hydrogen while the 
rest is steam. All carbon is bonded as carbonate and removed from the gas phase. 
At a temperature above 700 °C calcination will start and CO2 will be released. Due 
to Reaction 5-7, carbon monoxide will also be formed. This result shows that an 
inherent separation of hydrogen and carbon dioxide is theoretically possible, if the 
required conditions in the reactors can be reached and the extended CLC can be 
heat balanced.  
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5.6.2 Requirements for the regeneration of the carbon carrier 

In the calcination reactor, a complete regeneration of the carbon carrier is desired. 
If some calcium carbonate enters the air reactor it will release its CO2 during the 
very exothermic oxidation of the nickel. In this case, all CO2 released in the air 
reactor will leave the process through the stack along with nitrogen and the excess 
oxygen. This means that an incomplete calcination will decreases the efficiency of 
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CO2 capture. One way to achieve a complete regeneration (if this is possible) is to 
increase the temperature in the calcination (TCR) and the other is to reduce the 
partial pressure of CO2 (PCO2,CR). The temperature in the calcination can be raised 
by increasing the stream of solids from the air reactor into the calcination and/or 
by increasing the temperature in the air reactor. PCO2,CR can be reduced by 
introducing steam in the calcination along with the calcium carbonate.  

Figure 5-5 shows the degree of regeneration F versus the ratio of the molar flowrate 
of steam into the calcination to the molar flowrate of calcium carbonate (RSCa) at 
various calcination temperatures (TCR). F is the molar fraction of regenerated 
carbon carrier. This means that at F equal to one all calcium carbonate has reacted 
to calcium oxide and all CO2 has been captured. If F is below one, for example, 0.8 
as in point A in Figure 5-4, some calcium carbonate will enter the air reactor and the 
maximum degree of CO2 capture can only reach 80 %. Point B in Figure 5-5 shows 
that at a temperature of 947 °C a steam to calcium carbonate ratio of RSCa equal to 
four will be sufficient to achieve a complete regeneration. For a temperature of 
905 °C a ratio of about 7.5 would be necessary (Point C in Figure 5-5).  

Figure 5-6 shows the saturation pressure of CO2 over calcium carbonate versus TCR. 
This is the partial pressure that exists in the gaseous phase over solid calcium 
carbonate, if equilibrium is assumed. Under these conditions the gaseous phase is 
saturated with CO2. This means that at a higher partial pressure, the calcium 
carbonate is stable and regeneration is impossible. By inserting points A and B 
from Figure 5-5 into Figure 5-6, one can see that the partial pressure of CO2 at 
950 °C must be less than two bar. This means that, at a total pressure of 10 bar, it is 
necessary to introduce at least 4 mole 
steam to release one mole CO2 from the 
calcium carbonate (therefore RSCa = 4 at 
point B in Figure 4). When the total 
pressure increases, the required amount of 
steam increases as well and, thereby, the 
reactor size and the heat demand for 
steam generation. In this study we found 
that a total pressure of 10 bar is the limit 
of feasibility in order to maintain a 
temperature of about 1050 °C as the 
maximum allowed temperature in the 
exCLC. 
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5.7 Results and discussion of the parametric study 
of the exCLC-STIG process 

The results from the parametric study are summarised in Sections 5.7.1 and 5.7.2 and 
Figure 5-7. All absolute figures in this chapter refer to an 800 MWth exCLC, i.e., 
one kilomole methane per second is used as feedstock. In Figure 5-7, the 
simulations where a second parameter was changed are marked with a yellow 
background. Section 5.8 contains an optimisation of the system for the production 
of hydrogen and electrical power. 

5.7.1 Impact of the steam to carbon carrier ratio during calcination 

Figure 5-7a shows the impact of the amount of steam that is injected into the 
calcination reactor in order to maintain a low CO2 partial pressure during 
calcination. The diagram shows the power, the hydrogen, the district heating and 
the thermal efficiencies versus RSCa. The y-axis on the right is the degree of 
capturing CO2 in the process. The fraction of captured CO2 increases when 
increasing RSCa, although the temperature in the calcinator decreases from 938 °C 
(when RSCa=0.6) down to 922 °C (RSCa=1.5). This is because the steam that comes 
from heat exchanger C1 enters the calcinator at 700°C which cools the reactor. 
Figure 5-7a shows that the diluting effect of increasing RSCa has a stronger impact on 
the degree of CO2 capture than its cooling effect. 

When increasing RSCa, the thermal efficiency decreases slightly, with an increase in 
ηH2 offsetting a decrease in ηP. This occurs because the more steam that enters the 
calcination reactor, the more steam passes the vapour compression, which 
consumes some of the generated electrical power. This means the degree of CO2 
capture increases at the cost of power efficiency. The increase of the hydrogen 
efficiency occurs because less hydrogen is consumed in the topping combustion. 
The reason for this is a lower temperature of the oxygen and carbon carrier after 
calcination when RSCa is high. The lower temperature of the solid stream after 
calcination leads to a reduced combustion-air flow into the air reactor, because less 
air is required to cool the exothermic oxidation of the oxygen carrier. Therefore, 
less gas, which has to be heated by top-firing, will enter the topping combustion; 
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thus, less hydrogen is needed in the topping combustion. The hydrogen that is 
saved increases the hydrogen efficiency slightly.  

In the process, the waste heat in the hydrogen stream and the turbine exhaust are 
used for generating district heating. The efficiency of district heating in this case is 
about 18 %  and it is fairly constant over the studied range of RSCa.  
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Figure 5-7. Results of the parameter study. The first y-axis shows the 
thermal efficiency (ηth), the power efficiency (ηP), the hydrogen efficiency 
(ηH2), and the efficiency of district heating (ηDH). The y-axis on the right 

shows the degree of CO2 capture (DCO2). 
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It can be concluded that increasing RSCa is a very efficient way to improve the 
degree of CO2 capture and it favours hydrogen production. However, if a high 
power efficiency is desired, RSCa should be kept as small as possible. 

5.7.2 Impact of the amount of solids circulating between the air reactor 
and the calcination reactor 

In Figure 5-7b, f is the independent variable which controls the flowrate of inert 
solids into the calcination reactor. The studied efficiencies are only a little affected 
by increasing the rate of particle circulation between the air and the calcination 
reactors, except that the efficiency of district heating increases by 10 percentage 
points and that the degree of CO2 capture increases from 60 % to 96 % over the 
studied range. The reason for this is the rising temperature in the calcination (TCR) 
which increases from 924 °C to 955 °C when f increases from 7 to 16. However, 
the disadvantage of increasing the efficiency of CO2 capture by increasing the 
circulation rate is the increasing size of the air and calcination reactors. For an 
800 MWth exCLC, the mass flowrate of the carrier materials into the calcination 
reactor will increase from 2300 kg/s to 5800 kg/s over the studied range of f. 
Depending on the reactor construction, the feasible circulation rate will be limited. 
Moreover, more particles are necessary for operating the cycle, which will increase 
the costs. However, f is an effective parameter for controlling the temperature in 
the calcination reactor without affecting RSCa. 

5.7.3 Impact of the temperature in the air reactor 

Figure 5-7c shows the impact of raising the temperature in the air reactor. The 
thermal efficiency is almost constant at 52 % over a temperature range of 1000 to 
1080 °C. However, the degree of CO2 capture increases from 55 % at 1000 °C to 
96 % at 1080 °C. The strong impact of TAR on the degree of CO2 capture comes 
from the induced increase of both RSCa and TCR, which is favourable for the 
regeneration of the carbon carrier. The diagram indicates that 96 % of CO2 capture 
is the maximum that can be achieved. The final 4 % of CO2 cannot be captured 
because the temperature in the fuel reactor (732 °C) is too high to allow all CO2 to 
be absorbed by the carbon carrier (Figure 5-4b in Section 5.6.1). This means the 
produced hydrogen contains some CO2, of which a part escapes from the process 
via the topping combustion.  

Figure 5-7c shows another feature of the system. It is possible to optimise the 
process for hydrogen production or for power production. A lower temperature in 
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the air reactor favours the power efficiency, because the gas flow through the 
cyclone and therewith through the turbine expander is larger. In this way, however, 
more hydrogen is consumed in the topping combustor, which decreases the 
hydrogen efficiency. If the temperature in the air reactor is higher, less hydrogen is 
required for top-firing and therefore more hydrogen can be saved in the process. 

The figure also shows an increased production of district heating when the 
temperature in the air reactor is raised to 1040 °C. This occurs as the oxygen factor 
in the air reactor is reduced because less heat has to be removed from the air 
reactor. The decreasing oxygen factor in the air reactor, however, is also a limiting 
parameter for the amount of steam that can be injected into this reactor. If the 
oxygen factor were to fall below one, not all nickel will be re-oxidized leading to 
less oxygen transport, and the thermal capacity of the exCLC will be reduced. In 
order to extend the feasible temperature range, the steam injection into the air 
reactor can be decreased while more steam is injected into the fuel reactor. 
Therefore, the flowrate of steam into the fuel reactor was set to 30 kg/s in this 
simulation series instead of 10 kg/s, as in the base case. If TAR increases above 
1040 °C, ηDH decreases, because of an increased demand for steam in the gas-solid 
heat exchanger (HX in Figure 5-3). This means more heat is consumed in the 
economizer (A3 in Figure 3-3) which leaves less heat for district heating. 

It can be concluded that increasing TAR is an efficient way of improving CO2 
capture while retaining a high thermal efficiency. However, if electrical power is the 
desired product, then TAR should be chosen as low as possible. Moreover, the 
material of the cyclones should be considered as the limiting factor for the 
temperature. 

5.7.4 Effect of the temperature of the topping combustor 

The temperature of the topping combustion is an effective parameter to shift the 
degree of efficiency between hydrogen and power production. Figure 5-7d shows 
that, starting from the base case, the hydrogen efficiency increases from about 
25 % to 40 % when no top-firing is used. The hydrogen efficiency increases even 
more than the power efficiency decreases; thus, the combined hydrogen and power 
efficiency (ηth) increases from 52 % to 54 % when no top-firing is used. However, 
without top-firing the power efficiency will only be about 18 %.  
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5.7.5 Effect of introducing steam to the fuel reactor 

Injecting steam into the fuel reactor seems to have no positive effect on the cycle’s 
efficiencies (Figure 5-7e). Moreover, the degree of CO2 capture decreases from 70 % 
if no steam is added into the fuel reactor (RSM = 0) to 40 %, when RSM is equal to 
three. The decrease of CO2 capture is caused by a reduction of RSCa. Due to the 
increased steam flow into the fuel reactor, less steam is required to cool the solids 
entering the fuel reactor. This reduces the RSCa value in the calcination reactor, thus, 
the partial pressure of CO2 in the calcination increases which leads to an 
incomplete regeneration of the carbon carrier.  

Despite the negative effects of increasing RSM on the efficiencies, it might be 
necessary to introduce some steam into the fuel reactor in order to avoid the 
formation of carbon on the particles. The conditions in the fuel reactor will be 
similar to those in steam reforming where an RSM of at least 1.7 is recommended 
(Twigg, 1989). This would lead to a CO2 capture of only 55 % which is not 
sufficient. Some of the other parameters have to be changed, for example, the 
temperature in the air reactor. From Figure 5-7c, in which RSM was equal to 1.9, it 
can be seen that a temperature in the air reactor of 1060 °C would be sufficient to 
achieve the maximum possible CO2 capture at a thermal efficiency of 52 %. 

5.7.6 Impact of the oxygen carrier’s reactivity on cycle performance  

If the particle reactivity decreases, the circulation rate of solids through the fuel 
reactor and the calcination reactor will increase. This has a positive impact on CO2 
capture and heat production (Figure 5-7f). Since more steam is required in the HX to 
maintain 732 °C in the fuel reactor, more steam enters the calcination reactor and 
RSCa increases. A second reason is that TCR increases because of the increased 
flowrate of solids from the air reactor. The increase of ηDH can be explained by 
reduction of the oxygen factor. Less air is required in the air reactor because of the 
larger amount of solids that has to be heated by the oxidation reaction. For z equal 
to 0.6 and 0.7, the oxygen factor will fall below one if the steam fraction in the air 
reactor is not decreased by increasing the steam flowrate into the fuel reactor. If z 
is larger than 0.7, more parameter have to be changed in order to achieve 1000 °C 
in the air reactor, for example, reducing f. Nevertheless, this indicates that the 
inactive fraction of the oxygen carrier should be far below 0.7. 
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5.8 Optimisation of the system  

The results from Sections 5.7.1 to 5.7.6 can be used to optimise the tri-generation 
process for either power generation or hydrogen production. Table 5-2 shows the 
results of an optimisation of the power and the hydrogen efficiencies. The table 
shows the settings of the input parameters and the results of the efficiencies.  

 
Table 5-2. Results of an optimisation of the power and the  

hydrogen efficiencies 
Input Parameter Results of efficiencies [%] optimised

efficiency f TAR TTC RSM RSCa z ηP ηH2 ηth ηCO2 ηDH 

ηP 12 1000 1200 1.9 0.67 0.5 24 23 47 95 27 
ηH2 10 1040 1040 1.9 0.64 0.4 14 40 54 96 25 
ηP

1) 10 1000 1200 1.9 0.9 0.4 34 3 37 96 542) 

1)  The fraction of active oxygen carrier is increased so that less hydrogen is produced in the 
fuel reactor. 

2)  The supply temperature for district heating  is reduced from 80°C to 70°C. 

 

ηP has been optimised by increasing f to 12 and z to 0.5; TAR and TTC are kept 
constant from the base case. RSM was set to 1.9 in order to avoid carbon deposits 
on the particles in the fuel reactor. The results show that a power efficiency of 
24 % can be achieved while the hydrogen efficiency is 23 % and the degree of CO2 
capture is 95 %. A further increase of the power efficiency could be possible by 
increasing the amount of active oxygen carrier in the fuel reactor (case ηP

1) in Table 
5-2). However, even less hydrogen would be produced and the thermal efficiency 
(ηth) would fall below 40 %. 

When optimising the process for hydrogen production, a high thermal efficiency of 
about 54 % may be achieved. The hydrogen efficiency will be 40 % while the 
power efficiency decreases to 14 %. If hydrogen is the desired product, the topping 
combustion can be removed. In order to keep the degree of CO2 capture above 
95 %, it is necessary to increase TAR to 1040 °C. These settings are also an 
optimisation for the thermal efficiency, given that a high degree of CO2 capture is 
required and TAR should be as low as possible in order to facilitate the reactor 
design. 
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From Table 5-2 one can read that the total efficiency of the system (ηth + ηDH) is 
about 75 %, if the supply-temperature for the district-heating net is set to 80 °C. 
The total efficiency can be improved by lowering the output temperature for the 
district heating from 80 °C to 70 °C, for example. Figure 5-8 shows the temperature 
profile of the heat recovery with heat exchangers A4 and B2 for district heating. 
One can see that the output temperature of the exhaust gas after A4 is high above 
80 °C, which would be enough to produce more district heating. The dew-point of 
the exhaust gas, however, is too low to produce this district heating at a supply 
temperature of 80 °C. Further calculations showed that at a supply temperature of 
70 °C a total efficiency of over 90 % is possible (case ηP

1) in Table 5-2).  

 

 

 

Figure 5-8. Results of the heat recovery if ηP is optimized. Q is the exchanged 
heat per kilo mole methane per second and the heat exchangers Ai, Bi, and Ci 

can be found in Figure 5-3. 
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6 Integration of a steam-based gasification in 
an evaporative gas turbine cycle (EvGT-BAT) 

This chapter contains the study of the EvGT-BAT (evaporative biomass air 
turbine) process with a steam-based gasification of biomass. The process is 
described in Section 6.1and the model of the gasifier implemented in Aspen Plus® is 
explained in Section 6.2. Section 6.3 presents the results of a performance analysis and 
in Section 6.4 some advantages with EvGT-BAT compared to available integrated 
gasification combined (IGCC) cycles. This chapter is based on studies published in 
Papers V and VI. 

6.1 Description of the EvGT-BAT process 

Figure 6-1 shows the steam-based gasification integrated in a previous studied 
process introduced in Section 2.3.3. A screw feeder transports the biomass feedstock 
into a carrier gas injector. The carrier gas is a high temperature product gas, which 
is accelerated and slightly pressurised by a compressor (not illustrated in Figure 6-1). 
The carrier gas conveys the biomass very rapidly through an entrained flow tubular 
reactor. The mixture of product gas and biomass that enters the gasifier is heated 
up to about 800°C in less than 1 sec. Under these conditions flash pyrolysis occurs. 
After the pyrolysis, the gaseous products are separated from the pyrolysis char by a 
cyclone and the char is transported into the SFC. The stream of gaseous products 
is divided into a recycle stream, which flows back into the carrier gas injector, and 
the product gas stream. The produced fuel gas stream is cooled and passes a gas 
cleaning system and, if necessary, a water knock out unit. Since the gasifier 
suggested in this work operates close to atmospheric pressure, the fuel gas has to 
be compressed before it can be fed into the topping combustor. The fuel gas leaves 
the gasifier at about 800 °C, is cooled down to 40 °C and then compressed to 
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12 bar. After compression, the fuel gas of 12 bar and about 130 °C is used for fop-
firing. Heat from the fuel gas cooler is recovered for preheating the fuel gas stream 
after the compression and preheating the combustion air for the HITAF. 

Fig. 6-1. Flowsheet of the EvGT-BAT cycle 

C = compressor, T = turbine expander, G = generator, IC = intercooler,
AC = aftercooler, HT = humidification tower, RC = recuperator, PH = preheater,

ECO = economizer, HAHx = humid air heat exchanger,
HTHx = high temperature heat exchanger, SFC = solid fuel combustion,

SBG = steam-based gasification, SGC = synfuel cooler, GC = gas cleaning/
cooling/ water knock out , M = motor, SGC = Syngas compressor
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6.2 Method and assumption 

6.2.1 Simulation of the steam-based gasification of biomass 

Figure 6-2 shows how the steam-based gasification process is simulated in Aspen 
Plus®. The biomass is heated to 400 °C (heater B1 in Figure 6-2) by using heat from 
the SFC (heater S1 in Figure 6-2). The conversion of biomass to fuel gas is 
simulated by a so called "yield reactor". In this unit the gas composition and the 
fraction of char is inserted manually considering the mole balance of the substances 
carbon, oxygen and hydrogen. The resulting fuel gas composition after a water 
knock out, is shown in Table 6-2. The gas composition is adjusted to the results 
published in Paper V. After the yield reactor the pyrolysis char is separated from the 
fuel gas into a char stream and a fuel gas stream. Both streams are heated to 
800 °C, which is the final temperature in the gasifier (heater B2 and B3). The 
moisture content of the biomass in the gasifier is simulated by mixing steam to the 
fuel gas (Mixer). The required heat for the steam generation is taken from the SFC 

Splitter

Mixer

Water Dry biomass

B1
S1

S2

S3

M1

SFC

HTHx

SFC

B2
B3

500 C

15 C

400 C

400 C

800 C

15 C

800 C

Material
Heat

Figure 6-2. Scheme of the Aspen Plus®  model of the gasifier 
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(heaters M1 and S2). The devolatilisations energy is considered as heat loss in 
heater S2.  

The devolatilisations energy for the pyrolysis process is calculated by an energy 
balance over the pyrolysis (Table 6-1). The LHV for the moist biomass is calculated 
using Eq. 6-1, where LHV* is the LHV of dry biomass in MJ/kg, γw is the water 
fraction by weight and γA is the ash fraction by weight. The value for LHV* in this 
work referrers to forest wood and is 16.66 MJ/kg. The ash fraction is set to 0.005 
(Beahr, 1989).  

 
( ) ( )AwC25 1*LHVLHV γ−γ−⋅=°  6-1 

 

The LHV of the produced fuel gas and the char are calculated with Aspen Plus®. In 
the model, the pyrolysis char consists only of carbon with an LHV of 32.8 MJ/kg. 
Assuming a char fraction of 9.6 wt% the required devolatilisation energy is 2 
MJ/kg biomass. Further Input data for the performance analysis is summarized in 
Table 6-2. 

 
Table 6-1. Energy balance over the pyrolysis process 

 LHV [MJ/kg] [wt%] [MJ/kgBiomass] 
Biomass (50 water) 8.25  8.25 
Fuel gas1) - 7.85 90.4 - 7.10 
Char2) - 32.8 9.6 - 3.15 
Devolatilisation energy   - 2.00 

1) wet gas comosition [wt%]: CO = 28; H = 1; CO2 = 7; CH4 = 5; C2H4 = 3;  
 H2O = 55;  N2 = 1 
2) 100 % carbon 
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Table 6-2. Assumption for the performance analysis 

Inputs for Gas turbine  Economizers  
Compressor  Cold side pressure loss [%] 2 

Inlet pressure loss [%] 0.01 Hot side pressure loss [%] 1 
Pressure ratio [13.6] 13.6 Mini. temp. difference [°C] 10 
Isentropic efficiency [-] 0.88   
  Stack  

Topping combustor  Min. stack temperature 100 
Pressure loss [%] 3 Pressure [bar] 1.013
Outlet temperature [°C] 1100   
  Inputs for the biomass 

combustion system 
 

Turbine  Solid fuel combustion  
Isentropic efficiency [-] 0.90 Excess air ratio 1.3 
Pressure loss [%] 1   
Mechanical efficiency [%] 0.98 High temp. heat exchanger  
Generator efficiency [%] 0.99 Max outlet humid air 

temperature [°C] 
900 

  Cold side pressure loss [%] 3 
Inputs for the HR  Hot side pressure loss [%] 3 

Intercooler  Mini. temp. difference [°C] 50 
Cold side pressure loss [%] 2   
Hot side pressure loss [%] 1 Gasifier  
Minimum temp. difference [°C] 10 Final gasification temperature 

[°C] 
80 

  Pressure loss [bar] 0 
Aftercooler    

Cold side pressure loss [%] 2 Biomass composition  
Hot side pressure loss [%] 1 Moisture content [wt%] 50 
Minimum temp. difference [°C] 10 Elements [wt%]  

  C 50 
Humidification tower  O 44 

Pressure loss [%] 4 H 6 
Min. temp. difference of outlet 
water to wet-bulb point [°C] 

10   

Outlet air state saturated Dry fuel gas composition  
  CO 50 

Recuperator  H2 19 
Cold side pressure loss [%] 2 CO2 8 
Hot side pressure loss [%] 1 CH4 16 
Minimum temp. difference [°C] 10 C2H4 6 
  H2O 0 

Combustion air preheater  N2 1 
Cold side pressure loss [%] 3   
Hot side pressure loss [%] 3 Char composition   
Min. temp. difference [°C] 30 Carbon fraction [wt%] 100 
Inlet air temperature [°C] 15   
Relative humidity [%] 60   
Pressure [bar] 1.013   
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6.3 Results and discussion of the performance 
analysis 

A process study including the effects of moisture content and temperature of the 
HTHx on the electrical efficiency and the mass flowrates into the gasifier and the 
SFC has been conducted. Figure 6-3 shows the electrical efficiency of the EvGT-
BAT process at various temperature of the HTHx and at different water-to-air 
ratios. The moisture content of the biomass used in the gasification is 20 wt% 
(Figure 6-3a) and 50 wt% (Figure 6-3b). The moisture content of the biomass burned 
in the SFC is in all cases 50 wt%. A comparison of Figure 6-3a and b reveals the 
effect of the biomass' moisture content on the electrical efficiency. The efficiency 
of the process is between 38.5 % and 41 % if biomass with 20 wt% moisture 
content is used. The efficiency is about 2.5 percentage points lower if biomass with 
50 wt% moisture is used as in the SFC. The reason is that more biomass is required 
in the SFC to evaporate the water in the biomass passing through the gasifier. The 
generated steam is then condensed before the gas cleaning and its latent heat is lost. 
The system could be improved by using a part of the heat to increase the water-to-
air ratio as shown in Paper VI. A significant increase in electrical efficiency can be 
achieved by using dry biomass also for the SFC as shown in Paper VI . 
Alternatively, the waste heat could be used for district heating.  
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Figure 6-3. The electrical efficiency of the EvGT-BAT process versus the 
HTHx temperature and the water-to-air ratio. The moisture content of the 

biomass used in the gasifier was 20 wt% in a) and 50 wt% in b). 

b)a) 
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From Figure 6-3 can also be seen that the effect of the HTHx temperature on the 
electrical efficiency changes if drier biomass is used. In Figure 6-3a, the efficiency 
increases if the HTHx temperature decreases by a constant water-to-air ratio and, 
in Figure 6-3b, the efficiency decreases if the HTHx temperature decreases. The 
water-to-air ratio is varied to optimise the heat recovery; thus, the exhaust streams 
from the SFC and the one from the gas turbine have a temperature close to 100 °C. 
Figure 6-3a shows an optimum water-to-air ratio of 0.23 if the HTHx temperature is 
900 °C, of 0.21 if the HTHx temperature is between 800 °C and 900 °C and of 
0.20 if the HTHx temperature is between 700 °C and 800 °C. The figure indicates 
that studying more water-to-air ratios would show that also for the dry biomass a 
higher HTHx temperature is recommended. This result shows that the temperature 
in the HTHx should be as high as possible especially if dry biomass is not available. 
The reason is that in the EvGT-BAT, the gasifier is installed within the SFC and if 
the HTHx temperature is low, more fuel gas is needed for top firing to heat the 
humidified air up to 1100 °C. If more fuel gas is needed, more biomass has to be 
gasified and consequently more biomass is consumed in the SFC. If the biomass 
for the gasifier has a high moisture content, more water has to be evaporated which 
leads to a further increased heat loss in the gas cleaning unit. Additionally, the 
biomass used in the SFC contains 50 wt% water which must be evaporated in the 
SFC and all its heat of evaporation is lost because the exhaust gas from the SFC 
leaves the process at 100 °C, which is above the dew point.   

Figure 6-4 shows the specific power output of the EvGT-BAT process versus the 
HTHx temperature. From a comparison of Figures 6-4a and b one can see that a 
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Figure 6-4. The specific power output of the EvGT-BAT process and 
the mass flowrates of biomass versus the HTHx temperature. The 
moisture content of the biomass used in the gasifier was 20 wt% 

in a) and 50 wt% in b) 

a) b)
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higher moisture content results in a larger specific power output. The higher the 
water-to-air ratio, the larger the specific power output. The curves of the biomass 
flowrates confirm that a higher moisture content results in an increased demand on 
biomass input for both the gasifier and the SFC which also means that more heat is 
available in the heat recovery. 

Figure 6-4a and b also shows that the ratio of flowrates into the gasifier and the SFC 
can be changed by increasing the HTHx temperature from 700 °C to 900 °C. At a 
HTHx temperature of 900 °C, the biomass flowrate into the SFC is more than 
twice that in the gasifier. At lower temperature, more biomass is needed in the 
gasifier than in the air SFC. However, it will become increasingly complicated to 
design the SFC, if the size of the gasifier increases while the feedstock into the SFC 
decreases. This discussion indicates that it is not possible to decrease the HTHx by 
much. Furthermore, the investment cost for the gasifier, the fuel gas compressor, 
the fuel gas cooler and the cleaning unit will also rise if the fuel gas demand and 
consequently the dimensions of the gasifier increase.   

6.4 Advantages with EvGT-BAT compared to IGCC 

The EvGT-BAT cycle is an approach to use commercially available equipment as 
much as possible and new technologies only if necessary. For example, combustion 
occurs in a conventional atmospheric furnace. By using top-firing to increase the 
turbine inlet temperature, the temperature of the high-temperature heat exchanger 
(HTHx) can be selected in a reasonable temperature range based on the 
development of the material and manufacturing technique. Moreover, due to the 
application of the EvGT concept, no expensive bottoming steam cycle is required.  

The gasification of biomass to produce the additional fuel for the topping 
combustion is a simple pyrolysis process, which does not require a high conversion 
rate from biomass to gaseous fuel because the unconverted char can be further 
used in the SFC. Additionally, In comparison to IGCC, the EvGT-BAT system 
requires a smaller flowrate of fuel gas to heat the compressed air to the turbine inlet 
temperature. This has two reasons: 

• In the EvGT-BAT process less heat is needed in the topping combustion 
than in the turbine combustor in IGCC, because the combustion air that 
enters the topping combustor has a much higher temperature after the 
HTHx than the compressed air in IGCC has when it enters the turbine 
combustor. 
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• The heating value of the fuel gas produced in the steam-based gasification 
process is about 16 MJ/Nm3 if a water knock out unit is used (Paper V). 
In standard IGCC, if the fuel gas is produced by partial oxidation its LHV 
is only 5 - 6 MJ/Nm3.  

The high investment cost for gasification in IGCC is one of the obstacles for 
adopting this technology in commercial applications. The concept of EvGT-BAT 
will reduce the size of the gasifier. Figure 6-5 shows an initial comparison of the 
flowrate of fuel gas that is needed in the topping combustor in EvGT-BAT to the 
flowrate of fuel gas that is needed in the turbine combustor in an integrated 
gasification combined cycle (IGCC) using an air-blow gasifier. The columns in 
Figure 6-5 are based on the fowrates shown in Figure 6-4a for the EvGT-BAT 
system. For IGCC it has been assumed that the total flow of biomass is converted 
into an fuel gas with an LHV of 5 MJ/Nm3. It can be seen that in EvGT-BAT the 
required flowrate of fuel gas can be reduced by the factor 11, if an HTHx 
temperature of 900 °C is possible. If the HTHx temperature is only 700 °C the 
required fuel gas flowrate in EvGT-BAT will still be 6.5 times smaller than in 
IGCC.  

 

 

 

Figure 6-5. Comparison of the fuel gas volume flow into the 
combustor in EvGT-BAT at different HTHx temperature and in 

IGCC using an air-blown gasifier 
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7 Concluding remarks 

7.1 Chemical looping combustion 

The studies with chemical looping combustion (CLC) have addressed the question 
of weather CLC can be a competitive alternative for CO2 capture in natural gas-
fired power plants. This question has been investigated on three levels: the process, 
the reactor and the oxygen carrier. Additionally, the possibility of hydrogen 
production and purification with an extended CLC has been studied: 

 

The process 

• A new natural gas-fired power cycle with CO2 capture should have an 
thermal efficiency over 50 % (based on the lower heating value) while the 
degree of CO2 capture should be at least 90 % in order to compete with 
existing technology.  

• Capturing CO2 from a combined cycle using a turbine inlet temperature of 
1200 °C, a pressure ratio of 13 bar and a tri-pressure reheat bottoming steam 
cycle is a promising application for CLC. Potentially this process achieves an 
electrical efficiency of 52 % to 53 % while almost 100% of the produced 
CO2 is captured and compressed to 110 bar. 

• Expanding the CO2/H2O stream coming from the fuel reactor with an 
additional CO2 expander is not recommended, because the gained power will 
be needed for compressing the CO2 for final storage.  
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• Regarding the competitiveness of CLC, top-firing with additional natural gas 
is only a short-term solution to overcome temperature limitations in CLC, 
because future combined cycles with post-combustion CO2 capture (e.g., 
chemical absorption with monoethanolamine) will probably also reach an 
efficiency above 50 %, while providing a similar degree of CO2 capture as 
CLC with top-firing.  

 

The CLC reactor 

• In order to use the high potential of the combined cycle with CLC, the 
reactor must withstand a temperature of 1200 °C, a pressure of 13 bar and 
achieve a fuel conversion of almost 100 %. Additionally, the reactor must 
realise the circulation of large mass flowrates of particles and the separation 
of them from the gas flow in order to protect the gas turbine. Moreover, gas 
leakage between the fuel and air reactor must be avoided to realise a 
complete CO2 capture. 

• An atmospheric dual fluidised-bed reactor system suggested in previous 
studies has been further developed for using CLC in a combined cycle. This 
reactor system is installed in a pressure shell and comprises a riser (air 
reactor), a cyclone system and a stationary fluidised bed (fuel reactor). An 
important parameter for the CLC reactor is the maximum possible flow of 
oxygen carrier. A maximum theoretical possible flowrate from the air reactor 
into the fuel reactor of 5 to 6 t/s has been calculated for such a reactor with 
a thermal capacity of 800 MW. The diameter of the pressure shell is about 20 
meters and the height of it may be between 25 and 30 metres. 

• A disadvantage with this layout is a large diameter of the fuel reactor. The 
large diameter is necessary to keep the gas velocity low enough to prevent 
the particles from being transported out of the reactor. Therefore, a second 
interesting reactor layout has been studied including two cyclone systems, 
one for the air reactor and a smaller one for the fuel reactor. This concept 
enables a more compact construction of the CLC reactor resulting in 
significant  material savings for the pressure shell. The diameter of the 
pressure shell can be reduced to 16 to 17 metres for CLC reactor of 
800 MW. 

• The concept of two interconnected pressurised fluidised bed reactors may be 
a possible design to realise CLC. However, current PFBC technology, which 
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is similar to the technology required for an IPFBR, operates under 1000°C. 
The implications of increasing the temperature have to be investigated. 

 

The oxygen carrier  

• In order to use the potential of the combined cycle with CLC, the oxygen 
carrier particles must withstand a temperature of 1200 °C while they are 
exposed to great mechanical stress in the CLC reactor. The particle velocity 
may be above 15 m/s at the inlet of the cyclone system. Additionally, the 
reactivity must be sufficient and the capacity for transporting oxygen must 
not be too low, because of the limitation of the flow of oxygen carrier in the 
CLC reactor.  

• A new diagram for mapping the CLC reactor parameters (CLC-PM) has 
been developed. The CLC-PM diagram can be seen as an interface between 
the process, the reactor and the particles of oxygen carrier. It seems to be a 
good tool to identify the requirements for the particles that are necessary to 
realise CLC in the CLC reactor  and the chosen process. The impact of the 
oxygen carrier’s properties on the system’s efficiency and the reactor design 
can be quickly identified. 

• Iron-based oxygen carriers were investigated as a possible alternative to 
nickel-based oxygen carriers. The conclusion is that, if the conversion degree 
of hematite stabilised with 40 wt% aluminium oxide is over 60%, and the 
operating temperature is not limited to under the desired TIT (e.g., 1200°C), 
this oxygen carrier might be an alternative to nickel oxide, which apparently 
is a suitable material for CLC. Since pure hematite cannot operate in 
temperatures above 900 °C, it is probably no option as oxygen carrier if CLC 
is used in a combined cycle. 

 

Hydrogen production and purification in exCLC: 

• Co-generation of electrical power and hydrogen is a promising new 
application for CLC, even if the temperature in the air reactor cannot be 
raised over 1050 °C. The produced hydrogen can be traded as a valuable by-
product or can be used in the process itself for top-firing. 
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• A novel process is developed, in which hydrogen is not only produced but 
also purified. The process applies steam injection instead of a bottoming 
steam cycle. The core process of this concept is an extended CLC 
comprising three reactors, an air reactor, a fuel reactor and a calcinator. 
Additionally to the oxygen carrier, a carbon carrier circulates between the 
tree reactors. The process tri-generates electrical power, hydrogen and 
district heating with a thermal efficiency of over 50 % and an degree of CO2 
separation of 95 %. 

• Experiments are required to confirm the results of this study and to find 
suitable compositions of oxygen and carbon carrier particles. It may be 
necessary to develop special particles for both oxygen carrier and carbon 
carrier for application in the exCLC. 

 

7.2 Steam-based gasification in EvGT-BAT 

A new power process for biomass feedstock has been suggested. The process is 
denoted as EvGT-BAT and integrates three technologies, steam-based gasification 
of biomass (SBGoB), externally-fired gas turbine (EFGT) cycles and evaporative 
gas turbines (EvGT) cycles. A special feature of the presented EvGT-BAT process 
is that the steam-based gasification is conducted in an entrained-flow tubular 
reactor that is installed in a solid fuel combustion chamber as a heat exchanger.  

The process converts solid fuel such as biomass into electrical power with a 
thermal efficiency of almost 41 % if half of the biomass has a moisture content of 
20% and the other half has a moisture content of 50 %.  

A comparison between the required fuel gas generation for IGCC and the 
presented EvGT-BAT system shows that the EvGT-BAT system has a great 
potential to reduce the size of the gasification unit.  

A key component in this concept is a high temperature heat exchanger, in which 
humid combustion air is heated before it is used for top-firing. For this unit it can 
be concluded that the temperature should be as high as possible in order to reach a 
high electrical efficiency if all biomass has a moisture content of 50 wt%. However, 
if the biomass used in the gasifier has a moisture content of 20 wt% almost the 
same efficiency can be reached whether the HTHx temperature is 900 °C or 
650 °C.  
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8 Recommendations for further research 

8.1 Chemical looping combustion 

Recommendation for continued process studies 

It is necessary to estimate the investment cost and the variable costs for a power 
plant with CLC. Therefore, a process should be studied that applies a commercial 
gas turbine. For the process, this means that steam has to be injected into the air 
reactor in order to provide the same ratio of gas flowrates trough the gas turbine's 
compressor and expander as the gas turbine is designed for. This is necessary, 
because in CLC no combustion gases pass through the turbine expander. On the 
contrary, the flowrate through the expander is reduced because a partial flow of 
oxygen is removed from the combustion air and transported into the fuel reactor 
by the oxygen carrier. Today's gas turbines are not designed for these conditions 
and initial studies on the required process changes indicated that the electrical 
efficiency will decrease somewhat if these changes are applied to a natural gas-fired 
combined cycle with CLC for CO2 capture.  

Off-design is a very important mode of operation. Therefore, the behaviour for a 
power plant using CLC should be investigated when the mode of operation is 
shifted from the design point into off-design. Especially interesting will be the fuel 
reactor, if designed as stationary fluidised bed, because in part-load operation the 
fuel gas flowrate into the fuel reactor will be reduced which leads to a reduced 
superficial gas velocity and this may have a strong impact on the fluidisation. A 
question will be how much fuel cut is allowed before the stationary fluidised bed 
stops operating properly.  
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To model the dynamic behaviour of a CLC reactor is an interesting subject for 
continued research. Since natural gas-fired power plants are often used for peak-
load supply, it would be desirable that NGCC plants with CLC provide this 
possibility. Therefore, it is important to study start-up procedures and other types 
of mode switching by including the dynamic of a CLC reactor. 

Due to the porosity of the oxygen carrier, gas will be enclosed in the particles when 
they circulate between the two reactors. This will lead to a leakage of CO2 into the 
air reactor when the oxygen carrier circulates from the fuel reactor back into the air 
reactor. In the same way, nitrogen will leak into the fuel reactor. The impact of this 
unwanted gas transport on the degree of CO2 capture should be investigated. 

 

Recommendation for further research on the CLC reactor 

This thesis showed the importance of the temperature in the air reactor for CLC to 
be competitive on the power market, regarding efficiency and degree of CO2 
capture. It is important to find the maximum possible temperature in a real CLC 
reactor, because this is important for the choice of a process.  

 

Recommendation for further research on oxygen carrier 

Nickel oxide has been found to be the most promising material for CLC. However, 
it is an expensive material and can be hazardous to personnel. In this thesis, a new 
tool (CLC-PM) has been developed that facilitates the evaluation of whether a new 
oxygen carrier particle is suitable for CLC or not. New oxygen carrier particles 
should be evaluated by considering the process requirements. 

 

Further applications for CLC 

Since it has been shown that CLC provides the possibility of hydrogen production, 
numerous conceivable process alternatives are interesting to study including, for 
example, combined cycles and supercritical steam cycles. A problem is the 
separation of hydrogen and CO2 in most process alternatives. This problem is 
known from hydrogen production using steam reforming processes. However, in 
hydrogen production with CLC the partial pressure of CO2 is higher, which may 
open new ways for the separation.  
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In this thesis a novel tri-generation process for hydrogen, power and heat 
generation has been develop. The power generation part of the process is based on 
a steam-injected gas turbine cycle which leads to a relatively low electrical efficiency 
compared to a combined cycles or an evaporative gas turbine (EvGT) cycle. 
Therefore, process studies with other power cycles integrated with extended CLC 
will be interesting.  

A breakthrough for CLC might be the possibility to use CLC for CO2 capture from 
coal-fired power plants. For this application a gasification process using as gasifying 
agent a re-cycled partial flow of the CO2/H2O stream from the fuel reactor would 
be an interesting option. In order to reach a complete coal conversion, additional 
oxygen can be added into the gasifier. The oxygen can be produced in an air 
separation unit as discussed in the oxy-fuel concept for coal-fired power plants. An 
investigation of this process idea may show that less oxygen is needed in the 
process with CLC and gasification than in an oxy-fuel process, which could lead to 
a higher efficiency. 

8.2 Steam based gasification in EvGT-BAT 

Further studies should focus on a detailed investigation of the entrained-flow 
tubular reactor installed in the SFC. The required surface for the heat exchange 
from the furnace into the gasifier has to be determined. This is essential for the 
EvGT-BAT concept, because the electrical efficiency of the EvGT-BAT process 
will decease if the conversion from biomass to fuel gas decreases. This holds 
although the char can be used in the SFC.  

 





9 Acknowledgement 

 99

 

9 Acknowledgement 

First, my heartfelt thanks go out to Anna, my wonderful wife, for helping me 
through this last period filled with deadlines, writing and moving. Thank you for 
being by my side! 

To Professor Jinyue Yan, my supervisor, who gave me the chance to work on such 
an interesting project and guided me through these years. Thank you for many 
encouraging discussions and those many late hours you spent on reading my 
papers. 

To Doctor Marie Anheden, my co-supervisor, who spent her spare time to read my 
papers. I'm grateful for all your comments especially those concerning technical 
details. 

To all my colleagues at Energy Processes. It has always been a pleasure to be at EP 
including all travelling, spexing and coffee drinking. All the exchanges of ideas and 
experiences are greatly appreciated. Special thanks goes to Mike who did most of 
the language correction on my papers during the last years. 

To the Swedish Energy Agency (Statens Energimyndighet) who made this work 
possible through their financial support. I always enjoyed the yearly conferences, 
where I got new inspiration and energy for the following year.  

And last but never least, I would like to thank my family for all the support I have 
received and for providing the stimulating environment in which I grew up. 

 

 





10 References  

 101

10 References 

Abanadis, J.C., 2002, The maximum capture efficiency of CO2 using a carbonation/ 
calcination cycle of CaO/CaCO3, Chemical Engineering Journal, 4093, 1-4.  

Adánez, J., Diego, L.F., Garcia-Labiano, F., Gayán, P. and Abad, A., 2004, Selection 
of Oxygen Carrier for Chemical Looping Combustion, Energy & Fuels, Vol. 18, 371-
377. 

Adánez, J., García-Labiano, F., de Diego, L.F., Plata, A., Celaya, J., Gayán, P. and 
Abad, A., 2003, Opimizing the Fuel Reactor for Chemical-looping Combustion, 
ASME Paper FBC2003-063, Proceedings of FBC2003, 17th International 
Fluidized Bed Combustion Conference, May 18-21, Jacksonville, Florida. 

Anheden, M and Svedberg, G., 1996, Chemical-Looping Combustion in Combination with 
Integrated Coal Gasification, Proceedings of 31th Intersociety Energy 
Conversion Engineering Conference  (IECEC'96), Washington, DC., USA, 
Vol. 3, pp. 2045-2050. 

Anheden, M. and Svedberg, G., 1998, Exergy Analysis of Chemical-Looping Combustion 
Systems, Energy Conversion Management, Vol. 39, No. 16-18, 1967-1980. 

Anheden, M. and Ahlroth, M., 1997, Aspects on closed cycle gas turbines, literature 
report, KTH, Royal Institute of Technology, Dept. of Chem. Eng. & Tech., 
Energy Processes, Stockholm ISSN 1104-3466, ISRN KTH/KET/R--73--
SE, TRITA-KET R73.  

Anheden, M., 1997, Analysis of Chemical-Looping Combustion Systems for Power 
Generation, Technical Licentiate Thesis, KTH, Royal Institute of Technology, 
Dept. of Chem. Eng. & Tech., Energy Processes, Stockholm, TRITA-KET 
R62, ISSN 1104-3466, ISRN KTH/KET/R--62--SE.  

Anheden, M., 2000, Analysis of Gas Turbine Systems for Sustainable Energy Conversion, 
Doctoral Thesis, KTH, Royal Institute of Technology, Dept. of Chem. Eng. 



CO2 Mitigation in Advanced Power Cycles - Chemical Looping Combustion and Steam-Based Gasification 

102 

& Tech., Energy Processes, Stockholm, TRITA-KET R112, ISSN 1104-
3466, ISRN KTH/KET/R--112--SE.   

Anheden, M., Näsholm, A.-S., and, Svedberg, G., 1995, Chemical-Looping Combustion 
- Efficient Conversion of Chemical Energy in Fuels into Work, Proceedings of 
30th Intersociety Energy Conversion Engineering Conference  (IECEC'95), 
Orlando, Florida, Vol. 3, pp.75-81. 

Audus, H., 2000, Leading Options for the Capture of CO2 at Power Stations, Proceedings 
of 5th International Conference on Greenhouse Gas Control Technologies, 
Cairns, Australia.  

Baehr, H. D., 1989, Thermodynamik, seventh edition, Springer-Verlag, Berlin, ISBN 
3-540-50773-6 and 0-387-50773-6, p. 432. 

Barone, F., 2000, Integration of Biomass Air Turbine and Evaporative Gas Turbine with 
Gasification for Topping Combustion, Master of Science Thesis, KTH, Royal 
Institute of Technology, Dept. of Chem. Eng. & Tech., Energy Processes, 
Stockholm. 

Bartlett M.A. and Westermark M.O., 2003, Humidified Gas Turbines for short-term 
realisation in mid-size power generation, Proceedings of Turbo Expo 2003, 
Atlanta, Georgia,USA, paper nr. GT 2003-38402.  

Bartlett, Michael A., 2002, Developing Humidified Gas Turbine Cycles, Doctoral Thesis, 
KTH, Royal Institute of technology, Dept. of Chem. Eng. & Tech., Energy 
Processes, Stockholm, TRITA-KET R165, ISSN 1104-3466, ISRN 
KTH/KET/R--165--SE. 

Basu, P. and Fraser, S. A., 1991, Circulating Fluidized Bed Boilers – Design and 
Operations, Butterworth-Heinemann, Boston, USA, ISBN 0-7506-9226-X. 

Beenackers, A.A.C.M., 1994, Biomass Gasification: Implementation and Research in Europe, 
Proceedings of Energetische Nutzung Nachwachsender Rohstoffe - 
Thermische Nutzung von Biomasse: Technik, Probleme und 
Lösungsansätze, April 14-15, Vol. 2, pp.135-143. 

Bohn, M. S. and Benham, C. B., 1984, Biomass Pyrolysis with an Entrained Flow Reactor, 
Ind. Eng. Chem. Process Des. Dev., Vol. 23, 355-363. 

Bolland, O. and Undrum, H., 2003, A novel methodology for comparing CO2 capture 
options for natural gas-fired combined cycle plants, Advances in Environmental 
Research, Vol. 7, 901-911. 

Bolland, O., Ertesvaag, I.S. and Speich, D., 2001, Exergy analysis of gas turbine 
Combined Cycle with CO capture using auto-thermal reforming of natural gas, 
Proceedings of International Conference Power Generation and Sustainable 
Development, October 8-9, Liège, Belgium. 



10 References  

 103

Bolland, O., 2001, Particle Technology, Course Literature, NTNU, Department of 
Thermal Energy and Hydropower, Trondheim, Norway,. 

Brandvoll, Ø., Kolbeinsen, L., Olsen, N., and Bolland, O., 2004, Chemical Looping 
Combustion - Reduction of nickel oxide/nickel aluminate with hydrogen, Proceedings 
of TURBO EXPO 2004, June 14-17, Vienna.   

Brandvoll, Ø. and Bolland, O., 2002, Inherent CO2 capture using Chemical Looping 
Combustion in a Natural gas-fired Power Cycle, Proceedings of ASME TURBO 
EXPO 2002, June 3-6, Amsterdam. 

Brightstar Synfuels Co. 1998, The BSC Gasifier; A triple assault on operating challenges, 
Web Page: http:// www. Brightstarfuels.com, accessed in 1998. 

Carberry, J. and Varma, A., 1986, Chemical Reaction and Reactor Engineering, Dekker, 
New York, ISBN 0-8247-7543-0. 

Cho, P., Mattisson, T. and Lyngfelt, A., 2004, Comparison of Iron-, Nickel-, Copper- and 
Manganese-based Oxygen Carriers for Chemical-Looping Combustion, accepted for 
publication in Fuel. 

Cho, P., Mattisson, T. and Lyngfelt, A., 2002, Reactivity of Iron Oxide with Methane in a 
Laboratory Fluidised Bed - Application of Chemical Looping Combustion, Proceedings 
of 7th Int. Conf. on Fluidised Bed Combustion, Niagara Falls, Canada, p. 
599. 

Consonni, S. and Larson, E.D., 1996, Biomass-Gasifier/Aeroderivative Gas Turbine 
Combined Cycles: Part A - Technologies and Performance Modeling, Journal of 
Engineering for Gas Turbines and Power, Vol. 118, pp. 507-515. 

Copeland, R. J., Alptekin, G., Cesario, M., Gebhard, S., and Gershanovich, Y.,  
2000, A Novel CO2 Separation System, Proceedings of The 8th International 
Symposium on Transport and Dynamics of Rotating Machinery 
(ISROMAC-8), Honolulu, Hawaii. 

Copeland, R.J., Alptekin, G., Cesario, M. and Gershanovich, Y., 2002, Sorbent Energy 
Transfer System (SETS) for CO2 Separation with high Efficiency, Proceedings of 
27th International Technical Conference on Coal Utilization & Fuel Systems, 
Clearwater, Florida. 

Dalili, F., 2003, Humidification in Evaporative Power Cycles, Doctoral Thesis, KTH, 
Royal Institute of Technology, Dept. of Chem. Eng. & Tech., Energy 
Processes, , Stockholm, TRITA-KET R171, ISSN 1104-3466, ISRN 
KTH/KET/R--171--SE. 

Epple, B., Keil, S., Scheffknecht, G. and Stamatelopoulos, G.N., 2004, Neue 
Steinkohlekraftwerke mit hohem Wirkungsgraden, BWK Das Energie-
Fachmagazin, Vol. 56, No. 7/8, 44-48.  



CO2 Mitigation in Advanced Power Cycles - Chemical Looping Combustion and Steam-Based Gasification 

104 

Falbe, J. and Regitz, M., 1995, Römpp Chemielexikon, Georg Thieme Verglag, 
Stuttgart, Germany. 

Göttlicher, G. and Pruschek, R., 1997, Comparison of CO2 Removal Systems for Fossil-
Fuelled Power Plant Processes, Energy Convers. Mgmt., Vol. 38, 173. 

Grönkvist, S., 1995, Modelling Two Phase Gas-Solid Reactors for Chemical Looping 
Combustion Systems, Master of Science Thesis, KTH, Royal Institute of 
Technology, Dept. of Chem. Eng. & Tech., Energy Processes, Stockholm. 

Herzog, H.J., Drake, E. and Adams, E., 1997, CO2 Capture, Reuse, and Storage 
Technologies for Mitigating Global Climate Change. A White Paper, Final Report, 
Energy Laboratory, Massachusetts Institute of Technology, DOE Order No. 
DE-AF22-96PC01257. 

Hicking, B., 2002, Simulation of Chemical-Looping Combustion for CO2 Separation in Power 
Generation Processes, Master of Science Thesis, KTH, Royal Institute of 
Technology, Dept. of Chem. Eng. & Tech., Energy processes, Stockholm. 

Howard, J.R., 1989, Fluidized Bed Technology - Principles and Application, Adam Hilger, 
Bristol, UK. 

IPCC, 2001a, Climate Change 2001: The Scientific Basis. Contribution of Working Group I 
to the Third Assessment Report of the Intergovernmental Panel on Climate Change, 
Cambridge University Press, Cambridge. 

IPCC, 2001b, Climate Change 2001: Mitigation. Contribution of Working Group III to the 
Third Assessment Report of the Intergovernmental Panel on Climate Change, 
Cambridge University Press, Cambridge. 

Ishida, M. and Jin, H., 1996, A Novel Chemical-Looping Combustor without NOx 
Formation, Ind. Eng. Chem. Res., Vol. 35, 2469. 

Ishida, M. and Jin, H., 1994a, A new Advanced power-generation system using chemical-
looping combustion, Energy, Vol. 19, No. 4, 415. 

Ishida, M. and Jin, H., 1994b, A Novel Combustion based on Chemical-Looping Reactions 
and its Reaction Kinetics, Journal of Chemical Engineering of Japan, Vol. 27 
No. 3, 296-301. 

Ishida, M., Jin, H. and Akehata, T., 1987, Evaluation of a Chemical-Looping Combustion 
Power-Generation system by graphic Exergy Analysis, Energy, Vol. 12  No. 2, 147. 

Ishida, M., Jin, H. and Okamoto, T, 1998, Kinetic Behaviour of Solid Particles in 
Chemical-Looping Combustion: Suppressing Carbon Deposition in Reduction, Energy 
& Fuels 1998, Vol. 12, 223.  

Ishida, M., Jin, H. and Okamoto, T, 1997, Hydrogen Fueled Gas Turbine Cycle with 
Chemical-looping Combustion, Proceedings of the 3rd International Conference 
on New Energy Systems and Conversion, Russia, pp. 69-73. 



10 References  

 105

Ishida, M., Yamamoto, M. and Ohba, T., 2002, Experimental results of chemical-looping 
combustion with NiO/NiAl2O4 particle circulation at 1200°C, Energy Conversion 
& Management, Vol. 43, 1469. 

Ishida, M., Yamamoto, M. and Yoshihisa, S., 1999, Experimental Works on innovative 
Chemical-Looping Combustion, Proceedings of ECOS'99, June 8-10, Tokyo, 306-
310.  

Ising, M., Hölder, D., Backhaus, C. and Althaus, W., 1998, Vergasung von Holz in der 
zirkulierenden Wirbelschicht -Wirtschaftliche Energieerzeugung aus Biomasse, VDI 
Berichte, 1385, pp. 399-408. 

Jeff, E., 1998, Rocksavage Combined Cycle Goes into Service at 58% Efficiency, 
Turbomachinery International, 18-22. 

Jin, H. and Ishida, M., 1997, A new advanced IGCC Power Plant with Chemical-Looping 
Combustion, Proceedings of Thermodynamic Analysis and Improvement of 
Energy Systems (TAIES'97), June 10-13, Beijing, China, 548-553. 

Johansson, E., 2002, Interconnected Fluidised Bed for Chemical-Looping Combustion with 
Inherent CO2-Seperation, Technical Licentiate Thesis, Chalmers University of 
Technology, Dept. of Energy Conversion, Gothenburg, Sweden, ISSN 0281-
0034. 

Johansson, E., Kronberger, B., Löffler, G.,  Mattisson, T., Lyngfelt, A. and 
Hofbauer, H., 2003, A two compartment fluidised bed for chemical looping combustion, 
Proceedings of 7th international conference of energy for a clean 
environment (Clean Air 2003), Lisabon, Portugal. 

Johansson, E., Lyngfelt, A., Mattisson, T. and Johnsson, F., 2002, A Circulating 
Fluidised Bed Combustor System with Inherent CO2 Separation - Application of 
Chemical Looping Combustion, Proceedings of 7th Int. Conf. on Fluidised Bed 
Combustion, Niagara Falls, Canada. 

Jonsson, M. and Yan, J., 2004, Humidified Gas Turbine - A Review of Proposed 
and Implemented Cycles, Energy, in press. 

Kaltschmitt, M., Rösch, C. and Dinkelbach, L., 1998, Biomass Gasification in Europe, 
European Commission, Directorate-General XII, Sciene, Research and 
Development, EUR 18224 EN (ISBN 92-828-4157-X). 

Klass, D., 1998, Biomass for Renewable Energy, Fuels, and Chemicals, Academic Press, 
San Diego, California, ISBN 0-12-410950-0. 

Kronberger, B., Beal, C., Morin, J.-X. and Hofbauer, H., 2004a, Design, hydrodynamic 
testing and scale-up recommendations of a conceptual large-scale chemical-looping 
combustion power plant, Proceedings of 3rd Annual Conference on Carbon and 
Sequestration, Alexandria, May 3-6. 



CO2 Mitigation in Advanced Power Cycles - Chemical Looping Combustion and Steam-Based Gasification 

106 

Kronberger, B., Löffler, G. and Hofbauer H., 2004b, Simulation of Mass and Energy 
Balances of a Chemical-Looping Combustion System, International Journal on 
Energy for a Clean Environment, in press. 

Kronberger, B., Löffler, G. and Hofbauer H., 2004c, Chemical-Looping Combustion - 
Reactor Fluidisation Studies and Scale-up criteria, The CO2 Capture and Storage 
Project (CCP) for Carbon Dioxide Storage in Deep Geologic Formation for 
Climate Change Mitigation, Vol. 1, D.C. Thomas and S.M. Benson (Eds.), 
Elsevier Science, London (in press). 

Kunii, D. and Levenspiel, O., 1991, Fluidization Engineering, 2nd Edition, 
Butterworth-Heinemann, Boston, USA, ISBN 0-409-90233-0. 

Lyngfelt, A., Kronberger, B., Adánez, J., Morin, J.-X. and Hust, P., 2004, The 
GRACE project. Development of oxygen carrier particles for chemical-looping combustion. 
Design and operation of a 10 kW chemical-looping combustor. Proceedings of 7th In. 
Conf. Greenhouse Gas Control Technology, Vancover, Canada. 

Lyngfelt, A., Leckner, B. and Mattisson, T., 2001, A fluidized-bed combustion process 
with inherent CO2 separation; application of chemical -looping combustion, Chemical 
Engineering Science, Vol 56, 3101. 

Mattisson, T. and Lyngfelt, A., 2001, Capture of CO2 using chemical-looping combustion, 
Presented at First Biennial Meeting of the Scandinavian-Nordic Section of 
the Combustion Institute, April 18-20, Gothenburg, Sweden. 

Mattisson, T. and Lyngfelt, A., 1998, Förbränning med en syrebärare: En teknik för att 
avskilja CO2 med små energiförluster, Presented at Energitinget, Eskilstuna, 
Sweden. 

Mattisson, T., Lyngfelt, A. and Cho, P., 2001, The Use of Iron Oxide as an Oxygen 
Carrier in Chemical-Looping Combustion of Methane with Inherent Separation of CO2, 
Fuel, Vol. 80, 1953.  

Mattisson, T., Zafar, O., Lyngfelt, A. and Gevert, B., 2004, Integrated hydrogen and 
power production from natural gas with CO2 capture, Proceedings of 15th World 
Hydogen Energy Conference, June 27 - July 2, Yokohama. 

McKee, B., 2002, Solutions for the 21st century Zero Emission Technologies for Fossil Fuels, 
OECD/IEA, Paris. 

Naqvi, R., Bolland, O. and Brandvoll, Ø., 2004, Chemical Looping Combustion Analysis 
of Natural gas-fired Power Cycles with inherent CO2 Capture , Proceedings of 
ASME TURBO EXPO 2004, 14-17 June, Vienna, Austria. 

Perry R. H. and Green D.W., 1997, Perry's chemical engineers' handbook, seventh 
edition, McGraw-Hill, New York, ISBN 0-07-049841-5. 



10 References  

 107

Richter, H.J. and Knoche, K.F., 1983, Reversibility of Combustion Processes, Efficiency and 
Costing, Second Law Analysis of Processes (Edited by. R.A. Gaggioli), ACS 
Symposium Series 235, Washington, DC, pp. 71-85.  

Rizeq, R.G., Kumar, R.K., West, J., Zamansky, V. and Das, K., 2001, Advanced 
Gasification-Combustion Technology for Production of H2, Power, and Sequestration-
Ready CO2, Proceedings of International Pittsburgh Coal Conference, 
Newcastle, New South Wales, Australia, December 3 - 7. 

Ryu H-J., Bae D-H. and Jin G-T., 2002, Carbon Deposition Characteristics of NiO Based 
Oxygen Carriers Particles for Chemical-looping Combustion, Proceedings of 
6th international Conference on Greenhouse Gas Control Technologies, 
Kyoto, Japan. 

Sinnott, R.K, Coulson, J.M. and Richardson, J.F., 1996, Chemical Engineering, , 
Butterworth-Heinemann, Oxford, Great Britain, Vol. 6, ISBN 0-7506-2558-
9 

Tryckkärlskommissionen, 1987, Tryckkärlsnormer – Normer för hållfastighetsberäkning av 
tryckkärl, Fifth edition, Lagerblads Tryckeri AB, Stockholm, ISBN 91-85254-
00-2. 

Tryckkärlskommissionen, 1987, Tryckkärlsnormer Kapitel 4 - Material, Lagerblads, 
Karlshamn, Sweden, ISBN 91-85254-00-2. 

Twigg, M.V., 1989, Catalyst Handbook, Second Edition, Wolfe Publishing Ltd, 
London, ISBN 0-7234-0857-2. 

UNFCCC (United Nations Framework Conventions on Climate Change), 2004, 
Status of Ratification, webside: 
http://unfccc.int/essential_background/kyoto_protocol/status_of_ratificati
on/items/2613.php,  accessed October 16. 

VDI-Wärmeatlas, 2002, ninth edition, Spinger Verlag, Berlin,  
Villa, R., Christiani, C., Groppi, G., Lietti, L., Forzatti, P., Cornaro, U. and 

Rossini, S., 2003, Ni Based Mixed Oxide Materials for CH4 Oxidation under Redox 
Cycle Conditions, Journal of Molecular Catalysis A: Chemical 202-204, 637-646. 

Wolf, J., 1999, Simulation of a Steam-Based Gasification Process for Top Firing in Externally 
Fired Gas Turbine Systems, Master of Science Thesis, KTH, Royal Institute of 
Technology, Dept. of Chem. Eng. & Tech., Energy Processes, Stockholm. 

Yan, J., Eidensten, L. and Svedberg, G., 1995, An Investigation of the Heat Recovery 
System in Externally Fired Evaporative Gas Turbines, International Gas Turbine 
and Aeroengine Congress and Exposition, June 5-8, Houston, Texas, USA. 



CO2 Mitigation in Advanced Power Cycles - Chemical Looping Combustion and Steam-Based Gasification 

108 

Yan, J., 1998a, Biomass Gasification Power Generation Technologies, Technical Report, 
KTH, Royal Institute of Technology, Dept. of Chem. Eng. & Tech., Energy 
Processes, Stockholm, ISRN KTH/KET/R--89--SE. 

Yan, J., 1998b, Externally Fired Gas Turbines, Technical Report, KTH, Royal Institute 
of Technology, Dept. of Chem. Eng. & Tech., Energy Processes, Stockholm, 
ISRN KTH/KET/R--87--SE. 

Ågren, N., 2000, Advanced Gas Turbine Cycles with Water-Air Mixtures as Working Fluid, 
Doctoral Thesis, KTH, Royal Institute of Technology, Dept. of Chem. Eng. 
& Tech., Energy Processes, Stockholm, TRITA-KET R120, ISSN 1104-
3466, ISRN KTH/KET/R--120--SE. 

 
 



9 Acknowledgement 

 109

11 Nomenclature 

A = area [m2] 
CD = drag coefficient [-] 
cp = heat capacity [kJ/kg,K] 
D =  diameter of the shell [mm] 
dp  = particle diameter [mm] 
g = gravitation constant [m/s2] 
HBf = height of the fluidised bed in the fuel reactor [m] 
Hd = height of the dense region  [m] 

HF = height of the freeboard [m] 
Hf = height of the fuel reactor [m] 
hi = specific enthalpy [kJ/kg] 
M = mass of fluidised bed material [kg] 
m&  = mass flowrate [kg/s] 
n = isentropic coefficient [-] 
P = pressure [bar]  
P = pressure [bar] = Reynolds number for particles at uT [-] 
T = temperature [°C] 
u0 = superficial gas velocity [m/s] 
uT = terminal velocity [m/s] 

FW&  = fan power [MW] 
z = variable of height [m] 
z = strength factor (Eq. 12-28 + 12-29) [-] 
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11.1 Greek letters 

ε = voidage = (Vg-Vs)/Vg [-] 
εs = solid fraction = 1- ε [-] 

sε  = mean solid fraction [-] 
εsd = solid fraction in the dense region [-] 
εsp = solid fraction at saturated pneumatic conditions [-] 
ηfan = isentropic efficiency of the fan [-] 
µ = dynamic viscosity [N,s/m2] 
ρg = gas density  [kg/m3] 
ρf = fluid density [kg/m3] 
ρs = particle density [kg/m3]  
τ = residence time/ reaction time [s] 

11.2 Indices  

a = air reactor 
B = fluidised bed 
C = cyclone 
d = dense region 
D = distributor 
F = freeboard 
f = fuel reactor 
g = gas 
s = solid 

11.3 Abbreviations 

CC = combined cycle 
CLC = chemical-looping combustion 
CLC-PM = CLC parameter mapping 
EFGT = externally fired gas turbine 
EvGT = evaporative gas turbine 
EvGT-BAT = evaporative biomass air turbine 
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HITAF = high-temperature air heater furnace 
HR = heat recovery 
HTHx = high temperature heat exchanger 
IGCC = integrated gasification combined cycles 
IPFBR = two interconnected pressurised fluidised bed reactors 
NGCC = natural gas-fired combined cycle 
PFBC = pressurized fluidized bed combustion 
SFC = solid fuel combustion 
TDH  = transport disengaging height 
TIT = turbine inlet temperature (temperature of the gas when it  
  enters the first expander step)  

11.4 Chemicals Compounds 

Al2O3 = aluminium(III)oxide 
C = carbon 
C2H2 = acetylene 
C2H4 = ethylene 
C2H6 = ethane 
C3H6 = propylene 
CH4 = methane 
CO = carbon monoxide 
CO2 = carbon dioxide 
Fe = iron 
Fe2O3 = iron(III)oxide (hematite) 
Fe3O4 = magnetite 
FeO = iron(II)oxide (wustite) 
H2 = hydrogen 
H2O = water 
HFC = hydroflorocarbons (hydrogenated fluorocarbons) 
N2 = nitrogen 
N2O = nitrous oxide 
Ni = nickel 
NiAl2O4 = nickelaluminat  
NiO = nickel oxide 
NiO*Al2O3-spinel = nickel-aluminium spinel 
O2 = oxygen 
PFCs = perfluorocarbon 
SF6 = sulphur hexafluoride 
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SOx = sulphur oxides 
NOx = nitrogen oxides 
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12 Appendix 

In this thesis, a reactor type called an interconnected pressurised fluidised bed 
reactor (IPFBR) is investigated for realising CLC in a power generation process. 
The layout of the reactor is described in Section 4.7. In Appendix 12.1 to 12.4 a 
mathematical model for calculating the hydrodynamic features of the IPFBR is 
presented.  

12.1 The freeboard-entrainment model 

In order to calculate the amount of bed material in the air reactor, a freeboard 
entrainment model for fast fluidisation has been extrapolated. The model was 
described by Kunii and Levenspiel (1991) and is derived from experimental results 
from vessels with a diameter of less than 0.5 m. According to this model, a 
fluidised bed may be divided into four fluidisation regions: 

• At the bottom is a relatively short entry zone. Because the contribution of 
this zone to the total mass of solids in the reactor is of minor importance, 
the entry zone has been neglected in the following calculations. 

• Following the entry zone, there is a portion of the vessel of almost 
constant solid fraction. These lower portions may be called the dense 
region (Figure 12-1). The solid fraction εsd in this region was calculated by 
Eq. 12-1, which is a regression equation over experimental data (Kunii and 
Levenspiel, 1991) using superficial gas velocities from 2 to 6 m/s. (Note: 
This equation gives too low values for a superficial gas velocity less than 
2 m/s). 
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 2306.0)uln(0503.0 osd +⋅−=ε  (12-1) 

 

The section of the vessel between the surface of the dense phase and the 
exit of the reactor is called the freeboard, and its height is called the 
freeboard height (Hf). 

• Above the dense region is an upper entrained region where the solid 
fraction decreases progressively to about εsd = 0.01 - 0.02. When 
increasing the freeboard height, eventually, a solid fraction of 0.01 is 
reached. This may be called the transport disengaging height (TDH in 
Figure 12-1). When the freeboard height exceeds the TDH, the 
entrainment rate does not change significantly.  

• At the TDH, the fast fluidised bed may turn into a saturated pneumatic 
transport with a particle fraction of εsd = 0.01.  

If the freeboard is higher than the TDH, the maximum flowrate of solids between 
the air reactor and the fuel reactor is limited by the saturated pneumatic transport 
flow.  

12.2 Two modes of operation in the IPFBR 

In Section 4.7, the IPFBR is presented and in Section 4.4.2 two modes of operation 
are introduced. These two operating modes mark two extreme cases. If the second 
mode (Section 12.2.2) is used, the flow of oxygen carrier can be controlled (for 
example,. case C in Figure 12-1 and Figure 4-7b) and with the first mode (Section 
12.2.1), the residence time of the oxygen carrier in the air reactor can be controlled 
(cases CA’ and CB’). The transition from mode one to mode two is illustrated by the 
points C and C’ in Figure 12-1. In case C, a homogeneous pneumatic transport flow 
exists in the air reactor and in case C’ the mass flowrate of solids has increased so 
much that the pneumatic transport flow is saturated and the formation of a bottom 
bed begins. The figure shows the regions of different fraction of solids, εs, in the air 
reactor for cases C’, CA’, CB’, and C. Z is the height of the reactor. The solid 
fraction εsp = 0.01 is the fraction of solids existing in a saturated pneumatic 
transport flow. It can be seen that in case C, the solid fraction is less than 0.01. In 
the other three cases, the solid fraction at the bottom of the reactor is much larger 
than in a saturated pneumatic transport flow. This region is called the dense region. 
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This means that in cases C’, CA’, and CB’ the total bed mass is much greater than in 
case C. According to Eq. 12-2, the residence time increases when increasing the bed 
mass and keeping the flow of oxygen carrier constant.  

 

m
M
&

=τ  (12-2) 

 

In case CB’, the residence time is about 11 seconds which is more than twice that in 
case C. The second mode of operation is advantageous if the oxidation reactions is 
slower and therefore more residence time is required. 
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Figure 12-1. Distribution of solid fraction εs in the air reactor at different 
amounts of total bed material in the air reactor. Curves B and C are 

calculated for cases CA’ and CB’ with a bed mass of 47 t and 66 t in the air 
reactor, respectively. The particles’ properties are according to Table 4-5.
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12.2.1 First mode of operation in IPFBR_A: Controlling the residence 
time in the air reactor 

If the first mode of operation is applied in the IPFBR_A, the reactor works at the 
operating point (Section 4.7.1). This means the combustion air flowrate controls the 
flow of oxygen carrier, which is equal to the MTPFR. The total height of the 
fluidised bed in the fuel reactor maybe determined by a ring of overflow holes in 
the reactor wall. If the amount of bed material in the bubble bed (fuel reactor) 
increases, the excess material flows through the overflow hole back into the air 
reactor. The reactor can be seen as a pot with boiling water. If one tries to fill more 
water into the pot than fits, the water will pour over the lip out of the pot. This 
means, if the gas velocity is constant in the air reactor, the amount of total bed 
material in this reactor can be controlled by the total amount of bed material in the 
whole reactor system. All excess carrier material will accumulate in the air reactor, 
because for each kilogram oxygen carrier being transported into the fuel reactor, 
one kilogram will flow back into the air reactor through the ring of overflow holes1. 
In this way, theoretically, the reaction time in the air reactor can be controlled. An 
advantage is that in this design the residence time can be adjusted to the 
requirement of the oxygen carrier. Disadvantages are the large amount of particles 
that circulate in the IPFBR and the large amount of particles needed in the whole 
reactor. More about the reactor dimensions  can be found in Section 12.7. 

12.2.2 Second mode of operation in IPFBR_A: Controlling the flow rate 
between the fuel and the air reactor 

In the second mode of operation, the mass flowrate of oxygen carrier from the fuel 
reactor into the air reactor can be controlled. This may be realised  by a control 
device between the fuel and the air reactor, for example, a valve with a determined 
diameter such that only a particles at a given flowrate can flow through it. The 
principle would be the same as in an hourglass. Alternatively, a particle pot-seal, in 
which the particles are fluidised with steam, can be installed between the fuel and 
the air reactor. In this way the particle flow can be controlled by the steam flowrate. 
More steam would lead to an increased flowrate through the pot-seal, while a 
reduced steam flowrate would decrease the particle flow into the air reactor. The 
main feature with this mode of operation is that the flowrate of particles from the 
fuel reactor into the air reactor is below the MTPFR and because the gas velocity in 
the air reactor is far above the necessary velocity for pneumatic transport, all 

                                                 
1 Here, it is assumed that the particles are not stuck in the cyclone system or a particle pot-seal. 
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particles entering the air reactor are almost immediately transported into the 
cyclone system. There would be no dense region in the air reactor. An advantage is 
that the amount of fluidised particles is minimal and therefore the pressure loss is 
less than in the first mode of operation. Moreover, the mass flowrate of particles is 
independent from the air flowrate in the air reactor which eases the control of the 
reactor. A disadvantage is a relatively short residence time of the particles in the air 
reactor. The residence time depends on the height of the reactor and the particle 
diameter in the first place. Results concerning the dimensions of the reactor can be 
found in Section 12.7. 
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12.3 Terminal velocity 

The terminal velocity exists when the velocity drag force equals the gravitational 
force. At this state, each particle is individually supported and they no longer rest 
upon one another (Eq. 12-3). 
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The drag coefficient, CD, is a function of the Reynolds number for particles at 
terminal velocity (ReT). 

µ

ρ⋅⋅
= gpT

T

du
Re  (12-4) 

The dynamic viscosity (µ [N,s/m2]) is a function of temperature. A regression 
equation over data derived from Aspen Plus® gives Eq. (12-5). 

 
58211315 1057354.1T1079114.4T1004475.2T1055556.5 −−−− ⋅+⋅⋅+⋅⋅−⋅⋅=µ  (12-5) 

 

This equation is only valid in a temperature range from T = 700°C to 1250°C. The 
density of the gas (ρg) is calculated by using the ideal-gas law (Eq. 12-6), 

 

( )15.273TR
MP air

g +⋅
⋅

=ρ [kg/m3] (12-6) 

 

where  

P = pressure [Pa],  

Mair  = molar mass of air = 28.8 g/mol,  

R  = universal gas constant = 8.3142 J/(mol*K) 

T  = temperature [°C] 

 



12 Appendix 

 119

Three models for calculating the drag coefficient have been compared. The first 
model from Basu et al. (1991) is described in Appendix 12.3.1. This model gives 
lower values for the drag coefficient if the particle diameter (dp) is below 300 µm 
than the other two. Appendix 12.2.2 presents the second model, which is taken 
from Kunii and Levenspiel (1991). The third model can be found in Bolland (2001) and 
is shown in Appendix 12.3.3 

 

12.3.1 The model from Basu et al. (1991) 

The drag coefficient, CD, is calculated as a function of the Reynolds number for 
particles at terminal velocity (ReT). 

b
T

1
D Re

aC =   (12-7) 

µ

ρ⋅⋅
= gpT

T

du
Re  (12-8) 

The constants a1 and b were approximated according to Howard (1989) (Table 12-1). 
 

Table 12-1. Constants a1 and b for calculation of the drag coefficient 
Range of ReP Region a1 b 
0 < ReP < 0.4 Stoke’s law 24 1 
0.4 < ReP < 500 Intermediate law 10 0.5 
500 < ReP Newton’s law 0.43 0 

 

 

12.3.2 The model found in Kunii and Levenspiel (1991) 

( )[ ] ( )
s

s
ss

2122.6
T

T
0748.5

5565.00964.0
T

0655.4

T
D e378.5Re

Ree69.73Ree1716.81
Re
24C

Φ⋅

Φ⋅−
Φ⋅+Φ⋅−

⋅+
⋅⋅

+⋅⋅+⋅=  (12-9) 

where Φs is the sphericity, defined as follows: 
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=Φ , where S = surface (12-10) 
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A round sand particle has got a sphericity of 0.86, for example (Kunii and Levenspiel, 
1991). When the sphericity is set to one Eq. 12-10 can be reduced to: 

 

5.2682Re
Re4607.0

Re3643.3
Re
24C

T

T3471.0
T

T
D +

⋅
+⋅+= −  (12-11) 

 

12.3.3 The model found in Bolland (2001) 

The model found by Bolland gives similar results for CD as the previous one. The 
calculated values are, however, a little lower than those calculated with Kunii and 
Levenspiel's model, if the particle diameter is between 125 and 300 µm. 

 

4.0
Re
4

Re
24C

TT
D ++=  for Re < 105 (12-12) 

 

12.4 Calculation of the pressure loss in the IPFBR 

Compared to a commercial gas turbine combustor the IPFBR will cause a higher 
pressure drop when integrated in a power generation process such as, for example, 
a natural gas-fired combined cycle. The pressure loss mainly comes from the force 
necessary to fluidise the large amount of particles in the two reactors, the pressure 
drop in the cyclone, and the pressure drop for the gas distribution at the fuel gas 
and combustion air inlet.  

The pressure drops of the fuel reactor and air rector are calculated using Eqs. 12-12 
and 12-13: 

 
fD,fB,f ∆P∆P∆P +=  (12-12) 

CaD,aB,a ∆P∆P∆P∆P ++=  (12-13) 
 

where ∆PB is the pressure drop in the fluidised bed and ∆PD the pressure drop 
caused by the gas distribution. ∆PC is the pressure drop over the cyclone. The 
pressure drop across the gas distributors is calculated from Eq. 12-14.  
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BD ∆P0.4∆P ⋅=  (12-14) 

 

12.4.1 Pressure drop in the fluidised bed  

The pressure drop over the fluidised bed ∆PB is calculated using Eq. 12-15, which is 
derived form the hydrodynamics described by Carberry and Varma (1986) and Kunii 
and Levenspiel (1991).  

 

A
gM2.1∆PB

⋅
⋅=   (12-15)  

 

According to Eq. 12-15, the pressure drop is the total fluidised mass (M) per area 
(A) of the reactor multiplied by the gravitation constant. Because of the large 
diameter of the reactors, the pressure loss caused by friction agains the wall is 
neglected.  

The fluidised mass in the fuel reactor Mf is calculated as the product of the flow of 
oxygen carrier ( sm& ) and the residence time (τf) of the particles in the fuel reactor  

(Eq. 12-16). 
 

fsf τmM ⋅= &  (12-16) 

 

The fluidised mass in the air reactor Ma is calculated using Eq. 12-17,  

 
( ) sasFfsdda ρAεHεHM ⋅⋅⋅+⋅=  (12-17) 

 

where Hd is the height of the dense region, εsd its solid fraction and Hf is the height 
of the freeboard. sFε  is the mean value of the solid fraction over the freeboard 
(Eqs. 12-18 to 12-20).  
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constantua 02 =⋅ (for constant dp) (12-20) 

 

The coefficient a in Eq. 9-19 is estimated from Eq. 9-20. The constant is estimated 
to five based on experimental results presented by Kunii and Levenspiel (1991). 
However, the constant should be determined experimentally for the particles of 
oxygen carrier and the relatively large diameter of the air reactor for a fast 
fluidisation. 

12.4.2 Pressure drop in a cyclone 

According to Sinnott et al. (1996), Stairmand developed two standard designs for 
gas-solid cyclones: a high efficiency cyclone and a high throughput design. The 
high throughput design, Figure 12-2, is suitable for high gas rates as occurring in the 
IPFBR. The pressure drop in the cyclone will be due to the entry and exit losses, 

Fig. 12-2. Standard cyclone dimension of a high rate cyclone (Picture 
from Sinnott et al., 1996) 
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and friction kinetic energy losses in the cyclone. The empirical equation given by 
Stairman was used to estimate the pressure drop (∆PC): 
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Here the inlet duct velocity is u1 and the exit duct velocity is u2; rt is the radius of 
the circle to which the center line of the inlet is tangential and re is the radius of the 
exit pipe. The factor φ can be taken from Figure 9-3, where the parameter Ψ is 
proportional the ratio of As, which is the surface area of the cyclone exposed to the 

Fig. 12-3. Cyclone pressure drop factor (Sinnott et al., 1996) 
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spinning fluid, and A1 , which is the area of the inlet duct: 

1

s
C A

AfΨ =  (12-22) 

The friction factor (fC) is 0.005 for gases. For design purpose As can be taken as 
equal to the surface area of a cylinder with the same diameter as the cyclone and 
length equal to the total height of the cylinder (barrel pus cone). 

12.4.3 Power requirement for the booster fan 

The gas turbine compressor or an additional booster fan has to overcome the 
pressure loss in the fluidised beds. This booster power FW&  was calculated by the 
flow equation for a reversible adiabatic process and the isentropic efficiency of the 
fan (Eq. 12-23).  

 

( ) ( )12p
fan

12
fan

F TTcmhhmW −⋅⋅
η
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η

=
&&&  (12-23) 

 

By assuming a perfect gas, T2 is calculated for the reversible adiabatic process 
where n is equal to the isentropic coefficient (Eq. 12-24). 
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For the power loss in the air reactor, T1 is the temperature of the air after 
compression. For the fuel reactor T1 was 180°C, because the natural gas was 
preheated to 180°C. The heat capacity (cp) was assumed to be constant. 

12.5 Height of the fluidised bed in the fuel reactor 

The height of the fluidised bed in the fuel reactor was calculated using Eq. 12-25.  

sf
fBf A

M)1(H
ρ⋅

=ε−⋅  (12-25) 

The overall voidage εf of the bubble bed (fuel reactor) is calculated by Eqs. 12-26 
and 12-27. Eq. 12-27 is a regression equation over data published in Carberry and 
Varma (1987) and is only valid for Reynolds numbers from 200 to 1000. 
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152.4)Rln(2632.0m T +⋅−=  (12-27) 

 

12.6 Calculation of the pressure shell 

The dimensions of the pressure shell can be calculated according to the Swedish 
standards for pressure vessels (Tryckkärlskommissionen, 1987a). In order to simplify 
the calculation no holes and welding seams are considered.  

12.6.1 The cylinder 

The minimum thickness of the wall (Smin) for the cylinder was calculated with 
Eq. 12-28.  

 

z
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PDS
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⋅
σ

⋅
=  (12-28) 

 

D is the inner diameter of the shell and P is the design pressure (overpressure). The 
security factor was taken as Sf = 1.5. Z is a strength factor, which depends on holes 
and welding seams in the shell. Here, the impact of holes and welding seams is 
neglected and the strength factor is set to one. 

σdes is the design stress for the steel and can be found, for example, in the Swedish 
standards for pressure vessels (Tryckkärlskommissionen, 1987b). These calculations are 
only valid for Smin/D ≤ 0.05. 
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12.6.2 The ellipsoidal head 

The minimum wall thickness of the head can be calculated according to Eq. 12-29. 
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Here Dy is the outer diameter of the ellipsoidal head and y is a form factor, 
depending on the shape of the head. If the form for the head is determined by 
Eqs. 12-30 to 12-32, the form factor is y = 1.3. 

 
h= height of the ellipsoidal head yD25.0 ⋅=  [mm] (12-30) 
R= crown radius yD8.0 ⋅=  [mm] (12-31) 
r= knuckle radius yD154.0 ⋅=  [mm] (12-32) 

 

For the ellipsoidal head, the security factor is Sf = 1.1 

 

12.7 Results of dimensioning of the IPFBR 

In this section an initial estimation of the dimensions of a CLC reactor in a 
combined cycle is presented. The results of the hydrodynamic study of the IPFBR 
versions A and B and the two already introduced modes of operation are 
summarised. Additionally, the impact of the number of cyclones on the total height 
of the reactor and the required amount of steel has been studied. Two cases have 
been calculated, in Case 1 four pairs of cyclones are used and in Case 2 eight 
cyclones are used in parallel 
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12.7.1 The dimensions of the CLC reactor 

Essential design parameters are the height and the diameter of the pressure shell. 
Therefore, it is necessary to determine first the height of the air reactor and the fuel 
reactor and the diameter, respectively. 

 The height of the air reactor is mainly determined by the size of the cyclones, the 
fuel reactor, and a particle pot-seal between the cyclones and the fuel reactor. The 
height of the cyclones depends on the volume flow of gas flowing through it 
(VDI-Wärmeatlas, 2002; Sinnott et al., 1996). If the gas stream is divided into smaller 
streams and more cyclones are used parallel, the height of each cyclone can be 
reduced. Table 12-2 lists the assumptions for the required input data for the reactor 
model in order to calculate the hydrodynamic behaviour and the dimensions of the 
IPFBR. This data set is an example which refers to Case C which was investigated 
in Section 4.4.  

 
Table 12-2 Input data for calculating the dimensions of the IPFBR 
Temp. oxidation (TIT) (turbine Inlet)  [°C]  1200 
Temp. reduction (fuel reactor) [°C]  1155 
Particles flow (oxidation outlet) [kg/s]  4500 
Airflow into air reactor  [kg/s]  775 
Methane flow into fuel reactor (800 MWth) [kg/s]  16 
Residence time of fuel reactor [s]  60 

 

Table 12-2 shows the results from the hydrodynamic analysis of the IPFBR_A when 
operating in the first and the second modes. IPFBR_A1 stands for the design with 
four pairs of cyclones (Figure 4-10) and IPFBR_A2 for the one with 8 cyclones in 
parallel. The figures in the grey shadowed boxes are not equal for the two cases. 

From Table 12-3 can be seen that the total height of the air reactor can be reduced 
by four metres, if eight cyclones are used parallel instead of four pair of cyclones. 
When increasing the number of cyclones the gas flowrate through each cyclone is 
reduced and, therefore, the cyclone can be scaled down in its dimensions.  

After all, the pressure drop in each cyclone does not change significantly. The 
difference in pressure drop from 66 to 32 mbar comes from the fact that in the 
IPFBR_A1 two cyclones are coupled in series and therefore the pressure drop is 
twice the one in the IPFBR_A2. 
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Table 12-3. Results of the reactor design for the IPFBR (A) for 800 MWth  

IPFBR (A)
Unit IPFBR 

A16) 
IPFBR 

A27) 

uT in air reactor1) [m/s] 0.28 0.28 
uT in fuel reactor  [m/s] 0.29 0.29 
u0 of gas inlet in air reactor2)  [m/s] 10 6 
u0 of gas inlet in fuel reactor [m/s] 0.07 0.07 
Total height of the fuel reactor [m] 5 5 
Height of the downcomer and particle seal [m] 2 2 
Height of the bubble bed [m] 2.8 2.8 
Total height of the air reactor [m] 25 21 
Height of the cyclone system [m] 15.5 11.1 
Diameter of the cyclones [m] 3.3 2.3 
Inlet gas velocity of the cyclones [m/s] 22 21 
∆P in the cyclone system [mbar] 66 32 
Diameter of the air reactor  [m] 5.7 7.3 
Diameter of the fuel reactor [m] 13 13 
∆P fuel reactor3)  [mbar] 320 320 
Mean residence time in fuel reactor [s] 60 60 
Total bed mass in the fuel reactor  [t] 270 270 
Maximum flow of oxygen carrier (MTFFR)  [t/s] 5.9 5.8 

First mode of operation4)    
∆P air reactor3)  [mbar] 151 145 
Mean residence time in air reactor  [s] 4.7 6.4 
Total bed mass in the air reactor  [t] 28 37 
Flow of oxygen carrier  [t/s] 5.9 5.8 

Second mode of operation5)    
∆P air reactor3)  [mbar] 54 46 
Mean residence time in air reactor  [s] 2.6 3.7 
Total bed mass in the air reactor  [t] 12 17 
Flow of oxygen carrier  [t/s] 4.5 4.5 

1) uT = Terminal velocity 
2) u0 = Superficial gas velocity [m/s] 
3) Pressure loss of gas distribution and fluidisation 
4) Mode of operation 1 represents Case C in Section 4.6 and Figure 9-1 
5) Mode of operation 2 represents Case C' in Section 4.6 and Figure 9-1 
6) Four pairs of cyclones  
7) Eight cyclones in parallel 

 

The increase of the air reactor's diameter from 5.7 to 7.3 m in design A2 can be 
explained by the much higher superficial gas velocity (u0) in design A1. If the gas 
velocity is 10 m/s instead of 6 m/s, the air reactor can be more compact and the 
MTFFR increases from 5800 kg/s to 5900 kg. The disadvantage is the reduced 
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residence time from 6.4 s to 4.7 s in the first operating mode and from 3.7 s to 2.6 s 
in the second operating mode. Moreover, 10 m/s is rather unconventionally high 
for circulating fluidised bed reactors and questionable in CLC, because of the great 
mechanical stress on the particles of the oxygen carrier.  

When comparing the first and the second modes of operation, one can see the 
great difference in total mass of bed material in the air reactor. More than the 
double amount of particles is fluidised in the air reactor if the mode of operation is 
changed from the second one to the first one. This figure will be even more 
impressive if a nickel-based oxygen carrier is used. If, for example, the stream data 
of Case F from the CLC-PM (Section 4.4.3) is used, the amount of bed material in 
the second mode will be only 3.7 ton instead of 28 ton. For this reason, the second 
mode of operation provides advantages concerning the pressure drop and the 
required amount of particles. The residence time, however is shorter in the second 
mode that in the first one and this might be a very important disadvantage, if the 
kinetics of the oxidation reaction is too slow. 

Table 12-4 shows the dimensions for an 800 MWth version of the IPFBR_B. The 
assumptions for the hydrodynamic calculations are the same as for the IPFBR_A 
(Table 12-3). This design example of the IPFBR_B includes four parallel cyclones 
for the air reactor and it operates in the second mode of operation, i.e., the flowrate 
of oxygen carrier into the air reactor is controlled. It is also possible to operate the 
IPFBR_B in the first mode and to extend it to eight cyclones. Here, however, the 
simplest layout is studied. 

The most interesting result from a comparison of designs A and B is the diameter 
of the fuel reactor. In the IPFBR_B, the discharge of particles from the fuel reactor 
is a minor problem, such that the superficial gas velocity in the fuel reactor can be 
increased enabling the diameter to be reduced. In this way the CLC reactor can be 
more compactly constructed. A disadvantage is the higher pressure loss in the fuel 
reactor caused by the higher fluidised bed.  
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Table 12-4. Technical data of the IPFBR (B) with two cyclone systems 
 Unit IPFBR_B 
uT in air reactor1) [m/s] 0.28 
uT in fuel reactor  [m/s] 0.29 
u0 of gas inlet in air reactor2) [m/s] 6 
u0 of gas inlet in fuel reactor [m/s] 0.18 
Total height of the fuel reactor [m] 5 
Height of the dense region in the fuel reactor [m] 4 
Total height of the air reactor [m] 25 
∆P air reactor3)  [mbar] 55 
∆P fuel reactor3)  [mbar] 633 
Mean residence time in air reactor  [s] 4.4 
Mean residence time in fuel reactor [s] 60 
Diameter of the air reactor  [m] 7.3 
Diameter of the fuel reactor [m] 8 
Total bed mass in the air reactor  [t] 19.7 
Total bed mass in the fuel reactor  [t] 270 
Flow of oxygen carrier  [t/s] 4.5 
Maximum flow of oxygen carrier (MTFFR) [t/s] 5.8 

Four cyclones for the air reactor   
Diameter of the cyclone (Dc) [m] 3.2 
Inlet duct velocity of the cyclone [m/s] 22 
Total height of the cyclone [m] 15.5 
∆P cyclone  [mbar] 23 
Height of the downcomer and particle seal [m] 2 

Three primary cyclones for the fuel reactor   
Diameter of the cyclone (Dc) [m] 1.3 
Inlet duct velocity of the cyclone [m/s] 20 
Total height of the cyclone [m] 9.5 
∆P cyclone  [mbar] 8 

Secondary cyclone for the fuel reactor   
Diameter of the cyclone (Dc) [m] 2.2 
Inlet duct velocity of the cyclone [m/s] 21 
Total height of the cyclone [m] 9 
∆P cyclone  [mbar] 43 

1) uT = Terminal velocity 
2) u0 = Superficial gas velocity [m/s] 
3) Pressure loss of gas distribution and fluidisation 
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12.7.2 The pressure shell 

The wall thickness of the pressure shell is calculated according to the Swedish 
norm for pressure vessels (Appendix 12.6). For the pressure shell, it is assumed that 
the inner side of the shell is covered with a refractory insulation, which protects the 
steel from the heat. For the calculations of the wall thickness a steel temperature of 
max. 20°C is assumed. An even better insulation is desirable in order to avoid heat 
losses through the pressure shell. The used steel is of the type SS-steal 13 31 
(Swedish steel standard). Table 12-5 shows the approximate size of the pressure 
shell and the thickness of the wall, which is necessary to withstand the pressure.   

 
Table 12-5. Data of the pressure shell 

 Units IPFBR 
A1 

IPFBR 
A2 

IPFBR 
B 

Inner diameter of the pressure shell [m] 20 21.5 16.5 
Total height of the pressure shell [m] 31 26.5 31 
Wall thickness [mm] 83 90 69 

 

The inner diameter of the pressure shell is determined by the diameters of the air 
and the fuel reactor. The IPFBR of type B has a four metres smaller diameter due 
to its more compact construction. The smaller diameter leads to less mechanical 
stress in the pressure shell which reduces the required wall thickness (Appendix 
12.6).  

12.7.3 Amount of required material 

The most interesting result from this initial estimation calculation of the required 
amount of material is that the IPFBR_B design requires a smaller pressure shell 
compared to the IPFBR_A design. This leads to significant material savings of the 
steel and the refractory insulation for the pressure shell. Table 4-10 shows that 
57 m3 less steel is required for IPFBR_B than for IPFBR_A1. Moreover, this 
savings can be reached although the IPFBR_B was designed for a superficial gas 
velocity of 6 m/s while the IPFBR_A1 uses 10 m/s in this study, which allows a 
smaller diameter of the air reactor (Table 4-7, Section 12.7.1). If comparing the 
IPFBR_B with design IPFBR_A2 (both designs use superficial gas velocities of 
6 m/s in the air reactor) the material savings for design IPFBR_B are 62 m3 
although the IPFBR_A1 includes eight parallel cyclones instead of four, 
respectively. Section  12.7.2 showed that using four smaller cyclones instead for four 
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larger ones reduces the height of the pressure shell. For the insulation of the inner 
side of the pressure shell material savings of 300 m2 to 400 m2 is  possible. 

The fact that the superficial gas velocity in the air reactor of the IPFBR_B is 6 m/s 
and that only four parallel cyclones are used results in a larger material demand of 
the air reactor. The IPFBR_B needs more material for the air reactor than the both 
versions of IPFBR_A. The reason that more material is needed for the fuel reactor, 
although the diameter is much smaller, is the tapered head (Figure 4.11) of the 
reactor. If such a head would be used in the IPFBR_A as well, for example, to 
reduce the particle discharge, the required amount of material would be much 
larger than in the IPFBR_B. 

The steel for the cyclone has to withstand very high temperature, thus, it might be 
necessary to build the cyclones in refractory bricks or ceramic. Since there is no 
pressure difference between the inside and the outside, the material only has to 
withstand high temperatures. Another option might be to cover the inside of the 
cyclones with a refractory lining. From Table 12-6 can be seen that material savings 
are also possible for the material of the cyclone system. These figures for the 
cyclone system, however, are somewhat misleading, because in IPFBR_B only four 
cyclones are considered for the air reactor compared to eight in IPFBR_A. In fact, 
for the cyclones, more material would be is required in IPFBR_B because of the 
cyclone system for the fuel reactor. However, these cyclones are smaller and 
because the temperature is lower in the fuel reactor, the demands on the material 
are smaller. 

 
Table 12-6. Amount of material needed for the CLC reactor 

 Unit IPFBR 
A1 

IPFBR 
A2 

IPFBR 
B 

Steel for pressure shell,  
SS-steel 13 31  [m3] 175 180 118 

Steel for cyclones including ducting  [m3] 11 7.6 8 
Refractory insulation material for the 
inside of the shell to keep an outer 
temp of < 15°C of the shell 

[m2] 2100 2000 1700 

Refractory brick for the air reactor  [m2] 470 530 620 
Refractory brick for the fuel reactor [m2] 350 350 400 
Gas distributor fuel reactor  [m2] 133 133 50 
Gas distributor air reactor  [m2] 25 42 42 
Total mass of oxygen carrier  [ton] 3001) 3071) 2902) 

1) First mode of operation 
2) Second mode of operation 
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