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There are no facts, only interpretations.
F. Nietzsche
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Abstract

Fischer-Tropsch synthesis is a commercial technology that allows converting syn-
thesis gas, a mixture of CO and H2, into fuels and chemicals. This process could be
one of the actors in the reduction of oil dependency of the transportation sector. In fact,
it has great potential for producing synthetic fuels also from renewable sources, such
as biomass, after its thermochemical conversion (gasification) into synthesis gas. Con-
cerning the quality of a diesel fuel produced with this technology, it has a lower local
environmental impact than conventional diesel, since it is practically free of sulphur
and nitrogen compounds and yields lower exhaust emissions of hydrocarbons, CO and
particulates. The present study focuses on the use of cobalt-based catalysts for the pro-
duction of diesel. In particular, it looks upon correlation between product selectivities
when varying the catalyst properties and the effect of process parameters, such as a low
H2/CO ratio, typical of a biomass-derived synthesis gas, and the water partial pressure.

Different cobalt-based catalysts, with different properties, such as conventional 3-
dimensional porous network supports (γ-Al2O3, α-Al2O3, TiO2, SiO2), Co-loading,
preparation technique, etc., were investigated in the Fischer–Tropsch reaction at indus-
trially relevant process conditions. For a set of process conditions, a linear relationship
seems to exist between the selectivity to methane (and other light products) and higher
hydrocarbons (identified by the industrially relevant parameter SC5+, selectivity to hy-
drocarbons with more than 4 carbon atoms) indicating a common precursor.

Ordered mesoporous materials (SBA-15), characterized by a 1-dimensional meso-
porous network, were tested as model supports and showed the possibility of occur-
rence of CO-diffusion limitations at diffusion distances much shorter than those re-
quired for conventional 3-dimensional porous network supports. The linear relation-
ship mentioned above, derived for conventional supports, was shown to be an efficient
tool for indicating whether measured selectivities are affected by CO-diffusion limi-
tations. Some of the catalysts were exposed to H2-poor syngas and to external water
addition and the effects on the selectivity relationships were investigated.

Furthermore, the possibility of internal water-gas shift of a H2-poor syngas with
mixtures of Co/γ-Al2O3 and a Cu/ZnO/Al2O3 catalyst was investigated both as a tech-
nical solution for direct use of a model bio-syngas in the Fischer-Tropsch synthesis,
and as a means to study the effect of indigenous water removal on the reaction rate to
hydrocarbons. It was found that removal of indigenously produced water slows down
the reaction rate significantly. Lastly, the effect of water partial pressure on the Fis-
cher–Tropsch rate of the Co catalyst supported on narrow-pore γ-Al2O3, on its own,
was studied. Inlet water partial pressure was varied by external water vapor addition
at different H2/CO molar ratios ranging from 1 to 3. The effect of water showed to be
positive on the rate for all the H2/CO ratios, but more significantly at H2-poor condi-
tions. The nature of this positive effect on the rate seems to be unrelated to changes
in amounts of amorphous polymeric carbon detectable by temperature-programmed
hydrogenation of the spent catalyst.
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Sammanfattning

Fischer-Tropsch-syntesen är en kommersiell teknologi som avser att omvandla
syntesgas, en blandning av CO och H2, till bränsle och kemikalier. Denna syntesväg
skulle kunna vara en möjlighet för att minska oljeberoende i transportsektorn. Poten-
tial för framställning av syntetiskt bränsle från förnybara råvaror såsom biomassa är
stort med denna metoden. Biomassan förgasas då först till syntesgas. Dieselbränsle
producerad med Fischer-Tropsch teknologi har en mindre miljöpåverkan än konven-
tionellt bränsle eftersom bränslet är fritt från svavel- och kväve- föreningar. Dessutom
producerar den lägre utsläpp av kolväte, CO och partiklar. Denna studie fokuserar på
användning av Co-baserade katalysatorer för dieselproduktion, med speciell fokus på
sambandet mellan produktselektiviteten och katalysator egenskaperna samt processpa-
rametrar såsom lägre H2/CO förhållande (som är typiskt för syntesgas from biomas-
sa) och partialtryck för vatten. Olika Co-baserade katalysatorer med olika egenskaper,
såsom konventionellt tredimentionellt poröst nätverk (γ-Al2O3, α-Al2O3, TiO2, SiO2),
Co halt, framställningsmetod, mm. har undersökts i Fischer –Tropsch-reaktionen vid
industriellt relevanta processförhållanden. För en kombination av processbetingelser,
verkar ett linjärt förhållande finnas mellan selektiviteten till metan (och andra lätta
produkter) och högre kolväten (identifierad med hjälp av en industriellt relevant para-
meter SC5+, selektivitet till kolväte med mer än 4 kolatomer); detta är tecken på en ge-
mensam prekursor". Ordnade mesoporösa material (SBA-15) som karakteriseras av ett
1-dimensionellt mesoporöst nätverk, testades som en modellbärare och visade på möj-
ligheten av CO-diffusion begränsningar och dess effekt på selektivitet vid diffusionsav-
stånd mycket kortare än de som krävs för en bärare med konventionellt 3-dimensionellt
poröst nätverk. Det linjära förhållandet som nämndes ovan, härlett för konventionella
bärare, visades vara ett effektivt verktyg för att indikera, om experimentella värden av
selektivitet påverkas av begränsningar i CO-diffusionen .

De linjära förhållandena har också undersökts för några katalysatorer exponerade
för H2-fattig syntesgas samt tillförsel av extra vatten. Möjligheten av intern vattengas-
skift hos en H2-fattig syntesgas, genom att använda en blandning av en Coγ-Al2O3 och
en Cu/ZnO/Al2O3 katalysator undersöktes också, som en teknisk möjlig lösning för en
direkt användning av en modell bio-syngas i Fischer-Tropsch-syntesen, och som ett
medel för att studera effekten av intern vatteneliminering på reaktionshastigheten till
kolväte.

Det visade sig att borttagning av internt producerat vatten sänker reaktionshastig-
heten markant. Avslutningsvis studerades effekten av vattenpartialtrycket på Fischer-
Tropsch reaktionshanstigheten för en Co/γ-Al2O3 med snäv porstorlek.

Partialtrycket för ingående vatten ändrades genom att tillsätta extern vattenånga
vid olika H2/CO förhållanden från 1 till 3. Effekten av vatten har visat sig vara po-
sitiv på reaktionshastigheten för alla H2/CO förhållanden, dock störst vid H2-fattiga
förhållanden. Orsaken till denna positiva effekt på reaktionshastigheten verkar inte va-
ra relaterade till ändringar i mängden amorft polymeriskt kol som detekterades vid
temperaturprogrammerad hydrering av den använda katalysatorn.
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Introduction

1





Chapter 1

Setting the scene

Depletion of fossil energy sources is one of the important challenges that mankind
will have to face in the coming years. Oil in particular, which has been the most
important energy source in the 20th century, is expected to reach its production
peak in the next few years, if it has not already been reached [1]. Furthermore,
awareness of environmental issues caused by fossil fuel utilization has increased
with the years. In fact, the use of fossil fuel through combustion is causing global
and local environmental issues: on a global scale, the climate change resulting
from anthropogenic greenhouse gas emissions (primarily CO2) and, at local level,
poisonous emissions such as SO2, NOx and particulates. Therefore, an increasing
energy demand, which would cause a fossil-fuel supply limitation with large eco-
nomic impact, and the environmental problems are both driving forces for actions
towards a more sustainable energy system. These actions include rationalization
of energy consumption, increasing energy efficiency, use of lower carbon-content
fuels (e.g. natural gas), CO2 capture and storage, which could allow for the use of
more abundant resources such as coal, and the use of renewable energy sources.

Stranded natural gas reserves have been estimated to about 66.24 Tsm3 in 2006,
corresponding to 36% of the proven reserves [2]. This share of natural gas is located
far from the final market. Therefore, there is an economic need to exploit stranded
gas reserves together with the environmental pressure to minimize the flaring of
oil-associated gas. Moreover, focusing the attention on energy consumption in the
transportation sector, biomass and natural gas can play a role in the reduction of the
oil share. No other renewable source but biomass can, at the moment, be directly
utilized for this sector. These two issues make the conversion of natural gas to
liquid fuels and the conversion of biomass to fuels (liquid and gaseous) interesting
processes.

Nowadays, the main technologies to convert gas into liquid fuels (GTL) are the

3
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production of oxygenates liquid compounds (di-methyl ether and methanol) and
the production of middle distillates via Fischer-Tropsch synthesis. As concerns
biomass, one of the tendency is to thermochemically convert it into synthesis gas
followed by the same processes as for GTL, if liquid fuels are desired, or by a
methanation step to produce synthetic natural gas.

1.1 Scope of the work

The objective of the work presented in this thesis is to study the effect of catalyst
properties and the influence of process parameters on the low-temperature Fischer-
Tropsch reaction. In particular, the work has been focusing on cobalt-based cat-
alysts, investigating the use of different supports, conventional ones and ordered
mesoporous silicas as model supports (Paper I-III), focusing on the correlation be-
tween hydrocarbon selectivities in conventional 3-dimensional and 1-dimensional
porous network supports, and the effect of pore morphology on selectivities.

Moreover, the effects of process parameters have also been studied, especially
a low H2/CO ratio, typical of a biomass-derived syngas (Papers I, IV, V). Since
water is the main product of the FTS and since cobalt catalysts have very poor
water-gas shift (WGS) activity, the possibility of a direct use of H2-poor syngas
has been investigated by mechanically mixing a copper-based WGS catalyst and a
cobalt-based FT catalyst in order to carry out internal shifting (Paper IV), focusing
on the importance of indigenously produced water. The experimental testing has
also addressed the effect of external water addition on the activity and selectivity
of different cobalt catalysts (Paper I, III, V)

The work included in this thesis was mainly conducted at the Department of
Chemical Engineering and Technology at Royal Institute of Technology (KTH),
Stockholm and to a smaller extent at the Department of Chemical Engineering,
NTNU, Trondheim.



Chapter 2

Synthetic fuels

2.1 The role of synthetic fuels

In order to overcome the upcoming energy problem from an economic and environ-
mental point of view, different solutions based on renewable and fossil resources
are investigated. The approach depends on the resources available in each country
and political choices.

Currently, the fossil fuels account for most of the world’s primary energy sup-
ply, as shown in Fig. 2.1. The share of renewable energies1 is about 13% while the
oil share accounts for about one third of the total primary energy supply. A similar
situation can be found for the European Union, while for what concerns Sweden,
the share of renewables accounts for more than one third of the total primary en-
ergy supply. Focusing on the final consumption of oil products for the whole world,
it can be seen that the transportation sector accounts for the largest share. These
figures are well representative also for the EU and Sweden.

Scientific opinions about the ongoing climate change commonly agree that its
nature is mainly related to anthropogenic activities [3]. Many countries have rati-
fied the Copenhagen Accord (2009) to reduce greenhouse gas emissions. The EU
adopted an integrated energy and climate change policy in December 2008, in-
cluding ambitious targets for 2020 such as cutting greenhouse gas emissions by
20-30% and increasing the share of renewables to 20% of the gross final energy
consumption [4]. Sweden, as EU member, has a target of 50% of renewables in the
final energy consumption by 2020. Moreover, for the transportation sector, which
accounts for a very important part of the CO2 emissions (27.4% for Europe [5]) and
being the most oil-dependent sector, the Swedish target for 2020 includes a biofu-
els increase to 10%, currently 5%. From an environmental point of view, it has to

1the term renewable energies includes biofuels, waste, hydroelectric, solar, wind and geothermal energy.

5
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Figure 2.1: Total primary energy supply for the World and detailed use of oil products per
sector (top left), European Union-27 (top right), Sweden (bottom). Below each chart the total
primary energy supply is indicated [5].

be also mentioned that road transport also produces appreciable quantities of lo-
cal emissions such as fine particulate matter, volatile organic compounds and other
forms of local pollution. According to the World Energy Outlooks from IEA [6]
the CO2 emissions from the transportation sector will increase from 6.5 Gt in 2009
to 7.2-7.7 Gt by the year 2020, depending on the policy scenario and thus making
this sector crucial for reaching emission targets.

Today, commercial biofuels for transportation are ethanol from sugar and
starchy crops, and biodiesel from oilseed crops and animal fat. The main non-
economic barriers for expanding the use of conventional biofuels are the demand
for land and water, and the resulting competition with food and fibre production,
as well as the threat to biodiversity [6].

Considering these constraints, and other factors, such as high oil prices, inse-
curity about the stability of the oil supply chain and about the sufficiency of oil
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reserves in the long term, the need for alternatives becomes significant.
Therefore, cleaner fuels such as natural gas itself, and synthetic fuels, which

can be produced from natural gas or "woody" biomass feedstocks, will likely play
an important role. Advanced bio-synthetic fuels, the so-called "second generation"
bio-fuels, have as raw material ligno-cellulosic feedstocks, such as wood, and agri-
cultural residues, such as straw, as well as perennial "woody" crops. Their main
advantage is that they relay on non-"foody" biomass. These fuels mainly com-
prise DME (di-methyl ether), cellulosic ethanol and Fischer-Tropsch products and
bio-SNG.

Concerning the Fischer-Tropsch diesel, it has a lower local environmental im-
pact than conventional diesel, since it is practically free of sulphur and nitrogen
compounds and yields lower exhaust emissions of hydrocarbons, CO and particu-
lates [7].

Furthermore, the necessity of exploiting remote gas fields and reducing CO2
emissions caused by flaring of gas associated with oil fields have increased even
more the interest in technologies for converting natural gas into liquid fuels. Possi-
bly, even coal may be used as feedstock for transportation fuels helping to decrease
oil dependency, but increasing the CO2 emissions substantially, if no CO2-capture
and storage technology is implemented.

2.2 Conversion to synthetic fuels

As mentioned above, different feedstocks can be converted into synthetic fuels,
usually liquid fuels. The process is named according to the feedstock: gas-to-
liquid (GTL), biomass-to-liquid (BTL) and coal-to-liquid (CTL). If the conversion
is performed via Fischer-Tropsch (FT) synthesis, the raw material is converted first
into synthesis gas, a mixture of CO and H2, which is subsequently reacted to form
hydrocarbons.

The general process scheme can be divided into three main steps which consist
of synthesis gas manufacturing, the FT synthesis and the product upgrading (see
Fig. 2.2). The first step is dependent on the feedstock and it will be described more
in detail in the next sections. In the second step, which will also be described in
a dedicated chapter (Chapter 3), the synthesis gas is converted into a large spec-
trum of hydrocarbons with different chain lengths, depending on the catalyst and
the process parameters. Some of the FT products can be directly used such as high
quality waxes suitable for e.g. food, cosmetics and medical applications. However,
in order to obtain high quality fuels hydrocracking of the wax is needed. Hydroc-
racking is a selective process, which converts the heavy hydrocarbons into lighter
products, for example naphtha, kerosene and diesel oil. In this process C-C bond
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Figure 2.2: Schematic drawing of a Fischer-Tropsch plant. Adapted from [8].

breaking takes place in the presence of hydrogen. The linearity of the Fischer-
Tropsch naphtha is a drawback for gasoline production. The octane number of
the hydrocracked wax is improved by processes such as isomerization, catalytic
reforming, alkylation and oligomerization. The naphtha is therefore better used as
feedstock for the petrochemical industry.

2.2.1 Gas-to-liquid

As mentioned above, GTL is on of the possible options for making stranded natural
gas reserves commercially attractive. The chemical or cryogenic conversion of
this natural gas into an easily transportable liquid is usually chosen for distances
larger than about 3000 kilometers when the costs of a gas pipeline are too high for
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Table 2.1: Commercial low-temperature Fischer-Tropsch plants.

Company Location Capacity Operation start[bpd]
Shell Bintulu, Malaysia 14,700 1993
Sasol-Quatar Petr. "Oryx" Ras Laffan, Quatar 34,000-68,000 2002
Shell "Pearl" Ras Laffan, Quatar 140,000 2011-12

connecting the market with the gas resource. The cryogenic process consists of
condensation to obtain liquified natural gas (LNG). Chemical conversion consists
in the production of methanol, DME or hydrocarbons via FT.

Gas-to-Wire (power generation adjacent to an oil/gas field) has also been found
to have similar application distances as pipelines [9].

Focusing on the cobalt-based FT plants, Table 2.1 shows the main commercial
ones. It can be noticed that the capacity has been increasing by an order of magni-
tude in the last two decades. Economic issues still have to be overcome for smaller
scale applications.

Syngas manufacture for Fischer-Tropsch applications

The main technologies for converting natural gas to syngas are: catalytic steam
methane reforming (SMR), autothermal reforming (ATR) and partial oxidation
(POX). The predominant commercial technology for syngas generation has been,
and continues to be, steam methane reforming (SMR), in which methane and steam
are catalytically and endothermically converted to hydrogen and carbon monox-
ide. An alternative approach is partial oxidation, in which methane and oxygen
are reacted non-catalytically producing a syngas mixture. The product composi-
tion depends on the technology used: SMR yields a syngas having a much higher
H2/CO-ratio (3 compared to about 1.8 for POX) [10].

A third approach is autothermal reforming (ATR), which combines partial oxi-
dation with catalytic steam reforming in a single reactor. The process is "autother-
mal" in that the endothermic reforming reactions are compensated by the internal
combustion (or oxidation) of a portion of the feed hydrocarbons (exothermic reac-
tion), in contrast to the external combustion of fuel characteristic of conventional
tubular SMR. The main disadvantage of both POX and ATR is that they require
pure oxygen and thus an air separator unit which accounts for a large part of the
investment for the production of synthesis gas [11]. A schematic representation of
these last two technologies is shown in Fig. 2.3. In the commercial large-scale FT
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Figure 2.3: Schematic of partial oxidation and autothermal reforming reactors [12].

plants, the two most used technologies are the ATR, provided by Haldor Topsøe,
for the SASOL Oryx plant, while Shell adopted a proprietary POX technology for
the Bintulu and Pearl plants.

2.2.2 Biomass- and coal-to-liquid or to gas

There are different ways to convert coal and biomass into a synthetic fuel such as
pyrolysis, direct liquefaction and indirect processes. This section will focus mostly
on the indirect processes which are connected to the Fischer-Tropsch applications.
The main difference between BTL (and CTL) and GTL lies in the first step of the
process where syngas production requires the gasification of a solid feedstock.

Historically, in 1926 the Fischer-Tropsch process was developed by two Ger-
man scientists, Franz Fischer and Hans Tropsch, as a means to indirectly convert
coal into a liquid fuel. The largest modern development of this technology has
taken place in the Republic of South Africa which is a petroleum-poor but coal-
rich country [13].

Currently, the only operational CTL plants are in South Africa. Sasol One, now
Sasol Chemical Industries, became operational in the late 1950s. Sasol Two and
Three at Secunda were built in 1974 and 1978. The two plants, now combined into
one, produce approximately 160,000 bpd.

Concerning biomass, the first power plant producing FT-synthetic fuel was
started in 2003 in Germany by Choren and Süd-Chemie producing 7.5 bpd. Shell
and Choren planned a demo-plant with a capacity of 340 bpd in 2007 but Choren
Industries filed for insolvency in July 2011. A Bio-DME plant was inaugurated in
2010 at Chemrec’s development plant in Piteå, Sweden.
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Neste Oil and Stora Enso in Finland inaugurated a demonstration unit in 2009
for BTL production utilising forestry residues. BioTfueL is a joint project launched
by a consortium of five French-German companies in 2010. The project includes
the construction and operation of two Fischer-Tropsch based pilot plants in France
to produce biodiesel and biokerosene. The plants are scheduled to go into oper-
ation at the end of 2012 [14]. Neste Oil and Stora Enso in Finland inaugurated a
demonstration unit in 2009 for BTL production utilising forestry residues.

It has to be mentioned that another possibility that has attracted much attention
lately for the conversion of biomass into fuels is the production of bio-synthetic
natural gas (SNG), the so called biomass-to-gas (BTG). A pilot plant for SNG
production has been built up in Güssing, Austria, by a Swiss-Austrian consortium.
In Sweden, with the GoBiGas project led by Göteborg Energi AB, a large-scale
plant with a capacity of 20 MW bio-SNG production is being built. [15]. Moreover,
the E.ON Bio2G project has planned the construction of a gasification plant with
200 MW production.

A very important remark about biomass-to-fuel conversion is that one of the
main problems lies in the low energy density (1-2 GJ/m3) of this feedstock which
results in high transportation costs, while on the other hand, an on-site conver-
sion will limit the plant size and thus the economy of scale. Pretreatment of the
biomass such as torrefaction could significantly increase the energy density and
thus decrease the transportation costs.

New concepts have also been proposed in order to increase the energy effi-
ciency and at the same time improve the economics of BTL and BTG such as the
integrated co-production [16]. In this concept, shown in Fig. 2.4, the off-gases from
the FT reactor and the gaseous hydrocarbons produced in the gasifier become a de-
sired product as SNG instead of being re-converted to syngas and thus decreasing
the overall process energy efficiency. In fact, the off-gases from the FT reactor con-
sist of unconverted syngas and short-chain hydrocarbons and typically, as shown
in Fig. 2.2, part of these off-gases are recycled back to a steam reformer.

Syngas production via gasification

Gasification consists of conversion of solid carbonaceous materials into a gas. The
selection of gasification technology has major impact on the characteristics of the
product gas composition. The main technologies includes:

• moving bed

• fluidized bed

• entrained flow.
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Figure 2.4: Integrated co-production concept. Adapted from [16].

Also, the different operational modes influence the gas composition. The main
ones are:

• pressurized/atmospheric

• heating mode (direct or allothermal)

• different oxidizing agents (air, pure oxygen, steam addition)

For fuel production the most suitable gasification technologies are the entrained
flow (EF) gasification and the pressurized fluidized bed (FB), oxygen blown and
directly heated [17].

EF gasifiers can be seen as plug-flow reactors, where oxygen (plus steam) and
feedstock are fed co-currently. The EF works at lower contact time (2-5 s) and
higher temperature (1100-1400 °C) than FB, resulting in a higher concentration
in the product gas of CO and H2, together with lower CH4. Moreover, a higher
temperature results in lower amounts of tars, which are polyaromatic hydrocarbons
that can condense downstream on colder surfaces. The main limitation of this
technology is the particle size for the feedstock (<1 mm). This fact limits the use of
the technology for biomass due to the high energy costs of milling in comparison to
coal. This technology is more suitable for biomass feedstocks such as black liquor,
which is the spent cooking liquor from the pulp and paper industry. An option
for overcoming this problem is the torrefaction of the biomass, which produces an
easier-to-mill intermediate [18].

The FB uses a bed material, usually sand or char, which ensures an intense abra-
sion action that tends to remove any surface deposits from the feedstock particle
and exposes a clean reaction surface to the surrounding gases. The residence time
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Table 2.2: Typical syngas composition of gasified woody biomass in FB gasifiers at 20 bar,
950 °C with oxygen and steam [20].

Gas component [vol]
[%]

H2 29.6
CO 30.3
CO2 38.3
CH4 6.8
H2S 0.024
N2 4.6
C6H6O 0.06
COS 0.0014
HCN 0.001

of a particle in this system is in the order of a few minutes. The temperatures are in
the range of 800-900 °C, due to ash melting problems (favored by the presence of
alkali) giving rise to sintering of the bed material. Because of this fact, the concen-
tration of methane and tars is larger in this type of gasifier requiring the presence a
tar cracking/reforming step.

Typical H2/CO ratios in product gases from biomass gasifiers range typically
between 0.45 and 1.5 [17]. Similar values are reported for coal [19]. As described
above, the composition of the syngas is a function of the process parameters and
the technology of choice. However, model biomass-derived syngas composition is
usually identified by a lower H2/CO ratio than that required by the stoichiometry
of the Fischer-Tropsch synthesis, as can be seen in Table 2.2.

The syngas leaving the gasifier needs to be conditioned and cleaned from pos-
sible catalyst poisons. Most of the cleaning steps are those required for natural
gas-derived syngas. The gas purification and conditioning must handle the follow-
ing impurities and undesired compounds [21, 22]:

• Sulfur compounds

• Nitrogen compounds (mainly ammonia).

• Halogens, e.g. chloride.

• Volatile metals, e.g. alkali and earth alkali compounds.

• Tars.
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Sulfur and alkali removal is usually performed by sorbants. The gas is then
cooled using heat exchangers and further filtered using bag or other barrier filters,
and scrubbed as a final step to remove ammonia, halides, and any remaining tars
and particulates. The last cleaning step is usually represented by ZnO-guard beds
to remove trace amounts of sulfur and meet the specification for further catalytic
conversion of the syngas.

A low temperature water-gas shift reactor can also be used to adjust the H2/CO
ratio as an alternative to a FT-catalyst that is also active for WGS.



Chapter 3

Fischer-Tropsch synthesis

The Fischer-Tropsch synthesis is an exothermic polymerization reaction that con-
verts CO and H2 mainly into water and linear hydrocarbons. It can be generalized
as follows:

CO + 2H2 =⇒−CH2 −+H2O ∆H298K = −165 kJ
mol

The main active phases that catalyze the FT reaction are iron, cobalt, nickel
and ruthenium. The last two options are not used industrially for this reaction due
to the high selectivity to methane for the former and the uneconomic price of the
latter. Cobalt has a price about 250 times that of iron, thus implying a substantially
higher active surface area (high metal utilization). Therefore, Co is deposited onto
a support, typically Al2O3, SiO2 or TiO2 [23]. Noble metal promoters, such as Pt,
Re, Ru, are usually added to improve the reducibility and selectivity of the catalyst.
Also structural promoters such as Mn, B, Zn, Si are not uncommon.

It has to be mentioned that for H2-poor syngas without an ex situ adjustment of
the H2/CO ratio by means of a WGS reactor, where CO and H2O are converted into
H2 and CO2, Fe is usually the catalyst of choice. In fact, as cobalt is not suitable
for performing internal shifting with the water produced from the FT reaction,
promoted Fe catalysts are excellent for WGS and can adjust the H2/CO-ratio in
situ. However, Fe-based catalysts are less resistant to high water partial pressure
and their kinetics has been reported to be inhibited by water [24, 25] resulting in a
lower maximum conversion per pass than for Co-based catalysts.

The FT reaction is operated at high pressure (commonly P=20-45 bar) and there
are currently two operating modes: a high-temperature FT (HTFT) in the range
of 300-350 °C and low-temperature FT (LTFT) in the range of 200-240 °C. This
temperature difference, together with the catalyst choice, determines the product

15
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Table 3.1: Comparison of advantages and drawbacks for slurry bubble column and multi-
tubular fixed bed reactors [26]

Slurry bubble column Multi-tubular fixed bed
Temperature control + -
Pressure drop + -
Product-catalyst separation - +
Intra-pellet diffusion limitations + -
Attrition - +
Catalyst replacement + -
Scale-up - +
Reactor Size + -

distribution [23]. In Fe-catalyzed HTFT, the main products are linear low molecular
mass olefins, gasoline and oxygenates. For LTFT, both Fe and Co can be utilized
and the main products are high molecular mass paraffin and linear products.

The two key elements for improving the FT technology are the catalyst design
and the reactor engineering which are highly interconnected. The two reactors used
commercially for LTFT are the slurry bubble column reactor and the multi-tubular
fixed bed reactor. Table 3.1 collects the main advantages and disadvantages of
these two technologies. In industrial applications, slurry reactors are mainly used
by Sasol while fixed-bed reactors are operated by Shell.

3.1 Fischer-Tropsch mechanisms

Numerous mechanisms have been proposed to describe the FT reaction. In all
mechanisms, independently of the pathway, three main processes can be dis-
tinguished: chain initiation, consisting on the formation of the chain starter;
chain propagation, i.e. the growing of the hydrocarbon chain and termination-
desorption [27]. The most commonly considered mechanisms can be divided into
two main groups [27–29]: one postulating direct CO dissociation, such as the
Satchler-Biloen mechanism [30] and those postulating that chemisorbed hydrogen
adds to CO before C–O bond cleavage: the so-called H-assisted CO dissociation
such as the Pichler-Schulz [31] and the "enol" mechanisms [32].

In the Satchler-Biloen mechanism, CO dissociates on the metal site into O∗ and
C∗, which is subsequently hydrogenated to CH2 (the monomer) as shown in Ta-
ble 3.2. Three chain-growth mechanisms, which differ in the chain initiator, evolve
via the incorporation of the monomer CH2: the "alkyl" mechanism [33], one of the
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most widely accepted, the "alkenyl" mechanism [34] and the "alkylidene" mecha-
nism [35]. In the "alkyl" mechanism, the chain-growth proceeds via a CH2-alkyl
coupling reaction. The termination via H-abstraction leads to an α-olefin, while
via hydrogenation to a n-paraffin. The "alkyl" mechanism cannot explain either
the formation of oxygenates or of branched hydrocarbons [27]. In the "alkenyl"
mechanism, a vinyl surface species (CH2=CH) acts as chain initiator to which
the CH2-monomer is added. Each growth step ends with an isomerization. This
mechanism fails to explain the primary formation of n-paraffins. The "alkylidene"
mechanism proceeds via coupling of two CH∗2 followed by a re-arrangement and
resulting in an alkylidene species. The chain growth proceeds via alkylidene-CH2
coupling and H transfer. Termination consist of desorption of an α-olefin.

In the Pichler-Schulz and the "enol" mechanism, the dissociation of CO is H-
assisted. For the former mechanism, the chain-growth proceeds through insertion
of CO∗ (the monomer) into the growing chain as shown in Table 3.3. For this rea-
son, this pathway is also called the CO-insertion mechanism. The termination re-
actions for the formation of hydrocarbons are identical to those for the alkyl mech-
anism. Termination can also involve oxygen-containing surface species which can
desorb as aldehydes or alcohols. The "enol"-mechanism proceeds via condensa-
tion of enol species with elimination of water. Termination reactions primarily
form olefins, aldehydes and alcohols.

Mixed mechanisms in which the CO dissociation is H-assisted but the chain
growth proceeds via CH2 insertion in the same fashion as the alkyl mechanism
have also been proposed [36, 37]. There is still no full agreement between dif-
ferent studies concerning the overall pathway, which is usually proposed to be a
combination of mechanisms running in parallel [27]. It follows that there is no
full agreement about the rate-limiting step and pathways for CO dissociation. Ac-
cording to Shetty et al. [38] direct CO dissociation prevails on Ru and Co surfaces
while according to Ojeda et al. [29], H-assisted CO-dissociation is the pathway for
Co-based catalysts.

3.2 Product distribution

The Fischer-Tropsch product distribution covers a large spectrum of compounds:
mainly linear hydrocarbons (α-olefins and n-paraffins) and to a smaller extent
oxygenates and branched products. The model product distribution is gener-
ally described with a polymerization reaction characterized by an addition of C1
monomers and a probability of chain growth α independent of chain length. This
type of product distribution is called ASF (Andersson-Shulz-Flory) and the weight
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Table 3.2: Direct CO-dissociation based mechanisms [30].

Monomer formation
CO∗ +2H−−−→

-H2O
C∗ +H−−→ CH∗ +H−−→ CH∗

2

Chain initiation
Alkyl mechanism [33]

CH∗
2

+H−−→ CH∗
3

Alkenyl mechanism [34]
CH∗ + CH∗

2 → CH2=CH∗

Alkylidene mechanism [35]
CH∗

2 + CH∗
2 → CH2-CH∗

2 → CH3-CH∗

Chain growth
Alkyl mechanism [33]
R-CH2 + CH2 → R-CH2-CH∗

2

Alkenyl mechanism [34]
R-CH=CH∗ + CH∗

2 → R-CH=CH-CH∗
2 → R-CH2-CH=CH∗

Alkylidene mechanism [35]
R-CH∗ + CH∗

2 → R-CH-CH∗
2 → R-CH2-CH∗

Termination
Alkyl mechanism [33]

R-CH∗
2

+H−−→ R-CH3 (n-paraffin)
R-CH2-CH∗

2
-H−−→ R-CH=CH2 (α-olefin)

Alkenyl mechanism [34]

R-CH2-CH=CH∗ +H−−→ R-CH2-CH=CH2 (α-olefin)

Alkylidene mechanism [35]
R-CH-CH∗

2 → R-CH=CH2 (α-olefin)



3.2. PRODUCT DISTRIBUTION 19

Table 3.3: H-assisted CO-dissociation based mechanisms

Chain initiation
CO-insertion mechanism [31]

CO∗ (monomer) +3H−−−→ CH2-OH∗ +2H−−−→
-H2O

CH3

Enol mechanism [32]

CO∗ +2H−−−→ H-C-OH∗ (chain initiator and monomer)
H-C-OH∗ +H−−→ H-CH-OH∗ (alternative monomer)

Chain Growth
CO-insertion mechanism [31]

R∗ + CO∗ → R-CO∗ +2H−−−→ R-CH-OH∗ +2H−−−→
-H2O

R-CH∗
2

Enol mechanism [32]

R-C-OH∗ + H-C-OH∗ −−−→
-H2O

R-C-C-OH∗ +2H−−−→ R-CH2-C-OH∗

R-CH-OH∗ + H-C-OH∗ +2H−−−→
-H2O

R-CH2-C-OH∗

Termination
CO-insertion mechanism [31]

R-CH∗
2

-H−−→ R-CH=CH2 (α-olefin)
R-CH∗

2
+H−−→ R-CH2-CH3 (n-paraffin)

R-CH-OH∗ -H−−→ RCHO (aldehyde)
R-CH-OH∗ +H−−→ RCH2OH (n-alcohol)

Enol mechanism [32]
R-CH2-C-OH∗ → H-C-OH∗ + R=CH2 (α-olefin)
R-CH2-C-OH∗ → RCH2CHO (aldehyde)
R-CH2-C-OH∗ +2H−−−→ RCH2CH2OH (alcohol)
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Figure 3.1: a) Ideal ASF distribution. b) Experimental product distribution for a Co catalyst.
Dashed line represents the ideal ASF. Adapted from [39]

fraction wn can described as function of the chain-growth probability as follows:

wn
n

= (1− α)2

α
· αn (3.1)

where n indicates the number of carbon atoms. In Fig. 3.1a, the product distri-
bution is plotted against α; assuming only hydrocarbon production, the maximum
straight-run diesel (C10-C20 fraction) yield achievable corresponds to about 40%
and a high selectivity to short-chain hydrocarbons is inevitable. To avoid this loss,
the FTS is designed for a very high α in order to maximize the wax production and
subsequently selective hydrocracking to the diesel fraction is performed [40, 41].

The α value is influenced by process parameters such as temperature, pressure,
feed composition (e.g. H2/CO ratio), contact time [42] and the properties of the
catalyst.

The so-called ASF plot, where the log(wn/n) is plotted against the carbon num-
ber ideally gives a straight line with α as slope. However, experimental product
distributions for Co catalyst in LTFT deviate from the ideal ASF, as can be seen
from Fig. 3.1b [43]. It can be noticed that the selectivity to methane is higher than
predicted by this model and the selectivity to C2 significantly lower. For standard
alkalised Fe-based catalysts, the C1 and C2 fractions, instead, do not deviate sig-
nificantly from the ASF distribution [44, 45]. Another significant deviation is the
presence of a double α, one between carbon number 5 to 10-20 followed by a
change in slope (higher chain-growth probability) for the longer HCs.

The high selectivity to C1 (SC1) has been explained by an increased surface mo-
bility of the methane precursor [46] and by different reaction mechanisms and/or
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active sites for methanation and chain growth [45, 47]. The low selectivity to C2
has been explained by a much higher readsorption rate constant for ethene com-
pared to higher α-olefins [48, 49]. In order to explain the higher chain-growth
probability of the higher HCs, a dependency on the extent of secondary reaction
of olefins has been proposed. The α-olefins, produced on Co, may readsorb on the
catalyst and react further to produce longer HCs (reinsertion or initiation) or they
may be hydrogenated to form the corresponding paraffins. The extent of α-olefin
readsorption has been proposed to increase with the carbon number (due to chain
length dependent diffusion rate, solubility in wax and/or physisorption) followed
by further chain growth [48, 50–52]. Other possibilities include the presence of
two different chain-growth mechanisms with different monomers on one [53] or
two [35] type/s of active site/s. The occurrence of different catalytic sites with
different chain-growth probabilities [54] and two different termination pathways
occurring on the same type of site [46] have also been suggested.

In refs. [48, 50] a model was developed, incorporating chain-growth kinetics,
diffusion and convection equations to account for mass transport in the liquid-filled
catalyst pores and in the gas phase which together govern the extent of secondary
reactions, which, in turn, accounts for the observed chain length dependency of
the FT product distribution. In particular, diffusivity of olefins was assumed as the
only parameter dependent on carbon number in order to explain the curve in the
product distribution at Cn=10-20 (i.e. double α).

Due to the above-mentioned deviations, a more rigorous approach [48] for de-
scribing the product distribution can be used by calculating the chain growth prob-
ability for each chain size according to Eq. 3.2:

αn = rg,n
rg,n + rt,n

(3.2)

where r indicates the molar rate and t, g termination and growth, respectively.
In this way it is possible to estimate the probability of termination and growth of
an individual C∗n surface species.

3.3 Effect of catalyst properties on the FTS

A comprehensive model describing the effect of catalyst pellet size, porosity, pore
size and active site density has been developed by Iglesia et al. [43, 50]. In this
work, the differences in product distribution for different catalysts have been de-
scribed as an effect of mass-transport restriction either on reactants’ arrival or on
removal of α-olefins.
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In this model, the Thiele modulus (Φ2) was expressed for reactants’ and/or
products’ (olefins) diffusion as a product of two components; Ψi - a term that
reflects the diffusivity and reactivity of the reactant molecules, and χ - a term that
reflects the catalyst structural properties, as follows:

Φ2
i = Ψi · χ = 2 · ki

De,i ·NA · C0
· r

2
0 · ε · θM
rp

(3.3)

where ki is an intrinsic reaction rate at pellet surface conditions, De,i the effec-
tive diffusivity (mfluid

3/mpellet, s), NA Avogadro’s constant, C0 the pellet surface
concentration, r0 the pellet radius, ε the pellet porosity, θM the active site density
(nb. of surface Co atoms/m2 internal surface) and rp the pore radius. Iglesia et
al. [43] found that for χ >500·1016 m-1, the selectivity to long-chain HCs, indi-
cated by the parameter SC5+ (see Fig. 3.2), and the one to methane were controlled
by CO diffusivity (at 473 K, 20 bar, H2/CO=2.1). For smaller value of χ, instead,
the selectivity was controlled by secondary reactions of olefins (enhanced α-olefin
readsorption). One of the assumptions made in this model is that De,i is not de-
pendent on the pore morphology. However, as pointed out by De Deugd [55], the
effective diffusivity is highly dependent on the porosity and tortuosity of the sup-
port material. When comparing widely different materials it is therefore advisable
to use the following correlation [56]:

De,i = εt
τ
·Di (3.4)

where εt is the porosity available for transport [57] (which equals ε (porosity)
for a 3-dimensional random porous network), τ the tortuosity and Di the free dif-
fusivity (mfluid

2/s). Substituting Eq. 3.4 into Eq. 3.3 gives the following structural
parameter:

χ = r2
0 · ε · θM · τ
rp · εt

(3.5)

The importance of secondary reactions on the SC5+ has, however, recently been
questioned [58–60] and Co particle-size effects [59, 61, 62], as well as effects of
the support material [59], on the chain-growth probability and, accordingly, on the
SC5+ have been presented.

3.3.1 Structure sensitivity of the FTS

A particle size effect for cobalt particles with diameter smaller than 6-8 nm has
been proven. A decreased turnover frequency (TOF, s-1) coupled to an increase in
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Figure 3.2: Effect of structural properties and site density on SC5+. Adapted from [50].

methane selectivity has been shown for particles smaller than this threshold diame-
ter both on an inert carbon nanofiber support [61, 62] and on conventional alumina
supports [59]. These effects can be seen in Fig. 3.3a, where the TOF increases with
particle size up to around 6 nm after which it levels off. The methane selectivity
(Fig. 3.3b) decreases with particle size up to around 6 nm after which it levels off.
These effects have been explained by a lower coverage of CHx and a larger cov-
erage of H (under the assumption of CHx hydrogenation as rate-limiting step). A
relatively constant TOF at constant process conditions has been reported for differ-
ent catalysts in several studies [39, 61–64] resulting in a linear correlation between
the metallic surface area and the cobalt-time yield.

It has been proposed [65, 66] that CO dissociation takes place at unique sites,
called B5-sites, which are active sites located at the step-edges where π-bond cleav-
age is favored. The fact that the TOF is independent of particle size for larger par-
ticles suggests that the B5-site concentration has to be comparable in all catalysts.
Interestingly, in [67] it has been found that a flat Co surface undergoes a severe
surface reconstruction under FT reaction conditions (0.4 MPa, 520 K, H2/CO=2,
reaction time=1 h). Using a scanning tunneling microscope, it was shown that a
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Figure 3.3: CO particle-size effect on the specific rate (left) and on methane selectivity
(right) for cobalt supported on carbon nanofibers. (�) P=1 bar, T=210 °C, H2/CO=2; (•) P=35
bar, T=210 °C, H2/CO=2. Adapted from [62].

large portion of the uppermost Co atoms occupies edge sites. It was also suggested
that mobile subcarbonyl species were responsible for this behavior.

Besides different specific activities of cobalt surface sites in smaller and larger
cobalt particles, cobalt phase composition could also affect FT catalytic perfor-
mance [68]. The two main phases of metallic cobalt (face centered cubic (fcc),
hexagonal close packed (hcp)), that can be present at FT conditions, have different
specific activities, the latter being more active for the FT reaction [69]. However,
cobalt cubic phase is usually the dominant phase when supported onto typical car-
riers such as alumina, silica and titania and reduced at relatively high temperatures
(>723 K) [68].

3.3.2 Support effects

The effect of support on FT reaction rate and hydrocarbon selectivity is still not
fully understood. Iglesia et al. [43] showed that FT specific activity was pro-
portional to metal dispersion and almost independent of the support for SiO2,
Al2O3, TiO2, ZrO2 modified by SiO2 and TiO2. The selectivity differences were
attributed to diffusion effects of reactants and products on secondary reactions
(olefin-readsorption). Other studies [59, 60, 70, 71], have instead questioned that
the support effect is only related to the extent of secondary reactions. The chemical
nature and the porosity of the support have been claimed to play an important role
especially concerning the selectivity of the FT reaction. Most of the effect can be
considered "indirect", in which the support influences the size and the reducibility
of the cobalt particle thus recalling the particle size effect described above. In fact,
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Figure 3.4: Schematic representation of pore structure of SBA-15. Perpendicular to z-
direction (left), section along the z-direction (right). Adapted from [80].

the different supports and their porosity can strongly change the size of the sup-
ported Co crystallite [9, 72], especially when incipient-wetness impregnation (see
section 4.2) is used as preparation method.

It has also been shown that there is a correlation between the extent of interac-
tion with the support and the Co particle size. The smaller the particle, the stronger
the degree of interaction with the support, which usually results in a lower re-
ducibility [73].

Recent studies [72, 74–76], have reported the use of ordered mesoporous silicas
(OMS), such as SBA-15 and MCM-41, as support for FT catalysts. The main
property of these supports is a very narrow pore-size distribution which can, as a
model catalyst, allow a better understanding of the pore-size effect. In addition,
SBA-15 has also attracted much attention for its notable hydrothermal stability,
thick pore walls and adjustable pore size (from 5 to 30 nm) [77, 78], making it
attractive for metal particle size control, enhancing metal dispersion and hindering
active phase sintering [79]. As shown in Fig. 3.4, the SBA-15 is characterized by
parallel channels in a hexagonal structure interconnected by micropores.

In ref. [72], OMS were prepared and tested in FTS. The effects of support were
mainly considered "indirect" and related to the size of the Co particles and their re-
ducibility, which, in turn, is coupled to the support pore size. The study concluded
that small particles in narrow pores showed lower activities and higher methane
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selectivities, likely due to lower reducibility of small cobalt particles.
In refs. [9, 63], a significant effect of support on selectivity was also shown.

The selectivity increased in the order Al2O3<SiO2<TiO2. The difference was cor-
related both with pore-size effect and with particle diameter. The same research
group, in [59], comparing γ- and α-Al2O3 speculated that the different selectivi-
ties between supports could also be related to the chemical nature of the support
and not only to the indirect effect of pores on Co particle size. Furthermore, a sig-
nificant effect of TiO2 on both rate and selectivity has been reported [63, 81, 82].
In particular, a higher TOF and a higher selectivity to C5+ has been measured for
TiO2-supported Co catalysts. According to [81, 82], these results can be associated
to the effect of titania decoration, that can occur upon reduction, which gives rise
to a direct interaction between CO and the Lewis acid site of TiOx (partly reduced
titania species, with x<2) resulting in an increased CO dissociation-rate and active
monomer concentration. Another possibility that can explain the higher TOF is
that the measured dispersion is underestimated due to the presence of decoration.

3.4 Effect of process parameters on rate and selectivity

The main process parameters that can influence the catalytic behavior are tem-
perature, pressure, contact time and feed composition (i.e. H2/CO). An increasing
temperature will result in an increased FT rate and a shift of the selectivity towards
shorter hydrocarbons [83]. On the contrary, an increase in total pressure will result
in a shift to heavier HCs but also in a rate increase. The higher contact time (lower
space velocity) would result in an increase of heavier products, a reduced selectiv-
ity to methane and a decreased olefin-to-paraffin ratio. This could be explained by
a higher extent of secondary reactions [43] and/or an effect of the higher water par-
tial pressure caused by a higher conversion [60, 63, 84, 85] (see also section 3.4.1).
An increase of the H2/CO ratio will result in an increased rate, since PH2 has a
positive effect on rate while that of PCO is negative, and the selectivity will instead
be shifted to lower molecular weight HCs.

3.4.1 Effect of water

Water is the main product of the FT reaction and its influence on the catalytic be-
havior has attracted much attention. Two extensive reviews [86, 87] summarize the
findings of numerous publications on water effects on Co-based catalysts supported
on different carrier materials. Traditionally, the rate expressions for Co-based FT
catalysts have only contained the partial pressures of H2 and CO, in which, gen-
erally, the reaction order in PH2 is positive while that in PCO is negative [42, 88,
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Figure 3.5: Space-time yield of hydrocarbons for the 12%Co, 0.5%Re/γ-Al2O3. Reaction
conditions: 483 K, Ptot=25 bar, Psyn=18 bar, PHe+H2O=7 bar, H2/CO=2.1. Dashed line indicates
inlet water concentration. Adapted from [85].

89]. A classic kinetic rate expression is presented in Eq. 3.6 [88], where a and b
are temperature-dependent parameters.

r = aPCOPH2
(1 + bPCO)2 (3.6)

More recent publications include a kinetic water term [90, 91]. The studies on
the effect of water are usually performed by externally adding water to the feed
stream. It is mostly reported and generally accepted [63, 85, 87] that water has
a positive effect on the selectivity to C5+ and a negative one on the selectivity to
methane [92]. The effect of water and its extent on the rate have been shown to
be strongly support dependent: it has been reported to be mostly positive for TiO2-
[39, 63, 82] and SiO2-supported Co-catalysts [63, 84, 91, 92]. However, in ref. [93],
the effect of external water addition was studied on both narrow-pore SiO2 and
wide-pore SiO2-supported Co showing a clear positive effect only for the wide-
pore silica as support. Also, there are several publications reporting a negative
effect on the rate for narrow-pore γ-Al2O3 [63, 94–96]. However, a recent study
from our research group [85] showed that the effect of water is positive also for
cobalt supported on narrow-pore γ-Al2O3. The reason for the disagreement among
different studies for this type of support is probably due to a rapid deactivation of
the catalyst masking the positive kinetic effect, as can be seen in Fig. 3.5.
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Different explanations of the positive effect of water on the FT rate of Co cat-
alysts have been given: removal of mass-transport restrictions [48, 87], removal
of site-blocking carbon/intermediates [90] and a direct kinetic involvement of wa-
ter [82, 97]. The removal of mass-transport restrictions has been explained by the
fact that an intra-pellet water-rich phase would result in a higher diffusivity of
the reactants through the wax-filled pores [48, 87]. In van Steen and Schulz [90]
small amounts of water were suggested to clean the catalyst surface from carbon
inhibiting the FT reaction, while large amounts of water reduce the active surface
carbon concentration so much that the rate of reaction decreased. Bertole et al. [82]
proposed that water increases the surface coverage of active carbon species by ac-
tivating the CO dissociation, and Claeys and van Steen [97] proposed that water
also supplies a source of surface hydrogen, and hence increases the availability of
the active surface monomer.
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Chapter 4

Supports and catalyst preparation

4.1 Preparation of supports

4.1.1 Conventional supports (Papers I, II, IV, V)

All four commercial supports used in this study were pre-treated in air prior to im-
pregnation. In particular, the γ-Al2O3 (Puralox SCCa-5/200 from Sasol) and SiO2
(Kieselgel, Merck, type 1) support materials were calcined in flowing air at 773
K (ramp=1 K/min), for 10 h and 4 h, respectively, while TiO2 (Degussa P25) was
calcined for 10 h at 973 K (ramp=1 K/min). The α-Al2O3 support was prepared
from the γ-Al2O3 support by calcining it in flowing air at 1373 K for 10 h.

4.1.2 Ordered mesoporous silica (Papers II, III)

Five different mesoporous SBA-15 supports were synthesized: pristine SBA-15
and four samples doped with Al or Ti in different amounts (5 and 10 wt% as Al2O3
or TiO2). SBA-15 was prepared according to the procedure described in [77]. In
a typical preparation, 8.1 g Pluronic P123 (Aldrich) was dissolved in 146.8 g dis-
tilled water plus 4.4 g of conc. HCl and stirred overnight at 308 K. 16 g TEOS
(Si(OC2H5)4), Aldrich) was added to this solution and stirred for 24 h at 308
K. The suspension was aged at 373 K for 24 h. The solid product was filtered,
washed with water and calcined at 823 K for 5 h in air (heating rate=1 K/min).
TixSBA-15 and AlxSBA-15 samples were synthesized using similar procedures by
adding an appropriate amount of titanium or aluminum precursor (i.e. titanium(IV)
isopropoxide or aluminum sec-butoxide, respectively) during the synthesis of the
mesoporous silica, the so-called direct synthesis. In this case, in order to avoid
phase segregation, the pre-hydrolysis of TEOS (308 K, 5 h) was necessary be-
fore adding the appropriate amount of titanium or aluminum precursor [98]. The
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addition of a dopant agent was used in order to study its effects on both particle
morphology and on the chemical nature of the support.

4.2 Catalyst preparation

Cobalt-based catalysts used in this work were prepared by three different methods:
incipient wetness impregnation (IW) , wetness impregnation (WI) and microemul-
sion (ME). Co-precipitation was used to prepare the copper-based water-gas shift
catalyst.

The first technique is based on the pore volume of the support being completely
filled with a solution of the precursor salt of the active component until the solution
starts to wet the surface of the support. The second technique proceeds like the first
one with the only difference lying in the larger volume of solution compared to the
total pore volume of the support used. A microemulsion is a colloidal suspension
of water, oil and surfactant. This system is an optically isotropic and thermody-
namically stable suspension that can be used as nanoreactors for the synthesis of
metal particles. The main advantage with the ME technique is the possibility of
achieving a narrowly distributed particle size and basically not strictly related to
the support pore diameter, which is beneficial when the structure sensitivity of a
reaction is the matter of study.

In the co-precipitation technique, the support and the active phase are formed
at the same time. The metal salt and the precursor of the support material are
typically dissolved in water and precipitated as hydroxides or carbonates by adding
a base under stirring. The precursors are then washed and calcined to form the
corresponding oxides.

4.2.1 Conventional supported cobalt catalysts (Papers I, II, IV, V)

For the IW preparations, the support materials were impregnated with aqueous
solutions of Co(NO3)2·6H2O (ACS reagent, P>99.0%, Fluka). In Papers IV and V,
γ-Al2O3 was the support of choice and no promoters were added, while in Paper
II, SiO2 was used for two catalysts, one of which was promoted with a 0.5 wt%
Ru through co-impregnation of the Co precursors and Ru(NO)(NO3)x(OH)y, (x +
y=3) (Aldrich). Three impregnations, with intermediate drying at 373 K for 1 h,
were used. The alumina catalysts were then dried at 393 K for 3 h and calcined in
air at 573 K for 16 h (heating rate=1 K/min), while the silica/SBA catalysts were
dried for 5 h at 393 K and subsequently calcined in air at 673 K for 4 h (heating
rate= 1 K/min).
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For the work reported in Paper I, 36 catalysts were prepared. For the IW pre-
pared catalysts, the same precursors and calcination as for the alumina catalysts de-
scribed above were used. In some cases, HReO4 (Alfa Aesar) or B2O3 (P>98.0%,
Fluka) was added to the Co-precursor solution. In two cases, an aqueous solu-
tion of CoCl2·6H2O (99.9% (metal basis), Alfa Aesar) was used instead of cobalt
nitrate. One of the IW catalysts prepared from CoCl2 was, however, calcined at
773 K as CoCl2 was found not to decompose at the lower temperature. For the
ME preparations, the following components were mixed in order to form the mi-
croemulsion:

• Oil phase (69.8 wt%): cyclohexane (ACS reagent, P>99.0%, Sigma Aldrich)

• Surfactant (19.9 wt%): Berol 02, polyoxyethylene (6) nonylphenyl ether
(Akzo Nobel)

• Water phase (10.3 wt%): aqueous solution of CoCl2·6H2O and HReO4.
[Co2+] in water phase: 0.12 M. [Re7+] in water phase: 1.6 mM.

In order to form a sol of Co particles from the microemulsion, a NaBH4 (98%
min, Alfa Aesar) aqueous solution (10 M) was added as reducing agent. A molar
ratio BH4

- /Co2+ of 3 was used. The reduction step was performed in an inert (N2)
atmosphere in a glove bag. The Co-containing particles were deposited onto the
supports by destabilisation of the organosol with acetone (50 cm3 acetone/100 g
sol) in the presence of the support under vigorous stirring for 2–3 h. In total, for
γ-Al2O3 and TiO2, six depositions were made in which approximately 2 wt% Co
(and 0.083 (= 0.5/6) wt% Re) was added to the support in each deposition to finally
reach a Co loading of 12 wt%. For α-Al2O3 , a Co loading not higher than 4.4 wt%
was achieved after 10 depositions, as only a small proportion of the Co particles
were attached to the support. After each deposition, the catalyst powders were
washed with ethanol, acetone and water at room temperature and then dried at 323
K overnight. After the final deposition and wash, the ME catalysts were dried for at
least 16 h at 323 K and then calcined in air at 573 K for 16 h (ramp=1 K/min). The
majority of the added Re was found to be removed in the wash. Three catalysts
were exposed to hydrothermal treatment after being prepared by the IW or ME
techniques, and one IW-prepared catalyst was additionally reduced and oxidised.
In the hydrothermal treatment, the catalysts were exposed to water vapor at 873 K
in flowing air for 5 h.

The Co-catalyst reduction was, in general, performed in situ in pure hydrogen
flow at atmospheric pressure for 16 h at 623 K (heating rate= 1 K/min).
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4.2.2 SBA-supported cobalt catalysts (Papers II, III)

A cobalt loading of 12 wt% was used for all catalysts. The support materials were
impregnated with aqueous solutions of Co(NO3)2· 6H2O (ACS reagent, P>99.0%,
Fluka). One catalyst was promoted with 0.5 wt% Ru by co-impregnation from
Ru(NO)(NO3)x(OH)y, (x + y= 3) (Aldrich) as precursor. The catalysts were there-
after dried for 5 h at 393 K and subsequently calcined in air at 673 K for 4 h
(heating rate: 1 K/min). The catalysts were reduced using the same procedure
described above.

4.2.3 Water-gas shift catalyst (Paper IV)

A Cu-based WGS catalyst was prepared. In order to avoid residual alkali metals,
which have been reported to be detrimental to the FT activity of Co catalysts [99], a
co-precipitated 30 wt% Cu-30 wt% ZnO-Al2O3 catalyst was prepared according to
ref. [100]. In brief, aqueous ammonia was added to an aqueous solution of nitrates
of Cu, Zn and Al to form a precipitate at a pH value of around 7. The resultant gel
was dried in air at 373 K for 12 h and then calcined at 773 K for 3 h.

4.3 Support and catalyst characterization

4.3.1 N2 adsorption

Brunauer-Emmet-Teller (BET) surface area and porosity measurements were per-
formed in a Micromeritics ASAP 2000/2020 unit. The samples were evacuated and
dried at 523 K overnight prior to analysis. The BET area was estimated by N2 ad-
sorption at liquid nitrogen temperature at relative pressures between 0.06 and 0.2.
For SBA-15, pristine and doped, the pore size distribution was derived from the
adsorption branch by using a nonlocal density functional theory (NL-DFT) model
developed by Jaroniec at al. [101] for ordered mesoporous silica with cylindrical
pores, while for other supports and calcined catalysts on all supports the classical
Barret-Joyner-Halend (BJH) model was applied.

4.3.2 Hg porosimetry

For catalysts where the macropore contribution to surface area and pore volume
is significant, N2 adsorption ceases to be useful [102]. α-Al2O3 and TiO2 sup-
ports and the respective catalysts were characterized in a Micromeritics Mercury
Porosimeter, AutoPore IV.
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4.3.3 Temperature-Programmed Reactions

Different temperature-programmed experiments were used to study different prop-
erties of supports, fresh and spent catalysts. H2 temperature-programmed reduction
(TPR) was used to study the reducibility of the fresh catalysts. TPR measurements
of the calcined catalysts (0.1-0.2 g) were conducted in a Micromeritics Autochem
2910 flowing 30 ml/min of 5 vol% H2 in Ar and increasing the temperature from
ambient to 1200 K (heating rate=10 K/min) while monitoring the H2 consump-
tion on a thermal conductivity detector (TCD). The degree of reduction (DOR, %)
was estimated with H2-TPR of the in situ reduced catalysts. 0.15 g calcined cat-
alyst was reduced at 623 K (1 K/min) for 16 h in flowing H2, then flushed with
inert gas for 30 min. Afterwards, the flowing gas was changed to 5 vol%H2 in
Ar and the temperature was increased from 623 to 1200 K (10 K/min) monitoring
H2 consumption. The TCD was calibrated with Ag2O as standard. The DOR was
calculated assuming that unreduced cobalt after the reduction pre-treatment was in
the form of Co2+ according to Eq. 4.1.

DOR = 1− ATCD · f
XCo
AWCo

(4.1)

where ATCD is the integration of the TCD signal, normalized per mass catalyst;
AWCo is the atomic weight of Co (58.9 g/mol) f is a calibration factor correlating
area of the TCD signal and the H2 consumed; XCo is the cobalt loading.

The acidity of the SBA-15 oxides was determined by measurements of
temperature-programmed desorption of ammonia (NH3-TPD). The measurements
were performed with a Micromeritics Autochem 2910 apparatus equipped with a
TCD and a mass quadrupole spectrometer (Thermostar, Balzers). The sample, 0.1
g, was out-gassed in a 5 vol% O2 in He flow at 773 K for 1 h, followed by ammonia
saturation by flowing a 5 vol % NH3/He stream (30 ml/min) at room temperature
for 1 h. After purging with 100 ml/min He flow for 1 h at 373 K and then cooling
down to room temperature, the catalyst was heated under He (30 ml/min) at a rate
of 10 K/min to 1273 K and the ammonia desorption was continuously monitored
by the TCD. In order to determine the total acidity of the catalyst from its NH3
desorption profile, the area under the curve was integrated.

Temperature-programmed hydrogenation (TPH) was performed on spent cat-
alysts to investigate the presence of amorphous polymeric carbon/site blocking
species. A flow of pure H2 (130 Nml/(min, gcat)) was passed through the cata-
lyst bed while the temperature was increased to 973 K (heating rate=5 K/min) and
the evolution of methane was monitored during the treatment by a Balzers QMA
700 mass spectrometer (m/z=15, to avoid interference from ionized oxygen from
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water vapor as in [103]).

4.3.4 Oxygen titration

Oxygen titration is another technique used to estimate the degree of reduction
(DOR) of the catalysts. A series of pulses of oxygen was passed through the cat-
alyst bed at 673 K [104] until no more oxygen uptake could be detected by the
TCD. The degree of reduction was calculated assuming that, at this temperature,
all cobalt in metallic form was oxidised to Co3O4.

4.3.5 H2 chemisorption

In order to estimate the cobalt dispersion (D, %) and the cobalt crystallite size (d,
nm), hydrogen static chemisorption was performed on the reduced catalysts. The
chemisorption measurements were conducted on a Micromeritics ASAP 2020C
unit at 308 K, after reducing about 0.15 g of the calcined catalyst in flowing hy-
drogen at 623 K (heating rate: 1 K/min) for 16 h. The analyses were performed in
a pressure interval between 20 and 510 mmHg. Chemisorption isotherms were ex-
trapolated at zero pressure to determine the hydrogen adsorbed. The stoichiometry
was assumed to be two cobalt atom per molecule of hydrogen [105].

The average particle size of Co0, assuming spherical shape, was estimated ac-
cording to Eq. 4.2 [59, 104, 106]:

d(Co0)H = 96
D
·DOR (4.2)

4.3.6 X-Ray Diffraction and Small Angle X-Ray Scattering

Wide angle X-ray diffraction (XRD) measurements on the calcined catalysts were
performed on a Siemens D5000 instrument with Cu-Kα radiation (2θ=10-90º, step
size=0.02º) equipped with a Ni filter, operated at 40 kV and 30 mA. From the
diffractograms, the crystalline phases present in each sample were identified by
comparing them to the standard compounds reported in JCPDS and, furthermore,
an independent measurement of the crystallite diameters of Co3O4 was obtained
by making use of the Scherrer equation and assuming spherical crystallites [107].
The Co crystallite size was estimated from that of Co3O4 using the following for-
mula [108]:

d(Co0) = 0.75 · d(Co3O4) (4.3)

Small angle X-ray scattering (SAXS) was used for the investigation of the or-
dered mesoporous structure typical of SBA-15 oxide. The diffractograms were
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registered in the angular range 2θ=0.7-5º with a Bruker D5000 vertical goniome-
ter. A proportional counter and a 0.03º step size in 2θ with a counting time of 12 s
per step were used.

4.3.7 X-Ray Photoelectron Spectroscopy

X-ray photoelectron spectroscopy (XPS) refers to a technique where the sample
is hit by X-ray photons while emitting core photoelectrons as a function of elec-
tron energy. Since emissions are specific for each element and oxidation state it
allows for a quantitative chemical analysis. Analyses were performed with a VG-
Microtech ESCA 3000 Multilab, equipped with a dual Mg/Al anode. The spectra
were excited by the unmonochromatized Al Kα source (1486.6 eV) run at 14 kV
and 15 mA. The analyzer was operated in the constant analyzer energy (CAE)
mode. For the individual peak energy regions, a pass energy of 20 eV set across
the hemispheres was used. Survey spectra were measured at 50 eV pass energy.
The sample powders were analyzed as pressed in a stub holder lined with a gold
foil. The constant charging of the samples was removed by referencing all the
energies to the C 1s binding energy set at 285.1 eV arising from adventitious car-
bon. The invariance of the peak shapes and widths at the beginning and at the end
of the analyses ensured absence of differential charging. Analyses of the peaks
were performed using the software provided by VG, based on a non-linear least
squares fitting program using a weighted sum of Lorentzian and Gaussian compo-
nent curves after background subtraction according to Shirley and Sherwood [109,
110]. Atomic concentrations were calculated from peak intensities using the sensi-
tivity factors provided with the software.

4.3.8 Scanning and Transmission Electron Microscope

A field emission scanning electron microscope (FE-SEM) equipped with an energy
dispersive X-ray analysis (EDX) detector was used to characterize the supports and
catalyst morphologies. FE-SEM images were recorded with a high-brilliance LEO
1530 field emission scanning electron microscope equipped with an INCA 450
energy-dispersive X-ray spectrometer (EDS) and a four-sector backscattered elec-
tron detector (BSD). The characterization of the samples was carried out both in
secondary electron imaging (SEI) and BSD modes at different acceleration volt-
ages. Before the analysis, the surfaces were coated with a thin layer of carbon
to avoid charging effects. Transmission Electron Microscope (TEM) was used to
further characterize the morphology of the catalyst and to study the location of the
active phase. Conventional TEM was performed under bright-field diffraction con-
trast conditions. For EDX, the microscope was operated in scanning transmission
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electron microscopy (STEM) mode with a nominal probe diameter of ∼0.7 nm.
STEM images were acquired using an annular dark field detector, which provides
contrast that has a strong dependence on atomic number. The analyses were car-
ried out using a JEOL 2010F instrument operating at 200 kV. Some catalysts were
prepared for TEM by ultramicrotomy after embedding the sample in an organic
resin.



Chapter 5

Fischer-Tropsch reaction

5.1 Set-up and experimental procedures

The FT synthesis was carried out in a down-flow stainless-steel fixed-bed reactor
(i.d. 9 mm). The reactor tube was heated by means of an oven, regulated by a
cascade temperature controller with one sliding thermocouple in the catalyst bed
and another one placed in the oven. This system, together with an aluminum jacket
placed outside the reactor, allowed for an even temperature profile along the cat-
alyst bed (±1 K). The gases were purified from residual contaminants that could
poison the catalysts by means of traps upstream the reactor. The reaction products
were separated by means of two consecutive traps. The heavy HCs and most of the
water were condensed in the first one kept at 393 K, while lighter HCs were col-
lected in the second one at room temperature. The product gases leaving the traps
were depressurized and analyzed on-line by means of a gas chromatograph (GC)
Agilent 6890. A detailed description of the experimental rig is given in Fig. 5.1.

Usually a catalyst loading between 0.7-2 g (pellet size: 53-90 µm) diluted with
SiC (average pellet size: 75 µm) was used. The weight ratio between the cata-
lyst and the SiC was 1:5. The reference case process conditions were: T=483 K,
Psyngas=20 bar, H2/CO=2.1.

Prior to catalytic testing, the reactor was pressurized with He and tested for
leaks. Subsequently, the system was de-pressurized to atmospheric and the catalyst
was reduced according to the procedure described in section 4.2.1. After reduction,
the catalyst was cooled to 453 K and the gas lines were flushed with He for 30
minutes, then the system was pressurized to 20 bar (or 30 bar, in some cases) in
He flow. When the system pressure was stabilized, the flow was switched to the
reactant mixture (syngas, or syngas plus a He pocket). The syngas contained 3
mol% N2 as internal standard. Subsequently, the temperature was slowly increased

39



40 CHAPTER 5. FISCHER-TROPSCH REACTION

H
e

H
2

H
2
/C

O
/N

2

e
v
a
p
o
ra

to
r

G
C

v
e
n
t

H
e

S
y
n
th

e
ti

c 
a
ir

H
2

H
2
O

v
e
n
t

V
a
lv

e

3
-w

a
y
s 

b
a
ll 

v
a
lv

e

P
re

ss
u
re

 r
e
d
u
ci

n
g
 v

a
lv

e

C
h
e
ck

 v
a
lv

e
1

1

1 1

1

1
1

3

1
1

1
0

7

6

8
9

5 5 5

4

2

2

1
.

2
.

3
.

4
.

5
.

6
.

7
.

1 1

1

P
re

ss
u
re

 i
n
d
ic

a
to

r
G

a
s-

cl
e
a
n
in

g
 t

ra
p
s

Fi
lt

e
r

P
u
m

p
M

a
ss

 f
lo

w
 c

o
n
tr

o
lle

r
M

o
v
a
b
le

 T
C

E
le

ct
ri

ca
l 
o
v
e
n

  
8

.
  
9

.
1

0
.

1
1

.
1

2
.

1
3

.

A
lu

m
in

iu
m

 j
a
ck

e
ti

n
g

T
u
b
u
la

r 
re

a
ct

o
r

H
o
t 

p
o
t

C
o
ld

 p
o
t

P
re

ss
u
re

 r
e
g
u
la

to
r

R
o
ta

m
e
te

r

1

2

3

3

1
2

3

1

Figure 5.1: Rig scheme.
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to 483 K (0.15 K/min).
In the experimental campaigns of Papers I-IV, a first period (period A) at higher

gas hourly space velocity (GHSV= 5,000-17,000 Ncm3/gCo-cat, h) was held for 24
h followed by a second period (period B) where the space velocity was lowered to
reach a higher CO conversion (40±3%, for Papers I-III). In Papers I and III, the
catalysts were exposed to different water amounts, 20% in period C and 33% in
period D, followed by another 24 h period without external water addition (period
E). Water was added to the feed stream in different amounts by means of a high
pressure HPLC pump. The total pressure and the syngas flow were kept constant
during external water addition which implies that the partial pressures of the reac-
tants were lower in periods C and D. In Paper V, before starting to record useful
data, the catalyst was conditioned (pre-deactivated) at Fischer-Tropsch conditions
for 5-7 days on stream one of which at PH2O=∼ 9 bar, corresponding to 33 mol%
of the feed. Subsequently, a syngas flow of 275-300 Nml/min (achieving a gas
hourly space velocity of about 8700-20000 Ncm3/gCo-cat, h) was fed to the reactor
and measurements of the catalytic performances were started. Water in different
amounts was then added to the feed stream by means of a saturator for inlet water
pressure up to 1 bar and by means of a HPLC pump for pressure from 1 to about 9
bar. A He pocket was used to keep the syngas partial pressure constant when water
was added and in between each period of water addition a dry period was run to
check for deactivation.

5.2 Product analysis and data treatment

The product gases were analyzed on-line by means of GC Agilent 6890 equipped
with a TCD and a flame ionization detector (FID). H2, N2, CO, CH4 and CO2
were separated by a Carbosieve II packed column and analyzed on the TCD. C1-
C6 products were separated by an alumina-plot column and quantified on the FID
allowing for determination of the SC5+. The CO2-free SC5+ (i.e. SC5+ if excluding
CO2 from the C-atom balance) is defined Eq. 5.1:

SC5+ (CO2−free) = 1− (SC1 + SC2 + SC3 + SC4)(CO2−free) (5.1)

It has to be mentioned that the selectivity to CO2 was always below 2% for
all Co-based catalysts. Quantitative analyses of C5 and C6 HCs present in the
gas phase were also made. By assuming gas/liquid equilibrium in the cold trap
(calculated by using Aspen HYSYS 2006, equation of state: Lee Kesler Plocker,
298 K, 20 bar), the total amount of C5 and C6 HCs could be estimated from the
gas analysis. Aqueous products were analyzed off-line with a GC Agilent 6890
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equipped with a FID and a capillary column (Hewlett-Packard HP-5) in order to
investigate formation of alcohols (Paper IV). An internal standard (CH3CN) was
added to the aqueous phase prior to the injection.

The H2/CO usage ratio (u.r.) was used as a measure of the relative WGS activity
and defined in Eq. 5.2:

u.r. = 3 · SC1 + 2.1 · SC2−C4 + 2 · SC5+ − SCO2
100 (5.2)

The lower the usage ratio, the higher the relative WGS activity. If all water
produced in the FT reaction is used in WGS, the usage ratio is 0.5. For a process to
reach 100% syngas conversion (theoretically), the H2/CO usage ratio must equal
the inlet H2/CO ratio.

Separate αCn values for n=1–6 (αC1–αC6) have been calculated, each indicating
the probability of chain growth of the Cn surface species. In order to calculate these
individual αCn values, the same approach described in section 3.2 was used. The
expressions utilized are as follows

αn = rg,n
rg,n + rt,n

=
∑∞
m=n+1 rCm∑∞

m=n+1 rCm + rCn
(5.3)

where r indicates molar rates, and subscripts g and t growth and termination,
respectively. Since only a fraction of the total HC product was quantified (C1–C6),
it is necessary to make an assumption about the carbon-number distribution of the
C7+ fraction in order to estimate the molar rates for the same fraction. The C7+
fraction is assumed to follow an ASF distribution with the α value that would give
the same SC7+ as the catalyst in question.
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Chapter 6

General selectivity correlations for non-ASF
products

6.1 On the selectivity of cobalt supported on conventional
supports in FTS (Papers I, II)

A set of 38 Co-based catalysts supported on different 3D mesoporous network sup-
ports, such as γ-Al2O3, α-Al2O3, TiO2 and SiO2 were characterized and tested in
the FTS at industrially relevant conditions (see section 5.1). Several catalyst prop-
erties were varied such as support material, Co loading, promoters (Re, Ru, B), Cl
content, Co particle size (larger than 6 nm), morphology and degree of reduction
(see section 4.2.1). The objective of this work was to investigate correlations be-
tween product selectivities when varying the catalyst properties, to investigate the
existence of separate methanation sites and to evaluate the importance of secondary
reactions on the selectivities to C5+ for different catalysts.

6.1.1 Characterization of support and catalysts

Table 6.1 shows the physical properties of the pure support materials. The γ-Al2O3
and the SiO2 are typical narrow-pore supports with high surface area, while α-
Al2O3 and TiO2 have larger pores and lower surface areas.

In Table 6.2, the physicochemical properties of some selected catalysts are
shown. The DOR was measured by oxygen titration and in some cases also by
TPR. Among the selected catalysts, the DOR measured by O2 titration ranged be-
tween 22% and 70%, while for the TPR measurements, the DOR ranged from 50%
to 99%. When TPR was used, the DOR was significantly higher and, as it has
been reported in [58], oxygen titration tends to underestimate this parameter. From
DOR (calculated from TPR of reduced catalysts where data was available) and dis-
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Table 6.1: Physical properties of the support materials; (*) indicates another batch of support.

Support Average pore Surface Area Pore Volume
diameter [nm] [m2/g] [m3/g]

γ-Al2O3 10.4 193 0.5
α-Al2O3 72 11.7 0.21
α-Al2O3

(*) 65 11.1 0.18
TiO2 193 23.1 1.26
TiO2

(*) 257 23.2 1.49
SiO2 10 446 1.18

persion, it was possible to estimate the cobalt particle size which ranged between
6 and 42, according to Eq. 4.2.

All catalysts, except for ME-γ-Al2O3, had crystalline Co particles, as evidenced
from XRD. When using the IW technique, the large-pore supports (α-Al2O3 and
TiO2) resulted in larger Co particles than the narrow-pore γ-Al2O3, which is a well-
documented phenomenon [58, 63, 72]. Instead, when using the ME technique, it is
possible to de-couple the resulting Co particle size from the pore diameter, which
in the case of α-Al2O3 and TiO2, became similar to that of the IW-γ-Al2O3 cata-
lysts (prepared from nitrates), resulting in Co particles approximately half the size
of those of the corresponding IW catalysts (for the same batch of support material).
A general trend can be noticed between the loading and the Co3O4 particle size for
the IW-prepared catalysts. By using Co chloride instead of the nitrate precursor,
significantly larger Co particles were formed on γ-Al2O3; 25 nm for the chloride-
based catalyst compared to 9 nm for the corresponding nitrate-based catalyst cal-
cined at 573 K (as measured from XRD of reduced and passivated samples). The
morphologies of some selected catalysts can be observed by the TEM micrographs
shown in Fig. 6.1. The Cl-containing IW catalysts were also found to be very dif-
ferent in morphology. In the IW-γ-Al2O3 catalyst prepared from Co(NO3)2, the
Co particles form aggregates within the support pore structure (Fig. 6.1a) [111].
Fig. 6.1b illustrates the Co distribution in the IW-γ-Al2O3 catalyst prepared from
CoCl2, in which no Co particle aggregates were found. The aggregates of Co par-
ticles, as illustrated in Fig. 6.1a, were not found in the α-Al2O3 or TiO2-supported
catalysts, as seen from Fig. 6.1c and d, respectively. As expected, the final struc-
ture of the catalysts is dependent both on the precursor and on the support mate-
rial of choice. The ME technique also yielded a different distribution of the Co
particles over the γ-Al2O3 and α-Al2O3 supports compared to the IW technique.
The strongest effect was seen for the γ-Al2O3-supported catalyst. Fig. 6.1e shows
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Table 6.2: Physicochemical properties, TOF in period A (after 10 h on stream) and SC5+ dur-
ing period B of the studied catalysts. IW: incipient wetness impregnation; ME: microemulsion;
(*) indicates another batch of support.

Catalyst
DORTPR Disp. d(Co)0

H d(Co3O4) d(Co0) TOF SC5+
(DORO2)

[%] [%] [nm] [nm] [nm] s-1 [%]
γ-Al2O3

6Co(IW) 50(52) 7.6 6 13 10 0.059 79.3
12Co(IW) 62(51) 7.5 8 15 11 0.044 79.0
12Co + Re(IW) 92(63) 9.7 9 16 12 0.066 80.3
12Co + Re(ME) 67(22) 5.0 13 amorph - 0.026 69.1
12Co + Re(IW)Cl -(58) 0.4 - - 25 - 55.5

α-Al2O3

20Co(IW) 99(-) 2.3 42 45 34 0.045 81.6

α-Al2O3
(*)

12Co + Re(IW) 99(67) 3.5 27 44 33 0.071 86.5
4.4Co + Re(ME) -(61) 7.3 12 14 11 0.050 86.5

TiO2
4Co(IW) -(-) 4.2 21 19 14 0.081 84.1
30Co(IW) -(-) 2.2 42 47 28 0.054 87.9

TiO2
(*)

12Co + Re(IW) -(70) 3.0 31 29 22 0.104 88.0
12Co + Re(ME) 89(64) 5.5 16 13 10 0.136 84.9

SiO2

12Co (IW) 100(-) 6.5 15 13 9 0.031 84.2
12Co + Ru(IW) 100(-) 8.7 11 15 11 0.027 80.0
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the ME sample, where the small pores of the γ-Al2O3 resulted in deposition of a
significant proportion of the Co particles on the external surface of the γ-Al2O3
pellets, suggesting that the Co particles surrounded by surfactant molecules were
generally too big to enter the pores of the γ-Al2O3 during the destabilisation of the
sol. This distribution was confirmed by EDS analysis and mapping, where a strong
Co signal was obtained from the irregular material indicated by arrows, while a
comparatively weak Co signal was obtained from within the pellets.

6.1.2 Catalytic testing: activity and selectivity at reference case
process conditions

As described in section 3.3.2, the specific site activity (TOF) is fairly constant at
fixed process conditions and independent of support material. This is the case also
for the catalysts in the present study were the TOF varies mainly between 0.03 and
0.08 s-1 at reference process conditions (P=20 bar, T=483 K). The only exception
occurs in some of the titania supported catalysts which showed higher activity.
This fact can be explained either by an underestimation of the dispersion due to
formation of TiOx-species upon reduction [105] or by a direct interaction between
the CO and the Lewis acid sites of TiOx which would weaken the C-O bond [82].

The SC5+ values during period B (at similar CO-conversion=∼40%) for some
selected catalysts are given in Table 6.2. It can be seen that TiO2-supported cat-
alysts, in general, showed the highest SC5+, and γ-Al2O3-supported catalysts the
lowest. The ME-TiO2

(*) catalyst has a similar Co particle size as IW-γ-Al2O3 12
wt% Co, 0.5 wt% Re but a significantly higher SC5+, indicating a significant effect
of support material. A negative correlation between Co particle size and SC5+ for
α-Al2O3-supported catalysts has been shown in ref. [59] which also is confirmed
by the catalysts of this study.

The catalysts presented here provide data over a large range of selectivity (SC5+
during period B: 55.5–89.5%). As mentioned above, the primary focus of the
present section is to discuss correlations between the product selectivities varying
the catalyst properties and, in particular, to investigate the importance of secondary
reactions and separate methanation sites on the C5+ selectivity. For this reason, the
resulting individual αCn values were calculated according to Eq. 3.2 for n=1–4.
Figs. 6.2 and 6.3 show αCn values and the selectivities of C1–C4, respectively,
plotted vs. SC5+, for the catalysts during periods A and B. Regression lines, cal-
culated by using the method of least squares, are based on data obtained in period
B. The goodness of fit for each regression line is represented by the indicated R2

value. It can be clearly noticed that the αCn values, as well as the selectivities, fit
linear correlations irrespective of the differences among the catalysts, such as sup-
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Figure 6.1: TEM images of cross-sections of fresh IW-γ-Al2O3 (12 wt% Co, 0.5 wt% Re)
catalysts prepared from Co nitrate (a) and Co chloride (b), fresh IW-α-Al2O3 (12 wt% Co, 0.5
wt% Re) (STEM) (c), fresh IW-TiO2 (12 wt% Co, 0.5 wt% Re) (d), fresh ME-γ-Al2O3 (12
wt% Co) (e), and used ME-γ-Al2O3 (e’). The white line in (e) indicates the γ-Al2O3 pellet
boundary. The IW catalyst prepared from CoCl2 (b) was calcined at 773 K.
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Figure 6.2: αCn values (n=1–4) vs. SC5+ for all catalysts in period A (open symbols) and B
(coloured symbols). CO conversion in period A is different for each catalyst varying between
3.5% and 30%. CO conversion in period B is ∼40%. Experimental conditions: 483 K, 20
bar, H2/CO=2.1, pellet size 53–90 µm. Regression lines are based on data points obtained in
period B in Papers I and II (conventional 3D porous network supports).

port material, Co loading, addition of promoters, preparation technique, Co particle
size, degree of reduction and presence of a catalyst poison (Cl). Furthermore, the
conversion level does not seem to affect the interdependencies appreciably. It is
worth mentioning that the standard deviation for SC1 was large, about 4% com-
pared to around 2% for SC3-SC4. This is probably caused by the fact that SC1 is
more sensitive to small changes in process parameters (e.g. temperature, H2/CO
ratio, partial pressure of water), as can be see in Chapter 7.

The αC1 has the narrowest range of values (0.48–0.55 in period B) of all esti-
mated αCn values and this small variation in the αC1 data points is not well cor-
related with the SC5+, as seen from the very low R2 value of this regression line
(see Fig. 6.2). Also SC5 and SC6 are linearly correlated with SC5+ (not shown here),
despite their mathematical independence of SC5+, which confirms that individual
HC selectivities are indeed well correlated with SC5+ (at least for the low carbon
numbers investigated here). Furthermore, αC5 and αC6 were found to be nearly
identical to αC4, which, in turn, is very close to αC3.
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Figure 6.3: SC1–SC4 vs. SC5+ for all catalysts in period A (open symbols) and B (coloured
symbols). Experimental conditions as in Fig. 6.2. Regression lines are based on data points
obtained in period B in Papers I and II (conventional supports) and two points from [63] derived
from the same laboratory are also reported.

Considering the model derived by Iglesia et al. [43], described in section 3.3,
the selectivity of these catalysts should not be controlled by CO-diffusion limita-
tions (χ= 1-17· 1016 m-1), but rather by α-olefin readsorption. Interestingly, one
of the catalysts with poorest selectivity to C5+ (61.6% during period A and 69.1%
during period B), the ME-γ-Al2O3 with amorphous Co particles, which are also
located mainly on the external surface of the support pellet, still falls well within
the correlation lines. The much shorter diffusion distance of this catalyst which
should imply a much lower probability of α-olefin readsorption does not result in a
deviation from the described trends. This fact implies that even very different mor-
phologies do not affect the interdependencies between the selectivity/αCn values.
The findings of this study are in agreement with what was reported by Mims and
Bertole [64], where a correlation between SC1 and an α-value estimated from the
SC5+/SC4 ratio was found. Our finding are also in agreement with those of Iglesia et
al. [43], where a constant termination probability of C∗1 (and hence a constant αC1)
for a range of different Co catalysts was found at conditions similar to the process
conditions used to derive the correlations shown in Fig. 6.2.
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Figure 6.4: Percentage increase in SC5+ vs. percentage decrease in C3 olefin/paraffin (o/p)
ratio upon halving of the space velocity. Calculations based on selectivity and space velocity
data from periods A and B. Experimental conditions as in Fig. 6.2.

A reduced space velocity (i.e. increased bed residence time) increases the ex-
tent of re-adsorption mainly of short α-olefins [48], and the accompanying in-
crease in SC5+ has been attributed to the re-adsorption process (followed by chain
growth) [50]. In Fig. 6.4, the percentage increase in SC5+ vs. the percentage de-
crease in C3 o/p (olefin/paraffin) ratio upon a halving of the space velocity has been
plotted for all catalysts. There are no correlations, neither overall nor within the
same support indicating that re-adsorption of short α-olefins most probably cannot
account for the increase in SC5+ with a reduced space velocity. As higher α-olefins
are not appreciably affected by bed residence time [52], it may be concluded that
differences in α-olefin re-adsorption, in general, can only have a minor impact on
the change in SC5+ upon changes in the space velocity. There are further obser-
vations indicating the minor effect of secondary reactions on SC5+ in general. For
instance, the relatively high αC2 also for the ME-γ-Al2O3 catalyst with minor dif-
fusion distance suggests that the low SC2 generally observed for Co-based catalysts
is not due to a high extent of C2 olefin readsorption but rather due to a particularly
high reactivity of the C∗2 surface specie towards chain growth. Alternatively, if the
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diffusion distances prevailing in the present study are too short to affect the extent
of secondary reactions, as α-olefin re-adsorption can take place also with zero dif-
fusion distance [52], the fact that we obtain different selectivities is in itself a proof
of the minor effect of secondary reactions on SC5+. Borg et al. [59] showed that
there was no overall correlation between o/p ratio (for C3) and SC5+ for Co-based
catalysts. Correlations only existed within the same support material.

Finally, as there are specific correlations between the SC1 and the other selec-
tivities under all studied process conditions, the methane production rate is intrin-
sically coupled to the production rate of higher HCs. This is in line with a common
pool of precursors as suggested previously from SSITKA (steady-state isotopic
transient kinetic analysis) measurements [112–114]. In summary, the existence of
separate methane-producing sites, as sometimes proposed to explain selectivity
variations [45, 115], may be ruled out for the (fresh) studied catalysts, since none
of the catalyst properties varied in this study had an influence on the selectivity cor-
relations. However, for four deviating catalysts the possibility of developing these
“pure methanation” sites after exposure to high partial pressures of water cannot
be discarded.

6.2 On the selectivity of cobalt supported on ordered
mesoporous silica supports in FTS (Paper II, III)

A series of six Co-based catalysts (one Ru promoted) supported on different SBA-
15 were prepared and tested in FTS. The supports were synthesized by means of
direct synthesis and four of them were doped with Ti or Al at 5 and 10 wt%, respec-
tively. The main goal of the study was to investigate the effect of supporting cobalt
on ordered mesoporous silica (OMS), with a 1-dimensional (1D) porous network,
with respect to the selectivity correlations presented in section 6.1.2. It has been
proposed that one of the characteristic properties of SBA-15 - its 1D mesoporous
network - could result in diffusion limitation on reactants’ arrival (depending on the
pore length and radius) at industrial FT conditions [74]. CO-diffusion limitations
would result in a higher local H2/CO ratio at the active sites favoring shorter HCs.
A superimposition of selectivity data, from literature and our laboratory, that were
anticipated to be under the influence of diffusion limitations, on the correlation de-
scribed in Fig. 6.2 and 6.3, is shown. This will illustrate the possibility of using
these correlations as a tool for indication of occurrence of diffusion limitations on
reactants’ arrival.

Since the morphology of the SBA-15 particles and aggregates is tunable by
means of different synthetic procedures or doping agents [98], the addition of Al
and Ti, as dopant agents, was addressed investigating its effect on the pellet mor-
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Table 6.3: Textural properties of the supports as determined by N2 adsorption.

Catalyst Average pore Surface Area Pore Volume
diameter [nm] [m2/g] [m3/g]

SBA-15 9.7 713 0.95
Ti5SBA 10.2 907 1.29
Ti10SBA 11.2 894 1.19
Al5SBA 9.7 920 1.20
Al10SBA 11.2 1010 1.39

phology and support chemical nature with respect to the selectivity in FTS.

6.2.1 Characterization of supports and catalysts

As shown in Fig. 6.5, the N2-physisorption isotherms of the supports are of type
IV, displaying a hysteresis of type H1 [25]; the physical properties derived from
these measurements are summarized in Table 6.3. The specific surface areas (BET)
undergo an increase when either Ti or Al is added to the synthesis, ranging from
713 m2/g for pure SBA-15 to 894 m2/g for the Ti10SBA or 1010 m2/g for the
Al10SBA. Both titanium and aluminum addition also caused an increase in pore
volume and a slight increase in pore diameter (from 9.7 to 11.2 nm). From N2-
physisorption isotherms for support and the corresponding calcined catalyst (see
Fig. 6.5), a large decrease in nitrogen uptake, together with a different shape can
be noticed upon cobalt loading for all materials, the only exception being SBA-15.

Particularly, the Ti5SBA underwent a drastic decrease of the hysteresis loop
probably due to a large extent of pore blockage. This explanation is corroborated
by the fact that the cobalt particle size measured for this material is the largest
among all catalysts (see Table 6.4). Moreover, all hysteresis loops, and most sig-
nificantly the one of Al10SBA, have a delayed closure with respect to the pure
support counterpart, which has been associated to the formation of ink-bottle type
pores [116–119]. Small angle X-ray diffraction analysis (not shown here) exhibits
peaks typical of a long range order confirming the hexagonal channel-like structure
typical of SBA-15 for all materials, even when a dopant agent is added.

The change in acidity of SBA-15 upon insertion of Ti or Al was investigated by
NH3-TPD showing that addition of Ti or Al in SBA-15 caused a certain increase
of acidity in terms of both strength and number of acid sites (see Table 6.5).

The DOR has been calculated from TPR profiles after the typical reduction pro-
cedure (pure H2 flow, 623 K, 16 h) that preceded FT-reaction tests (see Table 6.4)
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Table 6.4: Physicochemical properties of the SBA catalysts.

Catalyst DOR Disp. d(Co0)H d(Co3O4) d(Co0)
[%] [%] [nm] [nm] [nm]

CoSBA 91 6.0 15 12 9
CoRuSBA 100 7.9 12 11 8
CoTi5SBA 89 4.3 20 16 12
CoTi10SBA 90 4.7 18 14 10
CoAl5SBA 77 7.8 10 11 8
CoAl10SBA 77 7.6 10 11 8
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Figure 6.5: N2-adsorption isotherms for supports (left) and respective calcined catalysts
(right). Curves were shifted along Y axis for clarity.
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Table 6.5: Acidic properties of doped SBA-15 oxides as determined by NH3-TPD in the
range 323-773 K.

Support T1 max V1 T2 max V2
[K] [mmolNH3/g] [K] [mmolNH3/g]

SBA-15 378 0.067 475 0.031
Ti10SBA 395 0.120 560 0.102
Al10SBA 391 0.089 603 0.276

showing that Al addition results in a less reducible catalyst (DOR=77%) with re-
spect to SBA-15 (DOR=91%), while Ti addition does not cause significant changes
(DOR= 89%).

FE-SEM and TEM analyses performed on three supports, SBA-15, Al10SBA
and Ti10SBA, clearly (see Fig. 6.6) show that Ti addition causes substantial
changes in support morphology, in particular a strong decrease in channel length,
from 10-90 µm of pure SBA to about 1-3 µm for the Ti10SBA. On the other hand,
Al addition does not cause a significant change in channel length, being around
10-70 µm. From TEM images it can also be seen that the mesopores develop along
the z-axis of the SBA particle for all samples.

Segregation of TiO2 phase as anatase on the surface of the support particle
was confirmed by EDX and XRD analyses while no aluminum species was de-
tected for the Al-doped ones, probably due to its location deep into the SBA-15
structure. TEM has also been employed to study the location of Co3O4. Fig. 6.7
shows micrographs of the ultramicrotomed SBA-15 catalyst. It can be observed
that the active phase is present inside and outside the pore of the catalyst. Co3O4
is non-homogeneously distributed in the pores and seems to form large aggregates
(much larger than measured crystallite size, see Table 6.4) crossing channel walls.
Furthermore, a larger amount of the active phase is present in the most external
channels of the SBA support particle.

Table 6.4 also shows the metal dispersion independently measured by XRD and
H2 chemisorption. The Co3O4 crystallite size measured on the calcined catalysts
ranges from 11 to 16 nm. It can be seen that Al-doping causes no significant change
in dispersion while Ti-addition causes a worsening of dispersion having CoTi5SBA
the largest Co3O4 particles (16 nm).

All the reduced catalysts show a larger value for the average d(Co0)H com-
pared to the d(Co0) estimated from d(Co3O4) by means of XRD, which could be
explained by sintering during the reduction process [74]. For all catalysts, the aver-
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Figure 6.6: Representative FE-SEM micrographs (a–c) for SBA-15 (a), Ti10SBA (b),
Al10SBA (c) and TEM micrographs for SBA-15 (d) and T10SBA (e).
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Figure 6.7: TEM images of ultramicrotomed CoSBA.
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age d(Co3O4) crystallite size (and excepting only CoAl10SBA, also the d(Co0)H)
exceeds the average pore diameter. This could be explained by the fact that the
active phase particles are present both inside the pores and on the outer surface of
the support and/or by an incorrect assumption of spherical Co-particles.

6.2.2 Catalytic testing: activity and selectivity at reference process
conditions

From the data in period A (constant GHSV, 17000 Ncm3/gcat, h), see Table 6.6,
it can be noticed that Ti doping caused a large decrease in conversion, while Al
addition caused an increase, though less significant. Ru promotion, also caused
in increase in conversion. These effects could be explained by the different cobalt
crystallite sizes, considering that the turnover frequency is fairly constant for all
catalysts.

By analyzing the selectivity data, a lower selectivity can be noticed for this set
of materials compared to similar catalysts supported on conventional SiO2, with
similar pore size. In fact, for the SBA-supported materials, the SC5+ ranged from
66.7 to 75% during period A, while ranging from 76-80% for SiO2-supported cat-
alysts, see Table 6.2. It also has to be mentioned that the water-gas shift activity
of all catalysts was negligible (SCO2<1%). Furthermore, among the SBA catalysts,
it can be noticed that Ti-doped catalysts show a higher selectivity to longer chain
hydrocarbons compared to CoSBA even though the conversion level (and thus the
average water partial pressure) for CoSBA is higher, which is known to have a
positive influence on selectivity to C5+. Al addition, however, does not seem to
influence the product distribution significantly. The low SC5+ together with a low
olefin-to-paraffin ratio (o/p) obtained with the SBA-15 samples compared to cat-
alysts supported on conventional SiO2 suggests that diffusion limitations on CO
arrival could occur in the 1D mesoporous structure of SBA-15. Further, as sug-
gested by Prieto et al. [74], a correlation between the channel lenght of SBA-15
and the extent of diffusion limitations seems to exist also for the catalysts of this
study. No correlation between support acidity and selectivity has been found.

Going from periods A to period B (constant conversion, χCO=∼40%), all cata-
lysts increase their SC5+ (see Table 6.6). This effect is usually ascribed to a higher
extent of secondary reactions (α-olefin readsorption) and/or to the effect of a higher
partial pressure of water. The SBA-supported catalysts showed a particularly large
increase in the SC5+, which again is in line with the possibility of CO diffusion
limitations in the 1D mesoporous structure as higher average water partial pressure
has been found to reduce the diffusion limitation on CO arrival [86] (increased
solubility of CO and H2 [120]).
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Table 6.6: Catalytic performances for SBA-catalysts and the SiO2 for comparison, during
period A (left) and during period B (right).

Catalyst χCO SC1 SC2-C4 SC5+ o/p GHSV χCO SC1 SC2-C4 SC5+ o/p
[%] [%] [%] [%] C3 [Ncm3/(g, h)] [%] [%] [%] [%] C3

CoSBA 13.7 16.0 15.4 68.6 2.4 6686 40.3 12.4 13.0 74.6 1.9
CoRuSBA 16.7 16.3 15.4 68.3 2.4 7703 40.3 13.1 12.6 74.3 1.8
CoTi5SBA 8.6 13.9 12.0 74.1 3.0 5143 43.0 9.6 8.4 82.1 1.9
CoTi10SBA 8.6 13.5 11.3 75.2 3.2 5143 40.0 9.5 8.0 82.5 1.8
CoAl5SBA 16.6 15.8 14.6 69.6 2.6 6857 41.9 12.3 12.7 75.0 1.8
CoAl10SBA 14.1 17.5 15.8 66.7 2.6 6214 41.8 13.1 13.9 73.0 1.9
CoSiO2 7.1 9.8 9.8 80.4 3.7 2800 37.7 7.2 8.2 84.2 2.7
CoRuSiO2 8.1 11.7 12.3 76.0 3.6 2200 37.3 8.9 11.1 80.0 2.6

Fig. 6.8 shows the relations between the selectivities of the non-ASF distributed
HCs (C1-C4) and SC5+, derived for conventional 3D porous network supports,
where the results from period A and B for the SBA-supported catalysts have been
superimposed. It can be seen that the samples deviate significantly during period
A, especially for SC1, but approach the selectivity correlations in period B. The fact
that these catalysts do not follow these “general” linear correlations for Co-based
catalysts at low conversion (period A), but only at higher conversion (period B),
is another indication of possible CO-diffusion limitations governing the selectiv-
ity during period A. Among the SBA catalysts, a correlation between the channel
length (i.e. diffusion distance) and the selectivity can be seen; in fact, the Ti-doped
catalysts are the closest to the correlations and at the same time they have signifi-
cantly shorter channels than the other SBA catalysts.

Fig. 6.9 shows the αCn vs. SC5+. Since SC1 and αC1 are the parameters most
sensitive to changes in process conditions (see Chapter 7), the attention can be
focused mostly on αC1. The αCn values for these SBA-supported catalysts, with
the exception of αC2, are again deviating during period A and moving closer to the
correlations during period B (mostly within the prediction band at 99% confidence
level).

To prove the possibility of using these “general” selectivity correlations as a tool
for indication of diffusion limitations on CO arrival, literature data, from experi-
ments conducted at similar process conditions, anticipated to be affected by mass-
transfer limitation, were also superimposed on the SC1/SC5+ selectivity correlation,
as shown in Fig. 6.10. Data from Martínez et al. [121], on large pellet catalysts,
resulted in selectivity values deviating from the correlation line for SC1 and outside
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Figure 6.8: Selectivity vs. SC5+ for SBA catalysts during periods A (open symbols) and
B (coloured symbols). Catalysts from Fig. 6.3 in period A (open grey symbols) and B (filled
grey symbols). Dashed lines represent 99% confidence level prediction band for period B data.
Experimental conditions and regression lines are based on data points in Fig. 6.3.

the 99% prediction band. Prieto et al. [74] proposed that for SBA-supported CoRu
catalysts, depending on the pore length (and size), the required diffusion distance
for CO-diffusion rate to become kinetically relevant might be significantly shorter
for 1D porous networks than for conventional 3D networks. The two catalysts with
the longest pores (and diameters of 11 nm and 7 nm), investigated in ref. [74], are
again deviating from the correlation in Fig. 6.10, but less significantly. This could
be attributed to the higher conversion level (55%) compared to that of our dataset
and the one in the study by Martínez et al. [121]. In fact, a higher conversion level
corresponds to a higher average water partial pressure which, as mentioned above,
reduces the CO-diffusion limitation in the wax-filled pores. Yin et al. [122] studied
Co catalysts supported on HMS and Al-HMS with very narrow pores (∼3 nm),
and concluded that the acid surface properties of Al-HMS were responsible for the
lower SC5+ compared to HMS at the same cobalt loading. In this case, two cata-
lysts (7.5Co/HMS and 15Co/Al-HMS) significantly deviate from the correlation in
Fig. 6.10, indicating that severe diffusion limitations control the HC selectivities.
However, the 15Co/HMS catalyst falls on the correlation line. Once again, this
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Figure 6.9: αCn values (n=1–4) vs. SC5+ for SBA catalysts during periods A (open sym-
bols) and B (coloured symbols). Catalysts from Fig. 6.2 in period A (open grey symbols) and
B (filled grey symbols). Dotted lines represent the 99% prediction band for period A data.
Dashed lines represent the 99% prediction band for period B data. Experimental conditions
and regression lines are based on data points in Fig. 6.2.

could be explained by the very high conversion level (72%) at which the selectivity
was measured for this catalyst.

Considering the model developed by Iglesia et al. [43], described in section 3.3,
the selectivity of the SBA catalysts should not be controlled by CO-diffusion lim-
itations (χ=3.2-5.7·1016 m-1). However, to derive this χ parameter, a constant
effective diffusivity was assumed. In the current case, where the SBA-15 is used,
the pore morphology is very different from that of conventional 3D porous material
and eq. 3.5 should be used. The largest difference between 3D and 1D porous net-
works should lie in εt, the porosity available for transport, which can be described
as "surface holes area/total pellet area" [56] which equals ε (porosity) for randomly
oriented pores [57]. Considering the fact that the SBA-15 catalysts are rather in the
form of elongated bundles (each composed of many monodirectional mesoporous
channels) than in the form of spherical pellets, it is obvious that εt will vary dras-
tically with the diameter/length ratio of these bundles and in some cases will be
orders of magnitudes lower than the pellet porosity ε. For the 3D porous spherical
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Figure 6.10: : SC1 vs. SC5+. Colored symbols represent data from the present study on
SBA-15, as well as literature data. Catalysts from Fig. 6.3 in period A (open grey symbols)
and B (filled grey symbols). Dashed lines represent the 99% prediction band. Regression lines
are based on data points in Fig. 6.3

catalyst pellets εt (and ε) is, however, independent of pellet radius. Therefore, the
resulting SBA-catalyst “pellets” were probably composed of loosely bound bun-
dles and, hence, the actual diffusion length is believed to be better described by
the length of the individual bundles (see FE-SEM micrographs, Fig. 6.6), which is,
on average, much shorter than the sieving mesh. Therefore, it is likely that a large
difference in effective diffusivity could be the cause for the discrepancy between
the results shown here and the model derived in [43]. It should be mentioned here
that even though the SBA-15 catalysts were sieved to 53–90 µm, they were not
pressed into tablets followed by crushing.





Chapter 7

Effect of process conditions (Papers I,
III-V)

Changing the process conditions (e.g. temperature, H2/CO-ratio, catalyst pellet
size, addition of water vapor, etc.) changes the αCn values and the selectivities.
Fig. 7.1 shows the resulting changes in αC1–αC4 upon some variations in process
conditions for three catalysts (Refs 1–3, see caption of Fig. 7.1). The largest de-
viations from the regression lines, obtained under the reference case process con-
ditions, lie in αC1 (and thus in the selectivity to methane), as reported earlier [60,
63, 82, 123]. It should be mentioned that the synthesis gas conversion level was
kept constant upon changes in temperature, pellet size [60] and H2/CO-ratio by
adjustment of the flow of synthesis gas. In case of water addition, however, no
adjustment of synthesis gas flow was made.

7.1 Effect of H2/CO ratio on selectivity (Papers I, IV, V)

In line with what is reported in the literature [104], a decreased SC5+ and an in-
creased SCH4 resulted from an increase in H2/CO ratio, as can be seen in Table 7.1
for a 12%Co/γAl2O3. In Fig. 7.2, the SC1 vs. SC5+ is shown for inlet H2/CO ratios
of 2.1 and 1.0, respectively, using conventional supports. There is a clear differ-
ence in the selectivity correlation with H2/CO ratio. Within the studied SC5+ range,
a catalyst system having a certain SC5+ at inlet H2/CO=2.1 has, in general, a higher
SC1 compared to a catalyst system that has the same SC5+ at inlet H2/CO=1.0. The
change in H2/CO ratio seems to change the slopes of the selectivity regression line.
In Fig. 7.2(bottom) the αC1–αC4 values vs. SC5+ for inlet H2/CO=1.0 are shown,
and it is obvious that αC1 at these conditions is not invariant with respect to SC5+.

65
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Figure 7.1: Effects of changes in process conditions on the αCn values for three catalysts.
Reference case conditions: 483 K, 20 bar, inlet H2/CO=2.1, pellet size 53–90 µm. ( ) Ref
1=12 wt% Co/γ-Al2O3. (N) Ref 2=12 wt% Co/γ-Al2O3 (another batch of catalyst), (�) Ref
3=20 wt% Co, 0.5 wt% Re/γ-Al2O3 (from [60]). The “X% H2O” indicates the percentage of
the feed consisting of water vapor. Regression lines are based on data points in Fig. 6.2

Table 7.1: Conversion levels and selectivity data for three different H2/CO ratios over a
12%Co/γAl2O3 catalyst. Experimental conditions: T=483 K, Psyn=20 bar, Ptot=30 bar.

Condition χsyngas SC1 SC5+
[%] [%] [%]

H2/CO=1 8 8.5 83
H2/CO=2.1 12 10.5 80
H2/CO=3 14 21.9 62
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Figure 7.2: SC1 vs. SC5+ for inlet H2/CO ratios 2.1 (from period B) and 1.0 (top). αCn values
(n=1–4) vs. SC5+ for inlet H2/CO=1.0 (bottom).



68 CHAPTER 7. EFFECT OF PROCESS CONDITIONS (PAPERS I, III-V)

7.2 Effect of water partial pressure on selectivity and activity

The effect of water on the selectivity and activity has been studied in different
ways: changing the GHSV (i.e. conversion) and by external water addition. Fur-
thermore, at H2-poor conditions, the effect of indigenous water (i.e. produced by
the FT synthesis) has also been investigated by shifting it to H2 by means of a WGS
catalyst.

7.2.1 Effect of water partial pressure on selectivity (Papers I, II, III, V)

Water affects the FT reaction in several ways and the nature of these effects can
vary. For a catalyst that is mass-transfer limited on reactants’ arrival as some of
the SBA-15 data points described in section 6.2.2 indicate, water affects the diffu-
sivity [86] (and the solubility [120]) of the reactants in the wax-filled pore and can
reduce or remove mass transfer limitations. This type of effect is noticeable mainly
by analyzing the selectivity data rather than rate, for a small extent of the diffusion
limitations.

In general, increased water partial pressure (both due to increased conversion
and to external water addition) for a catalyst that is not affected by CO-diffusion
limitations also results in an increased SC5+. The data from these studies are in
agreement with this statement as can be seen in Fig. 7.3, where the effect of an in-
creased water partial pressure, both due to an increased conversion and to external
addition, is shown for some selected catalysts supported both on conventional sup-
ports (top) and on SBA-15 (bottom). It has to be reminded that the large increase
in SC5+ for the SBA-15 catalysts in going from period A to period B is likely to be
related to the increased CO diffusivity.

The effect of external water addition on the αCn values was investigated more
in detail, and the results are illustrated in Fig. 7.4. New sets of trend lines are
noticeable for the two different process conditions (20% and 33% water vapor
added to the feed, respectively). Part of the overall larger variance in the αC1 data
upon external water addition, when compared to dry conditions, could be explained
by a slightly less accurate temperature control and differences in conversion levels.
The largest difference, as mentioned above, lies in the αC1 data, which increase
with the amount of added water vapor. The αC3 and αC4 data points are much less
affected and seem to gather slightly below their respective regression lines obtained
during period B.
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Figure 7.3: SC5+ vs. Time-on-Stream: (top) Four selected catalysts supported on conven-
tional 3D porous network supports. (bottom) SBA-supported catalysts; all SBA-supported
catalysts are 12 wt% in Co. Reaction conditions: 483 K, Ptot=20 bar, H2/CO=2.1 (the synthe-
sis gas pressure was reduced upon water introduction).
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Figure 7.4: Effect of external water addition (20% and 33%, respectively) on the αCn values
(n= 1–4) vs. SC5+ for all catalysts. Grey, open symbols indicate period A, filled symbols period
B and coloured symbols periods C and D. Regression lines are based on data points in period
B as in Fig. 6.2.

7.2.2 Effect of water partial pressure on reaction rate (Papers I, III-V)

Fig. 7.5 shows the effect of an increase in water partial pressure on the space-time
yield to HCs. It can be noticed that both for SBA-15 and conventional supported
catalysts, with the only exception being the one supported on γ-Al2O3, the in-
creased water partial pressure resulted in an increase of the space-time yield to
HCs, despite the decrease in syngas partial pressure upon water addition. To fur-
ther investigate the effect of water partial pressure together with the feasibility
of internal shifting for a H2-poor bio-syngas, a mechanical mixture of γ-Al2O3-
supported cobalt catalyst and a 30Cu/30ZnO/Al2O3 catalyst was used in the FTS
with H2-poor syngas. As can be seen from Fig. 7.6, increasing the fraction of WGS
catalyst in the mixture resulted in an increase in CO2 selectivity and a decrease in
usage ratio (u.r.), showing that the u.r. can be adjusted to match the inlet H2/CO
ratio of 1.0 by choosing the correct amounts of the two catalysts.

Interestingly, as can be seen in Fig. 7.7, the addition of WGS activity, and thus
an increase in average partial pressure of H2, did not correspond to an increase in
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Figure 7.5: Space-time yields of hydrocarbons: (top) Four selected catalysts supported
on conventional 3D porous network supports. (bottom) SBA-supported catalysts; all SBA-
catalysts contain 12 wt% Co. Reaction conditions: 483 K, Ptot=20 bar, H2/CO=2.1 (the syn-
thesis gas pressure was reduced upon water introduction).
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Figure 7.6: Usage ratio and selectivity to CO2 as function of weight percent of water-gas
shift catalyst in the mixtures for period B: . Experimental conditions: T=483K , P=20 bar, feed
H2/CO=1.0, GHSV=1600-3300 Ncm3/(g, h).

the Co-catalyst-time yield (gHCs/gCo-cat, s) as predicted by traditional Co catalyst-
rate expressions (see Eq. 3.6), but instead, to a decrease. A correlation between
the average PH2O inside the reactor and the Co catalyst-time yield to HCs is evi-
dent, indicating that at the studied process conditions water has a larger positive
effect on the FT rate than hydrogen has for a γ-Al2O3-supported cobalt catalyst.
Furthermore, under the assumption of linear concentration profiles along the re-
actor, a simple preliminary fitting of a power-law kinetic expression was used to
evaluate the extent of the positive effect. The kinetic expression used together with
the results of the fitting are indicated in Figs. 7.8 and 7.9, where the parity plots
of the model from periods A and B are shown. The choice of fitting the two peri-
ods separately is due to deactivation of the cobalt catalyst. A significant exponent
(∼0.2-0.3) has to be invoked for the water partial pressure in order to fit the exper-
imental data.

An experimental campaign (Paper V) was dedicated to the water effect on a 12
wt% Co/γ-Al2O3 catalyst at different H2/CO ratios in order to gain further insight
on the nature of this effect. Before starting the kinetic measurements, the catalyst
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Figure 7.7: Co catalyst-time yield and average PH2O along the reactor as function of
weight percent of water-gas shift catalyst in the mixtures. (top) Period A: GHSV=8100-8300
Ncm3/(gCo-cat, h). (bottom) Period B: GHSV=1600-3300 Ncm3/(gCo-cat, h). Experimental
conditions: T=483K , P=20 bar, feed H2/CO= 1.0.
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Figure 7.9: Parity plots for periods A (left) and B (right).
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was pre-deactivated in FT conditions for 5 to 7 days. During this preconditioning,
the catalyst was also exposed to an inlet PH2O=∼9 bar. As opposed to the water
addition experiments described above, both the total pressure and the syngas partial
pressure were kept constant during water addition by means of a He pocket. These
measurements are shown in Fig. 7.10, where it can be seen that external water
was added for a few hours in different amounts with intermediate dry periods.
Each time external water was added, the syngas conversion increased even at a
partial pressure close to 9 bar for all H2/CO ratios, in line with what is reported
in Lögdberg et al. [85] for stoichiometric conditions. However, each following dry
period (without external addition of water) usually showed a lower conversion level
compared to the one preceding the water addition. At stoichiometric or H2-rich
conditions, the observed deactivation upon water addition between two consecutive
dry periods seems to be less significant than at a H2/CO ratio of 1. In Fig. 7.11, an
estimation of the extent of the FT rate increase has been performed by plotting the
relative activity compared to the following dry period against the inlet water partial
pressure. The extent of the effect of external water addition is larger at H2-poor
conditions compared to stoichiometric and H2-rich conditions. In fact, at an inlet
PH2O of about 9 bar the extent of the rate increase is between 55-80% for H2/CO=1,
while only 20-30% for H2/CO=2.1 and H2/CO=3. It is, however, obvious that when
the same condition is repeated the reproducibility is not perfect, showing a certain
spread of the data. This is probably due to a more difficult temperature control
when external water is added, as mentioned in section 7.2.1.

As described in section 3.4.1, the nature of the positive water effect on FT rate
has been mainly associated to removal of mass-transfer restrictions, scavenging
of site-blocking unreactive species or direct kinetic involvement by activating CO
dissociation. In a recent study by our research group [85], and in [84], the option
of removal of mass-transfer restrictions has been ruled out for pellet sizes similar
to those used in the present study at stoichiometric conditions. In Krishnamoorthy
et al. [84], the possibility of a scavenging effect of water had also been rejected.
However, in those studies, sub-stoichiometric H2/CO ratios were not included. As
mentioned above, in the present work, a significantly larger rate-enhancing effect
of PH2O was found at under-stoichiometric H2/CO ratio. In fact, the formation of
amorphous polymeric carbon is favoured at H2-poor conditions [124], as can be
seen by TPH-MS after a 22 h run at different H2/CO ratios shown in Fig. 7.12.
As reported in [103], the first peak at around 553 K has been associated to the
hydrogenation of waxes. The peaks at about 573 and 723 K have been associated
to hydrogenation of hard-to-remove waxes and amorphous polymeric carbon, re-
spectively. It can be noticed that after 22 h on stream the formation of unreactive,
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Figure 7.10: Effect of water addition on syngas conversion versus time on stream. Water
was added to the feed in different amounts with “dry” periods in between. Reaction conditions:
483 K, Ptot=30 bar, Psyn=20 bar, PH2O+PHe=10 bar. H2/CO=1 (top), H2/CO=2.1 (middle),
H2/CO=3 (bottom), syngas flow indicated in the figure.
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Figure 7.11: Activity relative to the following “dry” period versus inlet water partial pressure
for different H2/CO ratios. (�) H2/CO=1, ( ) H2/CO=2.1, (N) H2/CO=3.

site-blocking carbon, together with a higher extent of heavy waxes which could
block the narrow pores of the support, could be observed only at H2-poor condi-
tions. In contrast, no high-temperature features are detected for stoichiometric and
H2-rich conditions. The location of amorphous polymeric carbon could be present
both on the active metal surface as well as on the support [125]. So the possibility
of scavenging unreactive carbon species as an explanation for the larger extent of
the positive water effect on the rate for H2/CO=1 was investigated by an additional
set of experiments where the catalyst, after 22 h on stream at the different H2/CO
ratios, was exposed during two additional hours to FT conditions with about 9 bar
water in the feed. The TPH spectra for the spent catalyst of Fig. 7.13 showed no
difference after being treated with high water pressure for any H2/CO ratio. This
result suggests that the higher positive effect of water at H2/CO=1 and, in gen-
eral, at all investigated conditions seems to be related neither to the removal of
amorphous polymeric carbon nor to that of heavy wax products from the pores.
However, we cannot rule out the possibility that this unreactive carbon is present
in large part on the support and only in small amounts on the active metal surface
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Figure 7.12: Comparison between TPH-MS spectra for spent catalyst after 22 h on stream.
Reaction conditions: T=483 K, Ptot=30 bar, Psyn=20 bar, PHe=10 bar. Inset: deconvolution of
the peaks composing the spectrum at H2/CO=1.

becoming undetectable with the resolution of the TPH-MS.
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Figure 7.13: Comparison between TPH-MS spectra for spent catalyst after 22 h on stream
and 22 h on stream plus exposure to PH2O, inlet=9 bar.Reaction conditions: T=483 K, Ptot=30
bar, Psyn=20 bar, PH2O+PHe=10 bar. H2/CO=1 (top), H2/CO=2.1 (middle), H2/CO=3 (bottom).





Chapter 8

Conclusions

The main objectives of this study were to investigate possible correlations between
selectivities in the low-temperature Fischer-Tropsch reaction for several different
catalysts, and the effect of process parameters, with focus on the use of a model
bio-syngas (i.e. low H2/CO ratio) and on the effect of water on both selectivity and
reaction rate.

Several catalysts supported on 3D mesoporous network supports, differing in
the supports itself (γ-Al2O3, α-Al2O3, TiO2 and SiO2), Co-particle size, pro-
moter/poison addition, morphology, degree of reduction and preparation technique,
showed a specific interrelationship (at fixed process conditions) between hydrocar-
bon selectivities also for the non-ASF distributed products (C1-C4) independently
of the catalysts properties. Hence, there is a mechanistic link between the for-
mation of methane and higher HCs, presumably a common precursor (monomer)
pool, and the existence of “pure methanation” sites might therefore, be ruled out
for the (fresh) studied catalysts. Interestingly, the individual probability of chain
growth for methane (αC1) is fairly constant for the investigated catalysts for a large
range of SC5+ at stoichiometric H2/CO molar ratio. It seems, however, that the
constant αC1 behavior is not valid at other H2/CO ratios. Furthermore, for the con-
ditions studied, the reason for a high selectivity to C5+ is found to be essentially a
high intrinsic chain-growth probability and not the result of an enhanced α-olefin
readsorption. Also, it seems that possible Co particle size effect (above 6 nm) is
subordinate to the effect of support material.

For catalysts supported on SBA-15, the selectivity measurements at high space
velocity (i.e. at low conversion) deviated significantly from the "general" selec-
tivity correlation derived for conventional supports. The reason for this behavior
is probably the occurrence of diffusion limitations on reactants’ arrival in the 1D
mesoporous network of the SBA-15 due to a significant difference in effective dif-
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fusivity compared to 3D porous networks. At higher conversion, the selectivity
data for these catalysts fell back within the prediction band of the correlation. Lit-
erature selectivity data (for Co supported on OMS and γ-Al2O3) anticipated to be
affected by CO diffusion-limitations, were superimposed on the selectivity corre-
lations showing the same behavior as the SBA-catalysts in the present work: the
selectivity data deviated from the correlations at conversion levels lower or similar
to that of this study (40%) but agreed with the correlation line at very high conver-
sion. This illustrates the significant effect of water partial pressure on the removal
of diffusion limitations in 1D porous networks. It can also be pointed out that these
correlations, which are independent of catalyst properties, can be used as a tool to
indicate the occurrence of CO-diffusion limitations.

The effect of process parameters were also investigated and were shown to have
an influence on the linear interdependencies between the propagation probabilities
and SC5+, with a larger impact on αC1 than on other individual chain growth prob-
ability. Decreasing the H2/CO ratio increased the selectivity to SC5+ and seemed to
result in a different slope of the correlation line. A lowered space velocity, as well
as external water addition, increases the SC5+ for essentially all catalysts. Again,
αC1 is the most affected of the αCn.

The possibility of performing internal WGS with a H2-poor syngas over mix-
tures of Co supported on a γ-Al2O3 and Cu/ZnO/Al2O3 catalyst was investigated
both as a technical solution for direct use of a model bio-syngas and as a means
to study the effect of indigenous water removal. The H2/CO usage ratio could be
adjusted to match the inlet H2/CO ratio of 1 by choosing the correct amounts of the
two catalysts. However, the Co catalyst-time yields to HCs of the WGS catalyst-
containing mixtures were lower than for the pure Co catalyst. This was ascribed to
a strong positive kinetic effect of water on the FT rate of the Co catalyst, showing
that the importance of the indigenously produced water is larger than the increase
in partial pressure of H2 due to the WGS.

Lastly, a series of kinetic experiments on the same catalyst (Co supported on
a narrow-pore γ-Al2O3) pre-conditioned at high water partial pressure, showed a
clear positive effect of external water addition on FT rate for all investigated H2/CO
ratios (1, 2.1 and 3). The extent of the positive effect was always significantly more
remarkable at H2-poor conditions compared to stoichiometric and H2-rich condi-
tions. A TPH-MS investigation, looking upon the presence of site-blocking, amor-
phous polymeric carbon after one day at FT conditions at different H2/CO ratios,
showed the presence of a high-temperature feature with H2-poor feed, related to the
presence of unreactive carbon. The larger extent of the positive effect of water on
the rate for the latter condition seems to be unrelated to the removal of amorphous
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polymeric carbon. However, the instrument resolution could be too low to detect
small amounts of unreactive carbon on the surface if carbon were mostly located
on the support. Since removal of mass-transfer restrictions have been ruled out
by previous studies, at least for stoichiometric conditions, the nature of the water
effect seems to be related either to a direct kinetic effect or related to the removal
of unreactive carbon, present in small amounts on the active metal surface.
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Abbreviation list

1D 1-dimensional
3D 3-dimensional
ASF Anderson-Schulz-Flory
ATR Autothermal reforming
BET Brunauer-Emmet-Teller
BSD Backscattered electron detector
BTL Biomass-to-liquid
CTL Coal-to-liquid
DME di-methyl ether
DOR Degree of reduction [%]
EDX Energy dispersive X-ray analysis
EF Entrained flow
FB Fluidized bed
FID Flame ionization detector
FT(S) Fischer Tropsch (synthesis)
GC Gas chromatograph
GHSV Gas hourly space velocity [Nm3/(gcat, h)]
GTL Gas-to-liquid
HC Hydrocarbon
HPLC High-performance liquid chromatography
HTFT High-temperature Fischer Trospch
IEA International energy agency
IW Incipient wetness
LNG Liquified natural gas
LTFT Low-temperature Fischer Trospch
ME Microemulsion
MS Mass spectrometer
OMS Ordered mesoporous silica
POX Partial oxidation
SAXS Small angle X-ray scattering
SEI Secondary electron imaging
SEM Scanning electron microscope
SMR Steam methane reforming
SNG Synthetic natural gas
TCD Thermal conductivity detector
(S)TEM (Scanning) transmission electron microscope
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TOF Turnover frequency [s-1]
TPx Temperature programmed reactions.

x=D desorption; x=R reduction; x=H hydrogenation
u.r. H2/CO usage ratio
WGS Water-gas shift
WI Wetness impregnation
XRD X-ray diffraction
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