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Abstract 
 

Synthetic fuels produced using the Fischer-Tropsch technology will 

play an important role in the future of the transportation sector. The 

Fischer-Tropsch synthesis (FTS) allows converting synthesis gas (CO + H2) 

into fuels of outstanding quality. The synthesis gas can be obtained from 

different carbon sources: natural gas, coal and biomass. In order to 

maximize the yield of middle distillates, the process is carried out in two 

main steps: the FT-synthesis that produces long-chain hydrocarbons 

(waxes) and a hydrocracking step, to selectively convert the waxes into 

fuels. Diesel produced by this process is characterized by excellent 

combustion properties and reduced harmful tailpipe emissions compared 

to conventional diesel. 

Due to the growing interest in synthetic fuel production, from the 

industry and the academia, and to the peculiar characteristics of the 

Fischer-Tropsch products, research in hydrocracking has received renewed 

attention. Catalysts for the hydrocracking of long-chain paraffins have been 

the subject of the present work, which is the summary of four scientific 

publications. 

Noble metals supported on acid carriers have been compared, 

especially for what regards the mechanisms through which hydrocracking 

proceeds. The catalysts were synthesized and characterized by various 

techniques, including N2 physisorption, H2 chemisorption, TEM, pyridine 

adsorption FTIR, ammonia TPD, etc. It was shown that catalytic activity is 

mainly dependent on the acid support used; that selectivity is strongly 

dependent on conversion, high conversion favoring highly branched 

cracking products. Two main reaction routes were observed: bifunctional 

hydrocracking and hydrogenolytic cracking. Platinum-containing catalysts 

showed high selectivity towards the latter, while palladium/silica-alumina 

behaved as pure bifunctional catalysts. Catalyst deactivation was 

investigated and initial sintering of metal particles was observed. Coking 

was also a cause of deactivation. Formation of coke deposits was highly 

dependent on the metal loading of the catalysts. Metal loading also 
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influenced catalyst selectivity, especially in the case of platinum/silica-

alumina catalysts. Monofunctional hydrogenolysis on the platinum 

particles, superimposed to the bifunctional mechanism was observed. This 

route increased selectivity towards linear hydrocarbons and methane, with 

increasing amounts of platinum. The specific rate of hydrogenolysis was 

constant for different loadings of platinum on the same acid silica-alumina 

support. Using a different, less acid, support negatively affected the 

hydrogenolytic activity of the platinum catalytic sites. It was concluded that 

metal-support interactions might play an important role in the catalytic 

properties of platinum surfaces. 

This work has contributed to increasing the knowledge about 

hydrocracking of long-chain alkanes and pointed out some features that 

might have practical interest in the application of this technology to 

synthetic-fuel production. 

 

Keywords: hydroconversion; Fischer-Tropsch wax; n-hexadecane; 

bifunctional hydrocracking; hydrogenolysis; silica-alumina; platinum; 

palladium 
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Sammanfattning 
 

Titel: Väteomsättning av modell Fischer-Tropschvax på 

ädelmetall/kiseloxid-aluminiumoxid katalysatorer 

 
Syntetiska drivmedel tillverkade genom Fischer-Tropsch teknologin 

kommer i framtiden att ha en betydande roll för transportsektorn. Fischer-

Tropsch syntesen (FTS) möjliggör omvandling av syntesgas (CO + H2) till 

högkvalitativa bränslen. Syntesgasen kan erhållas från olika kolkällor: 

naturgas, kol och biomassa. För att maximera utbytet av medeldestillat, 

utförs processen i två huvudsteg: FT-syntes som producerar långa kolväten 

(vaxer) och ett hydrokrackning steg, för att selektivt omvandla vaxerna till 

bränslen. Diesel som produceras med denna process kännetecknas av 

utmärkta förbränningsegenskaper och ger upphov till minskade utsläpp av 

skadliga ämnen jämfört med vanlig diesel. 

På grund av det växande intresset för syntetiska bränslen, både från 

industrin och den akademiska världen, och av de speciella egenskaperna 

hos Fischer-Tropsch-produkter, har forskningen i vätekrackning fått 

förnyad uppmärksamhet. Ämnet för detta arbete, som är en 

sammanfattning av fyra vetenskapliga publikationer, är katalysatorer för 

hydrokrackning av långkedjiga paraffiner. 

Ädelmetaller uppburna på sura bärare har jämförts, särskilt vad gäller 

vätekrackningsmekanismer. Katalysatorerna preparerades och 

karaktäriserades med hjälp av olika tekniker, bland andra N2 fysisorption, 

H2 kemisorption, TEM, pyridin adsorption FTIR, ammoniak TPD, etc. 

Det visade sig att den katalytiska aktiviteten är främst beroende av surheten 

hos bärarmaterialet, att selektivitet är starkt beroende av omsättningen, där 

hög omsättning gynnar flergrenade krackningsprodukter. Två huvudsakliga 

reaktionsvägar observerades: bifunktionell vätekrackning och 

hydrogenolytisk crackning. Platinakatalysatorer visade hög selektivitet mot 

det senare, medan katalysatorer med palladium på kiseloxid-aluminiumoxid 

uppträdde som rena bifunktionella katalysatorer. Katalysatordeaktivering 

undersöktes och sintring av metallpartiklar observerades. Koksning var 
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också en orsak till deaktivering. Koksbildning var starkt beroende av 

metallhalten i katalysatorerna. Metallhalten påverkade också selektivitet, 

särskilt för platina-kiseloxid-aluminiumoxidkatalysatorer. Monofunktionellt 

hydrogenolys på platinapartiklarna, observerades utöver den bifunktionella 

mekanismen. Med denna reaktionsväg ökade selektivitet mot linjära 

kolväten och metan, med ökande platinahalter på katalysator. Den specifika 

reaktionshastigheten för hydrogenolys var konstant för olika platinahalter 

på en sur kiseloxid-aluminiumoxidbärare. Den hydrogenolytiska aktiviteten 

hos platina katalytiska säten påverkas negativt när en mindre sur bärare 

användes. Slutsatsen var att interaktioner mellan metallen och bäraren kan 

spela en viktig roll för de katalytiska egenskaperna hos platina ytor. 

Detta arbete har bidragit till att öka kunskapen om vätekrackning av 

långkedjiga alkaner och påpekade vissa funktioner som kan ha praktiskt 

intresse vid tillämpningen av denna teknik för produktionen av syntetiska 

bränslen.  



v 
 

Publications referred to in this thesis 

 

The work presented in this doctoral thesis is based on the following 

publications. The papers are appended at the end of the thesis, and are 

referred to in the text using Roman numerals. 

 

I. F. Regali, M. Boutonnet, S. Järås  

Hydrocracking of n-hexadecane on noble metal/silica-alumina catalysts 

Catalysis Today 214 (2013) 12-18 

 

II. F. Regali, R. Suárez París, A. Aho, M. Boutonnet, S. Järås  

Deactivation of Pt/silica-alumina catalysts and effect on selectivity in the 

hydrocracking of n-hexadecane 

Topics in Catalysis 56 (2013) 594-601 

 

III. F. Regali, L. F. Liotta, A. M. Venezia, V. Montes, M. Boutonnet, 

S. Järås 

Effect of metal loading on activity, selectivity and deactivation of Pd/silica-

alumina catalysts in the hydrocracking of n-hexadecane 

Catalysis Today, accepted for publication 

 

IV. F. Regali, L. F. Liotta, A. M. Venezia, M. Boutonnet, S. Järås 

Hydroconversion of n-hexadecane on Pt/silica-alumina catalysts: Effect of 

metal loading and support acidity on bifunctional and hydrogenolytic activity 

submitted to Applied Catalysis A: General  



vi 
 

Contributions to the publications 

 

The author of this thesis was the main responsible for all the planning, the 

experimental work, the analysis of data and the writing of the papers. Co-

authors were responsible for some of the characterization analyses 

performed. 

 

I. I am the main author of this paper. 

 

II. I am the main author of this paper. R. Suárez París performed 

some of the experiments and helped in the analysis of data. A. Aho 

performed the pyridine adsorption FTIR measurements. 

 

III. I am the main author of this paper. L. F. Liotta performed the 

TPO-MS analyses. V. Montes performed the TEM analyses, while I 

was responsible for their interpretation and particle size distribution 

analysis. 

 

IV. I am the main author of this paper. L. F. Liotta performed the 

NH3-TPD analyses and helped with the interpretation of acidity 

data. 

  



vii 
 

Other publications and conference contributions 

 

Peer-reviewed publications: 

 

M. Lualdi, S. Lögdberg, F. Regali, M. Boutonnet, S. Järås 

Investigation of Mixtures of a Co-Based Catalyst and a Cu-Based Catalyst for the 

Fischer-Tropsch Synthesis with Bio-Syngas: The Importance of Indigenous Water 

Topics in Catalysis 54 (2011) 977-985 

 

M. Boutonnet Kizling, F. Regali 

Preparation of zirconium oxide particles for catalyst supports by the microemulsion 

technique. Characterization by X-ray diffraction, BET, SEM-EDX, FT-IR and 

catalytic tests 

Studies in Surface Science and Catalysis, Vol. 118 (1998) 495–504 

 

Conference contributions:(presenting author in bold) 

 

F. Regali, M. Boutonnet, S. Järås 

Hydrocracking of hexadecane on noble metal/silica-alumina catalysts. The effect of 

metal loading of palladium, platinum and iridium 

Oral presentation, 11th European Congress on Catalysis – EuropaCat-

XI, Lyon, France, September 1-6, 2013 

 

F. Regali, M. Boutonnet, S. Järås 

Hydrocracking of n-hexadecane on noble metal/silica-alumina catalysts 

Oral presentation, Syngas Convention, Cape Town, South Africa, April 

1-4, 2012 

  



viii 
 

F. Regali, M. Boutonnet, L. Liotta, A. M. Venezia, S. Järås 

Activity and deactivation behavior of Pd/silica-alumina catalysts in the 

hydrocracking of n-hexadecane 

Poster presentation, UBIOCHEM-III workshop: Sustainable 

production of fuels/energy, materials and chemicals from Biomass, 

Thessaloniki, Greece, November 1-3, 2012 

 

F. Regali, R. Suárez París, M. Boutonnet, S. Järås 

Behavior of platinum on silica-alumina catalysts in the hydrocracking of n-

hexadecane 

Poster presentation, 15th Nordic Symposium on Catalysis, Mariehamn, 

Åland, June 10-12, 2012 

 

F. Regali, R. Suárez París, M. Boutonnet, S. Järås 

Behavior of platinum and palladium on silica-alumina catalysts in the 

hydrocracking of n-hexadecane 

Poster presentation, Syngas Convention, Cape Town, South Africa, 

April 1-4, 2012 

 

F. Regali, A.M. Venezia, M. Boutonnet, S. Järås 

Hydrocracking of Fischer-Tropsch waxes over Pt/Pd catalysts supported on 

amorphous silica-alumina 

Poster presentation, COST Action CM0903 final meeting, Tallinn, 

Estonia, September 8-9, 2011 

 

F. Regali, M. Boutonnet, S. Järås 

Hydrocracking of Fischer-Tropsch waxes over Pt/Pd catalysts supported on 

amorphous silica-alumina 

Poster presentation, American Chemical Society 242nd National 

Meeting, Denver, CO, August 28-September 1, 2011 

  

  



ix 
 

F. Regali, A.M. Venezia, M. Boutonnet, S. Järås 

Hydrocracking of Fischer-Tropsch waxes over Pt/Pd catalysts supported on 

amorphous silica-alumina 

Poster presentation, EFCATS Summer School “Energy and Materials 

from the Sun”, Rolduc, The Netherlands, June 20-23, 2011 

 

F. Regali, A.M. Venezia, M. Boutonnet, S. Järås 

Hydrocracking of Fischer-Tropsch waxes over Pt/Pd catalysts supported on 

amorphous silica-alumina 

Poster presentation, COST Action D36 final meeting, Fuengirola, 

Spain, May 17-20, 2011 

 

M. Lualdi, F. Regali, S. Lögdberg, M. Boutonnet, S. Järås 

Biomass to Diesel: the Fischer-Tropsch route 

Poster presentation, KTH Energy Initiative, Stockholm, Sweden, 

November 24, 2010 

 

S. Lögdberg, M. Lualdi, R. Andersson, F. Regali, M. Boutonnet, S. 

Järås 

Biofuels from gasified biomass 

Poster presentation, COST Action CM0903 workshop, Córdoba, 

Spain, May 13-15, 2010 

 

  



x 
 

Table of Contents 

1 Introduction ............................................................ 1 

1.1 Setting the scene ........................................................... 1 

1.1.1 Hydrogen, carbon and their ratio ..................................... 1 
1.1.2 The quest for clean and renewable fuels ........................... 3 

1.2 Scope of the work .......................................................... 4 

2 The role of synthetic fuels ........................................ 7 

2.1 Biomass-to-Liquids ......................................................... 8 
2.2 Coal-to-Liquids .............................................................. 9 
2.3 Gas-to-Liquids ............................................................. 10 
2.4 The Fischer-Tropsch synthesis ....................................... 12 

3 Hydrocracking ....................................................... 15 

3.1 Industrial hydrocracking processes ................................. 15 
3.2 Reactors and process configurations ............................... 17 
3.3 Hydroconversion of Fischer-Tropsch products .................. 18 
3.4 Hydrocracking catalysts ................................................ 20 
3.5 Hydrocracking mechanisms ........................................... 22 

3.5.1 Bifunctional hydrocracking ............................................ 22 
3.5.2 Alternative mechanisms of bifunctional hydrocracking ...... 27 
3.5.3 Concurring reactions .................................................... 29 

3.6 Product distribution in hydrocracking .............................. 31 

3.6.1 Dependence of hydroisomerization and hydrocracking 

selectivity on conversion ............................................... 31 
3.6.2 Carbon-number distribution of hydrocracking products ..... 32 
3.6.3 Influence of the metal/acid site ratio .............................. 33 
3.6.4 Influence of hydrogenolysis ........................................... 35 
3.6.5 Effect of process parameters ......................................... 38 
3.6.6 Catalyst deactivation .................................................... 39 

4 Experimental ........................................................ 41 

4.1 Preparation of catalysts ................................................ 41 

4.1.1 Incipient-wetness impregnation ..................................... 42 
4.1.2 The microemulsion technique ........................................ 43 

4.2 Catalyst characterization ............................................... 44 

4.2.1 N2 adsorption .............................................................. 44 
4.2.2 H2 chemisorption ......................................................... 47 
4.2.3 TEM-EDS .................................................................... 51 



xi 
 

4.2.4 Pyridine adsorption FTIR ............................................... 52 
4.2.5 NH3-TPD ..................................................................... 54 
4.2.6 TPO ........................................................................... 55 
4.2.7 XPS ........................................................................... 56 
4.2.8 Other characterization methods ..................................... 57 

4.3 Catalytic testing: equipment and procedures ................... 59 

4.3.1 N-hexadecane as a model compound ............................. 59 
4.3.2 High-pressure reaction apparatus .................................. 59 
4.3.3 Analysis system........................................................... 62 
4.3.4 Catalyst loading and pretreatment ................................. 62 
4.3.5 Experimental conditions and sampling procedures ........... 63 
4.3.6 Data analysis and calculations of conversion, selectivity and 

rates .......................................................................... 64 

4.4 Catalytic behavior ........................................................ 67 

4.4.1 A brief history of the catalytic testing experiments performed 

in this work ................................................................. 67 
4.4.2 Comparison between palladium and platinum as the metal 

function ...................................................................... 69 
4.4.3 Effect of metal loading on activity and selectivity ............. 70 
4.4.4 Effect of deactivation on selectivity ................................ 73 
4.4.5 Effect of metal loading on catalyst deactivation ............... 76 
4.4.6 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

support acidity ............................................................ 77 
4.4.7 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

hydrogen partial pressure ............................................. 81 
4.4.8 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

temperature................................................................ 83 

5 Conclusions .......................................................... 85 

5.1 Main results of this work ............................................... 85 
5.2 Final remarks and outlook ............................................ 86 

List of abbreviations ......................................................... 88 

Acknowledgments ............................................................ 90 

References ...................................................................... 92 

 

 





1 
 

1 Introduction 

1.1 Setting the scene 

Until the 19th century, the largest part of the energy utilized was 

obtained from renewable sources. Then, industrialization, the discovery of 

oil, and the development of our species from Homo sapiens sapiens to Homo 

sapiens industrialis, prompted an exponential increase in energy utilization, 

which continues to the present day, and is putting Earth’s natural system 

out of balance. Researchers agree that the rise of CO2 concentration in the 

atmosphere, leading to climate change, is anthropogenic, e.g. the utilization 

of fossil energy sources. 

One of the major energy consumers is the transportation of goods 

and people, which has steadily increased during the past few decades, and 

today constitutes 27% of the world’s total energy consumption [1]. The 

usage of transportation fuels is forecasted to continue to grow in the 

future. Demand is driven by demographics and increasing standards of 

living in developing countries, and only partly mitigated by the improving 

fuel efficiency [2]. Immediate action is required to accelerate the change 

towards renewable sources and a more efficient use of energy. 

1.1.1 Hydrogen, carbon and their ratio 

The transport sector is largely based on internal combustion engines 

(ICE), developed since the late 19th century, following the discovery of oil 

and the subsequent availability of petroleum-based fuels at a low price. 

Energy conversion in ICEs revolves around three chemical elements: 

carbon (C), hydrogen (H) and oxygen (O). Carbon and hydrogen are the 
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main constituents of the fuel, which is combusted with the oxygen of the 

air to yield carbon dioxide and water. The energy is given primarily by the 

breakage of C-H and C-C bonds of the fuel molecules. A fuel containing 

mostly C-H bonds (e.g. methane) gives the highest amount of energy per 

carbon atom, i.e. per emitted molecule of CO2, while the presence of 

oxygen (as in ethanol or biodiesel) lowers the fuel’s specific energy content. 

ICEs have been optimized for a fuel H/C atomic ratio of 

approximately two, which is typical for gasoline, kerosene and diesel. Raw 

materials for fuel manufacturing rarely possess the correct H/C ratio. This 

implies that, in principle, the production of transportation fuels is the 

process of moving hydrogen from one raw material to another, while 

keeping the oxygen content low. 

Table 1-1. Atomic H/C ratios for common raw materials for fuel production [3, 4]. 

Fuel H/C ratio 

Coal 0.7 – 0.9 
Biomass 1.3 – 1.8 
Crude oil 1.4 – 1.8 
Natural gas 3.5 – 3.8 

 

It is apparent from the data in Table 1-1 that, in order to produce 

transportation fuels, hydrogen addition, or carbon removal, is required in 

all cases except for natural gas. In fact, natural gas, together with water, is 

the main source of hydrogen for fuel production. These two sources are 

combined in the steam reforming process, which is the dominant route for 

hydrogen production used in the manufacturing of fuels and chemicals. Put 

in a simple way, the operation of the 786 refineries in the world, producing 

ca. 2500 Mtoe/year of automotive fuels [5], is the process of removing 

hydrogen from natural gas and adding it to crude oil feedstocks in order to 

get products with an H/C ratio of 2. 

In the future, it is not impossible that fuel economy will move 

towards hydrogen. Ideally the limit is an infinite H/C ratio, i.e. pure 

hydrogen. This would mean zero emission of CO2 during combustion. 

Unfortunately, until solar-powered water splitting becomes reality, and 

safety issues on hydrogen storage and transport are solved, we have to rely 
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on carbon-containing fuels and work towards minimizing their impact on 

the global and local environment. 

One way to lower the emissions from ICEs is using cleaner and more 

efficient fuels. Regulations are becoming ever stricter regarding emissions 

which cause health and environmental concerns, such as particulates, 

uncombusted hydrocarbons, NOx and SOx. In many countries, pressure is 

being put on fuel producers and vehicle manufacturers to reduce pollutants 

in the fuels and to improve the engines’ fuel economy. As a consequence of 

these efforts, the demand for ultra-clean diesel fuel has been steadily 

increasing, especially in Europe. Air transportation has also been growing, 

adding to the demand for middle-distillate fuels. High purity middle 

distillates are produced through the workup of distillation fractions with 

hydrogen-adding process steps, as hydrotreating and hydrocracking. These 

technologies are seeing an unprecedented growth. The world’s total 

hydrocracking capacity in 2003 was 3.8 Mbpd [6]; it was forecast to 

increase by 4.4 Mbpd between 2005 and 2020 [7]. By 2010 it had increased 

to 5.4 Mbpd [8]. In the forecastable future, the necessity of hydrogen 

addition to hydrocarbon feedstocks will continue to increase, due to the 

need for cleaner fuels and the lower availability of hydrogen-rich crude oils. 

1.1.2 The quest for clean and renewable fuels 

Although the growth of transportation fuel demand in Europe has 

stagnated during the last few years, due to the economic recession [9], there 

is a strong political will towards a higher contribution of renewable sources 

in the fuel pool. The EU Renewable Energy Directive established targets 

for 2020 [10], which are legally binding for the member states, to obtain a 

20 % share of energy from renewable sources by 2020 and a 10 % share of 

renewable energy specifically in the transport sector. A proposal was 

submitted in 2012 to limit land usage for biofuel production. If the 

proposal is approved, the share of food-based biofuels to meet the 10 % 

renewable energy target will be limited to 5 % [11]. This would imply an 
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increased role of second-generation biofuels, obtained from conversion of 

woody biomass. 

Lignocellulosic biomass can be converted thermochemically into 

synthesis gas, and subsequently into liquid fuels via the Fischer-Tropsch 

(FT) synthesis. This process is usually named BTL (Biomass-To-Liquids), 

in analogy to the commercial GTL (Gas-To-Liquids) process, which uses 

natural gas as the source of carbon, and CTL (Coal-To-Liquids), using coal. 

These technologies are termed XTL. 

Synthetic fuels obtained from XTL technologies have some 

advantages compared to traditional oil-based fuels. FT diesel is virtually 

free from nitrogen and sulfur compounds, and aromatics, giving better 

combustion properties and lower emissions of particulates, NOx and 

unconverted hydrocarbons [12]. Moreover, the FT synthesis gives a high 

flexibility in terms of the types of fuel produced: from synthetic natural gas 

(SNG) to gasoline, kerosene and diesel. 

The BTL process has not yet found commercial application, mainly 

because of the costs associated with the collection and pretreatment of 

woody biomass, and the need for large FT plants due to economy of scale. 

GTL, on the other hand, is on the rise with two very large commercial 

plants which recently started operation in Qatar. Both GTL and BTL are 

promising technologies which will, most probably, play a role in the future 

of fuel production. The final step in the conversion to synthetic fuels is the 

upgrading of FT products, typically consisting of linear paraffins (waxes). 

In order to transform these waxes into fuels, hydroconversion is required. 

1.2 Scope of the work 

The purpose of this work was to study the catalytic hydroprocessing 

of long-chain paraffins. In a scenario in which the production of synthetic 

fuels via the Fischer-Tropsch synthesis is becoming more and more 

interesting, FT-product upgrading has received attention in academic and 

industrial research. Although hydroconversion of FT products can be 
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performed on commercial catalysts, developed for the upgrading of crude 

oil, their characteristics set them widely apart from refinery hydrocracker 

feeds. Consequently, the chemistry of the reactions involved is different. 

This affects the choices of process and catalyst, as well as the operating 

conditions. Therefore, it is of great interest to address the specific behavior 

of catalysts when hydroprocessing these highly paraffinic feedstocks. 

This PhD thesis focuses on highlighting some peculiarities of 

n-hexadecane hydroconversion, when it is performed with catalysts 

comprised of noble metals supported on amorphous silica-alumina. In 

particular: (I) Differences in catalytic activity and product selectivity using 

different noble metals (Pt, Pd, Ir); (II) Reaction routes in hydroconversion: 

hydrogenolysis and bifunctional hydroisomerization/hydrocracking; (III) 

Deactivation behavior and its effect on product selectivity; (IV) The role of 

metal loading and its effect on product distribution. As for all studies of 

heterogeneous catalytic systems, one goal was to correlate catalytic 

properties to surface structures and characteristics. 
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2 The role of synthetic fuels 

The share of renewable energy sources in the transport sector for the 

European Union was 4.7 % in 2010 [13]. The main contribution is given by 

so-called first-generation biofuels, such as biodiesel (FAME) and bio-

ethanol. Biodiesel is obtained from oil-containing plants, as rapeseed or 

sunflower. Bioethanol is made by fermentation of sugar- and starch-

containing crops such as beets or cereals. 

A major drawback to the environmental advantages of first-

generation biofuels is the agricultural land usage. Not only does it impact 

on the land available for food production, but the farming in itself is also 

quite energy intensive and makes use of fertilizers and pesticides which 

have a detrimental influence on the local environment. These issues have 

driven the EU in the direction of regulating the origin of biofuels in a 

Proposal for Amendment of the Directive 2009/28/EC on the promotion 

of the use of energy from renewable sources [11]. Forest-based, second-

generation biofuels obtained from woody biomass will probably play a 

major role in the future. In contrast to first-generation biofuels, they have 

higher energy density, calculated per area of land and year, and make use of 

less energy-intensive forestry crops. 

The World Energy Council estimated the amount of energy from 

biomass which could be sustainably utilized in energy production to be 

between 200 and 500 EJ/year (4800 – 12000 Mtoe/year) [14] . This can be 

compared to the world’s energy consumption from fossil sources in the 

transport sector, amounting to 2486 Mtoe/year in 2010 [1]. In Sweden, the 

yearly energy supply potential of woody biomass and waste was 156 TWh 

(13.4 Mtoe) [15], while the energy consumption of the transport sector 

amounts to 93 TWh (8 Mtoe) [1]. These data show that, in principle, the 
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whole transportation-fuel demand could be satisfied by second-generation 

biofuels. Nevertheless, ways to economically utilize this clean energy source 

on a large scale are yet to be found. 

2.1 Biomass-to-Liquids 

One of the most promising methods for making use of bio-energy is 

the biomass-to-liquids (BTL) process. Different conversion options fall 

under this name, the main ones being: (I) biomass gasification followed by 

chemical conversion of synthesis gas into liquid fuels; (II) extraction of 

fatty acids (oils) from forest or food industry products, followed by 

hydrogenation to yield paraffins (Hydrotreated Vegetable Oils - HVO); 

(III) fast pyrolysis of biomass to obtain a bio-oil which can be either 

gasified or hydrotreated. 

Woody biomass, which mainly consists of lignin and cellulose, can be 

converted into bio-syngas (a mixture of CO and H2) by high-temperature 

gasification. Downstream the gasifier, different options are available to 

transform the bio-syngas into fuels: Fischer-Tropsch synthesis to diesel, 

kerosene and gasoline; DME synthesis; alcohol synthesis to methanol, 

ethanol or higher alcohols. The advantage of the FT synthesis, yielding 

hydrocarbon fuels, is that these can be used without modifications to 

engines or distribution systems and are fully blendable with oil derived 

fuels. 

The main obstacles to competitive production of BTL fuels are the 

low energy density of raw biomass and the associated costs of collection, 

transportation and pretreatment (drying, pelletizing). One way to overcome 

this problem, and make BTL economically more viable, is the integration 

with waste streams of the forest industry, for example black liquor from 

pulp mills or felling wastes (branches and tops). A pilot plant in Piteå, 

Sweden, (now run by the Luleå University of Technology) makes use of 

black liquor gasification followed by DME synthesis [16]. Other examples 

of successful BTL projects are Preem’s tall-oil hydrogenation, whose 
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product is blended up to 35% in the commercial “Evolution Diesel” [17], 

and Neste’s NExBTL, which also uses the route of vegetable-oil 

hydrogenation to obtain paraffinic diesel and aviation kerosene [18]. A new 

BTL plant, using the Fischer-Tropsch synthesis, is being built in Finland, 

and is planned to start production in 2016 with a capacity of 115000 

toe/year of biofuels [19]. The biomass gasifier will be based on the Carbo-

V technology, developed by Choren, which has successfully produced 

BTL-FT-fuels at the demonstration scale [20]. 

BTL projects face economic issues for biomass gasification; the most 

promising and efficient gasification technologies are based on pressurized 

oxygen-fired gasifiers, which need capital-intensive air-separation units. FT 

and product workup-plants are also complex systems requiring economy of 

scale to achieve competitive fuel production costs [21]. 

The energy efficiency of BTL plants using the FT route has been 

estimated to be between 33 and 50%, depending on the type of gasifier 

[21]. Since every transformation is associated with energy expenditure, a 

better way to maximize the utilization of the energy content of biomass as 

useful energy could be in combined heat and power plants (CHP) by direct 

gasification. 

2.2 Coal-to-Liquids 

Coal-to-Liquids (CTL) plants, based on coal gasification technology 

and the Fischer-Tropsch synthesis, have been operated successfully to 

produce synthetic fuels. Coal gasification was used in Germany during 

World War II, when access to oil resources was restricted. In South Africa, 

the Fischer-Tropsch technology was developed industrially since the 1960s 

to exploit the large coal resources and surged to supplying a large fraction 

of the country’s automotive fuel demand in the 1980s and 1990s, after the 

introduction of an oil embargo to pressure the regime to abolish the 

apartheid laws. 
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Today, the total capacity of CTL is 190000 bpd (2012), with the 

largest part concentrated in Sasol’s Secunda complex in South Africa and 

some smaller-scale plants in China [22]. CTL technology might be applied 

in the future, since coal reserves are by far the largest of the fossil sources 

of carbon, especially in China. Nevertheless, environmental concerns could 

probably limit their application on a large scale. Estimations on a well-to-

wheel perspective calculated the CO2 footprint of CTL fuels as >160% 

compared to conventional, oil-derived fuels. CTL-diesel production might 

be a viable alternative if coupled with carbon capture and storage (CCS) 

and/or employing co-gasification with biomass, in which case CO2 well-to-

wheel emissions could be lower than for conventional diesel [22]. 

2.3 Gas-to-Liquids 

Natural gas resources are predicted to outlast those of crude oil by 

many decades. Moreover, they are more evenly spread throughout the 

globe, making their utilization for fuel production interesting as regards 

security of energy supply, since many countries are aiming for greater 

independence from oil imports from politically unstable regions. The Gas-

to-Liquid process consists of three main steps: (I) the conversion of natural 

gas into synthesis gas by steam reforming, autothermal reforming or partial 

oxidation; (II) the Fischer-Tropsch synthesis to high molecular weight 

paraffins (wax); (III) the upgrading of the wax by 

hydrocracking/hydroisomerization followed by separation into the desired 

products: diesel, kerosene and/or gasoline. This technology has gained 

attention from the oil and gas industry; Shell recently started the operation 

of the world’s largest GTL plant in Qatar, with a capacity of 140000 bpd 

(7.4 Mtoe/year), a tenfold capacity increase since the first commercial 

application of the SMDS (Shell Middle Distillate Synthesis) GTL process in 

1993. The driving forces for investments in GTL technologies are the low 

gas prices in comparison to oil prices, and fuel quality regulations. GTL 

yields high purity fuels which earn a premium value on the market. 
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 GTL diesel has complementary properties with respect to oil-

derived fuels, making it a perfect blend to bring low quality distillates to 

specification by raising their cetane number and lowering the content of 

sulfur and aromatics. Furthermore, synthetic diesel has been proven to 

greatly reduce local emissions [23]. GTL fuels are indeed commercialized 

for niche applications where low hazardous emissions are crucial such as 

mining or indoor recreational motor sports and could be suited for use in 

fuel-cell vehicles with on-board reforming [21]. 

GTL also has a very large potential for exploiting stranded natural 

gas reserves, which are estimated to be almost half of the total reserves, 

over 6000 trillion cubic feet. This figure corresponds to ca. one trillion 

barrels of refined liquid products or 150000 Mtoe [24], equating more than 

30 years of crude oil production at the 2011 production rate [5]. Gas 

associated to oil fields which is not economical to transport is often flared, 

contributing to GHG emissions without any economic advantage. GTL is 

therefore being considered as an alternative to LNG (Liquefied Natural 

Gas) as a means to make possible the transportation of these resources to 

the market [25]. 

Despite being a proven technology and the large investments of the 

recent years, GTL only contributes to less than 0.5% of the global fuel 

production [26]. The key parameters for the success of the GTL 

technology are (I) the gap between oil and gas prices; (II) environmental 

regulations mandating stricter fuel specifications; (III) the development of 

compact GTL plants to use in small remote gas fields; (IV) political 

decision that could make the flaring of excess gas uneconomical. 

In conclusion, both GTL and BTL are promising technologies for 

obtaining fuels with lower environmental impact than traditional fuels. 

Their future will depend on a number of economic and political issues. 

Both technologies require scale economy to be competitive, but, due to the 

distributed characteristics of the raw materials used, research efforts are 

being made to develop small-scale solutions. GTL has come further in this 

direction due to the easiness of making the gas-reforming section more 

compact compared to a biomass gasifier. GTL is also closer to being 
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economically competitive with traditional fuels. BTL has the great 

advantage of using a renewable energy source, while the total CO2 footprint 

of GTL fuels might be higher than for oil-derived fuels [27, 28]. Figure 2-1 

shows the role of hydrocracking in XTL and oil refinery applications. 

 

Figure 2-1. XTL and refinery applications of hydrocracking for the production of high-

quality transportation fuels. 

2.4 The Fischer-Tropsch synthesis 

The Fischer-Tropsch synthesis (FTS) is the catalytic hydrogenation 

of carbon monoxide to obtain hydrocarbons and water. It is a 

polymerization reaction, in which the building blocks are –CH2–monomers. 

As a consequence of the polymerization mechanism, characterized by 
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monomer formation, chain growth and chain termination steps, the 

products obtained cover a large spectrum, ranging from methane to C100+ 

linear hydrocarbons, with minor amounts of branched hydrocarbons and 

alcohols or other oxygenates [23]. The chain growth parameter α, which 

depends on the catalyst and process conditions, characterizes the FTS 

product distribution: a value close to 1 is optimal when the desired final 

products are middle distillates. In this case, the FTS is driven towards 

maximum selectivity for high molecular-weight hydrocarbons (waxes), 

which are subsequently hydrocracked selectively to the desired boiling 

range.  

There are currently two main process options for FT synthesis: the 

low-temperature (200 – 240 °C) (LTFT) and the high-temperature (300 – 

350 °C) (HTFT) modes. Both modes are typically operated at moderate 

pressures (20 - 40 bar). The catalysts employed industrially are Co or Fe. 

For fuel production, the LTFT synthesis using supported Co is the chosen 

option [23]. 

Co-based catalysts are very sensitive to sulfur, which poisons the 

active sites, thus shortening the catalyst’s life. Syngas cleaning for XTL 

applications is therefore of paramount importance. As a consequence of 

this, FT products are sulfur-free, in contrast to typical refinery 

hydrocracking feeds, and are therefore highly suitable for producing clean 

middle-distillate fuels. 
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3 Hydrocracking 

Independently of the technologies that will prevail in meeting the 

challenges in the production of cleaner fuels, chances are high that 

hydrocracking will be a key step in the refineries and bio-refineries of the 

future. Hydrocracking is defined as the conversion of heavy feedstocks into 

lower molecular-weight products by the addition of hydrogen at high 

pressures. The term hydrocracking is sometimes used encompassing all the 

reactions of hydrogen with hydrocarbon feedstocks, i.e. hydrotreating, 

hydrocracking, hydroisomerization, aromatic saturation, ring opening, etc. 

The better-suited general terms hydroprocessing and hydroconversion are used in 

this thesis to indicate the process of transforming a feedstock with the 

addition of hydrogen. Hydrotreating is used when indicating addition of 

hydrogen in order to remove impurities (sulfur, nitrogen, oxygen, metals). 

Hydrocracking and hydroisomerization are used to indicate the chemical 

reactions of C-C bond breaking with addition of hydrogen and the 

isomerization of hydrocarbons in the presence of hydrogen, respectively. 

When the chemistry and the reaction mechanisms are concerned, the term 

hydrocracking is often used encompassing even hydroisomerization. 

3.1 Industrial hydrocracking processes  

Hydrocracking is one of the oldest processes used in hydrocarbon 

conversion. It was studied as early as the beginning of the 20th century, to 

produce gasoline from coal or heavy oils [29]. In the 1950s, increasing 

demand for higher-octane gasoline and jet fuels, led to the development of 

the catalytic hydrocracking process that could be operated at moderate 
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temperature (300-450 °C) and pressure (50-200 bar). A contributing factor 

was the development of catalytic reforming technologies, which made 

hydrogen available at lower costs. The first modern hydrocracking unit, 

which was put on stream in 1959 by Chevron, used a catalyst based on 

amorphous silica-alumina [30]. The development of zeolite catalysts in the 

1970s allowed for higher activity, better gasoline selectivity and lower 

operation costs. Nevertheless, hydrocracking remained in the shade of the 

FCC (fluid catalytic cracking) process as a distillate upgrading step in oil 

refineries. Figure 3-1 shows the typical layout of a modern high-conversion 

refinery. 

 

Figure 3-1. Layout of a typical high-conversion oil refinery. Reproduced with 

permission from [31]. 

It was not until the introduction of environmental constraints on 

fuels and the rising demand for middle distillates, along with a decreasing 

market for heavy fuel oils, that hydrocracking/hydrotreating technologies 
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saw an upswing. Hydrocracking is now a common unit in modern 

refineries; it provides high flexibility for both feedstocks and product slate, 

permitting profit maximization in fluctuating markets as is that of 

automotive fuels, with seasonal and geographical variations of demand [32]. 

3.2 Reactors and process configurations 

There are several applications and configuration options for 

hydrocrackers. The main commercial processes include: Chevron Lummus 

Global’s Isocracking®, Shell’s Mild Hydrocracking and full conversion 

hydrocracking to produce ULSD (Ultra-Low sulfur Diesel), UOP’s 

Unicracking™.  

The core of the hydroprocessing units consists of one or more fixed-

bed reactors containing metal/acid catalysts. A liquid feedstock is contacted 

downflow with a stream of hydrogen in an operation mode which is usually 

termed trickle-flow. Hydrocrackers can be configured in single-stage, two-

stage or series-flow process scheme, depending on the feedstock, the 

desired products and the catalysts to be used. The most common 

configuration is the two-stage with interstage product separation, in which 

the first reactor accounts for the hydrotreating reactions (HDM, HDN, 

HDS, HDO) and aromatics saturation, while hydrocracking and 

hydroisomerization reactions occur primarily in the second-stage reactor 

[33]. In the two-stage configuration, base metal-sulfide catalysts (NiMoS, 

NiWS or CoMoS) are used for the hydrotreating stage, while the 

hydrocracking stage can make use of highly active and selective catalysts 

consisting of noble metals supported on amorphous or zeolitic acid 

materials. Single-stage hydrocrackers require lower capital investment and 

have lower operation costs, but have less flexibility and usually yields lower 

quality products [33]. Other configuration options are used, such as 

Texaco’s T-STAR™ process which employs an ebullating-bed reactor, 

allowing for better heat control and continuous addition of fresh catalyst. 

Slurry-bed reactors are also being discussed and investigated. This process 
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option can overcome the limitations in conversion-per-pass of fixed-bed 

reactors, but has the disadvantage of generating a heavy pitch-like by-

product, rich in metals and sulfur, and has therefore not found industrial 

application [31, 34]. 

3.3 Hydroconversion of Fischer-Tropsch products 

Hydrocracker feeds in crude oil refineries are usually rich in 

aromatics and olefins. For this reason, besides hydrocracking and 

hydroisomerization reactions, a large part of the chemistry involved regards 

olefin saturation and ring opening (dearomatization) reactions. In the 

context of synthetic fuel production by XTL technologies, hydroprocessing 

is used to upgrade the Fischer-Tropsch products (syncrude) to middle 

distillates or chemicals. 

There are only a few commercial plants using FT technology (Table 3-1), 

their total capacity amounting to approximately 450000 bpd [22]. Even 

considering that the largest part of the FT products undergo some kind of 

upgrading step, the potential market of XTL hydrocracking is barely 1 % of 

the total installed capacity of hydroprocessing units in crude refineries (50 

Mbpd in 2010). On the other hand, this number increases to almost 10 % 

when compared to the capacity of hydrocracking units (5.4 Mbpd in 2010), 

with which FT-product upgrading has closer similarity [8]. Although this 

might change in the future, due to the growing importance of XTL 

technologies, little specific work has been done on catalyst development for 

FT-wax hydrocracking [35]. 
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Table 3-1. Commercial plants using the Fischer-Tropsch technology [22]. 

Plant Type Capacity 
(bpd) 

Location Owner Production 
start 

Secunda CTL 160.000 South Africa Sasol 1980 

Pearl GTL 140.000 Qatar Qatar 
Petroleum/

Shell 

2012 

Mossel Bay GTL 47.000 South Africa PetroSA 1987 

Oryx GTL GTL 34.000 Qatar Qatar 

Petroleum/
Sasol 

2007 

Escravos GTL 34.000 Nigeria Chevron/ 
NNPC 

2013 (expected) 

Ordos CTL 24.000 China Shenhua/ 
Sasol 

2008 

Bintulu GTL 15.000 Malaysia Shell 1993 

Sasolburg GTL 15.000 South Africa Sasol 1955 (CTL to 
GTL 2004) 

 

Low-temperature Fischer-Tropsch products are characterized by a 

high degree of paraffinicity [36]. This characteristic implies that the goal of 

hydroprocessing is shifted towards selective cracking and isomerization, 

compared to the ring-opening and olefin-saturation reactions of the 

hydrocracking of crude feedstocks. In general, the hydroconversion of 

LTFT waxes can be performed at less severe conditions than those used 

for crude feeds. Plants can be operated at lower temperature and pressure, 

at higher conversion and use catalysts with lower acidity (Table 3-2). 
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Table 3-2. Typical hydroprocessing conditions. Adapted from [37]. 

 Hydrocracker type 

 Conventional Mild FT wax 

Temperature (°C) 350-430 380-440 325-375 

Pressure (bar) 100-200 50-80 35-70 

LHSV (h-1) 0.2-2 0.2-2 0.5-3 

H2:feed (Nm3/m3) 800-2000 400-800 500-1800 

Conversion (%) 70-100 20-40 20-100 

 

Industrial processes addressing paraffin isomerization and cracking 

are catalytic dewaxing and isodewaxing, although these are mostly applied 

in order to selectively remove linear long-chain paraffins in feedstocks 

which are otherwise rich in branched alkanes or aromatic hydrocarbons 

[33]. Hydroprocessing of FT syncrude for middle distillate production, on 

the other hand, aims to selectively hydrocrack n-alkanes, while giving high 

isomerization yields. The ideal catalyst should give enough isomerization to 

lower the pour point of the products, and keep a relatively high n-alkane 

content, which gives good combustion properties (high cetane number). 

Overcracking, leading to the formation of lower value light hydrocarbons, 

should be avoided [38, 39].  

3.4 Hydrocracking catalysts 

Hydroconversion of paraffins aimed at fuel production requires high 

hydrogen pressure and a bifunctional catalyst, comprised of two distinct 

catalytic functions: a dehydrogenation-hydrogenation function, usually 

provided by a metal; and an isomerization-cracking function supplied by 

acid sites. 

Virtually any catalyst comprising a transition metal and an acidic solid 

oxide is active for hydroconversion, but the choice of catalyst formulation 

is dictated by the desired products, and by process and economic 

considerations. 
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Both noble and non-noble transition metals are used for the 

dehydrogenation-hydrogenation function, the most common being 

platinum and palladium, or group VIA metals (Mo, W) modified by group 

VIIIA metals (Co,Ni), usually in their sulfide form (NiWS, NiMoS, 

CoMoS) [38]. The hydrogenating activity of these catalytic materials can be 

ranked as follows [40, 41]:  

 

Pt ≈ Pd >> NiW > NiMo > CoMo 

 

Noble metals are preferred in low sulfur environments, as in two-

stage hydrocracking or in Fischer-Tropsch wax hydroprocessing, due to 

their higher hydrogenating activity [40]. This property has the benefits of 

increasing the yield of middle distillates and its isomer content as well as 

reducing economically-detrimental light-gas formation. Moreover, a strong 

hydrogenation function enhances catalyst stability, by keeping a low 

concentration of coke precursors, such as polynuclear aromatics [38]. 

Apart from providing the acid catalytic function, the solid oxide 

serves as support for the metal particles, which should be well dispersed on 

its surface. Many acidic supports have been used, ranging from silicas, 

aluminas, amorphous silica-aluminas, tungstated or sulfated zirconia, to 

chlorinated alumina, different zeolites, or combinations of the above 

materials [38]. In general, mesoporous solid oxides with weak or mild acid 

strength, such as silica-aluminas, are preferred when maximizing middle-

distillate yields [38, 40, 42]. 

Conventional, metal sulfide-based hydrocracking catalysts can be 

used in the hydroconversion of FT waxes. Due to the absence of sulfur in 

the waxes, however, it seems contradictory to sulfidize the catalysts, as 

sulfur can end up in the final products. On the other hand, unsulfided 

base-metal catalysts usually have high selectivity to light products. These 

drawbacks can be overcome by using noble-metal/acid catalysts. 

Unsulfided base-metal catalysts have been tested [43], but higher middle-

distillate yields and low light gas formation were obtained on 

Pt/amorphous silica-alumina catalysts [42, 44-46]. Commercially, both 
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options are applied; the two largest technology licensors for GTL facilities 

have chosen different catalysts: Shell’s Heavy Paraffin Conversion (HPC) 

stage in the SMDS process uses a platinum/silica-alumina catalyst in the 

Bintulu and Pearl GTL plants; Chevron’s Isocracking, applied in the Oryx 

GTL, uses a sulfided base-metal catalyst (probably NiMoS) [37]. ENI/IFP-

Axens most probably uses a 0.3-wt% Pt on amorphous silica-alumina in 

the GTL pilot plant in Sannazzaro [39], while BP settled for an unsulfided 

CoMo/silica-alumina in a 300 bpd demonstration plant in Alaska [47]. 

As named above, hydrocracking is a flexible process that can give a 

variety of products by changing the severity of operation. Anyway, the 

optimization of the selectivity to a desired product greatly depends on 

catalyst formulation. The challenge is balancing the two functions 

appropriately, in order to minimize the unwanted side reactions (such as 

hydrogenolysis and overcracking) and to optimize the product distribution 

as to carbon-number range (or boiling range) and isomer content, which 

affect the cold-flow properties and cetane number. This results from the 

choice of strength and strength distribution of the acid sites, and the nature 

and strength of the metal sites. The reasons behind this will be clearer after 

looking into the mechanisms of hydrocracking. 

3.5 Hydrocracking mechanisms 

3.5.1 Bifunctional hydrocracking 

Catalytic hydroconversion of long-chain paraffins has been 

thoroughly studied. In the beginning, hydrocracking was believed to be a 

variation of catalytic cracking with superimposed hydrogenation reactions 

[48]. The classical paper by Coonradt and Garwood [49], presented the 

mechanism behind n-alkane hydrocracking, and showed that it proceeds via 

a bifunctional mechanism in the presence of an acid catalytic function 

(cracking) and a metal function (hydrogenation/dehydrogenation). 

Following the study by Mills et al. [50], the theory of bifunctional catalysis 

was formulated by Weisz [51]; it states that two different catalytic functions 
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can achieve a synergic effect by intervening on reactions intermediates in 

multi-step reactions. 

In the particular case of n-alkane hydrocracking, the two functions 

are a metal function, responsible for hydrogenation/dehydrogenation 

reactions and an acid function, which catalyzes isomerization and cracking 

through carbenium-ion chemistry. Bifunctional catalysis is achieved 

because olefinic intermediates, produced by dehydrogenation of paraffins 

on the metal function are consumed on the acid function, thus shifting the 

dehydrogenation equilibrium. In this way, products that would not be 

possible on either of the two catalytic functions alone can be obtained. One 

condition for bifunctionality is the “closeness” of the two functions: for 

bifunctional catalysis to occur it is necessary that no mass-transfer 

limitations are present for the diffusion of the intermediates between the 

two types of active sites [51]. 

The product distribution of catalytic hydrocracking is thus very 

different from that obtained on monofunctional cracking catalysts; 

hydrocracking gives high isomerization selectivities, especially at low to 

moderate conversions, while the products of acid catalytic cracking of long-

chain alkanes consist mostly of short, unsaturated hydrocarbons [52]. This 

is the main (chemical) reason why hydrocracking is gaining ground with 

respect to FCC, when demand is shifting towards middle distillates. 

The hydrocracking mechanism was later explained in detail; some 

aspects are still debated [52], but the general principles presented by 

Coonradt and Garwood [49] are still commonly accepted today. One 

observation they made concerned the dependence of the product range on 

the conversion level, or severity of operation. This eventually led to the 

hypothesis that the mechanism proceeds through consecutive 

isomerization/cracking reactions, giving a characteristic product 

distribution with varying conversion depending on the balance between the 

acid and the metal functions [53-55]. This behavior will be clearer after 

considering the reaction steps involved in the hydrocracking mechanism 

and the definition of “ideal” hydrocracking which will be discussed in detail 
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in Section 3.6.3. The generally accepted mechanism is depicted in Figure 

3-2. 

An n-alkane molecule is first dehydrogenated on a metal site to an n-

alkene. The olefin migrates (diffuses) to a Brønsted acid site, where it is 

protonated to form an alkylcarbenium ion. The carbenium ion is then 

isomerized by skeletal rearrangement and/or cracked by β-scission. The 

latter event forms an olefin and a carbenium ion of lower molecular weight. 

Subsequently, carbenium ions are deprotonated and olefins diffuse back to 

a metal site, where they are hydrogenated. 

 

Figure 3-2. Bifunctional hydrocracking mechanism. Adapted with permission from 

[38]. 

The hydrogenation/dehydrogenation activity compared to that of 

isomerization/cracking will affect the selectivity: in the presence of a strong 

metal function, unsaturated intermediates will more easily desorb from the 

acid sites; conversely, when the acid function is stronger, intermediates are 

more likely to react further on the acid sites, giving rise to further 

branching and secondary cracking events. In the extreme case, when 

hydrogenation activity is very low, the product distribution will resemble 

the one obtained by monofunctional acid cracking. 
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The term ideal hydrocracking was introduced by Weitkamp [56], to 

indicate the special case of bifunctional hydrocracking in which the 

dehydrogenation and hydrogenation reactions are at quasi-equilibrium, and 

the overall hydroconversion rate is determined by the acid-catalyzed steps, 

i.e. skeletal rearrangements and β-scissions. “Ideality” in hydrocracking 

depends on many different factors, such as the nature, concentration and 

strength of the two catalytic functions, the reactants, the operating 

conditions, as well as the “intimacy” between the types of active sites, i.e. 

the diffusion distance for the unsaturated intermediates [51]. 

 

Figure 3-3. Modes of hydroisomerization of alkylcarbenium ions. Adapted with 

permission from [38]. 

The two main steps through which alkane hydroconversion occurs, 

the skeletal rearrangement and the rupture of carbon-carbon bonds, are 

presented in more detail below.  

The isomerization of a carbenium ion can follow two mechanisms 

(Figure 3-3): (I) Type A, in which a hydride and an alkyl group shift their 

positions; and (II) Type B, which proceeds by non-classical protonated 

cyclic intermediates, such as protonated cyclopropane (PCP) [57, 58]. 

Isomerization of Type A does not change the degree of branching of the 

carbocation, while, in rearrangements of Type B, the amount of branching 

is modified. 
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Figure 3-4. Modes of β-scission of alkylcarbenium ions in order of decreasing reaction 

rates. Reproduced with permission from [38]. 

The hydrocracking step occurs through the breaking of the C-C 

bond in the β position from the protonated carbon atom in the 

hydrocarbon chain. It is therefore called β-scission. These events are 

commonly classified according to Figure 3-4. 

The rates of the β-scission modes depend mainly on the stability of 

the alkylcarbenium ions involved: tertiary carbenium ions are the most 

stable, while modes generating a primary carbenium ion are “forbidden”, 

due to the high instability of the latter [59]. The relative rates governing 

hydrocracking/hydroisomerization have the following qualitative 

interrelationship [38]: 

 

Type A β-scission >> Type A isomerization >> Type B isomerization ≈ 

Type B1 β-scission ≈ Type B2 β-scission > Type C β-scission >> Type D 

β-scission 

 

From this follows that, in order to complete a hydrocracking event, 

Type B isomerization occurs first, generating a branched isomer, followed 

by a fast rearrangement of the position of the branching by Type A 

isomerization. Once multi-branched carbocations are formed, cracking can 

occur, most favorably via Type A or Type B β-scission. As a consequence, 
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the products of the bifunctional hydrocracking mechanism are highly 

branched and are formed in significant amounts only after extensive 

isomerization of the feed, i.e. at high conversion. 

The presented mechanism is usually termed “classical bifunctional 

mechanism”. This theory, after modification with the PCP mechanism of 

Type B skeletal rearrangement, has held for practically half a century and 

can still explain most, if not all, of the experimental observations. 

3.5.2 Alternative mechanisms of bifunctional hydrocracking 

One of the key features of the classical mechanism is the requirement 

of fast diffusion of alkenes between the catalytic sites. An alternative 

mechanism has been proposed that questions this requirement. According 

to this mechanism, the alkane is activated on the acid sites and the metal 

sites provide spilt-over hydrogen to help in the formation of 

alkylcarbenium ions. The role of the metal sites is also to hydrogenate the 

olefinic intermediates, in order to desorb the saturated products and avoid 

the formation of carbonaceous species causing catalyst deactivation [52, 60-

62]. In this case, Weisz’ “intimacy” criterion between the two functions 

would no longer be necessary as spilt-over hydrogen species would 

supposedly not encounter diffusion limitations when moving from the 

metal to acid sites. 

A similar role of the acid site, initiating the formation of 

alkylcarbenium ion, was proposed by Chu et al. [63]. According to their 

model, alkene formation is a side reaction on the acid site, which can lower 

selectivity towards isomerization by reacting with carbenium ions and 

promoting cracking in a bimolecular pathway; the main role of the metal 

function is to catalyze the hydrogenation of alkenes and keeping their 

steady-state concentration low. The difference with the spillover-based 

mechanism lies in the fact that the local alkene concentration is critical, 

requiring closeness between the acid and metal sites to limit the diffusion 

distance of alkenes.  
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Iglesia et al. [64] observed a positive reaction order in hydrogen for 

the hydroconversion of n-heptane on a Pt/sulfated-zirconia catalyst, in 

contrast to the expected negative effect of hydrogen partial pressure on the 

equilibrium concentration of alkene intermediates. They proposed a 

mechanism by which the alkanes are converted into alkylcarbenium ions 

directly on the acid sites with the assistance of hydride species formed by 

hydrogen dissociation on metal sites. Kuznetsov [65] obtained evidence for 

the classical mechanism by separating the hydrogenation/dehydrogenation 

and the cracking function. Much higher activity for acid-catalyzed skeletal 

isomerization and cracking reactions was observed when the 

dehydrogenation was initiated on the metal component. 

Another alternative mechanism was theorized from computational 

studies [52, 66, 67]. In this view, the hydrocarbon adsorbates would form 

alkoxide species binding to the oxygen atoms in the zeolite framework. C-C 

bond scissions would occur in the hydrocarbon chain in this intermediate 

adsorbed state, without the formation of alkylcarbenium ions. Evidence 

against this theory was later presented by the Martens group [52, 68, 69], 

who obtained identical selectivity patterns in alkane hydroconversion on 

three different zeolite catalysts; they could therefore rule out the presence 

of transition states not separated from the acid sites, and confirm the 

intervention of protonated alkylcarbenium-ion intermediates. 

The classical bifunctional reaction mechanism is monomolecular. In 

some cases, a bimolecular bifunctional mechanism, a.k.a. dimerization-

cracking, can occur. It is a variant of the classical mechanism, in which a 

positive charged alkylcarbenium ion reacts with an olefin to form a larger 

carbocation, which then undergoes classical skeletal 

rearrangements/cracking [70]. This can alter the cracking product 

distribution, making it possible to obtain fragments with 1 or 2 carbon 

numbers lower than the feed alkane, which are very unfavored in the 

monomolecular mechanism. The bimolecular mechanism is relevant on 

strong acids, which are not fully balanced by the hydrogenation/ 

dehydrogenation function; its contribution decreases with increasing chain 

length of the reactant [71]. 
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These alternative mechanisms are named here for the sake of 

completeness, but a discussion of their validity against the classical 

bifunctional mechanism is outside the scope of this work. Other reactions 

occurring alongside bifunctional hydroconversion are more interesting for 

the results presented in this thesis. They are presented in the following 

Section. 

3.5.3 Concurring reactions 

In addition to bifunctional hydrocracking, other mechanisms might 

contribute whenever hydrocarbons are in contact with metal catalytic sites, 

with acid catalytic sites, or are exposed to high temperatures and high 

hydrogen pressures. 

Hydrogenolysis is a monofunctional hydrocracking mechanism, 

catalyzed by metals. It is the breaking of carbon-carbon bond followed by 

hydrogenation, and is known to occur on both noble and non-noble 

transition metals, with different activities and selectivities [38, 52, 72]. 

Hydrocarbon fragments generated from n-alkanes by this mechanism 

are typically linear, although the distribution of hydrogenolysis products 

varies greatly among the metals. In a classic study on hydrogenolysis of n-

heptane over unsupported noble metals by Carter et al. [73], the order of 

activity was: 

 

Ru > Ir > Rh >> Pt > Pd 

 

In terms of selectivity, palladium and rhodium were shown to favor 

the rupture of terminal C-C bonds (demethylation), while platinum and 

iridium showed non-selective C-C bond cleavage. Platinum also catalyzes 

isomerization and dehydrocyclization of alkanes. Nickel, which is a 

constituent of common hydrocracking/hydrotreating catalysts, has a high 

specificity for the rupture of terminal C-C bonds, giving high selectivity to 

methane [72]. 
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Hydrogenolysis gives an important contribution to the hydrocracking 

product range, especially when this is conducted over base-metal catalysts, 

such as NiMo or CoMo, while noble metal-based catalysts show a limited 

hydrogenolysis activity [38, 43].  

Monofunctional acid-catalyzed reactions can also occur, depending 

on the operating conditions, and on the strength ratio between the acid and 

metal sites. These reactions are usually assumed to occur either through a 

bimolecular mechanism, involving carbenium ions, or a monomolecular 

mechanism, based on the protolytic cracking of carbonium ions, which are 

formed by the attack of a Brønsted acid site on a C-H bond of an alkane 

[74]. The latter mechanism takes the name of Haag-Dessau cracking [52, 

75], and has been shown to occur even at high hydrogen partial pressures 

[76].  

Thermal cracking is another side reaction that does not require the 

presence of a catalyst. It consists of C-C bond breaking through reactions 

involving free-radicals at high temperatures. It is usually observed at 

temperatures of 500-600 °C, higher than the temperatures typically used in 

hydrocracking [52]. 
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3.6 Product distribution in hydrocracking 

3.6.1 Dependence of hydroisomerization and hydrocracking 

selectivity on conversion 

As was briefly introduced above, the product distribution of paraffin 

hydroconversion greatly depends on the conversion level. This is primarily 

due to the consecutive reaction scheme of ideal hydrocracking, which is 

shown in a simplified form in Figure 3-5.  

 

Figure 3-5. Simplified reaction scheme for the hydroconversion of n-hexadecane. 

Feed isomers with one degree of branching are formed first, and 

therefore dominate the product range at low conversion. When conversion 

is increased, isomers with a higher branching degree will start to form. 

Cracking products are first formed at high conversion, since the fastest 

β-scission modes require secondary or tertiary carbenium ions, which 

appear after several isomerization steps of type B [59]. A method for 

studying consecutive reaction pathways was originally suggested by Bhore 

et al. [77]: products are lumped into groups, and their selectivity is plotted 

against conversion. In this way the “rank” of formation of each lump from 

the reactant can be determined. Products formed directly from the 

reactants will have non-zero selectivity, when selectivity curves are 

extrapolated to zero conversion. An example of this approach is the study 

by Girgis and Tsao [78], who divided the products of hydroconversion of 

n-hexadecane into three main groups: mono-branched feed isomers, di- or 

multi-branched feed isomers and cracking products. With a functionally 

balanced catalyst and without the occurrence of side reactions a plot such 

n-C16
Mono-branched

iso-C16 (MB)

Multi-branched

iso-C16 (DB)

Cracking 

products (CP)
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as that in Figure 3-6 can be obtained. The contributions of cracking 

products or multi-branched isomers which are directly formed from the 

feed alkane are neglected. These products have a “rank” of formation equal 

to zero, i.e. are only formed through successive steps. It will be shown in 

Section 4.4 that this behavior is not always observed (see Figure 4-9). 

 

 

Figure 3-6. First-order selectivity/conversion plots for the hydroconversion of n-

hexadecane on a Pt/Zeolite catalyst at 310 °C and 56.1 bar. Y and X denote molar 

yield and fractional conversion, respectively. Reproduced with permission from [78]. 

3.6.2 Carbon-number distribution of hydrocracking products 

Lumping all the cracking products together can suffice for a rough 

analysis of isomerization vs. cracking selectivities or of a catalyst’s 

functional balance. For a more detailed investigation, the carbon-number 

distribution of cracking products and their degree of branching need to be 

considered. For ideal hydrocracking conditions, the distribution of the 

cracking products of a pure linear alkane is fully symmetrical and is 

characterized by the absence of methane, ethane and the corresponding 

high carbon-number fragments, and by the low amounts of propane and 

the corresponding alkane. In Figure 3-7, typical molar distributions for 
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cracking products of n-hexadecane hydrocracking on different catalysts are 

shown at similar total conversion. 

 

Figure 3-7. Typical cracking-product distributions on catalysts with different functional 

balance. Reproduced with permission from [52]. 

The carbon-number distribution is symmetrical only in the case of a 

catalyst with a strong hydrogenation function (platinum). In catalytic 

cracking (no metal), the distribution is centered on C3 and C4 

hydrocarbons. On a catalyst with a weak metal function (sulfided CoMo), 

the distribution is shifted towards lower hydrocarbons, indicating the 

occurrence of secondary cracking [52]. 

3.6.3 Influence of the metal/acid site ratio 

One of the most important parameters affecting product distribution 

is the relative concentration and strength of the two catalytic functions. On 

a purely bifunctional catalyst, where the rate-determining step occurs on 

the Brønsted acid sites, the overall catalytic activity depends on the activity 

of the metal function up to a given value, above which ideal hydrocracking 

conditions are reached. This behavior has been clearly shown by Alvarez et 

al. [55], who studied the activity and stability of Pt/zeolite HY catalysts in 

the hydroconversion of n-decane (Figure 3-8). On the same support (HY3), 
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the catalytic activity increased with the platinum loading up to a certain 

value of metal/acid site ratio, after which the activity didn’t increase with 

increasing concentration of metal sites. Much lower activity was observed 

on zeolites with lower acidity (HY9 and HY35). 

 

Figure 3-8. Initial activity of Pt/HY catalysts in the hydroconversion of n-decane as a 

function of the Pt/acid site ratio. Reproduced with permission from [55]. 

Product selectivity can likewise be affected by the functional 

balance. On a metal-deficient catalyst, where equilibrium between the 

saturated and unsaturated species is not reached, olefinic intermediates will 

experience a “longer residence time” on the acid sites before being 

hydrogenated, giving rise to more branching rearrangements and cracking 

reactions. When the concentration of metal sites is sufficient for ideal 

hydrocracking conditions, hydroisomerization of the feed is maximized and 

isomerization/cracking selectivities are only determined by the conversion 

level. This picture is complicated by the occurrence of monofuctionally 

catalyzed side reactions, such as hydrogenolysis. Moreover, preferential 

deactivation of one of the two functions might change the metal-acid site 

ratio during the course of operation [54]. On a side note, the determination 

of the actual ratio between acid and metal sites is non-trivial, because the 

available methods are often indirect [79]. 
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3.6.4 Influence of hydrogenolysis 

The presence of side reactions besides ideal bifunctional 

hydrocracking, such as hydrogenolysis, will modify the product 

distribution. Hydrogenolysis gives rise to essentially unbranched fragments. 

The discriminant factors for identifying the hydrogenolysis contribution in 

bifunctional hydrocracking are the presence of methane and ethane and 

their corresponding fragments as well as the degree of branching of the 

cracking products. Although platinum is known to catalyze isomerization 

of alkanes [72], its rate of isomerization is much lower than the rate of acid-

catalyzed hydroisomerization reactions [80]. 

Hydrogenolysis reactions of alkanes on metals are generally 

considered to be structure-sensitive, their rate increasing with decreasing 

particle size, due the higher activity of edge sites for C-H bond activation 

[81]. Nevertheless, the effect of particle size depends on the reactant, the 

hydrogenolytic mode involved, and the nature of the catalyst [82]; 

hydrogenolysis of longer alkanes was indeed reported to require surface 

ensembles of active sites and therefore favored on large crystallites [81, 82]. 

For the purpose of this work, neither the different hydrogenolytic 

mechanisms nor the effect of particle size were investigated. 

Blomsma et al. [80] observed a dependence of the contribution of 

hydrogenolytic mechanism on the average particle size of platinum clusters 

in the hydroconversion of n-heptane on a Pt/H-Beta zeolite (see Figure 

3-9). They ascribed the higher hydrogenolysis selectivity to the presence of 

large metal agglomerates.  

In some cases, hydrogenolysis can dominate over bifunctional 

hydrocracking, as reported by Böhringer et al. [43] for the hydroconversion 

of n-tetradecane over an unsulfided CoMo/SiO2-Al2O3. This is illustrated 

in Figure 3-10, where high selectivities to demethylation, and a flat 

distribution of product with intermediate carbon number can be clearly 

seen. 
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Figure 3-9. Contribution of the hydrogenolytic mechanism in the hydroconversion of n-

heptane on 1.5-wt% Pt/H-Beta catalysts as a function of the average platinum particle 

size. (P=3 bar, T=232 °C, n-heptane conversion=82.5%). Data from [80]. 

 

Figure 3-10. Carbon-number distribution of the cracking products of n-tetradecane 

over an unsulfided CoMo/SiO2-Al2O3 catalyst (P=80 bar, LHSV = 1.3 h-1, H2/n-C14 = 

10 mol/mol). Reproduced with permission from [43]. 
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The contribution of hydrogenolysis is usually observed as a 

superimposition over bifunctional hydrocracking, as in Elangovan et al. 

[83], who studied the hydroconversion of n-decane over Pt-Pd/AlMCM-

41. They reported a relatively high hydrogenolysis activity for monometallic 

platinum particles compared to palladium or bimetallic catalysts, which can 

be seen by the high selectivity to methane in Figure 3-11. This higher 

hydrogenolytic activity was ascribed to the low dispersion of the platinum 

clusters. 

 

 

Figure 3-11. Carbon-number distribution of the cracking products of n-decane 

hydroconversion over Pt-Pd/AlMCM-41 catalysts (P=10 bar, Wcat/Fn-decane = 400 g h 

mol-1 (WHSV=0.355 h-1), H2/n-decane = 100 mol/mol). Reproduced with permission 

from [83]. 

Naturally, the occurrence of hydrogenolysis modifies even the 

dependence of selectivity on the total conversion. Hydrogenolysis products 

are primary reaction products which are formed, in parallel to isomerization 

products, directly from the feed alkane. The cracking selectivity curve 
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would therefore show a non-zero intercept when extrapolated to zero 

conversion. 

3.6.5 Effect of process parameters 

The reactivity of alkanes is strongly dependent on chain length, the 

rate constant varying several orders of magnitude between n-heptane and 

n-heptadecane [38, 56, 84]. The higher reactivity of longer chains has been 

ascribed to their larger carbon number, i.e. being simply proportional to the 

concentration of C-C bonds that can undergo cracking or isomerization 

reactions [57]. Higher equilibrium concentration of long-chain olefinic 

intermediates [56] and stronger physisorption on catalytic surfaces of the 

heavier components [85] have also been indicated as reasons behind this 

behavior. A further explanation lies in considerations about vapor-liquid 

equilibrium: in the trickle-flow regime used in hydroprocessing reactors, the 

liquid phase is in contact with the catalyst surface and in equilibrium with 

the gas phase [86]. This implies that compounds of higher molecular 

weight, being preferentially found in the liquid phase, will have a longer 

“contact time” and thus higher reactivity, while hydrocarbons in the middle 

distillate range will desorb from the catalyst in the vapor phase, thereby 

escaping more rapidly from the catalytic bed and avoiding further 

transformation. This is a key factor for the suitability of hydrocracking for 

middle distillate production; the conditions of pressure and temperature are 

chosen to favor the adsorption of compounds of higher molecular weight 

on the catalytic surfaces, to minimize overcracking and optimize middle-

distillate yields. 

Given the above constraints, the effect of temperature, pressure and 

H2/paraffin ratio may be further analyzed. Temperature has, naturally, a 

positive influence on reaction rates, but too high temperatures favor the 

occurrence of overcracking and eventually thermal cracking. Higher 

temperatures shift the dehydrogenation equilibrium towards olefins, 

increasing the rate of detrimental coke-forming reactions [87]. High 

hydrogen pressure is necessary to avoid coking; on the other hand, 
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increasing pressure causes a decrease in the rate of bifunctional 

hydrocracking, since the dehydrogenation equilibrium shifts towards a 

lower steady-state concentration of alkenes. The reaction order with 

respect to hydrogen is therefore negative [86]. 

The hydrogen/paraffin feed ratio mainly influences the vapor-liquid 

equilibrium. A higher hydrogen flow increases the degree of vaporization 

of lighter hydrocarbons, thereby increasing the concentration of heavier, 

more reactive, hydrocarbons in the liquid phase. The resulting effect is a 

slight increase in conversion with increasing H2/n-paraffin ratio [86]. 

3.6.6 Catalyst deactivation 

All catalysts undergo deactivation, which is the lowering of activity 

during their operational lifetime. Due to the relatively mild environment in 

which paraffin hydroprocessing catalysts are operated, studies on 

deactivation behavior have not attracted much interest from researchers. 

The absence of aromatics and heteroatoms compounds in a FT-wax 

hydroprocessing scenario renders deactivation issues much less 

problematic, compared to the treatment of oil-derived feeds. Nevertheless, 

whenever unsaturated species are present, there is a risk of coke formation 

[88]. Coke consist of large, heavy, hydrocarbon molecules with low H/C 

ratio, which eventually form deposits leading to coverage of the active sites 

or blockage of the pores, thereby lowering the catalyst’s activity. As named 

above, one of the advantages of a strong hydrogenating function is the 

lowering of the reaction rates leading to formation of coke precursors, by 

hydrogenation of olefinic intermediates. The metal/acid site ratio has been 

shown to greatly influence initial deactivation, as seen in Figure 3-12. 
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Figure 3-12. Ratio of final to initial activity of Pt/HY catalysts in the hydroconversion of 

n-decane as a function of the Pt/acid site ratio. Reproduced with permission from [55]. 

Another cause of deactivation in bifunctional catalysts is the loss of 

metal surface area by particle sintering. Sintering of the metal phase occurs 

through crystallite migration and coalescence or through atomic migration 

between crystallites (Ostwald ripening) and is usually favored at high 

reaction temperatures (> 500 °C) and in the presence of water [89]. Loss of 

metal surface area through sintering has, for example, been observed on a 

Pd/Al2O3 catalyst used in hydrocracking of FT wax [90]. 

These two main deactivation causes affect the two functions of the 

bifunctional catalyst independently. A preferential deactivation of one or 

the other function would change the metal/acid site ratio during the 

catalyst lifetime, leading to changes in activity as well as selectivity. This 

should be taken into account in the catalyst design. 
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4 Experimental 

4.1 Preparation of catalysts 

The activity of paraffin hydroconversion catalysts is largely 

determined by their acid properties. Hydroconversion activity has been 

shown to correlate well with Brønsted acidity [79]. Morphological 

characteristics, such as surface area and porous structure, are also 

important characteristics for dispersing the metal function and as a means 

to achieve size and/or shape selectivity. Catalysts with pores in the 

mesoporous range are preferred over microporous solids for the 

hydroconversion of FT waxes [91]. Amorphous silica-aluminas are 

materials which satisfy both the requirements of high Brønsted acidity and 

mesoporosity [91-93]. The commercial series named Siral [94], prepared 

according to a patented procedure [95], has been tested in the specific 

application of FT-wax hydrocracking [45]. Siral 40, containing 40-wt% of 

silica and 60-wt% of alumina, was characterized by the highest Brønsted 

acidity of the series [96]. Most of the catalysts prepared for this study are 

therefore based on this material, which was obtained from Sasol Germany 

GmbH. 

Exclusively noble metals were used for the hydrogenation 

/dehydrogenation function of the catalysts prepared. Most of the work 

revolves around catalytic properties of platinum- and palladium-containing 

catalysts. Especially interesting was the comparison of the metals’ 

hydrogenation activity, leading to suppression of coke formation, and their 

activity towards hydrogenolysis or demethylation. Series of catalysts based 

on the same support (Siral 40) with varying metal loadings were prepared, 

to help understanding the influence of the metal/acid site ratio on the 
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aforementioned characteristics. Iridium, known for its high hydrogenolytic 

activity [73, 97], was also used in a series of catalysts. A selection of the 

catalysts prepared in this work is listed in Table 4-2 (Section 4.2.1). 

4.1.1 Incipient-wetness impregnation 

The incipient-wetness impregnation, also known as dry 

impregnation, is one of the most common methods used for the deposition 

of metals on catalytic supports. Incipient-wetness impregnation is based on 

the principle of completely filling the pores of the support material by an 

(usually) aqueous solution of the metal precursor. Since the amount of 

solution is just enough for wetting the pores, diffusion of the precursors 

inside the pores is dominated by capillary forces. This allows for a more 

even distribution of the metal ions in the pores compared to the wet 

impregnation method, in which excess solution is used. 

Practically, the pore volume of the dry support was measured by 

N2-adsoprtion techniques (see Section 4.2.1); a salt of the desired metal was 

dissolved in an amount of water corresponding to the total pore volume of 

the support used. The concentration of the precursor was calculated from 

the desired metal loading of the final catalyst. The impregnation solution 

was then added dropwise to the support and mixed until all the prepared 

solution had been taken up. Water was then dried off, first at room 

temperature for a few hours and then at 120 °C. The final, catalytically 

active, particles are formed after heat treatment (calcination) and activation 

by reduction. The metal precursors used were: palladium nitrate dehydrate: 

[Pd(NO3)2]
.2H2O, tetraammineplatinum nitrate: [Pt(NH3)4](NO3)2) and 

iridium chloride: IrCl3
.xH2O. 

Metal dispersion, acid properties and other characteristics can be 

affected by the preparation procedure and the subsequent heat treatment 

[98]. The procedures and conditions for the preparation of the catalysts 

starting from the support materials up to the catalytic testing are presented 

in Table 4-1. 
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Table 4-1. Procedures and conditions from the preparation of catalysts to the catalytic 

testing experiments. 

Material Treatment Temp. Heating 
rate 

Hold 
time 

Atmosphere 

Support drying 120 °C 5 °C/min 6 h Air 

 calcination 500 °C 2 °C/min 2 h Air 

 cooling RT - - Air 

 impregnation RT - - Air 

Impregnated 
support 

drying RT - 1-2 h Air 

 drying 120 °C 5 °C/min 6 h Air 

 calcination 500 °C 2 °C/min 4 h Air 

 cooling RT - - Air 

Calcined 
catalyst 

storage RT - - Air 

 sieving RT - - Air 

 drying 120 °C 5 °C/min overnight Air 

 weighing RT - - Air 

 reactor 
loading 

RT - - Air 

 flushing RT - 30 min Helium 

 activation 400 °C 5 °C/min 2 h Hydrogen 

Activated 
Catalyst 

reaction varying - - - 

 

RT = Room Temperature 

4.1.2 The microemulsion technique 

A microemulsion consists of a mixture of water, oil and a surfactant 

which is thermodynamically stable and optically isotropic. Nanometer-

sized, monodispersed, spherical micelles form when the three components 

are mixed at appropriate ratios. Microemulsion can be of the water-in-oil 

(w/o) or the oil-in-water type (o/w), depending on which phase is 

stabilized by the surfactant to form micelles. The oil is usually an alcohol or 

a hydrocarbon, while the surfactant is an amphophilic molecule, containing 

both hydrophilic and hydrophobic groups. These systems can be used to 

prepare catalytic materials. Typically, a precursor salt is dissolved in the 
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dispersed phase of the microemulsion. After destabilization with a 

precipitating/reducing agent, metal particles are formed. The growth of the 

particles during reduction is limited by the size of the micelles, which in 

this way act as “nano-reactors”, allowing the deposition of monodispersed 

metal nanoparticles on porous materials [99]. 

For this work, two different o/w microemulsion systems were used 

to prepare platinum nanoparticles, which were deposited on a silica-

alumina support. The particles obtained were well dispersed [100]. 

Nevertheless, after calcination at 500 °C and reduction at 400 °C, the 

platinum surface area, measured by H2 chemisorption, was much lower 

than that of similar catalysts prepared by incipient-wetness impregnation. 

One of the catalysts prepared by microemulsion (1-wt% Pt/Siral 1) 

was tested in the hydroconversion of n-hexadecane. The results followed 

the expected trend. The lower metal surface area implied that ideal 

hydrocracking conditions were not reached and high initial deactivation 

rates were observed. 

4.2 Catalyst characterization 

The background of the methods used and the most significant results 

of catalyst characterization are summarized here. The reader is directed to 

the experimental sections of Papers I-IV for details on the instruments, 

analysis conditions, preparation of samples, and a more thorough 

discussion of the results. 

4.2.1 N2 adsorption 

N2 adsorption at the boiling temperature of liquid nitrogen is perhaps 

the most widely used method for catalyst characterization. By analyzing 

nitrogen-adsorption isotherms at varying pressures, information about the 

morphological properties of materials can be obtained, such as specific 

surface area, pore size distribution and total pore volume. The procedure 

for estimating total surface area was developed in the 1930s by Brunauer, 
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Emmett and Teller [101]. It is based on a model according to which the 

surface consists of equal adsorption sites, onto which nitrogen molecules 

adsorb with a probability independent of the occupation of neighboring 

sites; in addition, adsorbed molecules act as sites for further adsorption 

layers. Although artificially constructed and based on oversimplified 

assumptions, nitrogen adsorption is still the reference method for obtaining 

comparative data regarding catalyst structure [102]. An adsorption isotherm 

is obtained by successively adding known amounts of gaseous nitrogen and 

measuring variations in pressure. Monolayer coverage of nitrogen can be 

estimated from the linear part of the adsorption isotherm and related to the 

total surface area. Porosity is determined from the principles of micropore 

(dpore < 2 nm) filling and capillary condensation in mesopores 

(dpore: 2 - 50 nm) [103]. For mesoporous materials, such as the catalyst 

supports used in this work, the method of Barrett, Joyner, Halenda (BJH) 

[104] was used to determine the pore size distribution. 

All the materials used in this work were characterized by nitrogen 

adsorption. Figure 4-1 shows a nitrogen adsorption isotherm obtained on a 

0.33-wt% Pd/Siral 40 catalyst. In general, the addition of metal particles 

lowered the surface area of the support materials by approximately 10-20 % 

(Table 4-2) (Paper III and IV). This could be partly ascribed to the 

modification of the structure by the metal particles, for example by pore 

blockage of the micropores, although it would seem improbable that the 

small size of the particles and the low loadings used should have such a 

great influence. 
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Figure 4-1. Typical nitrogen adsorption isotherm for a silica-alumina based catalyst 

(0.33-wt% Pd/Siral 40). 

The thermal treatment procedures after impregnation could also 

affect the morphology of the materials. For comparison, non-impregnated 

supports were subjected to the same heat treatment as the impregnated 

materials. No changes in the nitrogen adsorption isotherms were observed. 

This indicates that the precursor salts (containing NO3
- ions and NH3 

groups) might alter the way in which restructuring of the silica-alumina 

surface occurs during drying and calcination. 
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Table 4-2. Physical properties of supports and catalysts (after calcination at 500 °C for 

4 h). 

Catalyst Loading BET surface 
area 

BJH 
adsorption 

pore volume 

BJH ads. 
average 

pore diam. 
 (wt%) (m2/g) (cm3/g) (nm) 

Siral 40 0 440 0.92 8.5 

Pd0.18/Siral 40 0.18 376 0.90 9.0 

Pd0.33/Siral 40 0.33 375 0.90 9.1 

Pd0.6/Siral 40 0.60 377 0.89 8.9 

Pd1.2/Siral 40 1.20 355 0.84 9.8 

Pt0.06/Siral 40 0.06 394 0.92 8.9 

Pt0.33/Siral 40 0.33 387 0.94 9.1 

Pt0.6/Siral 40 0.60 402 0.93 8.9 

Pt1.2/Siral 40 1.20 397 0.92 9.0 

Ir0.06/Siral 40 0.06 418 0.97 9.0 

Ir0.18/Siral 40 0.18 406 0.97 9.1 

Ir0.33/Siral 40 0.33 404 0.94 9.0 

Siral 1 0 227 0.62 8.8 

Pt0.33/Siral 1 0.33 223 0.61 8.9 

 

The surface area of the tested catalysts was not altered after running 

under normal reaction conditions, confirming the stability of the silica-

alumina materials for this catalytic application. Forcibly coking the catalyst, 

by using a low hydrogen/hydrocarbon ratio, caused a significant lowering 

of the surface area (see Paper II). 

4.2.2 H2 chemisorption 

Chemisorption is the process of adsorption of gas species on 

surfaces via chemical bonds. It is one of the most important steps in 

catalytic reactions, often being responsible for the activation of reactant 

species, but it is also useful for estimating properties of specific species on 

catalytic surfaces in a controlled environment. Hydrogen is a common 

probe molecule, due to its property of selectively chemisorbing on metal 

surfaces. This characteristic makes H2 chemisorption an ideal, fast, 
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reproducible and inexpensive tool for the estimation of the metal surface 

area of catalyst samples, and consequently the concentration of catalytically 

active sites [103].  

The most common instruments today use a volumetric 

chemisorption technique, based, similarly to the physical adsorption 

method discussed above, on pressure variations upon addition of the 

adsorbate. The sample is first evacuated and, by successively adding 

discrete quantities of gas to a known volume and waiting for equilibration, 

an adsorption isotherm is obtained, usually between pressures as low as a 

few mmHg up to atmospheric pressure. To account for the weakly 

adsorbed molecules (i.e. those that can be removed by vacuum), the 

procedure is repeated after an intermediate evacuation step. The 

chemisorbed amount at monolayer coverage (or hydrogen uptake) is then 

calculated by extrapolating the linear part of the two isotherms to zero 

pressure and subtracting the value obtained by the repeated analysis 

(physisorbed amount only) from the value of the first analysis (physisorbed 

+ chemisorbed amount). From the hydrogen uptake, the values of surface 

area, metal dispersion (ratio between surface atoms to total atoms) and 

average crystallite size can be estimated [103]. 

Adsorption of dihydrogen molecules on metal surfaces depends, 

inter alia, on temperature, pressure, size of the crystallites and on their 

interaction with supports; the key factor allowing for a reliable estimation 

of metal surface area is the stoichiometry of adsorption, or hydrogen-to-

metal ratio (H/M). Adsorption of hydrogen on metals is generally assumed 

to be dissociative, implying that each surface metal atom adsorbs one 

hydrogen atom. The empirical H/M ratio of 1 has therefore been 

traditionally used and yielded good agreement with other characterization 

methods (e.g. electron microscopy, X-Ray diffraction line broadening) [103, 

105, 106]. On the other hand, many studies have reported values of 

hydrogen-to-platinum stoichiometry larger than one (see the work of Kip 

et al. [107] for an extensive review). Comparative studies, using TEM and 

EXAFS, have explained the observation of higher H/M values by multiple 

adsorption of hydrogen atoms or the formation of hydride species, 
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especially on small platinum crystallites [107, 108]. Dispersion and average 

particle size estimations are therefore based on assumptions which may or 

may not be valid for the studied system. Additionally, some uncertainty is 

intrinsic in the characterization method, since the measured hydrogen 

uptake, although most probably correlated, is not necessarily a measure of 

the catalytically active sites, which might be ”ensembles” of surface atoms 

or particular surface configuration structures (e.g kinks, steps) [89]. 

Notwithstanding these drawbacks, hydrogen chemisorption is a very useful 

tool for comparing catalytic properties. 

In this work, metal surface areas estimated by means of hydrogen 

chemisorption have been used as measures of metal sites for palladium 

(Papers I and III), platinum (Papers I, II and IV) and iridium catalysts. 

H2 chemisorption for platinum and iridium surfaces, despite the above 

discussion, have gained widespread acceptance and is used as a standard 

method [103]. A typical chemisorption isotherm on a Pt/silica-alumina 

catalyst is shown in Figure 4-2. 

The use of hydrogen as a probe molecule on palladium surfaces faces 

some problems, which deserve to be addressed here. Palladium absorbs 

large amounts of hydrogen by forming β-palladium hydride, a bulk species 

that interferes with the titration of surface atoms [109-111]. If the partial 

pressure of hydrogen is low enough, formation of palladium hydride can be 

minimized. Chemisorption at 30 °C and in the range of 1-15 mmHg has 

shown to give reliable estimates [112]. A typical chemisorption isotherm for 

a Pd-containing catalyst is shown in Figure 4-3, where the onset of hydride 

formation at pressures higher than 20 mmHg is clearly visible. The linear 

part in the low pressure range was used for the estimation of the monolayer 

uptake. This method was confirmed to give average particle size estimation 

in good agreement with that obtained by TEM (see Table 3 in Paper III). 
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Figure 4-2. Typical H2-chemisorption isotherm for Pt/silica-alumina catalysts at 35 °C. 

First analysis (■) and repeated analysis (▲). (Data for 1.2-wt% Pt/Siral 40). 
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Figure 4-3. Typical H2-chemisorption isotherm for Pd/silica-alumina catalysts at 35 °C. 

First analysis (■) and repeated analysis (▲). (Data for 1.2-wt% Pd/Siral 40). 
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4.2.3 TEM-EDS 

Electron microscopy is a technique that permits a direct imaging of a 

sample’s topography. In particular, the metal particle’s shape, size and size 

distribution can be obtained. Transmission Electron Microscopy (TEM) is 

based on the analysis of the transmitted and diffracted electrons passing 

through the sample. Modern equipment can achieve resolutions in the 

order of 0.1 nm [109]. However, not all combinations of materials 

(metal/supports) can be easily imaged at atomic resolution. The analysis of 

X-rays generated by the interactions between the electron beam and the 

material (EDS), gives information on the elemental composition of the 

imaged area, and is used to identify the imaged species. To obtain size 

distribution data with high statistical accuracy, a large number of images on 

different areas of the samples is required. This procedure can be a time-

consuming and expensive task [103].  

TEM-EDS analyses were used in this work to discriminate between 

metal particle sintering and covering of metal particles by carbonaceous 

deposits as causes of the observed deactivation of the catalysts (Papers II 

and III); the observations indicated that sintering occurred, although the 

limited resolution of the available instrument could not give a conclusive 

answer for the Pt/silica-alumina catalysts studied in Paper II. An 

instrument with higher resolution was used in the characterization of 

Pd/silica-alumina catalyst, for which size distribution histograms could be 

obtained (Paper III). The comparison of the size of Pd particles obtained 

by the two methods, on fresh catalysts and spent samples, supported the 

conclusion that metal particles were covered by carbonaceous deposits. 

However, evidence of sintering was also obtained, as shown, for example, 

by the presence of larger Pd particles in Figure 4-4. 
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Figure 4-4. TEM micrographs of 1.2-wt% Pd on Siral 40. Fresh sample (left) and spent 

sample (after ToS = 8 h) (right). (From Paper III). 

4.2.4 Pyridine adsorption FTIR 

The quantitative determination of catalyst acidity by infrared 

spectroscopy of adsorbed basic molecules was introduced by Hughes and 

White when zeolites started gaining ground in catalytic applications [110]. 

The type and strength of acid sites can be obtained by the study of the 

vibrational absorption bands of adsorbed basic probe molecules, such as 

pyridine. The intensity of the signal is correlated to the adsorbed amount 

by calibration data, the most commonly used being those calculated by 

Emeis [111]. This technique allows discriminating between Lewis and 

Brønsted sites. The site strength distribution can be obtained by studying 

the variation of the IR spectra with temperature [112].  

Pyridine adsorption FTIR was used to measure the Brønsted acidity 

of series of Pt/silica-alumina (Papers II and IV) and Pd/silica-alumina 

catalysts (Paper III). The obtained data were used for the estimation of the 

metal/acid site ratio of the catalysts, which was correlated to their activity 

and selectivity patterns (Papers III and IV). In Paper II, acidity 

measurements were performed on Pt/silica-alumina catalysts at varying 

extent of deactivation, in order to study the influence of selective 

deactivation on the two catalytic functions. Results from pyridine 

adsorption measurements were also used for examining the effect of 

platinum loading on the catalyst acidity (Paper IV). Together with 

ammonia-TPD analyses (see Section 4.2.5), the data obtained (Table 4-3) 
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supported the idea that the activity of the metal particles is closely 

interrelated to the acid properties. 

Table 4-3. Acid properties of Pt/silica-alumina catalysts and support materials (after 

calcination at 500 °C for 4 h). 

Catalyst Pt 
loading 

Brønsted acid sites Lewis acid sites 

 150 
°C 

250 
°C 

350 
°C 

150 
°C 

250 
°C 

350 
°C 

 (wt%) (µmol/g) (µmol /g) 

Siral 40 0 44 31 4 114 54 12 
Pt0.06/Siral 40 0.06 54 38 0 136 43 0 
Pt0.33/Siral 40 0.33 59 43 0 146 54 0 
Pt0.6/Siral 40 0.60 67 39 0 156 56 0 
Pt1.2/Siral 40 1.20 62 43 0 127 42 0 
Siral 1 0 0 0 0 163 98 33 
Pt0.33/Siral 1 0.33 0 0 0 133 82 17 

 

In agreement with what observed by Kubička et al. [113] for various 

Pt-loaded acid supports, the addition of platinum was shown to modify the 

acid properties of the silica-aluminas. The concentration of Brønsted acid 

sites (BAS) of lower strength was greatly increased on all samples, while the 

strongest BAS were apparently blanketed in the presence of platinum. 

Lewis acidity was similarly affected. 

The authors concluded that electronic charge rearrangements 

between the particle and the metal-support interface were responsible for 

the redistribution of acid-site strength. Metal-support interactions can be 

therefore considered to act mutually: the catalytic activity and behavior of 

metal sites is affected by the support acidity, and the latter is modified by 

the presence of metal particles. Similar conclusions were reached by the 

group of Weitkamp in a recent paper on the effect of noble metals on 

Brønsted acidity of zeolites [114]. It can be argued, however, that the 

surface chemistry of silica-alumina might also be affected by the 

impregnation and the successive thermal treatment procedures. See Paper 

IV for a more detailed discussion. 
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4.2.5 NH3-TPD 

Temperature-programmed desorption of ammonia is a method for 

estimating the total acidity of a catalyst. It is based on the probing of the 

acid sites by the basic molecule NH3. The sample is first saturated with 

ammonia, and then purged by a flow of inert gas, to remove the excess 

ammonia. Subsequently, the temperature is raised and the amount of 

ammonia desorbed is monitored by means of a detector (MS or TCD). The 

signal-vs.-temperature profile gives information about the strength 

distribution of the acid sites. It presents some advantages and 

disadvantages, compared to adsorption-FTIR techniques: it is a simpler and 

faster analysis, but cannot discriminate between Brønsted and Lewis sites. 

Ammonia is also prone to decomposing on metal/acid catalysts, so its 

application must be carefully considered [112]. 

The NH3-TPD method was used complementary to pyridine 

adsorption measurements, to obtain an estimation of total acidity and acid 

strength distribution. The results contributed to the analysis of the 

influence of platinum loading on the acid properties of the catalyst (Paper 

IV). NH3-TPD profiles can be seen in Figure 4-5. 

A decisive decrease of the concentration of strong acid sites, i.e. sites 

with ammonia desorption temperature (Tdes) above 400 °C, was observed at 

all metal loadings; conversely, weak acidity (Tdes < 250 °C) was higher for 

all loadings, while medium strength acidity (Tdes = 250-400 °C), was higher 

for the middle levels of Pt-loading, and lower at the extremes (Pt-loading = 

0.06-wt% and 1.2-wt%). These data confirmed the observations of the 

pyridine adsorption-FTIR techniques. 
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Figure 4-5. NH3-TPD profiles on Pt/silica-alumina catalysts with metal loading ranging 

from 0.06-wt% to 1.2-wt%, compared to the unloaded support (Siral 40). (From 

Paper IV). 

4.2.6 TPO 

Temperature-programmed oxidation has been employed to 

characterize coke deposits on spent catalysts in the Pd/silica-alumina series 

(Paper III). This method consists simply of directing a flow of oxygen-

containing gas through a sample, while increasing its temperature at a pre-

determined rate. The CO2 evolved as a result of the oxidation reactions is 

monitored by means of a mass spectrometer. The signal-vs.-temperature 

profile gives information on the reactivity of the carbonaceous deposits. 

From the profiles shown in Figure 4-6 it could be concluded that palladium 

has a strong influence on the amount and reactivity of the coke formed 

during hydroconversion reactions. Compared to the unloaded silica-

alumina (Siral 40), Pd-loaded catalysts showed low-temperature peaks, 

probably deriving from more hydrogenated carbonaceous species, while the 
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larger high-temperature peak was shifted to lower temperatures with 

increasing metal loading and consequently higher hydrogenating activity. 

These results were not unexpected, but confirmed that coking was the 

main cause of the observed deactivation behavior of the catalysts. 
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Figure 4-6. TPO profiles for spent Pd/silica-alumina catalysts (ToS = 8 h). (From 

Paper III). 

4.2.7 XPS 

X-ray photoelectron spectroscopy, originally known as Electron 

Spectroscopy for Chemical Analysis (ESCA), was developed by the 

Swedish physicist Kai Siegbahn, who received the Nobel Prize for his 

findings in 1981. It is based on the excitation of electrons of the surface 

atoms of a material by means of an X-ray beam, which allows the 

determination of their binding energy [115]. Since photoelectrons can 
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escape only from a limited depth (< 10 nm), this method is suitable for 

studies in heterogeneous catalysis, where the chemical and electronic 

properties of the surfaces are the main parameters governing the catalytic 

behavior [116]. A few XPS analyses were performed in the course of this 

work. The Siral 40 material showed a surface enrichment in silica as was 

also reported by Daniell et al. [96]: the surface atomic Si/Al ratio was 1.22, 

compared to a theoretical bulk atomic ratio of 0.57 (calculated assuming 

the composition of 40-wt% SiO2 and 60-wt% Al2O3 [94]). The extent of 

this surface enrichment was not as marked on metal-containing samples 

(see Table 4-4).  

Table 4-4. Surface vs. bulk atomic Si/Al ratio for unloaded and loaded silica-alumina 

(Siral40). 

 Atomic Si/Al ratio 
 Bulk Surface 

Siral 40 0.57 1.22 
1-wt% Pt/Siral 40 0.58 1.00 
1-wt% Pd/Siral 40 0.58 0.91 

 

Further studies of platinum-based catalysts were limited, due to the 

overlapping between the main Pt-peak (4f) with the Al-2p peak which 

added uncertainty to the measurements. Furthermore, the unavailability of 

a pretreatment chamber to study the catalysts in the reduced form, made 

the use of this method for the analysis of the surface structure of the metals 

questionable. An XPS study would greatly have helped in confirming the 

supposed dependence of the electronic properties of platinum on the 

acidity of the support, as well as for shedding light on the reasons behind 

the large modifications in acidity observed after metal deposition. These 

topics are discussed in Paper IV. 

4.2.8 Other characterization methods 

X-Ray diffraction (XRD) is a common tool used for the 

identification of crystalline phases. Metal particle size can be estimated by 

peak broadening analysis by means of the Scherrer equation [117]. 

Unfortunately, no information could be obtained about metal particles with 
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the loadings used in this work, due to low signal-to-noise ratio of the XRD 

signal. Moreover, the small-size metal crystallites in the catalysts tested 

could have been practically X-Ray amorphous, in the sense that the 

number of crystal layers is not large enough to give the constructive 

interference required for a peak to form in the diffraction pattern. 

Temperature-programmed reduction (TPR) was used on a few 

catalyst samples. Results were used to confirm that platinum and palladium 

particles could be fully reduced after the reduction treatment performed in 

the activation procedure (see Section 4.3.4) No significant differences could 

be observed in the reduction patterns for catalysts supported on different 

materials.  

Temperature-programmed hydrogenation (TPH) of the spent 

catalysts was performed. It could give information complementary to TPO 

about the reactivity of coke deposits. The detector (MS) was seldom 

available for use, limiting the application of this method to a few test 

experiments. 

Chemisorption of carbon monoxide was used for the estimation of 

metal surface area. The results were in agreement with the measurements 

performed on Pt-based catalysts using hydrogen chemisorption. However, 

CO chemisorption showed lower repeatability and higher spread in the 

results. Therefore, hydrogen was chosen as the adsorbate to use in all the 

following experiments. 
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4.3 Catalytic testing: equipment and procedures 

4.3.1 N-hexadecane as a model compound 

Fischer-Tropsch wax is a mixture of linear alkanes in a wide range 

of molecular weights, containing smaller fractions of alkenes and 

oxygenates [23]. In order to obtain information on the catalytic reactions 

involved, this complex system needs to be simplified. Therefore, model 

substances are commonly employed. N-hexadecane was chosen in order to 

study the catalytic behavior of the long-chain alkanes which are the major 

constituent of FT wax. The advantages of n-hexadecane are: (I) it is liquid 

at room temperature, allowing for simple handling; (II) it is relatively 

inexpensive at high purity, compared to longer alkanes; (III) it is of 

sufficient chain length to encompass all the hydrocracking modes;  (IV) 

being a pure compound, a detailed gas chromatographic analysis of its 

reaction products is possible. The drawbacks of this choice are: (I) n-

hexadecane is in the boiling range of the middle distillate product, making 

considerations about the effect of vapor-liquid equilibrium unapplicable; 

(II) it has a low molecular weight, compared to the average molecular 

weight of FT-wax; (III) n-hexadecane is a pure compound, so conclusions 

about industrially interesting parameters, such as distillate yields, or boiling 

range distribution of products are not possible. 

4.3.2 High-pressure reaction apparatus 

All the catalysts prepared were tested in the hydroconversion of n-

hexadecane at high pressure. The experiments were performed in a fixed-

bed tubular reactor, operated in co-current down-flow trickle-bed mode. 

The reactor tube consisted of a 3/4-inch stainless steel pipe with an 

internal diameter of 15.7 mm and a total length of 55 cm. The tube was 

enclosed in an aluminum jacket to minimize temperature gradients. The 

reaction zone was heated by an electric furnace and its temperature 

regulated by a cascade control system. A movable thermocouple was placed 
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in a thermowell inside the catalyst bed, and a second thermocouple at the 

outside wall of the tube. This solution allowed for the measurements of the 

axial temperature profile along the catalyst bed. The reactor was operated 

isothermally and the temperature profile along the bed was usually within ± 

0.5 °C of the set point. 

The liquid reactant was fed to the reactor by means of a HPLC 

dosing pump, while the gas flow rates were regulated by thermal mass-flow 

controllers. A pressure-control valve was placed on the gas outlet line 

downstream of the reactor. The pressure was measured by a transducer 

placed on the gas feed line upstream of the reactor. 

The reaction products were separated in two consecutive traps: one 

at room temperature (ca. 25 °C) and one kept at 0 °C. Two parallel sets of 

traps were available in order to minimize disturbances to the system during 

the sampling procedure. The liquid was sampled manually through needle 

valves connected at the bottom of the traps, while the gaseous products 

were sent to an on-line gas chromatograph for analysis, after passing 

through the pressure-control valve and a gas flow meter. A detailed process 

and instrumentation diagram of the reaction equipment is shown in Figure 

4-7. 



61 
 

 

Figure 4-7. P&I diagram of the catalytic testing equipment. 
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4.3.3 Analysis system 

Two gas chromatographs were available for the analysis of the 

reaction products. A Perkin Elmer Clarus 500 GC was coupled for the 

continuous analysis of the gaseous stream exiting the reactor (on-line GC). 

It was equipped with two independent channels: one for the detection of 

permanent gases and hydrogen, by means of a dual TCD detector and two 

sets of packed columns; and one for the analysis of light hydrocarbons 

(methane to heptanes) consisting of an Elite-Alumina PLOT column (30 m 

x 0.53 mm x 10 µm) and a FID detector. With this system, methane could 

be detected on both channels. The quantification of each component’s 

concentration was possible by means of a known amount of nitrogen 

(3-vol%) as internal standard, mixed with the hydrogen feed to the reactor. 

Moreover, the gas flow was measured at each analysis point and the 

response factors of the GC were periodically calibrated with known 

mixtures. In this way, the total gas flowrate and the composition in 

hydrogen and light hydrocarbons were determined minimizing possible 

errors. 

The liquid products were sampled at determined intervals, depending 

on the operating conditions, and successively analyzed off-line using an 

Agilent 6890 GC equipped with a HP-5 (5%-Phenyl)-methylpolysiloxane 

(60 m x 0.320 mm x 0.25 µm) column and a FID detector. 

The results of the analyses of the gaseous and liquid products were 

coupled to allow for calculation of the carbon mass balance of each analysis 

point and for determining the product distribution. The carbon mass 

balance was typically between 95% and 99%, the major uncertainty being 

the weight of the liquid phase, especially apparent for short runs when 

collecting low amounts (< 5 g). 

4.3.4 Catalyst loading and pretreatment 

Only powdered catalysts were used in the hydroconversion 

experiments. The catalyst pellet size range used in all experiments was 90 – 

200 μm, chosen after checking for the absence of internal mass-transfer 
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limitations. This pellet size allowed for a low pressure drop over the 

catalyst bed (ca. 0.8 bar at the highest flow rates) and approximating plug 

flow conditions, as well as minimizing axial and longitudinal mixing effects 

[118, 119]. 

Before each experiment, the catalyst powder was sieved to the 

desired particle size and dried overnight at 120 °C to minimize weighing 

errors due to the high moisture uptake of the siliceous materials. The 

reactor was loaded with ca. 3 g of catalyst. The catalyst bed was supported 

on a layer of 3 mm quartz spheres and held in place by quartz wool at the 

bottom and the top. The bed length was approximately 4-5 cm. Preheating 

and mixing of the gaseous and liquid feeds were ensured by a layer of 1 

mm quartz spheres on top of the catalyst bed. 

Activation of the catalyst was performed in situ at atmospheric 

pressure by flowing pure hydrogen (flow rate: 50 Nml/min/gcat). The 

temperature was raised at a rate of 5 °C/min until reaching 400 °C, which 

was kept for 2 h. Subsequently, the temperature was lowered to the starting 

reaction temperature and the pressure increased to the desired operating 

pressure by feeding hydrogen. When the system had stabilized, the liquid 

feed was started. 

4.3.5 Experimental conditions and sampling procedures 

The experimental conditions and procedures were optimized after a 

number of screening experiments, to account for the many sources of 

problems. The duration of the experimental runs varied from a minimum 

of 3-4 days to several weeks of continuous operation. During the course of 

this work, 42 runs using 28 different catalyst batches were performed. The 

ranges of operating conditions used in the experiments are presented in 

Table 4-5. The conversion was usually changed by varying the liquid weight 

hourly space velocity of n-hexadecane.  
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Table 4-5. Experimental conditions in the catalytic testing experiments.   

 Reference 
conditions 

Range 
tested 

Temperature (°C) 310 270-350 

Pressure (bar) 30 30-50 

WHSV (h-1) 3 0.25-21 

H2/n-C16H34 (mol/mol) 10 1-10 

Conversion (%) Varying 1-95 

 

The start-of-run conditions were chosen depending on the purpose 

of each experiment. Except for studies on initial activity and deactivation, a 

period of 15-40 hours was usually necessary to achieve pseudo steady-state 

operation. A reaction “period” was defined as the interval between two 

samplings of liquid products. For studies with varying operating conditions, 

the same conditions were kept for at least two consecutive periods, to allow 

for stabilization and to minimize the effect of the sampling operation. The 

minimum stabilization time between periods at different conditions was 

calculated by adding the residence time of the liquid reactant in the catalyst 

bed (1/WHSV) to the hold-up time of the gas in the reactor and piping 

volume. After this time the product distribution in the sample was 

considered stable. The validity of this assumption was confirmed by the gas 

chromatographic analyses. After the stabilization period(s), the system was 

run at the same conditions until a minimum of 5-10 g of liquids were 

produced. During this time an on-line analysis of the gaseous products was 

started. Liquid samples were then collected, weighed and immediately 

analyzed in the off-line GC. 

4.3.6 Data analysis and calculations of conversion, selectivity 

and rates 

The chromatographic analysis of the gaseous and liquid products, 

together with the measurement of the flow rates of the two product 

streams, allowed for quantitative determination of the mass flow rates of 

individual (or groups of) products. Due to the limitations on component 
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separation, and to the high number of possible isomers, especially for the 

higher carbon numbers, a trade-off choice between analysis time and 

information obtained had to be made. All the n-alkanes up to n-tetradecane 

could be identified and quantified. Branched alkanes up to C14 were 

grouped by carbon number. The quantification of n-pentadecane was done 

with a lower precision, due to a partial peak overlapping with branched 

hexadecanes. Branched pentadecanes were normally impossible to 

distinguish from branched hexadecanes, and were therefore not considered. 

Products of hydroisomerization could be separated in mono-branched and 

multi-branched hexadecanes, following the work of Girgis and Tsao [78]. 

The quantitative calculations are corrected for the amount of other 

hexadecanes, pentadecanes and tetradecanes which are present as 

impurities in the feed (total < 1-wt%). In the (rare) cases when unsaturated 

products were present, these could be identified and separated up to 

carbon number 6. 

This level of detail in product analysis was deemed sufficient for the 

scope of the work, which was mainly focused on comparing 

hydroisomerization and hydrocracking selectivities and the extent of 

hydrogenolysis, evidenced by the degree of branching of the cracking 

products.  

Throughout this work and the appended publications, n-hexadecane 

conversion is defined as:  

Conversion (χ): 1 - Fn-C16H34,out / Fn-C16H34,in 

where F indicates a molar flow rate; and selectivity is defined as: 

Selectivity (Si): mol C in product i / mol C in converted n-hexadecane 

Conversion and selectivity are expressed in percent. Selectivity is 

reported on a carbon number basis, so that the sum of the selectivities to 

the different product lumps is always equal to 100%.  

Selectivities to the three main product groups, mono-branched 

hexadecanes (MB), di- or multi-branched hexadecanes (DB), and cracking 

products (CP), were usually plotted against n-hexadecane conversion. Data 
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regression methods were used to estimate the contribution of the different 

reaction steps. The assumptions made in the mathematical model were: (I) 

isothermal plug-flow regime with negligible mass transfer, (II) irreversible 

first-order reactions. The reader is referred to Paper I for detailed 

information. An example of selectivity/conversion plots is shown in Figure 

4-8. 
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Figure 4-8. Example of selectivity/conversion plots (MB = mono-branched 

hexadecanes, DB = multi-branched hexadecanes, CP = cracking products). 

Conditions: 310 °C, 30 bar, H2/n-C16H34 = 10 mol/mol, WHSV = 0.75-18 h-1. See 

Paper III, Figure 9 for further details. 

The distributions of the products of cracking are usually reported as 

product molar fractions. The occurrence of secondary cracking is estimated 

by the ratio between the moles of cracking products and the moles of 

cracked n-hexadecane, calculated by subtracting the molar flow of 

isomerized feed from that of the total converted feed. 



67 
 

When kinetic rate constants are reported, they are usually calculated 

by assuming first-order reactions, and expressed in units of reciprocal 

hours (h-1). Reaction rates, if not otherwise stated, were approximated with 

space-time yields (STY), i.e. calculated not considering changes in 

composition along the catalyst bed. STY was defined as moles of product 

per unit mass of catalyst per unit time [120]. Specific rates (also known as 

turnover frequencies) were approximated with site-time yields, defined as 

moles of product per mole of catalytic active site per unit time. 

4.4 Catalytic behavior 

The results of the catalytic testing experiments are briefly discussed 

and summarized in this Section. For more details and an in-depth 

discussion, the reader is referred to the publications (Papers I, II, III and 

IV).  

4.4.1 A brief history of the catalytic testing experiments 

performed in this work 

A good knowledge of both the reactor and analysis system 

(hardware) and the catalytic reaction system (software) is necessary to 

perform meaningful research work. The preliminary testing experiments 

were mainly aimed at setting up the reactor and analysis system and finding 

and tuning procedures that would allow obtaining reliable and reproducible 

results when studying catalytic properties.  

During this initial phase of assessing mass-transfer limitations, 

temperature gradients, sampling upsets, calibrating analysis system, etc., 

simple and proven catalysts were used. Nevertheless, some unexpected 

results were observed: large changes in product selectivity with deactivation 

on Pt-based catalysts, and a quite different selectivity pattern between 

catalysts containing palladium and platinum. A study comparing these two 

metals was made, which led to the results published in Paper I. 
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In the experiments performed, different deactivation behaviors were 

observed between palladium and platinum, which prompted the specific 

study of catalyst deactivation; this work is presented in Paper II. 

In the deactivation study, the peculiar differences in selectivity 

between Pd- and Pt-based catalysts were also observed on platinum-

containing catalysts with varying metal surface area at different stages of 

deactivation. This observation, together with the need to assess whether 

ideal hydrocracking conditions were achieved, led to further studies about 

the effect of metal loading. Paper III presents the effect of palladium 

loading on activity, selectivity and deactivation of Pd/silica-alumina 

catalysts. 

Previous experiments showed that the extent of hydrogenolysis was 

related to the surface area of platinum; the product distribution was 

checked against that obtained on iridium-based catalysts, for which 

hydrogenolysis was the main reaction pathway, to confirm this observation. 

In Paper IV, this aspect was assessed in more detail: the influence of 

platinum loading on the acid properties of the catalysts was considered. 

Experiments were performed to try to isolate the hydrogenolysis 

contribution. It turned out to be a difficult task, not as straightforward as 

hydroconverting a paraffin on a catalyst consisting of platinum supported 

on a non-acid carrier; much lower yield of hydrogenolysis products was 

obtained compared to that of a Pt/acid catalyst with similar metal surface 

area and dispersion. Selective poisoning of the acid sites was also 

performed, as well as studying the influence of varying hydrogen partial 

pressure. 

Many questions arose during the course of this work; some were 

answered and some, of increasing complexity, were left open. The 

following paragraphs focus on the problem statements of the Papers and 

the answers that could be found. At the end of this thesis (Section 5.2), 

guidelines are given for how to address some of the questions that 

remained unanswered. 
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4.4.2 Comparison between palladium and platinum as the 

metal function 

In order to compare the different noble metals used as 

hydrogenation/dehydrogenation function, a 0.60-wt% Pt/silica-alumina 

and a 0.33-wt% Pd/silica-alumina catalyst were tested (Paper I). Different 

weight loadings were used in order to compare the catalysts at the same 

molar loading. This allowed studying the effect of the choice of metal on 

the hydroconversion reactions, at similar metal surface area, and hence 

similar concentration of metal sites. 

The experimental results were in good agreement with the simplified 

kinetic model of first-order irreversible reactions and the assumption of 

ideal plug-flow behavior. The linearized form of the conversion vs. space 

velocity relationship, derived from the mass balance equation, indeed 

followed a straight line. Selectivity/conversion plots confirmed the validity 

of the model. The most significant difference between the two catalysts 

was the contribution of the direct cracking pathway on Pt/silica-alumina, 

which can be observed form the plots of cracking-product selectivity vs. 

conversion in Figure 4-9. 
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Figure 4-9. Selectivity/Conversion plots for (A) 0.33-wt% Pd/Siral 40 and (B) 

0.6-wt% Pt/Siral 40 (T=310 °C; P=30 bar; H2/n-C16 molar ratio=10). (From Paper 

I). 

The distribution of the cracking products was similar on the two 

catalysts, symmetrically centered on C8 with approximately constant 

fractions between C4 and C12, as expected (see Paper I). Overcracking 
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was not observed. On the Pt/silica-alumina catalyst, methane was 

produced in much higher concentrations, and the degree of branching of 

the cracking products, expressed as the iso/normal alkane ratio, was lower. 

A dependence of the degree of branching on conversion was also 

observed: at lower conversion, mostly linear cracking products were 

obtained, while at high conversion the degree of branching increased. 

Differences were also observed between Pd- and Pt-based catalysts; the 

latter showing a much greater dependence on metal loading. See Paper III, 

Fig. 11 and Paper IV, Fig. 7. 

These results were ascribed to the occurrence of hydrogenolysis on 

the platinum sites, yielding mostly linear products. Conversely to what was 

reported by Sinfelt for unsupported noble metals [72], supported platinum 

particles turned out to have higher activity for hydrogenolysis than 

palladium particles; the high propensity for demethylation of palladium was 

not observed. The environment surrounding the metal particles, as well as 

their interactions with the acid function in a bifunctional catalyst might 

affect their catalytic properties, as discussed in Paper IV. 

Studies on catalysts with different metal loadings strengthened the 

hypothesis that platinum-catalyzed hydrogenolysis, absent on palladium, lay 

behind the observed selectivity patterns. 

4.4.3 Effect of metal loading on activity and selectivity 

As introduced before (Section  3.6.3), the activity of ideal 

bifunctional hydrocracking is limited by the acid function, given that 

enough metal is present to balance the catalyst’s acidity [55]. 

Hydroconversion experiments were performed on Pd/Siral 40 (Paper III), 

Pt/Siral 40 (Paper IV) and Ir/Siral 40 [121] catalysts in order to find the 

minimum required loading and to study the effect of the metal/acid site 

ratio on activity and selectivity. 

The palladium loading necessary to achieve ideal hydrocracking, at 

the conditions used, was found to be between 0.33-wt% and 0.6-wt%. For 

the Pt-containing catalysts, a loading as low as 0.06-wt% was more than 
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sufficient to balance the mild acidity of the silica-alumina support. 

Additional monofunctional hydrogenolytic activity was observed on 

catalysts with higher platinum content. A similar deviation from the classic 

bifunctional mechanism was observed for Pt/H-Beta zeolite catalysts by 

Blomsma et al. [80], who reported increasing monofunctional 

hydrogenolysis contribution starting from a platinum loading of 0.1-wt%. 

On Pt/HY zeolites, the minimum platinum loading required for ideal 

hydrocracking conditions was reported to be 0.35-wt%, while no 

contribution of monofunctional hydrogenolysis was observed  [53, 55]. 

These results show the importance of the relationship between metal and 

acid sites in analyzing reaction pathways. 

The initial activity of Pd/Siral 40, Pt/Siral 40 and Ir/Siral 40 catalysts 

as a function of the metal/acid site ratio are plotted in Figure 4-10.. It can 

be observed that Pd-based catalysts follow the typical pattern of 

bifunctional hydrocracking, in which activity does not increase with metal 

loading after ideal hydrocracking conditions are reached; higher metal 

loading does not change the rate-limiting step of the overall reaction, 

confirming that this occurs on the acid sites. On Pt/silica-alumina catalysts, 

the total hydroconversion activity is linearly dependent on the metal/acid 

site ratio. The contributions of the two different pathways, estimated with 

the reaction scheme presented in Section 4.3.6 (and in Paper I), showed 

that bifunctional hydrocracking rates are practically constant, and that the 

increase of activity with metal/acid site ratio is solely due to an increasing 

contribution of hydrogenolytic cracking. This was further strengthened by 

the fact that space-time yield of isomerization products was independent of 

the platinum content, while methane space-time yield was linearly 

correlated (see Section 4.4.6 and Paper IV). Noteworthy is also the fact 

that the bifunctional rates calculated on the Pt/Siral 40 catalyst series were 

very close in values to those calculated on the purely bifunctional 

Pd/Siral 40 catalysts. 
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Figure 4-10. Initial hydroconversion activity vs. metal/acid site ratio for the Pd/Siral 

40 catalyst series (▲), Pt/Siral 40 (●) and Ir/Siral 40 (■). The metal/acid site ratio is 

calculated dividing the metal surface area, estimated by H2 chemisorption, by the 

concentration of Brønsted acid sites calculated by FTIR of adsorbed pyridine after 

desorption at 250 °C. Reaction conditions: 310 °C, 30 bar, H2/n-C16H34 = 10 mol/mol, 

WHSV = 3 h-1. 

On iridium, ideal hydrocracking conditions were not reached at the 

loadings tested (0.06 to 0.33-wt%), while high selectivity to direct-cracking 

products and high yields of methane were observed [121]. These results 

confirmed the high hydrogenolytic activity of iridium and its unsuitability as 

the metal function of paraffin hydroconversion catalysts. 

Selectivity is strongly affected by the metal content of Pt/silica-

alumina catalysts. At the highest metal loading tested (1.2-wt%), 

hydrogenolytic activity contributed to nearly half of the total activity. 

Consequently, the distribution between isomerization and cracking 

products and the degree of branching of the latter are widely different 

among the tested catalysts (see Figure 3, 4 and 6 in Paper IV). A result of 

practical interest is that catalyst activity, and yield of cracking products, can 
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be increased by using higher metal content, but the products obtained will 

be largely linear; these would have a negative impact on the cold-flow 

properties of the diesel fraction produced.  

4.4.4 Effect of deactivation on selectivity 

A study on the deactivation of Pt/silica-alumina (Paper II) pointed 

out that initial activity loss is due both to sintering of the metal particles 

and to the formation of carbonaceous deposits. The relative extents of the 

two deactivation mechanisms affect the functional balance of the catalyst 

and therefore its selectivity, especially regarding the contributions of 

hydrogenolytic and bifunctional pathways. Experiments were performed on 

a 0.33-wt% Pt/Siral 40, in which deactivation was monitored and selectivity 

data at various conversion levels were collected at various extents of 

deactivation. N-hexadecane conversion and selectivity to the three main 

product lumps are plotted versus time on stream in Figure 4-11 and Figure 

4-12, respectively. 
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Figure 4-11. Conversion of n-hexadecane versus time on stream on a 0.33-wt% 

Pt/Siral 40 catalyst (310 °C, 30 bar, H2/n-C16=10, WHSV=3 h-1). (From Paper II). 
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Hydroconversion activity decreased rapidly initially and then 

stabilized after 30-40 hours on stream. The selectivity to cracking products 

decreased from 60% to 25% in the same period. This was a strong 

indication of selective deactivation, i.e. that the metal function, responsible 

for the direct cracking pathways, deactivated faster than the acid function, 

thus shifting the selectivity towards bifunctional hydrocracking yielding 

more hydroisomerization products. 
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Figure 4-12. Selectivity versus time on stream on a 0.33-wt% Pt/Siral 40 catalyst 

(310 °C, 30 bar, H2/n-C16=10, WHSV=3 h-1). (From Paper II). 

The deactivation of the hydrogenolytic function was confirmed by 

the selectivity/conversion plots of the cracking products, obtained by 

repeating the experiments and varying space velocities at different extents 

of deactivation (see Paper II, Fig. 4). By interpolating these data and using 

the simplified model presented in Paper I, the contributions of the two 

pathways of hydrogenolysis (direct cracking) and bifunctional 

hydrocracking could be estimated (Table 4-6). 
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Table 4-6. Catalyst properties and rate constants at different extent of deactivation. 

kbif and kdc are pseudo first-order reaction rates for the bifunctional and the 

hydrogenolytic route, respectively. (From Paper II). 

(1) After forced deactivation (16 h, H2/n-C16 = 1 mol/mol) 
(2) Regenerated ex situ with 5% O2/95% He (500 °C, 1 h, 5 °C/min) 
(3) After regeneration in situ with 5% O2/95% He (500 °C, 1 h, 5 °C/min) 

 

The activity to hydrogenolysis experienced a rapid initial decrease, 

while bifunctional activity was seemingly unaffected at normal reaction 

conditions. Deactivation of the metal function can occur either by sintering 

or by coking, i.e. when carbonaceous matter adsorbs irreversibly on the 

metal sites, or alternatively blocks catalyst pores, thereby reducing 

accessibility to metal sites. The effect of coking was studied by subjecting 

the catalyst to a “forced deactivation” period at a low 

hydrogen/hydrocarbon feed ratio. The activity of the acid function was 

lowered considerably while the hydrogenolytic activity was completely 

removed. After an oxidative regeneration treatment to remove the coke 

deposits, bifunctional catalytic activity was almost fully recovered, but the 

hydrogenolytic activity was only partially recovered (see Table 4-6). 

It was not easy to separate the two causes of deactivation of the 

metal particles, especially with the low resolution obtained in the TEM 

analyses (Section 4.2.3), but it could be safely concluded that: (I) sintering 

of platinum particles occurred; (II) this sintering lowered the rate of 

hydrogenolysis; (III) deactivation by coking was less important on the 

Pt/silica-alumina catalysts compared to the palladium-containing ones. 

Sample 

ToS 
 
 

(h) 

Metal 
surface 

area 
(m2/gcat) 

BET 
surface 

area 
(m2/gcat) 

Brønsted 
acid site 

conc. 
(µmol/gcat) 

ktot 

 
 

(h-1) 

kbif 

 
 

(h-1) 

kdc 

 
 

(h-1) 

Siral 40 - - 440 44 - - - 

Pt/S40 
fresh 

0 0.798 383 52 - - - 

1 6 0.418 384 53 3.71 2.30 1.40 

2 24 0.157 384 - 3.08 2.29 0.78 

3 (1) 53 (1) 0.103 346 43 0.91 0.86 0.03 

3 (2) 53 (2) 0.582 381 - - - - 

4 24 (3) 0.135 386 54 2.42 2.12 0.30 
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4.4.5 Effect of metal loading on catalyst deactivation 

The influence of metal loading on initial deactivation was specifically 

addressed in Paper III. A drop in activity between the first and second 

experimental periods was observed for all catalysts. The activity loss was 

larger for the catalysts containing lower amounts of palladium, especially 

when the loading was lower than that required for achieving ideal 

hydrocracking (Figure 4-13). The formation of carbonaceous deposits was 

deemed to be the main cause of deactivation. Loss of metal surface area 

was not directly deducible from the selectivity patterns, as was the case for 

Pt/silica-alumina catalysts. On the other hand, the particles could be better 

imaged on the electron microscope, which allowed a more precise analysis 

of the sintering process. Palladium particles had sintered slightly after 8 

hours on stream, but the loss of metal surface area measured by H2 

chemisorption was much larger. This was ascribed to the coverage of the 

particle by coke deposits. 
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Figure 4-13. Relative activity loss during the initial reaction period as a function of the 

metal/acid site ratio on Pd/silica-alumina catalysts. Conditions: 310 °C, 30 bar, H2/n-

C16H34 = 10 mol/mol, WHSV = 3 h-1. (From Paper III). 
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It is discussed in the literature whether the main function of the 

metal sites is indeed to keep the acid sites “clean” by hydrogenating coke 

precursors [52]. The results of the experiments confirmed that the metal 

loading surely influences the rate of coke formation and its characteristics. 

At low loading the hydrogenating activity of the metal function is not 

enough to saturate the olefins produced on the acid sites, leading to 

increasing concentration of unsaturated hydrocarbons, which are the basis 

of coke precursors [122]. This was even more apparent when testing an 

unloaded silica-alumina (Siral 40), which showed the presence of the largest 

amount of coke. The coke formed in the absence of metal was also the 

hardest to remove (see Section 4.2.6 and Paper III). 

4.4.6 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

support acidity 

Having shown the linear relationship between hydrogenolysis activity 

and platinum/acid site ratio (Paper IV),   the question arose whether the 

two mechanisms could be observed and studied separately. In other words, 

if the hydrogenolysis products were the result of purely Pt-catalyzed 

reactions, could the same rates be observed on a monofunctional catalyst, 

in the absence of metal/acid-catalyzed reactions? For this purpose, a 

catalyst using platinum supported on a material with negligible Brønsted 

acidity was tested (Siral 1). The results were crystal clear: the selectivity of 

this catalyst was greatly shifted towards cracking products (~90%) with low 

isomerization contribution, but the specific activity of the Pt-sites was 

much lower compared to the platinum supported on the material with high 

Brønsted acidity. The initial activity of the 0.33-wt% Pt/Siral 1 catalyst is 

compared to that of the Pt/Siral 40 series in Figure 4-14, in which the 

metal/acid site ratio of the Siral 1-based catalyst is considered tending to 

infinity. 
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Figure 4-14. Hydroconversion activity vs. metal/acid site ratio for the Pt/Siral 40 

catalysts. The values of ktot (ο), kbif (Δ) and khyd (□) are mean values of the apparent 

first-order rate constants calculated at different WHSV. The hydrogenolytic activity of 

the 0.33-wt% Pt/Siral 1 catalyst (◊) is added for comparison. 

  

Figure 4-15 shows the space-time yield of mono-branched isomers of 

the feed for the Pt/Siral 1 compared to the Pt/Siral 40 series, where its 

negligible isomerization rate can be observed. In Figure 4-16 the methane 

site-time yield (a measure of the specific activity per Pt-site) is compared. 
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Figure 4-15. Space-time yield of mono-branched hexadecanes as a function of 

n-hexadecane conversion for Pt0.06/S40 (●), Pt0.33/S40 (▲), Pt0.6/S40 (■), 

Pt1.2/S40 (), Pt0.33/S1 (◊). (From Paper IV). 
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Figure 4-16. Specific methane yield per platinum surface area as a function of 

n-hexadecane conversion. Pt0.06/S40 (●), Pt0.33/S40 (▲), Pt0.6/S40 (■), Pt1.2/S40 

(), Pt0.33/S1 (◊).(From Paper IV). 
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Although appreciable amounts of methane were observed, its specific 

rate is much lower than the rates observed on the Pt/acid catalysts. It could 

be speculated that the explanation for this behavior is either an influence of 

acid sites on the hydrogenolytic mechanism, or an influence of the support 

on the catalytic properties of the platinum sites.  

In order to gather more information on this matter, an experiment 

was designed in which selective poisoning of acid sites by a basic molecule 

would give the answer to whether the platinum sites retain their high 

hydrogenolytic activity, or whether acid sites are required for 

hydrogenolysis. Pyridine was co-fed with n-hexadecane on the 

1.2-wt% Pt/Siral 40 catalyst. Unfortunately, pyridine is known to 

decompose on platinum, and indeed n-pentane was observed on top of the 

products of hexadecane cracking. The platinum sites might therefore also 

have been affected by the presence of pyridine. On the other hand, it is 

also well known that acid activity is much more affected by pyridine, indeed 

largely suppressed [123, 124]. A qualitative discussion of the results was 

therefore feasible.  

Upon addition of pyridine, total activity was reduced to ~30% of the 

original, isomerization rates were reduced by one order of magnitude, while 

rates to methane and to linear cracking products were much less affected 

(see Paper IV, Figs. 12 and 13). It could be concluded that, despite the 

competition of pyridine decomposition reactions, platinum retained a large 

part of its hydrogenolytic activity when acid activity was inhibited; the 

platinum sites showed a much higher specific rate of hydrogenolysis than 

their counterpart on the non-acid support. Therefore, the reason for the 

high hydrogenolytic activity of the Pt/Siral 40 catalysts has to be found in 

the interactions between the support and the metal particles. 

  



81 
 

4.4.7 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

hydrogen partial pressure 

The experiments on the 1.2-wt% Pt/Siral 40 in Paper IV, included 

studying the influence of the partial pressure of hydrogen on the rates to 

bifunctional and hydrogenolytic hydrocracking, in the presence and 

absence of pyridine (see the previous Section). A negative order in 

hydrogen is expected for the bifunctional mechanism, due to hydrogen 

affecting the thermodynamic equilibrium of the dehydrogenation reactions 

(see Section 3.6.5). The estimated reaction order, calculated by linear 

regression, was -0.42. Hydrogen showed a lower negative influence on the 

total rate of hydroconversion than that due to shifting equilibrium, which 

would have resulted in an order of -1. In the presence of pyridine, when 

the hydrogenolysis contribution dominated, the overall reaction rate was 

unaffected by hydrogen pressure, a further indication that acid-catalyzed 

reactions were inhibited. 

Figure 4-17 show the dependence on hydrogen pressure of the 

space-time yield of methane and n-octane (hydrogenolysis products), while 

in Figure 4-18 the space-time yields of feed isomers are presented. 

The effect of hydrogen is positive for the rate to hydrogenolysis 

products, and negative, as expected, for the isomerization reactions. In the 

presence of pyridine, the (low) isomerization rate is seemingly unaffected 

by hydrogen. As regards hydrogenolysis, the order in hydrogen is still 

positive for linear cracking products (e.g n-octane), but negative for 

methane. This could indicate that demethylation might proceed through a 

different mechanism than that of internal C-C bond hydrogenolysis. 
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Figure 4-17. Space-time yield of methane (A) and n-octane (B) as a function of 

hydrogen partial pressure before (□) and during (ο) the addition of pyridine. (From 

Paper IV). 
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Figure 4-18. Space-time yield of mono-branched (A) and multi-branched hexadecanes 

(B) as a function of hydrogen partial pressure before (□) and during (ο) the addition of 

pyridine. (From Paper IV). 
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4.4.8 Hydrogenolysis vs. bifunctional hydrocracking: effect of 

temperature 

The effect of temperature on the two mechanisms was also 

addressed (unpublished data). Apparent activation energy was calculated on 

a purely bifunctional 0.33-wt% Pd/Siral 40 catalyst and on a 1.2-wt% 

Pt/Siral 40, for which the hydrogenolysis contribution at the reference 

conditions (310 °C, 30 bar) was approximately 50 %. The apparent 

activation energy for the bifunctional mechanism was estimated to 

204 kJ/mol (49 kcal/mol). 

The value calculated in the presence of hydrogenolysis was lower 

(159 kJ/mol), seemingly in contrast with what was observed by Calemma et 

al. [91], who reported a higher activation energy for the direct cracking 

route compared to the bifunctional route (40.9 kcal/mol vs 34.5 kcal/mol). 

However, by analyzing the product distribution of the 1.2-wt% Pt/Siral 40 

catalyst at varying temperature and comparing the yield to linear cracking 

products with the isomerization yield, it was clearly apparent that 

hydrogenolysis contribution diminished with increasing temperature.
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5 Conclusions 

The aim of this work was to reach a deeper understanding of the roles 

of the metal and the acid functions of bifunctional hydroconversion 

catalysts. Catalysts comprised of noble metals (Pd, Pt, Ir) supported on 

silica-alumina were prepared, characterized and tested in alkane 

hydroconversion. N-hexadecane was used as model compound for the 

long-chain paraffins which are the major constituent of Fischer-Tropsch 

wax. The experiments were performed at industrial conditions in a bench 

scale high pressure reactor, designed and constructed for this purpose. 

5.1 Main results of this work 

Two major reaction routes of hydroconversion were distinguished: 

(I) a bifunctional route, following the classic mechanism of ideal 

hydrocracking with successive isomerization reactions, followed by 

cracking; and (II) a monofunctional hydrogenolysis route, occurring on the 

metal particles, which produces mainly linear alkanes. The presence of 

methane in the products was the major discriminant between the 

contributions of the two routes, along with the degree of branching of the 

cracked products. 

The contribution of hydrogenolysis was negligible on palladium-

containing catalysts, which followed the ideal bifunctional mechanism 

when loaded with a sufficient amount of metal. The palladium loading was 

found to affect catalyst deactivation, higher amounts of palladium lowering 

the rate of formation of coke. Platinum-based catalysts showed higher 

activity than palladium-based ones. This was directly related to the higher 
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hydrogenolytic activity of the platinum particles. The activity towards 

bifunctional hydrocracking was similar, being determined by the acid sites 

of the silica-alumina material. Iridium showed high hydrogenolytic activity, 

while the bifunctional activity was very limited. 

A study on the deactivation of platinum/silica-alumina pointed out 

that initial activity loss is due both to sintering of the metal particles and to 

formation of carbonaceous deposits. The relative extents of the two 

deactivation mechanisms affect the metal/acid balance of the catalyst and 

therefore its selectivity, especially regarding the contributions of 

hydrogenolytic vs. bifunctional pathways. 

The extent of hydrogenolysis was very dependent on the metal 

loading of platinum/silica-alumina catalysts. Increasing amounts of 

methane and linear hydrocarbons were obtained when increasing the 

platinum content and hence the ratio between the metal and acid sites of 

the catalyst. Catalysts with different loadings showed similar specific yields 

of methane, implying that methane production was solely catalyzed by the 

platinum sites. A much lower specific activity towards hydrogenolysis was 

observed on similar platinum particles supported on a silica-alumina with 

negligible Brønsted acidity. This could be explained by the high degree of 

mutual influence between the metal particles and the support material: the 

addition of metal particles by impregnation and the following heat 

treatment procedure changed the acidity of the platinum-containing catalyst 

compared to the unloaded support. Conversely, the acidity of the material 

seems to affect the catalytic behavior of the metal, presumably by 

influencing the electronic properties of supported platinum particles. It was 

concluded that the hydrogenolytic activity of small platinum particles is 

largely dependent on the support material. 

5.2 Final remarks and outlook 

The work presented in this thesis has contributed to increasing the 

knowledge concerning alkane hydroconversion. The findings about 
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hydrogenolysis contribution by the metal function of bifunctional catalysts 

have not been extensively reported on in the literature. Conversely, it seems 

that the some of the known properties of the different noble metals used in 

this work might have to be reconsidered in the light of their application as 

particles supported on acid materials; their hydrogenolytic activity and 

selectivity cannot be correlated with the same properties when the particles 

are used as pure metals. This influence of the metal-support interactions 

deserves to be more thoroughly studied, and further work would need to 

address ways to separate the monofunctional activity of the metal from its 

interplay with the acid function. Further and more detailed characterization 

of the metal particles is also needed, especially regarding their supposed 

interaction with the support material. An assessment of how the 

hydrogenolytic activity is affected by the platinum particle size would be an 

interesting continuation. After solving the issues encountered in this work, 

the microemulsion method could be exploited for this purpose, allowing 

for the preparation of monodispersed particles with controlled size. 
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List of abbreviations 

ASA Amorphous silica-alumina 

a.u. Arbitrary units 

BAS Brønsted acid sites 

bpd Barrels per day 

BTL Biomass-to-Liquids 

CCS Carbon capture and storage 

CHP Combined heat and power 

CP Cracking products 

CTL Coal-to-Liquids 

DB Multi-branched hexadecanes 

EDS Energy dispersive spectroscopy 

EJ Exajoule (1018 J) 

ESCA Electron Spectroscopy for Chemical Analysis 

EXAFS Extended X-Ray Absorption Fine Structure 

FAME Fatty acid methyl esters 

FCC Fluid catalytic cracking 

FID Flame ionization detector 

FT Fischer-Tropsch 

FTIR Fourier-transform infrared 

FTS Fischer-Tropsch synthesis 

GC Gas chromatograph 

GHG Greenhouse gas 

GTL Gas-to-Liquids 

H/C Hydrogen/carbon atomic ratio 

H/M Hydrogen/metal atomic ratio 

HDM Hydrodemetallation 

HDN Hydrodenitrogenation 

HDO Hydrodeoxygenation 
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HDS Hydrodesulfurization 

HPC Heavy paraffin conversion 

HPLC High Performance Liquid Chromatography 

HTFT High-temperature Fischer-Tropsch 

HVO Hydrotreated vegetable oils 

ICE Internal combustion engine 

LAS Lewis acid sites 

LHSV Liquid hourly space velocity 

LNG Liquefied Natural Gas 

LTFT Low-temperature Fischer-Tropsch 

MB Mono-branched hexadecanes 

Mbpd Millions of barrels per day 

MS Mass spectrometer 

Mtoe Millions of tons of oil equivalent 

PCP Protonated cyclopropane 

S1 Siral 1 

S40 Siral 40 

SMDS Shell middle distillate synthesis 

SNG Synthetic natural gas 

STY Space-time yield 

TCD Thermal conductivity detector 

TEM Transmission Electron Microscopy 

toe Tons of oil equivalent 

TPD Temperature-programmed desorption 

TPH Temperature-programmed hydrogenation 

TPO Temperature-programmed oxidation 

TPR Temperature-programmed reduction 

WHSV Weight hourly space velocity 

XPS X-ray photoelectron spectroscopy 

XRD X-Ray diffraction 

XTL X(any carbon source)-to-Liquids 
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