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SUMMARY 

 

In this work bifunctional (metal/acid) platinum and palladium based catalysts supported on 

mesoporous silica alumina have been prepared and tested in the hydrocracking reaction of normal 

hexadecane (C16H34). This reactant is representative of the products of the Fischer-Tropsch reaction, 

which combines carbon monoxide and hydrogen to produce hydrocarbons and water. The 

hydrocracking reaction is the upgrading step for the products of the Fischer-Tropsch reaction.  

The selectivities towards mono-branched isomers, multi-branched isomers and cracking 

products have been studied in the whole range of conversions, varying the space velocity from 0.75 

to 18 h-1. Pressure, temperature and H2/n-C16 ratio have been maintained constant at 30 bar, 310 ᵒC 

and 10 mol/mol, respectively. 

A reaction network has been proposed, in which, through three consecutive reactions normal 

hexadecane is first isomerized into its mono-branched isomers, then multi-branched isomers are 

formed from mono-branched isomers and finally the multi-branched isomers are cracked. The 

mechanism is known in literature as the ideal bifunctional mechanism. The reaction network has 

been fitted to the obtained experimental data. Palladium based catalysts performed nearly an ideal 

bifunctional mechanism, while platinum based catalysts performed also another way of cracking: 

hydrogenolysis. 

The activity of both platinum and palladium catalysts has been tested. Platinum based 

catalysts are more active than palladium ones, with the same metal loading. This is a consequence of 

the nature of the metal sites. 

The product distribution is similar for both platinum and palladium catalysts. However, due 

to the monofunctional cracking mechanism performed by platinum based catalysts there are some 

differences, as for instance the amount of C15 and C1 present in the products when using platinum 

catalysts.  

The catalyst deactivation has also been tested in each run. The results showed that the 

dispersion of the metal phase decreased with deactivation. This means a decrease in activity. A 

regeneration by temperature programmed oxidation (TPO), has been carried out demonstrating that 

the activity of the acid function could be completely recovered, while irreversible deactivation 

occurred on the metal function. 
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1. INTRODUCTION 

Fischer-Tropsch synthesis enables the production of high quality diesel fuel from biomass 

derived synthesis gas. In order to increase the overall diesel yield, it is necessary to perform a 

subsequent hydrocracking of the long-chain linear paraffins. Hydrocracking is a catalytic refining 

process that upgrades petroleum feedstocks by adding hydrogen [1].  

The hydrocracking reaction is performed by metal/acid bifunctional catalysts. These catalysts 

follow the carbenium ion mechanism by dehydrogenation of the alkane by the metal sites and the 

consequent isomerization and cracking on the acid sites. Finally the carbenium ion is hydrogenated 

by the metal site [2]. 

The diesel fuel obtained via the upgrading of Fischer-Tropsch waxes meets all the present 

environmental regulations. It contains negligible amounts of sulfur and nitrogen compounds, and is 

characterized by a high cetane number which means better combustion properties [3].  

This work is based on the interpretation of the obtained data from the hydrocracking 

reaction of Fischer-Tropsch waxes, as well as the characterization and testing of the catalysts used. 
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2. BACKGROUND: 

2.1. Introduction 

The Fischer-Tropsch (FT) process converts synthesis gas into hydrocarbons; most of them are 

n-paraffins between C15 and C45. To optimize the diesel yield and minimize light gases, the FT product 

distribution is pushed towards heavier wax. These waxes are then hydrocracked on a bifunctional 

catalyst to diesel (C10-C22) [2]. 

This work will focus on the hydrocracking step and particularly on the catalysts used. 

 

2.2. The Fischer-Tropsch Process 

The Fischer-Tropsch process is a way to obtain high-quality fuels from purified synthesis gas. 

This synthesis gas is obtained by converting a carbon source: coal, natural gas or biomass. The names 

CTL, GTL and BTL respectively are used to describe these processes. In order not to poison the 

catalysts on the succeeding process steps, the synthesis gas needs to be purified; this means that 

nitrogen and sulfur compounds are removed. By the FT reaction, a wide range of hydrocarbons and 

water are obtained. These products are separated and upgraded depending on their purpose: 

refinery fuel gas, gasoline, jet fuel and diesel. 

In Figure 1 below, the schematics of the FT process is shown: 

 

 

 

 

 

 

 

 

Figure 1: Diagram of the complete FT process. 

Industrially, the Fischer Tropsch process started in Germany in the 1920s. By the year 1938 

there were nine plants in operation with a total capacity of 660 x 103 t per year. However these 

plants were shut down after the Second World War. Other plants were built later, as for instance 

Carthage-Hydrocol plant in Brownsville (Texas) and Sasol in South Africa [4]. Sasol constructed other 

two plants in 1980 and 1982, which had a combined capacity of 6000 x 103 t per year [5]. The plants 

shown below are in operation at the moment: 
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FT plant Year started 
Carbon 
source 

Location Capacity(tonnes/year) Main products 

3 Coal-based Sasol 
plants 

1950 Coal 
South 
Africa 

7500 x 103  

Chemicals, linear 
alkenes, gasoline, 

diesel fuel and 
waxes. 

Mossgas 1992 Natural gas  
South 
Africa 

1020 x 103  
Gasoline and diesel 

fuel. 

Shell 1993 Natural gas Malaysia 500 x 103  
Waxes, high quality 
diesel and kerosene. 

Oryx GTL 2007 Natural gas 
Ras Laffan 

(Qatar) 
1664 x 103 

GTL diesel and GTL 
naphtha. 

Shell Pearl 2012 Natural gas 
Ras Laffan 

(Qatar) 
6852 x 103 

GTL products, 
natural gas liquids 

and ethane. 

Sasol Chevron 
Under 

construction 
Natural gas 

Niger 
Delta 

(Nigeria) 
1516 x 103 

GTL diesel and GTL 
naphtha 

Table 1: Currently operating FT plants [6]. 

As shown above, the FT process started with coal based plants, producing chemicals. Since 

then, the carbon source has been changed to natural gas, and the main products to GTL fuels.  In the 

future, FT plants are likely to be natural gas based and directed to high quality diesel, as in the Sasol 

Chevron plant in Nigeria [6]. 

The FT synthesis is based on the following reaction: 

                                                    nCO + 2nH2                  (-CH2-)n + nH2O (1) 

This process can be operated in two ways: high and low temperature. High temperature 

(300-350ᵒC) is used when the purpose is to produce chemicals. In this case Fe catalysts are used. Low 

temperature (200-240ᵒC) is used to produce high molecular weight waxes which are then converted 

into liquid fuels in the upgrading step [4]. In this case Co catalysts are used. For instance, this low-

temperature operation has been used in the Sasolburg FT plant and in the Shell Bintulu plant 

(Malaysia) [6]. When diesel fuel is the desired main product, Co is chosen as a catalyst and FT 

synthesis is run at low temperature. 

The product distribution of the FT process consists on olefins, paraffins and oxygenated 

products, although the main products are long chain linear paraffins. The obtained products mainly 

depend on temperature, feed gas composition, pressure, catalyst type and promoters. As an 

example, in Figure 2 the carbon distribution of FT synthesis product is shown. This distribution 

depends on the various factors described before. 
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Figure 2: Carbon number distribution of Fischer-Tropsch synthesis product [5]. 

If the logarithms of the mole fractions of the obtained hydrocarbons are plotted against the 

number of carbon atoms, a straight line can be obtained. The slope of that line is called alpha. It has 

become accepted that FT synthesis catalysts with high value of α are needed for the production of 

transportation fuel, as well as to maximize diesel production [7]. 

When the objective is to obtain diesel, the hydrocarbons coming out from the Fischer-

Tropsch synthesis need to be cracked into diesel cuts. It is necessary to perform a catalytic 

hydrocracking reaction. 

Economically, it is estimated that the diesel fuel obtained in the FT process, due to its high 

quality, should fetch a higher price than the crude oil-derived diesel fuel [6]. 

 

2.3. Hydrocracking of FT waxes 

2.3.1. Introduction  

The first extensive hydrocracking technology for coal conversion was built in Germany 

between 1915 and 1945. Other countries such as Great Britain, France and Korea were also involved 

in hydrocracking processes but in a less extensive way. By the year 1943, 12 hydrocracking plants 

were operating. However, after the World War II, hydrocracking lost importance due to economic 

and technical changes. Other ways of cracking started to be used, which subtract carbon rather than 

add hydrogen. Consequently, almost all the hydrocracking plants were shut down. 

It was not until 1959 that the new cracking process was announced by Chevron Research 

responding to the demand of high octane gasoline. This process was called Isocracking and used 

catalysts to crack aromatics into paraffins. Moderate temperatures (200-400 ᵒC) and pressures (35-

140 atm) were applied in this process. 

In the following years, catalyst improvements allowed the use of different feedstocks and 

hydrocracking became the most useful refining process. A wide range of products were obtained by 



Noble Metal Catalysts for the Hydrocracking of Fischer-Tropsch waxes - Background- Ibone Elorriaga 

 

5 
 

this process, including: liquefied petroleum gas (LPG), gasoline, jet fuel, middle distillates, lubricants 

and petrochemicals [8]. 

The obtained FT products of the low temperature FT reaction are mainly composed of long 

chain linear paraffins, low aromatic content and no S and N compounds. This provides the FT fuels 

with good combustion properties but poor cold flow properties. Consequently, hydrocracking and 

hydroisomerization reactions play a fundamental role in FT products upgrading. Hydrocracking is 

needed to crack the long hydrocarbon chains into diesel cuts. Hydroisomerization decreases the 

melting point of the fuels, improving the cold flow properties. This relation between isomer content 

and melting point is influenced by the degree, the position and the length of the branching, 

branching positions in the middle of the chains have higher effect than those near the end [9]. 

In the hydrocracking process bifunctional catalysts are used, consisting of a metal and an 

acidic function. The metal sites of the catalysts are in charge of hydrogenation/dehydrogenation 

reaction steps and the acid sites are in charge of hydrocracking/hydroisomerization steps. 

The diesel fuel obtained with the upgrading FT of high-quality since it does not contain any 

sulfur or aromatic compounds. The European and US regulations control the emission of SOx and 

NOx, which is decreased by the use of cleaner fuels. The Fischer-Tropsch process is a way of meeting 

these environmental needs [5].  

The quality of diesel fuels is measured by the cetane number and other parameters, for 

instance cold flow properties, viscosity, etc. According to the current European norm for diesel fuels, 

the minimum cetane number is 51 [10].  The typical cetane number for FT derived diesel is 75 [6]. 

  

2.3.2. Refinery hydrocracking vs Fischer-Tropsch hydrocracking 

Fuels obtained by refinery hydrocracking are composed by lighter products coming from a 

range of heavy fractions. In this reaction a variety of catalysts is being used, these catalysts depend 

on the feedstock and the product demands. The supports used in refinery hydrocracking are mainly 

amorphous silica-alumina and zeolites, this way a cracking and isomerization function is provided. In 

order to achieve severe hydrocracking, zeolites are used as support and noble metals, especially 

platinum, for cracking and isomerization. There are limits in the use of some catalysts in refinery 

hydrocracking; noble metals for instance, are effective only when sulfur levels are below 

approximately 500 ppm. This last type of catalysts can only be used in a two-stage hydrocracking 

process with H2S removal. 

According to the literature, middle-distillate yields of 80 wt% can be achieved by the FT 

process. The quantity of sulfur and nitrogen is negligible, and the hydrocarbons are mainly saturated. 

This means that both metal and acid functions are un-poisoned and the catalyst life is likely to be 

much longer [3]. In this case noble metal catalysts can be used. These catalysts have a lower acid 

strength of the support. Besides, the process conditions are milder, since lower temperature and 

pressure can be used.  
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2.3.3. Hydrocracking/hydroisomerization mechanism of bifunctional catalysts 

The catalysts used in the hydrocracking of FT waxes, as it has been said before, are called 

bifunctional because they are composed by metal and acid sites [11]. 

Each of the sites in the catalyst has a different function and the whole mechanism can be 

divided in six steps (see Figure 4). Metal sites perform the function of 

hydrogenation/dehydrogenation and acid sites (support) perform the function of cracking and 

isomerization. In Figure 3 below, all the reaction steps performed by the bifunctional catalysts are 

shown. 

 

 

 

 

 

 

 

 

 

Figure 3: Reaction Network of the hydroisomerization-cracking of n-alkane over bifunctional catalysts [9]. 

The first step is the dehydrogenation of the alkanes. This step involves the adsorption of a 

paraffin molecule to a metal site and the formation of olefins by dehydrogenation. In the second step 

the olefin migrates to the acid site, reacts with a proton and forms a carbenium ion. This compound 

is quite unstable so it rearranges to another isomer of the same molecule, this third step explains the 

existence of branched hydrocarbons in the obtained diesel products. The fourth step is the cracking 

or β-scission. This way, two smaller compounds are produced: an olefin and a carbenium ion, with a 

lower number of carbon atoms. In the fifth step, the olefin migrates to the metal site again and 

undergoes a hydrogenation reaction, forming an alkane. The sixth step is the deprotonation of the 

carbenium ion to obtain an olefin in the acid site, which is then also hydrogenated on the metal site 

[12].  

n-C16 n-C16
= 

mono n-C16 mono n-C16
= 

multi n-C16 multi n-C16= 

Cracking 

products 

Cracking 

products 

(olefins) 

-H2 

+H2 

-H2 

-H2 

-H2 

+H2 

+H2 

+H2 

n-C16
= 

n-C16
+ 

mono n-C16
= mono n-C16

+ 

multi n-C16
= 

multi n-C16
+ 

Cracking 

products 

Cracking 

products 

(olefins) 

-H
+
 

+H
+
 

Metallic function Acidic function 

Diffusion 

Diffusion 

Diffusion 

-H
+
 

-H
+
 

-H
+
 

+H
+
 

+H
+
 

+H
+
 



Noble Metal Catalysts for the Hydrocracking of Fischer-Tropsch waxes - Background- Ibone Elorriaga 

 

7 
 

 

Figure 4: Metal/acid mechanism for paraffin hydrocracking [12]. 

However, this mechanism proposed by Paul R. Robinson et al. [12] has been discussed. 

According to Sie, S.T., after the second step a cyclopropane is created followed by a cracking step in 

order to create the branched hydrocarbon [13]: 

 

Figure 5: Alternative mechanism of acid-catalyzed isomerization of paraffins [13]. 

This proposed new mechanism proves that the products of cracking linear paraffins are 

branched hydrocarbons and linear olefins, as well as linear paraffins. The mechanism also helps to 

understand why the concentration of C1 and C2 are smaller than longer chain hydrocarbons. The 
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smallest paraffin that can be cracked according to this mechanism is C6, while the bond breakage will 

increase above C7 [13]. 

There is also another mechanism: the monofunctional mechanism. This is a direct cracking 

performed by the metal, it is also called hydrogenolysis. According to this mechanism, the paraffin is 

directly cracked obtaining two smaller molecules. This mechanism has been proved to happen, for 

instance, with platinum catalysts [13]. 

 

2.3.4. Effects on catalysts metal-acid balance on the hydrocracking reaction 

In order to obtain a pure bi-functional behaviour of the catalyst the metal and acidic 

functions need to be well balanced. The selectivity of the catalyst is very influenced by the strength 

of both functions. 

When the catalyst behaves with a pure hydrocracking behaviour, the product distribution is 

almost symmetric, with negligible amounts of methane, ethane and the corresponding high carbon 

number products. However, if the metal function is stronger, direct cracking or hydrogenolysis of n-

paraffins would occur. This way, methane and ethane would be formed with the same probability as 

other cracking products and linear to branched ratios would be higher than usual.  

On the contrary, if acid function is predominant, consecutive cracking reactions would occur, 

and a low linear to branched ratio is to be expected. 

According to Corma el al., while using Pt supported in MSA (mesoporous silica alumina) as a 

catalyst, at high conversion the cracking selectivity of n-C10 has a maximum for a Pt content of 0.6%, 

as shown in Figure 6. This means that a better balance has been reached between the metal and acid 

sites. This experiment also proved that with 1.2% Pt there is a higher amount of C1 and C2 

hydrocarbons, meaning the metal function is predominant. 

 

Figure 6: Cracked product distribution at high conversion for different Pt content [14]. 
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2.3.5. Product distribution of hydrocracking of FT waxes 

The hydrocracking of waxes results in a wide range of products. The main products are n-

alkanes with shorter chain length and their respective isomers. The product distribution depends on 

several factors, including temperature, pressure, conversion, feed composition, space velocity, etc. 

Below some examples are mentioned [15]: 

 When temperature is high the concentration of lighter products 

increases, since secondary cracking increases. Below in Figure 7, the effect of temperature 

in the product distribution of the hydrocracking of wax is shown. The catalyst used in this 

experiment performed by Teles et al. [5] has been platinum/amorphous silica-alumina. 

 

Figure 7: Product distribution as a function of hydrocracking temperature at constant pressure of 50 bar. 
Dashed line represents the initial product distribution [16]. 

 Pressure changes also affect the product distribution. At low pressures 

a higher conversion has been observed in an experiment carried out by Leckel et al. [2], the 

vapor phase is enriched with lighter components and the liquid with heavier components. 

 With high levels of conversion, the relative concentration of 

monobranched isomers decreases, while the concentration of dibranched isomers 

increases. According to the experiment carried out by Calemma et al. [9], only at conversion 

higher than 60% there was an increase of consecutive hydrocracking reactions producing 

lighter hydrocarbons, while feeding C22+. This is called “ideal hydrocracking”, where the 

probability of scission is more likely on the central C – C bonds, and from the fourth C 

position it occurs with almost equal probability [3]. Figure 8 below shows the product 

distribution of the experiment performed by Calemma et al. at different conversions. The 

catalysts used in this experiment are Pt catalysts supported on amorphous silica-alumina. 

The range of operation conditions was: temperature 319-351 ᵒC and pressure 35-60 bar. 
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Figure 8: Product distribution obtained at different C22+ fraction conversion. 

The product distribution plays the main role determining the cetane number of a diesel fuel. 

In general the cetane number of diesel fuels depends on chain length and branching degree of 

paraffin; isoparaffins have a lower cetane number than linear paraffins.  

 

Figure 9: Blending cetane number as a function of isomers content in FT diesel (C15 and C22). 

However, as shown in Figure 9, even at high percentage of isomers the cetane number is still 

high; this is due to the fact that the branching is of methyl type. The experiment carried out by 

Calemma et al. verifies a strong increase of the isomer content with conversion values around 80% 

and 60% for the C15 – C12 and C10 – C14 fractions, respectively. 

 

2.3.6. Kinetics and reaction network of hydrocracking of FT waxes 

The first kinetic models for the hydrocracking reactions were developed in the 1980s. These 

models were based on “lumped kinetics”, this means that the reaction products were divided into 

lumps, namely n-paraffins, iso-paraffins and cracked products, as it has been shown in Figure 10: 

 

 

Figure 10: First hydrocracking kinetic model [17]. 

n-paraffin Mono-branched paraffin Mono-branched paraffins Cracking products 
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According to C. Gambaro et al. [17], the development of the rate equation for these reactions 

has been mostly carried out by the Langmuir-Hinshelwood-Hougen-Watson (LHHW) approach. In this 

approach, the adsorption/desorption and hydrogenation/dehydrogenation steps are assumed to be 

at quasi-equilibrium. However, the steps involving the carbenium ion could be rate-determining 

(RDS). This mechanism has been proved by more authors. In this model, the activity of the metallic 

function increases the olefin formation rate, and the acid function determines the kinetic system. 

According to Calemma et al. [18], in 2001, the “all component model” was developed, a 

model able to describe a product distribution between C1 and C70, taking into account both linear and 

branched products. According to this model the cracking of the paraffins is supposed to occur in the 

middle of the chain. A great improvement had been done by introducing a probability function, 

assuming that cracking of the C-C bonds between C4 and Cn-4 is supposed to happen with the same 

probability.  

When catalysts with good balance between acidic and hydro-dehydrogenation functions are 

used, the reaction occurs following a series of consecutive reactions, where at first the alkane is 

isomerized into monobranched isomers and then into di- and tri-branched isomers. This reaction 

scheme is shown in Figure 11: 

 

Figure 11: Reaction scheme for the formation of feed isomers and cracked products [18]. 

The above described methodology has been used in the determination of reaction pathways 

of the reaction of hydrocracking and hydroisomerization of hexadecane with Pt loaded bifunctional 

catalysts. The selectivity of cracking products versus conversion plot (Figure 12) shows a finite 

intercept at zero conversion and an increase of this selectivity with increasing conversion. This means 

the cracking of products is made through two reaction routes as can be seen in Figure 13: directly 

from n-paraffins and through consecutive reactions of iso-Cn. Indeed, further experiments proved 

there is another way of cracking primary products. This way is non-catalytic, as for instance via 

radicals. Nevertheless, the rate constant of this reaction is low comparing to the other reaction 

constants. So as considered in Figure 13 each single reaction is irreversible and follows a pseudo first-

order kinetic [18]. 

 

 

 



Noble Metal Catalysts for the Hydrocracking of Fischer-Tropsch waxes - Background- Ibone Elorriaga 

 

12 
 

 

 

 

 

 

 

 

 

 

Figure 12: Conversion of n-paraffins corresponding to n-C16 at 380ᵒC [18]. 

 

 

 

 

 

Figure 13: Reaction network for hydrocracking and hydroisomerization of n-paraffins [18]. 

The constants of these reactions calculated from experimental data, are shown in Table 2 

below: 

Temperature (ᵒC) k1 (min-1) k2 (min-1) k3 (min-1) k4 (min-1) 

380 1.14E-4 2.93E-3 6.21E-4 1.17E-4 

360 4.80E-5 1.08E-3 2.11E-4 9.69E-6 

345 1.89E-5 5.26E-4 1.24E-4 2.29E-6 

Table 2: Rate constants for hydrocracking/hydroisomerization of n-C16 at different temperatures. 

 

2.3.7. Hydrocracking reactor 

In this work a fixed trickle-bed reactor (fixed TBR) has been used. This kind of reactor is used 

mainly in petroleum, petrochemical and chemical industries. Fixed trickle bed reactors have a great 

economic impact, since a production of 1.6 billion metric tonnes per year is estimated in the 

petroleum sector using this type of reactors.  A TBR consist of a fixed bed of catalytic particles, in 

which a gas-liquid flow is trickled down containing both reactants and products [19]. The main 

advantages of fixed TBR are the following: ideal plug flow, simple analysis, low cost and low 

maintenance and large variation in reaction conditions and contact time are possible. Some of the 

disadvantages of this reactor type are mentioned below: difficult temperature control and 

measurement, thermal catalyst deactivation, regeneration of catalyst is difficult and pore diffusional 

problems in large pellets [20]. 
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While designing a reactor, some factors must be taken into account. Firstly, the system´s 

specifications have to be decided. Secondly, the most appropriate and economic reactor type must 

be chosen; thirdly, the reactor volume should be determined; and finally, the optimum operation 

conditions must be decided. It is important to determine the volume of the reactor, this means that 

material and energy balances must be done [20]. 

In Equation 1 and Equation 3 below, material and energy balance of a catalytic reactor are 

shown, considering the principles of conservation of mass and energy. The rate equation is also 

required in order to design a reactor. Before using a rate equation, the controlling regime must be 

determined, either the surface reaction or the external or internal mass transfer. This means that the 

rate equation is different in each situation, so in each one a different equation must be used.  

Material balance: 

accumulation of A = (mass A inflow) – (mass A outflow) + (rate of production of species A) 
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Equation 1: Material balance of component A in a catalytic reactor [20]. 

Where, CA is the final concentration of compound A;    is the volumetric flow along the 

reactor,    is the radial volumetric flow, DAB is the diffusivity of A in fluid B (considering the reaction A 

to B) and RA is the rate of production of species A, and r and z are the radial and longitudinal 

coordinates. 

 

 

 

Figure 14: Plug Flow reactor (PFR). 

The following assumptions will be considered for an ideal PFR: (1) steady-state flow device 

and (2) radial diffusion neglected. In Equation 2 below, the basic design equation for ideal plug flow 

reactor has been shown: 

 

   
 ∫

   

   

  

 

 

Equation 2: Basic design equation for ideal plug flow reactor [20]. 

Where, V is the reactor volume, FA0 is the initial molar flow of compound A and XA is the 

conversion of A. 
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Energy balance: 

accumulation = (energy in)  – (energy out) + (rate of heat production) 
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Equation 3: Energy balance of a catalytic reactor [20]. 

Where   is the density, cp is the heat capacity of the compounds, k is the thermal 

conductivity and dT is the derivative of temperature. 

Considering the assumptions mentioned before, the energy equation for an ideal PFR is 

shown below: 

       
       (   )(   

    ) 

Equation 4: Energy equation for ideal PFR [20]. 

Where,    =   (    )    ; and     is the enthalpy of reaction. For adiabatic operation, 

the following equation is used: 

       (    )  (     ) 

Equation 5: Energy equation for adiabatic ideal PFR [20]. 

From the integration of these equations the reactor size, catalyst requirements and species 

concentration profiles through the reactor can be established. Afterwards, the influence of different 

reactor types and operating conditions on the product cost and profitability have to be taken into 

account [20]. 

The rate of the reaction is determined by the relation between the concentration of 

reactants and the rate constant. A way of determining the rate of the reaction is to assume first 

order reactions and observe if the experimental data fits the model. If the model does not fit the 

data, another reaction order needs to be assumed. Once the rate is determined, the volume of the 

reactor can be calculated. 

 

2.4. Hydrocracking Catalysts 

2.4.1. Catalyst characterization  

Most heterogeneous catalysts are composed by three phases, (1) an active catalytic phase, 

(2) a promoter and (3) a high surface area carrier or support. The active catalytic phase is dispersed in 

the pores of the carrier as nanoparticles (diameter of 1–50 nm). This support is porous and has a high 

surface area. The promoters are used to enhance the ability or selectivity of the catalytic phase 

(chemical promoters) or to enhance their dispersion (textural promoters)[20]. 
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When characterizing a catalyst, there are some properties that have to be taken into 

account, the most important ones are surface area, pore volume, pore diameter, metal dispersion, 

metallic surface area and average particle diameter. The turnover frequency (TOF) is another 

relevant property, since it means the specific reaction time based on the number of active sites [20]. 

i) Surface area, pore volume and pore diameter: 

These properties are used to characterize the support or carrier. They are used to measure 

the internal surface available to accommodate active sites, the accessibility of these active sites and 

the facility of the transport of products from the catalyst surface to the bulk fluid.  

The surface area of a promoter needs to be high; this means high density of small pores, in 

order to maximize the dispersion of the catalytic components [12]. 

The most common commercial carrier is alumina, due to its high thermal stability and wide 

range of chemical, physical and catalytic properties. In Table 3 the typical physical properties of 

common carriers are shown: 

Support/Catalyst BET area (m2/g) Pore Volume (cm3/g) Pore Diameter (nm) 

Activated carbon 500-1500 0.6-0.8 0.6-2 

Zeolites 500-1000 0.5-0.8 0.4-1.8 

Silica gels 200-600 0.40 3-20 

Activated clays 150-225 0.4-0.52 20 

Activated Al2O3 100-300 0.4-0.5 6-40 

Kieselguhr 4.2 1.14 2200 

Table 3: Typical Physical Properties of Common Carriers [20]. 

Commonly, the diameters of the pores of the supports range between 7.5 nm and 8.5 nm for 

catalysts processing light and heavy gas oils and between 15 nm and 25 nm while processing residue.  

Pores can be classified into three different groups: Macropores with pore diameters bigger 

than 50 nm, mesopores having pore diameter between 2-3 nm and 50 nm and micropores with 

smaller diameter than 2-3 nm. 
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Figure 15: (a) Schematic pore size breakdown in a catalyst particle. (b) Extended view of the pores in a catalyst particle. 

The measurement of surface area and pore size (of a mesoporous material) can be made 

with pore adsorption technique (BET).  

BET (Brunauer, Emmett and Teller method) physisorption is a technique based on the 

adsorption and condensation of N2 at liquid N2 temperature using static vacuum procedures, and it is 

the most common procedure to determine the internal surface area of a mesoporous material. In 

this process the sample needs to be degassed firstly, in order to remove any adsorbed contaminants. 

After degassing, the pressure is increased regularly until a complete coverage of the sample has been 

reached at a constant temperature. The quantity of nitrogen adsorbed at each incremental is 

recorded, as well as the reversed process. In Figure 16 the adsorption isotherm for amorphous silica-

alumina has been shown: 

 

 

 

 

 

 

 

 

 

Figure 16: Adsorption isotherm for amorphous silica-alumina. 

In Figure 17 below, the IUPAC classification of adsorption isotherms can be seen. Isotherms 

IV and V exhibit a hysteresis loop. The hysteresis is due to capillary condensation. Smaller pores are 

Hysteresis 
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Linear part 

Hysteresis 
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in contact with the vapor phase; this means that bigger pores are desorbed at lower pressures, since 

smaller pores need to be desorbed first. 

 

Figure 17: Langmuir isotherm types. 

The surface area is measured by the volume of adsorbed gas in the linear region and the pore 

sizes and distributions are determined with data from the hysteresis loop. This is shown in Figure 18: 

 

Figure 18: Stages in BET pore adsorption technique (source: www.micromeritics.com). 

Each adsorbed molecule occupies a part of the area of the surface; this way by measuring the 

number of nitrogen molecules adsorbed at monolayer coverage, it is possible to calculate the 

internal surface area. The BET equation relates the absorbed volume at a given partial pressure and 

the volume adsorbed at monolayer coverage: 
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Equation 6: BET equation relating the volume adsorbed at a given relative pressure and the volume 
adsorbed at monolayer coverage [20]. 

Where P is the partial pressure of N2, P0 is the saturation pressure at the experimental 

temperature, V is the volume adsorbed at P, c is a constant and Vm is the volume adsorbed at 

monolayer coverage, which is determined by extrapolation of the linear part of the adsorption 

isotherm to zero pressure. 

ii) Metal dispersion and particle size:  

These properties are used to characterize the metal phase. These active catalytic phases are 

metals, metal oxides and metal sulfides, whose surfaces contain active sites for catalyzing various 

reactions.  

For alumina-supported noble metal catalysts, the dispersion of the active phase is usually 

between 80 and 90 percent, the average particle diameters range from 1 to 1.5 nm and the metallic 

surface area from 200 to 250 m2/g metal. 

One of the most used methods to measure these properties is the selective H2 

chemisorption. This method can be used to estimate the number of active sites for a catalyst in a 

specific reaction, enabling the determination of TOF, the dispersion of the metal, particle size or as 

means of catalyst optimization. The adsorption of H2 generally occurs by dissociation to two 

hydrogen atoms, each of them adsorbing on two metal sites, the following reaction is the case of Pt: 

                                                            H2 + 2 Pts               2Pts-H (2) 

Figure 19 below shows the hydrogen chemisorption of a platinum crystallite [20]: 

 

Figure 19: Average crystallite diameter for supported platinum from hydrogen chemisorption, assuming H/Pts = 
1 versus dp [20].  
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As shown in Figure 20, from the amount of gas adsorbed at monolayer coverage (by 

extrapolating to zero pressure the region of the isotherm where the quantity adsorbed increases 

linearly with the pressure) and the stoichiometry of adsorption, the number of surface metal sites 

can be determined. 

 

Figure 20: Chemisorption isotherm [20]. 

The dispersion is defined as the fraction of total atoms of the active phase that are available 

in the catalyst surface for catalysis: 

  
  

  
                   

Equation 7: Formula of dispersion. 

   
             

    
          

 

Equation 8: Number of surface catalytic atoms. 

Where NS is the number of atoms in the catalytic surface and NT is the total number of atoms. 

Metal dispersion can be calculated with Equation 9. Particle diameter is calculated assuming all the 

crystallites are spheres with the same diameter. 

   
   

     
 

Equation 9: Dispersion formula in chemisorption. 

     (  ) 

Equation 10: Relationship between particle diameter and dispersion. 

Where C1 and C2 are constants (explained in Table 4); X is the chemisorptive uptake in 

µmol/g; DoR is the degree of reduction; w is the percentage in weight of the catalytic element 

present as either metal or oxide; %D is the percentage of total atoms of the active phase that are 

available in the catalytic surface for catalysis and d is the metal particle diameter. The value of the 

constants depends on the metal, as it is shown below: 
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Metal C1 C2 

Pt 108 3.90 

Pd 107 2.13 

Co 94 1.18 

Fe 123 1.12 

Ni 97 1.17 

Ru 101 2.02 

Table 4: Constants for estimation of dispersion and particle diameter. 

The metallic surface area of catalysts is calculated with the following equation: 

   
        

     
 

Equation 11: Calculation of metallic surface area. 

Where,   is the atomic cross sectional area of the metal (m2), L is the metal loading (%wt), U 

is the uptake (mol H2/gsample), f is the stoichiometry factor (mol metal/mol H2) and DoR is the degree 

of reduction. 

iii) Dynamic properties: 

Dynamic properties of catalysts are also very important parameters while characterizing a 

catalyst, since they give information about how they behave in specific situations. The most 

important properties include activity, selectivity and stability. There are many definitions of activity; 

catalytic activity means the reaction rate or equivalent measured at specified temperature and 

reactor pressure. Turnover frequency is directly related to activity, it is used to compare specific 

activity between different catalysts for a given reaction system. The selectivity of a catalyst is the 

amount or relative rate of production of specified product relative to others; while the stability is the 

measure of activity decline at specified conditions [20]. 

 

2.4.2. Catalyst preparation 

Different methods can be used in catalyst preparation, including precipitation, filtration, 

forming, calcining, impregnation and activation to obtain disperse active phases [12].  

The support must be prepared by precipitation of two solutions to obtain the desired solid. 

This solid becomes porous with time, forming tiny crystals. Filtration is used to remove any impurity 

from the support. The forming step is used mainly in industrial processes, with the objective of 

increasing the average pore size of the product. After this step, the support is calcined. 

One way of deposition of the active component onto the pores of a catalyst support is the 

incipient wetness impregnation. This method consists on impregnating the previously calcined 
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support with a solution containing the precursors of the catalytic elements. The aqueous or non-

aqueous solution is added drop by drop to the support, in order to fill all its pores. The quantity of 

solution added is the same as the volume of the catalyst pores. Capillary action is used to suck up 

aqueous solutions that contain the active metals [12]. 

The next step is the activation phase, which involves calcination and reduction. Calcination is 

made in order to eliminate the various catalyst precursors that have been used in the preparation 

process: nitrates, hydroxides, etc. by decomposing and volatilizing them. The temperature in this 

step of the process is usually between 300-500ᵒC. However, for the catalysts with carbon support, 

the air temperatures need to be below 200ᵒC, due to combustibility of the carbon. 

The reduction is made with hydrogen or other gas at high temperature, depending on the 

metal. Its purpose is to convert metal oxides into metals, as shown in Figure 21. 

It is important to remove all the impurities of the reducing agent, not to contaminate the 

catalyst. As said before, the temperature of the reduction process depends highly on the metal-

support system, so this needs to be carefully optimized for each system. 

 

Figure 21: Conventional aqueous impregnation [20]. 

 

2.4.3. Catalyst deactivation 

Deactivation means the decline in activity of the catalyst. In oil refinery it is important to 

have a long catalyst life because of economic reasons, where constant activity of the catalyst is 

needed for a long time. 

Hydrocracking catalysts usually have a lifetime of 6 months to 1-2 years. The activity is kept 

constant by continuously increasing the operating temperature. 

There are three types of deactivation mechanisms, (1) chemical, (2) mechanical and (3) 

thermal. In Table 5 below, the main causes of deactivation have been briefly defined [20]: 
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Mechanism Type Definition 

Poisoning Chemical 
Strong chemisorption of 
species on catalytic sites. 

Fouling Mechanical 
Physical deposition of species 
from fluid phase onto the 
catalytic surface and pores. 

Thermal degradation and 
sintering 

Thermal 
Thermally induced loss of 
catalytic surface area and 
support area 

Vapor formation Chemical 
Reaction of gas with catalyst 
phase to produce volatile 
compounds. 

Vapor-solid and solid-solid 
reactions 

Chemical 
Reaction of vapor, support or 
promoter with catalytic phase 
to produce an inactive phase. 

Attrition/crushing Mechanical 

Loss of catalytic material due to 
abrasion and loss of internal 
surface area due to 
mechanical-induced crushing of 
the catalyst particle. 

Table 5: Main catalyst deactivation mechanisms [20]. 

In the following points the first three deactivation mechanisms will be explained, since they 

are the most important: 

a) Poisoning 

Catalyst poisoning is the result of strong chemisorption of impurities, reactants or products 

on active sites. The poisons can be classified according to chemical species, selectivity for active sites 

and types of reactions poisoned. 

There are three types of poisoning: (1) selective poisoning, (2) non-selective poisoning and 

(3) antiselective poisoning. 

- Selective poisoning: This process involves the preferential poisoning of the most active 

sites at low concentrations, since low concentrations of the poisoning species can greatly 

reduce the catalytic activity. 

 

Figure 22: Selective poisoning. 
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- Non-selective poisoning: It happens when the activity loss is proportional to the 

concentration of adsorbed poison. 

 

Figure 23: Non-selective poisoning. 

- Antiselective poisoning: This type of deactivation occurs when the less active sites are 

poisoned first. 

 

Figure 24: Antiselective poisoning. 

In some cases, raising the temperature can compensate the deactivation effect. However, 

with higher temperature the other deactivation mechanisms, such as coke deposition or sintering 

may be promoted [20]. 

b) Fouling, coking and carbon deposition 

Fouling is the mechanical deposition of species from the fluid phase onto the catalyst surface. 

In consequence the pores are blocked and the activity decreases.  

One of the most important deactivation mechanisms is the coke deposition. The longer the 

exposure and the higher the temperature the catalyst is exposed to, the more severe the 

deactivation effect. The process begins with the adsorption of high molecular weight hydrocarbons 

and proceeds with the loss of hydrogen. This coke can either cover the active sites or the support of 

the catalyst. It can also block the pores leading to the active sites inside of them [20]. 

 

Figure 25: Fouling of a supported metal catalyst due to carbon deposition [21]. 

These deactivation mechanisms are not permanent. The catalysts can be regenerated to near 

original conditions. 
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c) Thermal degradation and sintering 

This is another mechanism of loss of catalytic activity. This deactivation mechanism is 

irreversible or difficult to reverse. It happens at high temperatures or at high water partial pressures. 

The consequences are the loss of surface area from the collapse of pores or from the increase in pore 

diameter [22]. 

 

Figure 26: Two conceptual models due to catalyst sintering: (a) atomic migration and (b) crystallite migration [21]. 

Metal surface area can also decrease as a consequence of sintering. Metal particles grow 

bigger, lowering the metal to acid ratio. As shown in Figure 26, atomic migration involves the 

detachment of metal particles from crystallites. Crystallite migration involves the migration of entire 

crystallites over the support, the collision of crystallites and finally the coalescence. 

 

2.4.4. Bifunctional catalysts  

Bifunctional catalysts for hydrocracking processes combine an acidic component for cracking 

and isomerization and a metallic component for hydrogenation and dehydrogenation. As metals Co, 

Mo, Ni or W can be used, as well as noble metals like Pt and Pd. The main supports used in this 

reaction are Al2O3, Al2O3-SiO2 or zeolites. The typical catalyst composition include: 2-8% Co or Ni and 

10% Mo or 20% W as oxides on Al2O3 or Al2O3-SiO2 Pt or Pd exchanged [20]. 

The parameters used to characterize this type of catalysts are the following: acid strength, 

hydrogenation activity, surface area and porosity. 

The acidity is an important property in characterization of catalysts. Acid sites in bifunctional 

catalysts are Brønsted acid sites. These Brønsted acid sites are able to produce a secondary 

carbenium ion, this way isomerization and β-scission are possible. The surface of an amorphous 

silica-alumina consists of isolated aluminium grafted to the silica surface (pure silica-alumina phase) 

with a very small amount of aluminium in the silica network, which brings about the Brønsted acidity. 

The more widely shared opinion is that the Brønsted acidity derives from tetrahedral Al3+ in the silica 

network. Brønsted acidity is induced by calcination, since aluminium atoms diffuse into the silica 

surface [23]. 
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Figure 27: Amorphous silica-alumina´s structure. 

In this work an amorphous silica alumina oxide catalyst support has been used. This support 

is widely used in reactions like hydrocracking, isomerization and alkylation, important processes in oil 

refineries and petrochemical industry. The acidity of amorphous silica-aluminas (ASAs) does not vary 

with the aluminium concentration, except with less than 5 wt% of Al2O3. One of the factors that 

influence in the acidity is the calcination temperature, since acidity increases with calcination 

temperature [23]. 
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3. EXPERIMENTAL SECTION 

3.1. Introduction 

This master thesis is about noble metal catalysts for the hydrocracking of FT waxes. The main 

objective is to study the behaviour and properties of this type of catalysts at different conditions: 

space velocity, metal loading, etc. 

A fixed trickle-bed reactor has been used in order to perform the hydrocracking and 

hydroisomerization of FT waxes. After analyzing the product distribution in gas and liquid phases, the 

collected data has been discussed by comparing with literature. 

 

3.2. Experimental procedure 

The process carried out in the laboratory consists of several stages, apart from the reaction 

itself, which are listed below: 

- Catalyst preparation 

- Loading of reactor 

- Leak test 

- Activation of catalyst 

- Reaction, including regeneration process 

- Sampling and sample analysis 

- Reaction shutdown 

- Reactor emptying and cleaning 

While the reaction is being performed the samples taken both in gas and liquid have to be 

analyzed. In the case of the liquids this is made with the chromatograph Agilent 6890. In each period 

samples are taken from the traps (hot and cold) located below the reactor, this part will be explained 

in more detail after. In the case of the gases the analysis is made on-line with a Perkin Elmer Claurus 

500 GC. The sampling time depends on the space velocity of each period. Space velocity corresponds 

to the number of reactor volumes processed per unit time at specific conditions, usually STP 

conditions [20]. 

   
  

    
 

Equation 12: Calculation of space velocity [20]. 

In Figure 28 below, the experimental setup used in this hydrocracking experiment has 

been shown: 
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Figure 28: Experimental setup for the hydrodracking experiment. 
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3.3. Catalyst preparation 

The catalyst preparation, as said in section 1 can be made using several techniques; however, 

in this case the method used is the incipient wetness impregnation of amorphous silica-alumina. 

According to this method, the metal solution is added drop by drop to the calcined support, in order 

to fill all its pores. 

The support is commercially available and has been supplied by Sasol Germany GmbH. It is 

composed by amorphous SiO2-A2O3, commercially called SIRAL40, which contains 40% of SiO2 and 

60% of Al2O3. This support has been chosen taking into account its high Brönsted acidity [20]. Before 

adding the metal to the support, this must be sieved. This way, the desired part is separated from the 

rest, obtaining a particle size between 90-200 µm. Afterwards, the support needs to be calcined in 

order remove the precursors. The calcination is made in an oven following the temperature program 

below, considering the initial temperature of the support is 20 ᵒC: 

 

 

 

 

 

 

 

 

 

 Figure 29: Calcination temperature evolution.  

      Table 6: Calcination temperature evolution. 

The metals used in the experiments carried out in the laboratory have been Pt and Pd. These 

metals are stored as tetraamine Pt nitrate ([Pt(NH3)4](NO3)2) and Pd nitrate dehydrate(Pd(NO3)2]
.  

2H2O, Sigma Aldrich). The metals are added to the support in a solution of milliQ water; the quantity 

of water is properly calculated in order to be the same as the volume of the pores of the support. 

The quantity of Pt added is calculated the following way; the quantity of Pd added can be calculated 

the same way: 

                         
    

                                                    
 

     
             

    
 

Segment Specifications 

1 5 ᵒC/min 

2 300 min 

3 2 ᵒC/min 

4 240 min 

5 Step 

6 Dwell 
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Equation 13: Calculation of Pt added. 

Where, MW Pt is the molar weight of Pt. The weight fraction of Pt in tetraamine Pt nitrate is 

50% and the Pt % loading goes from 0.3 to 1%. 

In order to calculate the quantity of water added the following equation is used: 

                                       

Equation 14: Main equation for calculation of water added. 

The value of wt H2O bound is the quantity of water crystals in the palladium salt, in the case 

of Pt this value is 0. This value has to be calculated with Equation 15 below: 

             
                    

    
 

              
              (     )

                         
 

Equation 15: Calculation of water added. 

When the solution of the metal (either Pt or Pd) is prepared, it is added to the support drop 

by drop gradually until the solution is over. At this point the incipient wetness status should have 

been reached, this can be checked by analyzing the obtained mixture; since it should be sticking to 

the crucible walls. 

The next step in the catalyst preparation is the calcination of the mixture of support and 

metal. This step is performed in an oven following the same program as the one described in Figure 

29. This is the first part of the activation of the catalyst. The second part is performed inside the 

reactor, it will be explained after. 

The prepared catalysts have been stored in tightly closed containers and dried at 120 ᵒC 

before testing them. The samples have been called Pt/S40 and Pd/ S40 in this thesis, meaning that 

platinum and palladium are supported on SIRAL 40. 

 

3.4. Catalyst characterization 

In order to characterize the catalysts two methods have been used:  H2 chemisorption and 

BET physisorption. As it has been explained before, chemisorption measures the diameter and 



Noble Metal Catalysts for the Hydrocracking of Fischer-Tropsch waxes – Experimental Section - Ibone Elorriaga  

 

30 
 

dispersion of the particles, as well as the metallic surface area; while BET physisorption measures the 

surface area and  pore size of the support [20]. 

 

3.4.1. Metallic surface area, average crystallite diameter and dispersion 

In order to determine the metallic surface area, the dispersion of the active phase and the 

average crystallite diameter for the noble metal supported on silica-alumina catalyst, a H2 

chemisorption is performed in a Micromeritics ASAP2020 unit. 

The samples are usually between 0.2 and 0.4 g. 

First the sample of the catalyst, enclosed in a sample tube between fiberglass plugs, is 

connected to the chemisorption device. These are the steps followed: 

Task number Task name Gas T(ᵒC) 
Rate 

(ᵒC/min) 
Time (min) 

1 Evacuation He 250 10 240 

2 Leak Test - 250 10 - 

3 Evacuation He 250 10 30 

4 Activation H2 400 5 120 

5 Evacuation - 35 10 30 

6 Leak Test - 35 10 - 

7 Evacuation - 35 10 30 

8 Analysis H2 35 10 - 

Table 7: Task summary of H2 chemisorption. 

The analysis is repeated with an evacuation step in between, to obtain two adsorption 

isotherms. 

The calculation of the metallic surface area is done by extrapolation to zero pressure the 

difference between the two adsorption isotherms. 

 

3.4.2. Surface area and pore size 

The surface area and the morphological structure of the pores are determined by nitrogen 

adsorption measurements in a Micromeritics ASAP2000 unit. 

The sample is enclosed in a glass cell and kept at liquid nitrogen boiling temperature, 77 K. 

Then, the pressure is decreased in order to degas the sample. This is done for at least 4h at 250ᵒC. It 

is important to weight the sample after degas, since it is the real weight of the sample. The next step 

is the sample analysis.  
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Figure 30: BET physisorption system. 

 

3.5. Reactants 

The reactants of the hydrocracking reaction are hexadecane (n-C16H34) and hydrogen. The 

first reactant is a solution of ≥ 99% of normal C16H34, with the following properties:  

- Density: 0.77 kg/l 

- Molecular weight: 226.44 g/mol 

The liquid weight hourly space velocity (WHSV) for n-C16 has varied between 0.75 and 18 h-1, 

this way the selectivity data has been obtained for all range of conversion. This liquid is fed to the 

reactor by a HPLC dosing pump. 

This master thesis is about the hydrocracking of FT waxes; however, hexadecane has been 

used as a feed, instead of a mixture of linear paraffins coming from the FT reaction. This compound 

has been chosen because of two advantages: (1) its molecular weight is enough to be representative 

of FT waxes, (2) its liquid state at room temperature makes it easy to pump. 

Hexadecane and hydrogen are the main reactants; nevertheless, in the regeneration process 

oxygen is fed in order to perform the Temperature Programmed Oxidation (TPO). Helium is used as 

an inert gas. 

Three thermal mass flow controllers (MFC2-4) were used for feeding gases to the reactor. 

The MFC1 is used to inform about the gas flow that goes out of the reactor to the GC. 

 

3.6. Reactor system 

The reaction has been performed in a fixed trickle-bed reactor operating at constant 

pressure, temperature and H2 to n-C16 ratio, as showed in Table 8 below: 

Temperature 310 ᵒC 

Pressure 30 bar 

H2/n-C16 ratio 10 mol/mol 

Table 8: Operating conditions of reactor. 
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The reactor consists of a stainless steel tube with an inner diameter of 15.7 mm and 55 cm 

length, while the catalyst bed length is about 5cm, depending on the catalyst quantity. The reactor is 

heated by an electric furnace. As it can be seen in Figure 31 thermocouple 1 measures the 

temperature in the center of the catalyst bed, and thermocouple 2 measures the temperature of the 

reactor wall. The reactor is covered by an aluminium jacket, in order to minimize temperature 

gradients, this way the reaction is kept at isothermal conditions. The oven is covering almost all the 

reactor, this way a constant temperature is maintained inside (±0.5 ᵒC). While taking samples the 

temperature slightly oscillates, due to the variation of pressure and flow inside the reactor. 

The pressure has been controlled by a downstream valve located on the outlet line of the gas, 

by using a transducer in order to measure the pressure on the top of the reactor. 

The catalyst is loaded in the center of the reactor tube; it has to be loaded with approximately 

3 g of catalyst. The catalyst was supported on 20 cm of 3 mm glass spheres, and quartz wool was 

used between the catalyst powder and the glass spheres. The reactor tube was filled by 

approximately 20 cm of 1 mm glass spheres from the top, this was made to provide phase mixing 

between the hydrogen and the hexadecane, as well as to ensure preheating. 

In Figure 31 an outline of the reactor has been shown: 

 

 

 

 

 

 

 

 

 

 

 

Figure 31: a) reactor system; b) detail of inside reactor. 

The reactants (linear hexadecane and hydrogen) are introduced from the top of the reactor, 

and gas and liquid products are separated below the reactor system. The reactor is connected to two 

consecutive traps, a hot trap (25 ᵒC) and a cold trap (0 ᵒC) where the liquid products were separated. 

Two sets of traps in parallel have been used; this way, while sampling, interferences to the system 

were minimized. The collected gaseous products go either to the gas chromatograph for analysis or 

to the atmosphere. The gas flow is measured with a bubble flow meter. 
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3.7. Testing procedure 

3.7.1. Reactor loading 

Before the reaction starts the reactor needs to be loaded as explained in section 2.6. After 

loading the reactor with both 3mm and 1mm quartz balls, upper and lower quartz wool and the 

catalyst, it is important to close it tightly, in order to avoid leaks. The next step is to close the thermic 

jacket on the reactor. The jacket has a hole to introduce the thermocouple. This hole has to fit with 

the hole of the oven, so that the thermocouple enters without any problem. Finally, the reactor has 

to be placed in the system and tightened to it. 

 

3.7.2. Leak testing 

The leak testing is done with a sniffer, which detects the 

presence of H2. For this reason the system is pressurized with He and a 

slight amount of H2. 

The valves at the reactor outlet need to be closed, being able 
to increase the pressure inside the reactor until 10 bar with a flow of 
He of 100%. The pressure after 10 bar should be remained close to 
constant. It that is the case, no large leaks are present. The next step is to 
change the He flow to H2 10%, with this H2 flow a pressure of 30 bar has to be reached inside the 
reactor. At this point the pressure needs to remain constant to prove the lack of leaks. Very often 
leaks are happening, in this cases the source of the leaks has to be identified, in order to tighten the 
leaking fittings. Sometimes, the reactor needs to be removed and tightened again out of the system.  

The leakage can be calculated measuring the loss of pressure with time and knowing the 
volume of the pressurized part. The leaking can be considered acceptable at about 2 nml/min of H2. 

  

3.7.3. Activation of catalyst 

The activation of the catalyst is performed by a reduction with hydrogen. This process 

consists of a flow of H2 at 400 ᵒC during 2h, with a ramp of 5 ᵒC/min. 

The flow of H2 in the reduction program is 50 ml/min.gcat. This process is performed at 

atmospheric pressure. After this step the temperature is kept constant at 310 ᵒC, in order to start the 

reaction. The pressure set point is 30 bar. When these two conditions have been reached, the 

reaction can be started. 

After this activation of the catalyst, a low space velocity value was chosen, usually 3 h-1, to 

obtain a conversion of n-C16 of approximately 60%. This way, the initial deactivation of the catalyst 

was minimized and the catalyst was maintained stable. 

 

 

 

Figure 32: Gas sniffer 
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3.7.4. Deactivation 

After obtaining the data from the fresh catalysts, the deactivation of the catalysts was 

studied by subjecting them to a forced deactivation during 16 hours at a low space velocity 

corresponding to a 90% of conversion. The hydrogen to normal hexadecane ratio was decreased to 3. 

The catalysts were tested at the original conditions after the deactivation procedure. The 

space velocity have been varied in each period. 

 

3.7.5. Regeneration process 

A regeneration process was done in order to increase the activity of the catalyst after 

deactivation, and test if the deactivation was reversible or irreversible.  

First a temperature programmed oxidation (TPO) was made in order to remove the coke; 

then the catalyst was activated again by reduction in hydrogen. 

First n-C16 pump must be switched off to stop the hydrocracking/hydroisomerization 

reaction. Afterwards, H2 flow is set at 10% and temperature and pressure set point at 0 ᵒC and 0 bar, 

respectively. This process is carried out at atmospheric pressure; however the temperature changes 

depending on the different stages. The regeneration process can be started at 60 ᵒC. 

In order to connect the oxygen flask to the system, the pipes need to be purged. This is made 

by closing the valve connected to the corresponding mass flow controller and setting a flow in that 

pipe of 100%. When the pipe is purged, the oxygen flask has to be connected to the system; the 

oxygen flow is calculated the following way: 

       
       

        
              

Equation 16: Flow of oxygen. 

The next step is the starting of the regeneration program; this is shown in Table 9 below: 

Starting 
temperature (ᵒC) 

Finishing 
temperature (ᵒC) 

Slope (ᵒC/min) 

Room temperature 500 5 

500 500 Dwell for 1h 

500 400 2 

Table 9: Regeneration program. 

The final step is the activation with hydrogen. The activation program is the following: 2h at 

400 ᵒC and then down to 310 ᵒC at a rate of 2 ᵒC/min. After this step the 

hydrocracking/hydroisomerization process can be started again by disconnecting the oxygen flask to 

the system, pressurizing and starting the hexadecane feed.  
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3.7.6. Sampling procedure 

At each sampling time the liquid samples had been taken by opening both the corresponding 

hot and cold traps, writing down the weight and volume. Each period was run in order to obtain from 

10 to 20 g of liquid products. Sometimes the reaction was left overnight with a low space velocity. 

In each period the gas flow was measured by a bubble flow meter. The gas samples were 

analyzed on-line by the gas GC. 

After the sampling the system was left to stabilize, due to the changes on pressure and 

temperature; in these cases it was necessary to increase the H2 flow to 100% until 30 bar and then 

lower it slowly while reaching the wanted value. 

 

3.8. Analysis of products 

Both liquid and gas products are analyzed from time to time in each period. Two samples are 

collected for each condition, being the first sample influenced by the previous conditions. The 

stabilization time for each period is calculated by summing the volume of the liquid in the hot trap 

and the volume of the gas in the cold trap and the pipes. 

This way the second sample is the valid one. As shown in Figure 33, the columns X and Y are 

periods 21 and 22, but both of them have the same conditions (WHSV = 7 g feed/h/g catalyst 

(active)). Period 22 is the correct one, representing the products of the reaction at the set conditions. 

 

Figure 33: Table of conditions during the run (example). 

This excel sheet also gives information about each flow, ratios, opening of the valves, etc. 

The gaseous products were analyzed by a PerkinElmer Clarus 500 GC. This device uses He as 

a carrier gas (mobile phase), while the stationary phase is a microscopic layer of liquid supported on 
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an inert solid, inside a column. The different compounds in the gas interact with the column, causing 

a different elute time for each compound (retention time). This way, the different compounds are 

separated and identified. An example of the analysis of components in the gas chromatographer is 

shown below: 

 

 

 

 

 

 

 

 

 

Figure 34: Analysis of gaseous compounds in gas chromatographer. 

The analysis of the liquid products was carried by an Agilent 6890 GC. After the analysis of 

the liquid had been carried out, the integration needed to be done manually. In Figure 35 below, an 

example of an analysis of the liquid products can be seen: 

 

Figure 35: Analysis of liquid products in Perkin Elmer Clarus 500. 

In the example above, the integration has been correctly made, separating each product; 

both linear and branched paraffins. This is shown in Figure 36 below. The integration shown in Figure 

35 comes from the data obtained in the experiment. The division between the n-C16  and the multi 
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iso-C16 peaks need to be done, as well as the one between multi iso-C16 and mono-iso C16. The n-C15 

does not affect much the results, but it has seen to have a slight influence. 

 

 

 

 

 

 

 

 

Figure 36: Integration of analysis of liquid products. 

n-C16 
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mono iso-C16 

n-C15 
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4. RESULTS AND DISCUSSION 

In this work two types of catalysts have been used: platinum and palladium catalysts. These 

catalysts have been characterized in order to obtain its physicochemical properties with both N2 

adsorption and H2 volumetric chemisorption techniques.  

A reaction network has been proposed, which has been proved with the obtained 

experimental data.  

The selectivity of the different products of the reaction has been studied, as well as the 

influence of the deactivation of the catalyst on its selectivity. Considering deactivation, a 

regeneration process has been performed to compare the catalyst properties before and after this 

process. 

Regarding the bifunctional mechanism of the catalyst, the acid/metal balance has been 

examined, in order to obtain the optimal proportion of metal loading. This has been tested by using 

two different Pt loadings both supported on amorphous silica-alumina. The influence of the metal on 

the activity of the catalyst has also been studied. Several runs have been performed in which Pt and 

Pd catalysts have been compared. 

 

4.1. Catalyst characterization 

4.1.1. Surface area 

The surface area has been determined for Pt and Pd catalysts both supported on amorphous 

silica-alumina. The support (Siral 40) has also been characterized in order to observe the differences 

before and after impregnation. 

The BET (Brunauer-Emmet-Teller) or N2 adsorption method has been used to determine the 

surface area of both the support and the noble metal catalyst and the size and volume of pores.  

 

 

 

 

 

 

 

 

 

a) 
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Figure 37: N2 adsorption and desorption isotherms at 77.35 K for a) Siral 40 (90–200 µm), b) 0.6% Pt supported on silica 
alumina, c) 0.6% Pd supported on silica alumina. 

It can be observed that Type IV isotherms are obtained. The quite low adsorption at very low 

partial pressure <0.1 implies that there is not relevant amount of micropores [24]. IV isotherm means 

a high H2 hysteresis loop and a big amount of mesopores. The equation that describes the type IV 

adsorption isotherm is Equation 3 (chapter 1.4.1.), this equation is applicable at low relative 

pressures. 

Using the equation mentioned above, the internal surface area can be calculated. This is 

done by measuring the N2 molecules adsorbed at monolayer coverage. In order to calculate the 

surface area, the linearized BET has been plotted as shown in Figure 38. This figure corresponds to 

Siral 40, the linearized BET for Pt and Pd catalysts are done the same way. 

c) 

b) 
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Figure 38: Linearized BET plot for the N2 adsorption data for Siral 40. 

The values for the relative pressure should be between 0.05 and 0.3 to obtain the most 

reliable results. Below the linear equation of this curve is revealed: 

- Siral 40:                           

- Pt/S40:                         

- Pd/S40:                          

Equation 17: Linear fittings of the linearized BET plots for Siral 40, Pt/S40 and Pd/S40. 

Where the value of the slope equals  
   

    
 and the value of the interception equals  

 

    
. 

Being c a constant these are the values for both c and Vm: 

Sample c Vm (cm3 STP/g) 

Siral40 108.3 93.9 

Pt/S40 128.5 85.1 

Pd/S40 125.5 86.1 

Table 10: Values of c and Vm for Siral40, 0.6 %Pt/S40 and Pd/S40. 

The following equation is needed to convert the volume adsorbed at monolayer coverage 

into the surface area of the catalyst. : 

  (
  

 
)              

     

   
           

  

     
 

     

         
 

Equation 18: Calculation of Internal Surface Area. 
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Where, 16.2   10-20 
  

     
 is the widely accepted assumption of the area that each N2 

molecule occupies [20]. These are the calculated values for the surface area of the support (Siral 40), 

and 0.6% Pt and Pd catalysts supported on silica alumina: 

Sample Surface Area (m2/g) 

Siral 40 (90–200 µm) 440 

Pt/S40 371 

Pd/S40 375 

Table 11: Surface area for Siral 40 (90-200µm), Pt/S40 and Pd/S40.  

The surface area of the support is bigger than the one of the impregnated catalyst. While 

impregnating the catalyst, a part of the surface area of the support is lost, this happens because the 

metal particles can collapse some micropores considering these particles are bigger than the pore. 

Another reason is nonuniform deposition of the metal particles along the pores, as shown in Figure 

39 below [25]: 

 

Figure 39: Loose of surface area of the support due to nonuniform deposition of the metal particles. 

The surface area must be high in order to maximize the dispersion of the catalytic 

components, in order to provide a maximum use of active catalytic sites. The dispersion of the metal 

can be determined by the chemisorption technique [20]. 

  

4.1.2. Pore area, pore volume and pore size distribution 

The pore size of the catalysts is also determined by N2 physisorption. This method calculates 

the pore size by both BJH adsorption and BJH desorption mathematical models.  

In Table 12 below, the cumulative surface area of pores, pore volume and pore diameter for 

Siral 40, 0.6% Pt/S40 and 0.6% Pd/S40 are shown. The pore volume is similar in the three cases, so is 

the pore diameter. In order to obtain a high selectivity in diesel cuts, it is necessary to have a high 

pore volume, as well as a high cumulative surface area of pores. This way, a higher dispersion is 

provided, followed by a high selectivity. 

Pore 
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Sample Pore Volume (cm3/g) Pore Diameter (Å) 

Siral 40 (90–200 µm) 0.92 85 

0.6% Pt/S40 0.88 89 

0.6% Pd/S40 0.88 89   

Table 12: Pore volume and pore diameter for Siral 40, 0.6% Pt/S40 and 0.6% Pd/S40. 

The pore size distribution is another parameter used to characterize the catalysts. This highly 

depends on the catalyst and support and it can be represented by plotting the incremental pore 

volume against the average diameter of the pores. All these values have been obtained from the N2 

physisorption. 

 

Figure 40: Comparison of pore distribution for Siral 40, 0.6% Pt/S40 and 0.6% Pd/S40. 

The scale in Figure 40 is semi logarithmic. A bimodal pore size distribution is observed. The 

peak of the curve is at around 100 Å, which means that the majority of the pores are mesopores. 

Both Pt and Pd catalysts, as well as the support have a similar pore distribution. Some macropores 

can also be observed (1000 Å).  

Several methods can be used to determine the mesopores size distribution; in this case the 

cylindrical pore model is used (Gregg and Sing, 1982). The calculations of δvp/ δrp and rp have been 

done according to Bartholomew C. H. et al. and are shown in appendix II: 

The value of the thickness of the adsorbed N2 film (t) was calculated with the following 

expression[20]: 

                                            

Equation 19: Expression of the thickness of the adsorbed N2 film (t) [20]. 
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As it can be seen in Figure 41, all the samples have a similar pore size distribution. The 

incremental change in pore volume divided by the incremental change in pore radius (dvp/drp) has 

the tendency to decrease with increasing pore radius. 
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Figure 41: Pore size distribution for Siral40, 0.6% Pt/S40 and 0.6% Pd/S40 (cylindrical pore model). 

 

4.1.3. Dispersion, metallic surface area and average crystallite diameter  

The dispersion of the metal sites, metal surface area and average crystallite diameter are 

determined by the chemisorption technique. 

The metal surface area has been calculated by extrapolating to zero the difference between 

the total (physisorption and chemisorption) and the physisorption isotherm. In Figure 42, an example 

of the chemisorption isotherm is shown. This volumetric chemisorption isotherm is obtained on 

calcined 0.6% Pt/S40. 

In this figure, the points used for the linear fitting have been represented. The value of the 

intercept is 0.0134             . In order to calculate the dispersion of the metal phase in the 

catalyst surface, the value of the intercept and the molar loading of the metal in the catalyst are 

needed. This values need to be substituted in Equation 9. 
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Figure 42: Volumetric chemisorption isotherm for calcined 0.6% Pt supported on Siral 40. 

The average crystallite diameter is calculated with the value of the dispersion, since it is 

proportional to this value. This relationship has been shown in section 1.4.1., Equation 10. The values 

of both constants C1 and C2 in the equations used above depend on the metal, as it has been shown 

in Table 4 (section 1.4.1.). 

The metallic surface area is calculated by Equation 11 shown in section 1.4.1. 

In Table 13 below, a comparison between Pt and Pd catalysts has been done. Both catalysts 

have a weight loading of 0.6% and are supported by SIRAL 40. These data has been obtained by using 

the method described above for both catalysts. 

 
Dispersion (%) 

Average Crystallite 
Diameter (nm) 

Metallic Surface Area 
(m2/g metal) 

0.6% Pt/S40  89 1.3 221 

0.6% Pd/S40  96 1.1 250 

Table 13: Dispersion, average crystallite diameter and metallic surface area for calcined and reduced 0.6% Pt/S40 and 
0.6% Pd/S40. 

Both noble metals have a similar value for dispersion, particle diameter and metallic surface 

area. High values of dispersion are obtained for both Pt and Pd catalysts. 

Dispersion influences the activity of the catalyst, with high values of dispersion, high values 

of activity are obtained. Furthermore, if the metal sites are well dispersed the distance between 

hydrocracking and hydroisomerization sites is decreased, favoring the formation of carbenium ions 

[26]. 
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4.2. Activity 

The activity of the catalyst has been studied for both Pt and Pd catalysts. In order to 

determine the activity, some assumptions have been made: 

- Ideal plug flow regime. 

- Isothermal conditions. 

- Negligible mass transfer resistance between the catalyst and the liquid. 

Considering a first order reaction and stationary state, the mass balance of an ideal plug flow 

regime is shown in Equation 20, this equation relates the conversion of a reactant with the space 

velocity: 

 

 

 

 

 

 

Figure 43: Ideal plug flow reactor (PFR) [20]. 

 

          (  )             (    )          

Equation 20: Mass balance for ideal PFR if first order reaction and stationary state. 

Where,     is the initial molar flow of A,    fractional conversion of A,   of formation of A,   

is the volume of the reactor,   is the reaction rate constant and    is the space velocity. 

The design of ideal PFR is further explained in appendix III. If Equation 20 is represented 

plotting –ln (1-xA) vs. 1/SV, the graph is a straight line with intercept 0 and slope K. By fitting the 

experimental data, the obtained graph is shown in Figure 44 and Table 14 below: 
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Figure 44: Linear fitting of conversion as a function of space velocity R2 for 0.6% Pt/S40 and 0.6% Pd/S40 at 310 ᵒC. 

 

 K (h-1) Intercept R2 

Pt/S40 1,63 0,12 0,991 

Pd/S40 1,39 0,03 0,999 

Table 14: Value of pseudo first order kinetics constants, intercepts and R2 for 0.6% Pt/S40 and 0.6% Pd/S40. 

This experimental data proves that Pt catalysts are more active than Pd catalysts, as shown in 

Figure 44 and Table 14 the value of the slope is higher for Pt catalysts. This lower activity of Pd 

catalysts is a consequence of the nature of the metal sites. A further study is needed to specify this 

point. 

It has been shown before (section 3.1.3.) that the dispersion of Pt slightly lower than that of 

Pd, however, platinum activity is higher. It can be concluded that dispersion does not affect the 

activity.  
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Figure 45: Change of activity with metal loading. 
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It has also been proved that activity increases with the metal loading. This can be seen in 

Figure 45 above. 

 

4.3. Reaction network 

The hydrocracking/hydroisomerization reaction of n-hexadecane, considering its mechanism, 

leads to the production of a mixture of isomers and cracking products. A mathematical model of 

differential equations have been developed based on the work of Rodrigo Suárez París (master thesis 

about noble metal catalysts for hydrocracking of FT waxes) in order to determine the reaction 

network [27]. 

The simplest reaction network consisted in a division into three lumps of products: mono-

branched hexadecane, multi-branched hexadecane and cracking products. This reaction network 

occurs through several consecutive reactions.  

All the reactions have been assumed to be irreversible first-order, isothermal reactions. The 

values of the pseudo first-order kinetic constants have been determined by experimental data, using 

MATLAB ®.   

The proposed reaction network can be seen in Figure 46: 

 

 

 

Figure 46: Ideal reaction network for hydrocracking/hydroisomerization of n-C16. 

According to this reaction network, linear paraffins (n-C16) are first isomerized into their 

monobranched isomers and consecutively into multi-branched isomers. After this step, the multi-

branched isomers are cracked obtaining lower molecular weight products. These consecutive 

reactions are performed by the bifunctional mechanism. The primary products, according to this 

reaction network would be the mono-branched isomers. Multi-branched isomers and cracking 

products are secondary and tertiary products respectively. 

 

 

 

 

Figure 47: Reaction network for hydrocracking/hydroisomerization of n-C16 (ideal and direct cracking mechanisms). 

 However, as shown in Figure 47, apart from the cracking mechanism performed by the acid 

sites, another way of cracking has been proved: direct cracking or metal cracking. According to this 
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method, the n-C16 is directly cracked by the metal sites. The primary products following this reaction 

network would be the cracking products. This cracking way is also called hydrogenolysis.  

In Figure 48 and Figure 49 below, selectivity vs. conversion plots are shown, for Pd and Pt 

respectively. 

 

Figure 48: Selectivity/Conversion plot for 0.6% Pd/S40. 

 

 

 

 

 

 

 

 

 

 

Figure 49: Selectivity/Conversion plot for 0.6% Pt/S40. 

If both Pt and Pd cracking curves are compared, there is one main difference: while 

extrapolating the selectivity curves to zero conversion, cracking products are primary products for Pt 

catalysts. However, observing the cracking curve for Pd catalysts the intercept value is very close to 

zero. This means that Pd catalysts behave nearly like ideal bifunctional catalysts, and almost no direct 
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cracking happens in this case. This is directly related to the activity of the catalysts, since Pd catalysts 

are less active than Pt ones.  

Regarding to Pt catalysts, as shown in Figure 50, the acid cracking happens mainly at high 

conversions, while the metal cracking or hydrogenolysis happens at low conversions. The cracking 

curve shown for Pt/S40 is the sum of the bifunctional and monofunctional mechanisms. The variation 

of both cracking ways with conversion is shown in Figure 50 below: 

 

 

 

 

 

 

 

 

Figure 50: Selectivity/Conversion plot for ideal hydrocracking and hydrogenolysis for 0.6% Pt/S40 

In the case of Pd catalysts the hydrogenolysis curve lies almost on the 0% selectivity curve, 

and the main cracking curve is almost the same as the ideal hydrocracking curve. 

As it has been said before, all the reactions are considered irreversible and follow a pseudo 

first-order kinetic. Below the experimental values for the reaction constants are revealed: 

 k1 k2 k3 k4 k5 

Pd/S40 1.25 1.29 0.42 0.12 0.02 

Pt/S40 1.26 1.68 1.07 0.07 0.30 

Table 15: Pseudo first-order kinetic constants (h
-1

) for 0.6% Pd/S40 and 0.6% Pt/S40. 

According to Table 15, k1 is the isomerization rate constant of linear paraffins, k2 is the 

isomerization rate constant of mono-branched isomers, k3 is the cracking rate constant of iso-

paraffins, k4 is the (multi) isomerization rate constant of linear paraffins and k5 is the direct cracking 

constant of linear paraffins. 

The value of k1 is similar for both catalysts; this because the isomerization reaction occurs on 

the acid sites of the support, which is the same for both catalysts (SIRAL 40). Besides, the dispersion 

of both catalyst has been proved to be similar.   

In the case of k2, the value of the constant for Pd/S40 is bigger than for Pt/S40. This could 

happen because Pd is a weaker metal. As the hydrogenation/dehydrogenation function is weaker, 
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the mono-branched isomer stays longer time in the acid site, where more branching occurs. This way 

there is a higher selectivity to multi-branched isomers in Pd catalysts than in Pt ones.  

However, the value of k5 is the main difference in Table 15. As it has been proved before, 

mono-functional cracking mechanism is the primary mechanism for Pt catalysts at low conversions 

(k5 = 0.30), while the constant for Pd catalysts is close to zero (k5 = 0.02). 

 

4.4. Product distribution 

Considering the bifunctional mechanism performed by the catalysts, the product distribution 

the hydrocracking/hydroisomerization reaction consists of the following: 

- Low (C1 + C2) gas formation. 

- Gaussian distribution for the obtained products with the maximum located in the C8. 

 The C1 + C2 yield changes depending on the conversion and the catalyst. As it has been 

shown in Table 16, the ideal hydrocracking mechanism performed in Pd catalysts consists of more 

isomerization and less cracking, even at low conversions. For this reason the percentage of C1 + C2 is 

almost negligible. However, when using Pt catalysts the demethylation mechanism performed by the 

metal produces a higher amount of this fraction. This can also be seen in Figures 51, 52 and 53, 

carbon number distribution plots for both Pt at high and low conversion and for Pd at high 

conversion. 

Catalyst 
Conversion 

(%) 
C1 + C2 (%) 

Selectivity 
of cracking 
products 

(%) 

Selectivity 
of mono-
branched 
products 

(%) 

Selectivity 
of multi-
branched 
products 

(%) 

Iso/linear 
ratio in 
cracking 
products 

0.6% Pd/S40 85 0.01 13.9 36.3 49.8 2.34 

0.6% Pt/S40 88 0.34 35.3 28.4 36.3 0.77 

0.6% Pt/S40 13 0.21 21.6 71.4 7.0 0.08 

Table 16: Selectivities and branched to linear ratios of Pt and Pd catalyst at high and low conversions for: C1 + C2, cracking 
products, mono-branched products and multi-branched products. 

The cracking products selectivity verifies that the direct cracking route is the main 

mechanism at low conversion for Pt catalysts. This can also be proved by the iso to linear ratio in 

cracking products. At low conversion the iso to linear ratio for Pt catalysts is very low (0.08), this 

means that the multi-branching reaction in acid sites is not favored. However, the total product 

distribution follows the same pattern at both high and low conversion. 

However, the isomer content is higher for Pd catalysts, which happens to be a consequence 

of the weakness of this metal, as it has been explained in section 3.3. This is another difference 

between Pt and Pd catalysts. 
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The existence of C15 in the product distribution for platinum catalysts can be explained as a 

consequence of the demethylation mechanism. This has been proved in Figure 51, 52 and 53 since 

the quantity of C1 corresponds to that of C15. 

                                                        C16H34 + H2                 C15H32 + CH4 (3) 

In the figures below, the carbon number distribution for platinum and palladium catalysts is 

shown.  

 

Figure 51: Carbon number distribution for Pd/S40 at high conversion (85%) and 0.75 space velocity. 

 

 

 

 

 

 

 

Figure 52: Carbon number distribution for Pt/S40 at high conversion (88%) and 0.8 space velocity. 
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Figure 53: Carbon number distribution for Pt/S40 at low conversion (12%) and 18 space velocity. 

 

4.5. Metal/acid balance in Pt catalysts 

A further experiment was performed in order to study the bifunctional catalytic behaviour, as 

well as the influence of the metal/acid balance in the product distribution of the hydrocracking 

reaction.  

In this case, two different Pt catalysts have been used with 0.3% and 3% of Pt loading, 

supported on SIRAL40 (90-200 µm). The preparation and the pretreatment of both catalysts have 

been done following the same method. The obtained selectivity plots for both catalysts are shown 

below. 

As it is shown in Figure 54, for different Pt loadings the selectivity of the 

hydrocracking/hydroisomerization reaction of n-C16 varies significantly.  

According to the obtained experimental data, an increase in the Pt loading drastically 

increases the activity and selectivity towards cracking products. This fact proves the direct cracking 

mechanism performed by the metal sites.  

However, when the Pt loading is high the isomerization function is weakened; this means 

there are less available acid sites to perform their function. The intermediate carbenium ion is 

hydrogenated by the metal site instead of being isomerized by the acid sites. Consequently, the multi 

branched isomers are not favored with a high loading of Pt. 
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Figure 54: Selectivity-conversion plot for 3% and 0.6% Pt/S40. 

When high loading of Pt has been used, the primary products of the 

hydrocracking/hydroisomerization reaction are the cracking products. This can be seen by 

extrapolating the selectivity curves to zero conversion. With low Pt loading the primary products are 

the mono-branched isomers. 

 

4.6. Catalyst deactivation 

4.6.1. Pt catalysts 

The main reason of deactivation of the catalysts (Pt and Pd) used has been carbon 

deposition. It has been proved in literature [28] that sintering can be neglected at 310 ᵒC. 

The experiment designed to study the deactivation of the catalyst consisted on several runs, 

for both Pt and Pd catalysts where a low space velocity was set, in order to force deactivation. After 

deactivation, the regeneration of the catalyst was performed by a flow of oxygen. This was made to 

remove the coke formed on the catalyst surface. The activation with hydrogen was the next step. 

First the influence of deactivation on the dispersion of the metal particles in the catalyst has 

been studied. In Table 17 the obtained values for dispersion and average crystallite diameter have 

been revealed for 0.6% Pt/S40 catalyst. 

Dispersion increases considerably after the reduction with hydrogen, which makes this step 

mandatory, since it activates the catalyst. After the reaction has started, the catalyst starts to 

deactivate: the crystallite diameter increases, decreasing the dispersion. In order to achieve a high 

selectivity this dispersion has to be increased, performing a regeneration program, a TPO in this case, 

followed by a second reduction (activation). 

 

n-C16 conversion n-C16 conversion 

3% Pt/S40 0.3% Pt/S40 
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Step Process Dispersion (%) 
Average 

crystallite 
diameter (nm) 

1 Calcination 4 29.4 

2 Calcination and reduction 89 1.3 

3 
Calcination, reduction and 
regeneration 

14 7.8 

4 
Calcination, first reduction, 
regeneration and second 
reduction 

70 1.6 

5 Spent catalyst (after reaction) 11 10.1 

Table 17: Dispersion and average crystallite diameter for 0.6% Pt/S40 catalyst. 

The spent catalyst shows a low dispersion to which corresponds a high average crystallite 

diameter. This means that the catalyst has been deactivated during the reaction. This catalyst could 

be activated again by performing a regeneration and reduction program with hydrogen. However, 

the dispersion after this treatment was lower compared to the fresh catalyst. This means that the 

catalyst’s metallic function is not completely recoverable. 

The variation of the dispersion and average crystallite diameter in each step can be seen in 

Figure 55.  
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Figure 55: Variation of dispersion and average crystallite diameter for 0.6% Pt/S40 catalyst. 

Figure 55 makes reference to Table 17. After regeneration, the catalyst is reactivated; 

however, this activation decreases in each regeneration step. It can be concluded that catalysts are 

more efficient in the first part of the catalytic life. 
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The effect of deactivation on the selectivity and conversion has been studied for both Pt and 

Pd catalysts. However, further research is needed in order to conclude the behaviour of Pd in the 

same conditions as Pt. 

In Figure 55, selectivity vs. conversion plot is shown for 0.3% Pt supported on Siral 40. This 

plot shows how cracking, mono- and multi-isomerization vary with the regeneration of the catalyst, 

after oxidation and reduction.  It has been proved before that Pt catalysts perform a direct cracking 

mechanism in which the linear paraffin is directly cracked on the metal sites. The cracking curves in 

Figure 56 show that after performing the regeneration process, the cracking selectivity has been 

decreased. This means that the direct cracking route has been weakened by the deactivation and it 

has not been completely regenerated. This can be verified in Table 18. 

Isomerization selectivity increases with deactivation. This mechanism is performed by the 

acid site, which is not deactivated so drastically, compared to the metal sites. When regeneration is 

performed the direct cracking selectivity is regenerated, meaning that the isomerization selectivity is 

decreased. The iso to normal ratio increases with deactivation, since the cracking product selectivity 

is decreased.  

The selectivity towards cracking products has not been recovered with the regeneration 

process. Further work is needed in order to study the reasons. 

 

Figure 56: Selectivity-conversion plot for cracking products on 0.3% Pt/S40 for fresh, deactivated and regenerated 
catalyst. 
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Fresh Deactivated Regenerated 

T 310 310 310 

SV 3 3 3 

Conversion 49,5% 28,2% 52,7% 

Cracking 29,3% 7,0% 13,2% 

Mono-IsoC16 50,9% 74,5% 56,6% 

Multi-IsoC16 19,8% 18,5% 30,3% 

Iso/normal 

(cracked) 
20,9% 34,3% 45,0% 

Table 18: Cracking, mono- and multi-isomerization selectivities for fresh, deactivated and regenerated 0.3% Pt/S40 (SV = 
3 h

-1
, T = 310 ᵒC). 

In conclusion, in Pt catalysts deactivation at constant temperature results in a reduction of 

activity as well as in a decrease in selectivity towards cracking products. It seems that the metal sites 

have been more deactivated than the acid sites. This means that cracking and isomerization reaction 

rates are less affected than hydrogenation/dehydrogenation and hydrogenolysis rates. 

4.6.2. Pd catalysts 

Pd catalysts however, behave in a different way. The cracking is not performed by the direct 

cracking route; it is performed following three consecutive reactions as explained in Figure 47. This 

means that extrapolating the selectivity curves to zero conversion, cracking products selectivity is 

zero.  Table 19 below shows the change in cracking, mono- and multi-isomerization selectivities for a 

Pd catalyst.  

The fresh catalyst was partially deactivated because of the normal deactivation during the 

run, this means that the fresh and the regenerated catalyst should have a similar conversion.  

 

Fresh Deactivated Regenerated 

T 310 310 310 

SV 1,5 1,5 1,5 

Conversion 57,7% 39,2% 70,2% 

Cracking 5,9% 10,7% 8,2% 

Mono-IsoC16 57,0% 54,9% 49,0% 

Multi-IsoC16 37,2% 34,4% 42,8% 

Table 19: Cracking, mono- and multi-isomerization selectivities for fresh, deactivated and regenerated 0.6% Pd/S40 (SV = 
1.5 h-1, T = 310 ᵒC). 

As it has been proved before, deactivation affects the metal sites of the catalyst.  There are 
not enough metal sites to hydrogenate the isomers; in consequence, the isomerized carbenium ions 
are directly cracked. This is the reason why cracking selectivity increases with deactivation in Pd 
catalysts as it is shown in Figure 57. 

It has been proved that the k2/k3 ratio (Figure 58) is affected by deactivation. k2 is the rate 
constant of the isomerization reaction of mono-branched isomers and k3 is the cracking rate of the 
multi-branched isomers. 
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Figure 57: Selectivity-conversion curve for 0.6% Pd/S40 for fresh, deactivated and regenerated catalysts. 

 

 

 

 

Figure 58: Reaction network for mono-branched, multi-branched isomers and cracking products. 

With the deactivation of the catalyst, less metal sites are available for the 

hydrogenation/dehydrogenation reaction. This fact decreases the k2 to k3 ratio, increasing the 

selectivity to cracking products and decreasing the selectivity to isomerization. In the regeneration 

step, the activity of the catalyst is recovered, obtaining the same k2 to k3 ratio as the fresh catalyst 

[29]. 

 

Reference 

Deactivated 

Regenerated 

Cracking 
Multi-IsoC16 
Mono-IsoC16 

      Mono-branched 
 i-C16 

Multi-branched 
 i-C16 

Cracking 
 products 

k2 k3 Mono-branched 
 i-C16 

  k1 
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5. CONCLUSIONS 

After performing the experiments on the hydrocracking/hydroisomerization of FT waxes, the 

obtained results have led to the following conclusions: 

 The catalysts used for the hydrocracking/hydroisomerization reaction have a high 

surface area; this is the main characteristic of mesoporous materials. According to the pore size 

distribution, a bimodal distribution is obtained, observing a maximum point at a diameter of 100 

Å (mesopores).  

 The active phase, Pt or Pd in this case, is well dispersed on the support, which provides 

a higher selectivity in the hydrocracking/hydroisomerization reaction.  

 The obtained activity of the catalyst has verified that Pd catalysts are less active than 

Pt catalysts for the same molar loading. It has also been proved that activity increases with 

metal loading. 

 The proposed reaction network for bifunctional catalysts consists of three consecutive 

reactions including the following products: mono-brunched C16 isomers, multi-branched C16 

isomers and cracking products. This model fits the obtained experimental data. 

 Pd catalysts perform a nearly ideal bifunctional mechanism where the cracking 

products are obtained from the multi-branched isomers. Pt catalysts however, display an 

additional way of cracking. Normal hexadecane is directly cracked by the metal sites; this 

cracking mechanism is called hydrogenolysis. This was proved by the high cracking selectivity at 

low conversions and the low degree of branching. 

 The rate determining step is the isomerization of mono-branched isomers to multi-

branched isomers.  

 Both catalysts, Pt and Pd, have shown to have a flat product distribution between C4 

and C12; this property is characteristic for both catalysts at high and low conversion. However, 

the selectivity is lower for C3 and C13 products. The molar amount of C1, C2, C14 and C15 is around 

zero for Pd catalysts. In Pt catalysts due to the direct cracking mechanism performed by the 

metal sites, demethylation occurs, meaning there is a small amount of C15 and its correspondent 

C1. 

 The selectivity towards cracking products is also affected by the metal loading. 

Comparing 0.3% and 3% Pt/S40 catalysts, it was observed that the cracking selectivity increased 

with the metal loading at low conversions. This means that the direct cracking mechanism, 

performed at low conversions, is directly affected by the metal/acid balance. 

 Deactivation decreases the dispersion of the metal particles and increases the average 

crystallite diameter. 

 Selectivity vs. conversion plots show that the cracking selectivity in Pt catalysts 

decreases due to deactivation. This means that the direct cracking route performed by the metal 
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sites has been weakened. In order to recover the activity, a regeneration program is performed; 

however, after regeneration the metal function has not been completely recovered. 

 The deactivation in Pd catalysts has shown it also affects the metal sites. The 

selectivity towards cracking products increases due to the change in metal/acid ratio. 
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APPENDICES 

 

APPENDIX I 

Fundamentals of catalysis 

Definition 

A catalyst is a material that enhances the rate and selectivity of a chemical reaction by 

reducing the activation energy. Catalysts are cyclically regenerated in the process.  

 

Figure 59: Activation energy for catalytic and non-catalytic reactions. 

The function of the catalysts is the reduction of the activation energy (Ea) necessary to 

exchange electrons between the reactants and the products. In Figure 59 above, how the activation 

energy varies with the use of catalysts has been shown. The reduction of the activation energy 

increases the rate of reaction, considering the rate increases exponentially with decreasing Ea. The 

equation rate is function of both temperature and reactant concentration, it is generally determined 

by the equation below: 

   ( ) (  )      ( 
  

  
)∏ (  )

  

 
 

Equation 21: Rate equation as a product of a function of temperature and concentration. 

Where, k(T) is the rate constant, A is the pre-exponential factor, Ea is the activation energy, 

   values are the reaction orders with respect to the different species and    is the concentration of 

species i. 



 

61 
 

 ( )      ( 
  

  
) 

Equation 22: Rate constant described by the Arrhenius law. 

 

History 

The word catalysis was invented by Berzelius in 1839. The catalysts were studied by 

Berzelius, Davy, Faraday and other scientists in the early 1800s. Industrial catalytic processes 

however, were not performed until 1875, with the production of sulfuric acid on platinum catalysts 

[20]. 

During the following 100 years, catalyst technology gained great importance. In Table 20 

below, some of the progresses in the catalytic industry have been shown: 

Year Process Catalyst Area of industry 

1875 Sulfuric acid manufacturing Pt, V2O5 Chemicals 

1923 Methanol synthesis Fe/Al2O3/K2O Chemicals 

1930 Fischer-Tropsch synthesis Fe/K/CuO,Co/Kieselguhr Petroleum 

1936-1942 Catalytic cracking SiO2-Al2O3 Petroleum 

1950 
Catalytic naphtha reforming. 
Dehydrogenation, isomerization 

Pt/ Al2O3 Petroleum 

1963 Ammoxidation 
Bismuth 
Phosphomolybdate. 
Sb/U oxide 

Chemicals 

1964-1968 
Zeolitic catalytic cracking. 
Hydrocracking 

Exchanged X, Y zeolites Petroleum 

1980-1995 Shape selective reactions 
New zeolites, e.g. ZSM-
5 

Petroleum chemicals 

Table 20: Development of important industrial catalytic processes [20]. 

In the early 1900s, the catalytic hydrogenation of CO to methanol of liquid hydrocarbons was 

first accomplished. This fact introduced the use of synthesis gas from natural gas to produce liquid 

fuels and chemicals. 

During World War II, due to the lack of petroleum, Germany used catalytic technology to 

provide fuel for their war machinery. The use of solid catalysts started to be accepted between 1935 

and 1940, when catalytic cracking was performed in the petroleum industry. 

By the year 1955, AlCl3 catalysts were discovered for the production of polypropylene at low 

pressures by Ziegler-Natta. These were used to make important monomer building blocks, as for 

instance acrylonitrile. Five years after, Weisz and Frilette came out with the name “shape-selective 
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catalysis”. This was used to describe the unique ability of some catalysts (zeolites for example) to 

selectively admit or reject molecules of a characteristic size and/or shape at the entrance to 

molecular-size pores containing active sites. 

During years 1970 and 1980, noble metal catalysts were used to control the CO, hydrocarbon 

and NO emissions from automobiles. Further developments after 1980 were mostly directed to 

protect the environment. One example is catalysts for removal of volatile organic hydrocarbons 

(VOCs). 

Nowadays, our worldwide economy is based on catalytic production of chemical and fuels 

[20]. 

 

Figure 60: The world economy is based in the catalytic production of chemicals and fuels [20]. 

 

Catalysts in the future 

In the future catalytic processes are likely to undergo different changes. These are some of 

them [20]: 

 Milder reaction conditions 

 Improved selectivity for desired products 

 The emergence of new materials 

 Greater use of sophisticated tools to study and characterize catalytic materials 

 Innovations in contacting and reactor design. 

 

Types of catalysis 

There are two types of catalysis: heterogeneous and homogenous. Heterogeneous catalysis 

is the process where the catalyst is in a different phase (usually solid) than the reactants. One 

example of this kind of catalysis is the hydrocracking reaction [20].  

                     CH3- (CH2)n -CH3 + H2                   CH3- (CH2)m -CH3 + CH3- (CH2)n-m -CH3                   (4) 

Homogeneous catalysis is the process where the catalyst is in the same phase as the 

reactants. One example of this kind of catalysis is the acid catalysis, where the proton is the catalyst; 

this kind is used in the hydrolysis of esters [20]: 

Raw materials
Catalysts

Chemicals

Fuels

Heating
Transportation
Power

Cat (s) 
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                                       CH3CO2CH3 + H2O                     CH3CO2H + CH3OH                                  (5) 

 

Catalytic properties 

The main properties of the catalysts are shown in the following table: 

Property Definition 

Intrinsic specific activity Specific reaction time based on surface area or number of 
sites measured in the absence of heat/mass transport and 
deactivation. 

    Turnover frequency The frequency at which molecules react on an active site. 

    Specific rate Moles converted or produced per catalytic surface area per 
second. 

Catalytic activity Reaction rate or equivalent measured at specified T, 
Preactants and conversion. 

    Rate based on surface area  Rate based on catalytic surface area. 

    Rate based on mass, volume Rate based on catalysts mass or volume. 

    T for required conversion Temperature for required conversion of reactants. 

    T for given product quality Temperature for required product quality. 

Selectivity Relative rate of production of specified product relative to 
others. 

    Rate-based Rate of production of specified product divided by 
production rate of another product. 

    Production distribution-based Percentage of specified product in a total mixture. 

Stability Measure of activity decline at specific conditions 

    Deactivation rate Rate of activity loss. 

    Resistance Inverse of deactivation rate. 

    Tolerance Residual activity after complete poisoning or fouling of 
catalyst. 

Table 21: Catalytic properties of catalysts [20]. 

 

Steps in a heterogeneous catalytic reaction 

A catalytic reaction is performed following several steps [20]:  

1. Film mass transfer of the reactant A through the stagnant gas film or boundary layer 

surrounding the catalyst particle 

2. Diffusion of A through the porous network of the catalyst to the catalyst surface. 

3. Adsorption on A onto the catalyst surface. 

cat 
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4. Reaction of A to the on the catalytic sites on the catalyst surface. 

5. Desorption of B from the surface. 

6. Diffusion of B through the porous network to the porous mouth. 

7. Film mass transfer of B through the stagnant gas film to the bulk gas stream. 

 

Steps 1, 2, 6 and 7 are diffusional steps. This means they are fast processes, since their 

dependence on temperature is quite small. Steps 3, 4 and 5 are chemical steps with strong 

dependency on temperature. Consequently, any of these chemical steps can be the rate determining 

step, the step controlling the overall rate of reaction. However, when the temperature is increased 

the rate of the chemical steps increases enormously. In this case, the rate determining step changes 

from chemical to diffusional [20]. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 61: Steps in a heterogeneous catalytic reaction in a porous, supported catalyst [20]. 

 

Kinetics of a catalytic reaction 

Generally, the rate determining steps are assumed to be adsorption, reaction and 

desorption. In order to determine the kinetics of a catalytic reaction, three tools will be used [20]: 

- The rate determining step approximation 

- The concept of a fixed number of active sites for a solid catalyst 

- The steady state approximation 

Considering the reaction A(g) to B(g), it needs to be divided into elementary steps, each of 

which occurs as written at the molecular level and cannot be simplified. This is shown below: 

1. Adsorption: A + S               A – S 

2.  Reaction: A – S               B – S 

3. Desorption: B – S              B + S 
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All these steps occur in series, this means that the rate determining step (rds) will control the 

overall reaction rate. Each of these cases will be studied below [20]: 

 Rds: Reaction 

The reaction is assumed to be irreversible. The reaction rate is proportional to the surface 

coverage of compound A and is defined by Equation 23: 

           

Equation 23: Rate equation of component A. 

Where θA is the surface coverage of A and k2 is the rate constant for the reaction step. 

However, θA is not measurable, an expression that relates θA to measurables needs to be found. 

Considering the adsorption and desorption rates are much faster than the reaction rate, it 

can be assumed that they are close to equilibrium or ”quasi-equilibrium”. This way, both adsorption 

and desorption rates would be the same. 

    (    )         

Equation 24: Equality between adsorption and desorption in equilibrium. 

Where k1 and k-1 are the rate constants for adsorption and desorption respectively. It has 

been assumed that    is small. If k1 /k-1 is K1, the equations that determine    and r2 are the 

following: 

   
    

      
 

Equation 25: Expression to calculate   . 

  
      

      
 

Equation 26: Rate expression with measurables. 

This rate expression is plotted versus the partial pressure of component A (PA), Figure 62 is 

obtained. This diagram shows the dependence of the rate on pressure of A. When PA is low, the value 

of the rate is proportional to PA. When PA is high, the value of the rate is constant (k2) [20]. 
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Figure 62: Reaction rate versus partial pressure of component A. 

 

 Rds: Adsorption 

The adsorption step is considered irreversible at low conversions. The rate of adsorption is 

determined by Equation 27: 

               

Equation 27: Adsorption rate of component A. 

Where k1 is the rate constant and θV is the coverage of vacant sites. This is not directly 

measurable; as before, an equation relating θV with measurables needs to be found. This is done by 

using the principle of constant number of active sites for a solid catalyst. This principle states the 

following: 

           

Equation 28: Principle of constant number of active sites for a solid catalyst. 

Where θv is the coverage of vacant sites and θA and θB are the surface coverage of A and B 

compounds respectively. From the equilibrium between reaction and desorption steps, θA = θB/K2 

and θB = PB θV /K3 is obtained. Substituting these values in Equation 28 the expression below is 

obtained: 

   
 

   
(    )  

    
 
 

Equation 29: Coverage of vacant sites. 
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And consequently the rate of adsorption is determined by Equation 30: 

  
    

   
(    )  

    
 
 

    

      
 

Equation 30: Rate of adsorption. 

Al low pressures of B, the rate of adsorption is proportional to PA, which means a first-order 

in A. If PB is high, the rate of adsorption is first-order in A and inverse first-order in B [20]. 

 

 Rds: Desorption 

In this case it is also assumed that this step is irreversible. The rate of desorption is expressed 

like shown below: 

           

Equation 31: Expression for the rate of desorption. 

As in the cases below, equilibrium between the stages adsorption and reaction is assumed, 

obtaining the following expression for θB: 

   
      

  (       )  
 

Equation 32: Expression for the fractional coverage of B. 

Substituting this value of θB in Equation 31, the rate of reaction is obtained: 

  
        

  (       )  
 

This rate equation is only dependent on PA. If PA is high, the rate is zero-order, and if PA is 

low, the rate is first-order in PA [20]. 
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APPENDIX II 

Calculation of Pore size distribution 

The pore size distribution has been represented in Figure 41 (section 3.1.2.). This is 

determined by plotting the incremental change in pore volume divided by the incremental change in 

pore radius versus pore radius. In order to obtain the changes in pore volume, first the volume of the 

condensed N2 layer needs to be calculated. This is done converting each point of the measured gas 

volume (Vgas) in the desorption isotherm, to the number of moles (ni) using the ideal gas law. 

The amount of nitrogen adsorbed on the walls can be determined with several methods. In 

this case the simple model of Pierce/Orr and Dalla Valle has been used, this model is based on the 

area of cylindrical pore walls. The core radius (rk) is the distance from the center of the pore to the 

surface of the film and it is needed to calculate the condensed N2 layer. This is calculated by the 

Kelvin equation (Equation 33), using the appropriate values of liquid N2 [20]. 

  (
 

  
)  

       ̂        

      
 

Equation 33: Kelvin equation. 

             (
  

 
) 

Equation 34: Core radius for N2 desorption. 

The pore radius is calculated by summing the core radius and the thickness of the adsorbed 

N2 layer (t).  

        

Equation 35: Calculation of the pore radius. 

 

The simple model Pierce/Orr and Dalla Valle is explained below: 

 

 

 

 

 

Figure 63: Simple model of Pierce/Orr and Dalla Valle for N2 adsorption in a cylindrical pore. a) Longitudinal cross-section  
of the pore, b) 3D view of the pore [20]. 
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The thickness of the adsorbed layer is calculated by several techniques. According to 

Bartholomew et al., the thickness data are fitted to a polynomial of the form t = axn + bxm + cx + d. 

The values for these constants are the following: a = 22.94, n = 43.48, b = 0.5468, m = 5.763, c = 

0.435 and d = 0.3583. The values of t vary only slightly when changing of adsorbate.
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Table 22: Example of calculation of Pore Size Distribution for Siral 40 based on Cylindrical Pore Model (Gregg and Sing, 1982). 
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APPENDIX III 

Design of an ideal PFR for a compound A: 

 

 

 

Figure 64: Design of ideal PFR. 

FA = Molar flow of A  

FAO = Initial molar flow of A 

 FAf = Final molar flow of A 

υ = Volumetric flow rate 

 

Mass Balance of compound A:  

mass A inflow = mass A outflow + accumulation of A + rate of production of A 

Considering steady state approximation, no accumulation of A takes place in the system. 

      (      )    (   )        

Equation 36: Mass balance of A in ideal conditions (steady state approximation and isothermal conditions). 

   

  
    

       

  
    

Equation 37: Mass balance equation for an ideal PFR. 

Considering a first order reaction: 

         

Equation 38: Reaction rate for a first order reaction. 
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Equation 39: Concentration equation for a species A in an ideal PFR. 
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The parameter τ is the residence time, opposite of the space velocity. 

Specifying this equation for n-hexadecane, the following equation is obtained: 

              
      

Equation 40: Concentration equation for n-C16 in an ideal PFR. 

The conversion of n-C16 is defined below: 

  
       

       

       

 

Equation 41: Conversion equation for n-C16. 

The selectivity of the hydrocracking/hydroisomerization products (cracking products, mono- and 

multi-branched isomers) can be defined from the concentration equation of n-hexadecane.  

         
        

       
        

 

Equation 42: Selectivity equation for the reaction products (cracking products, mono- and branched- isomers). 

Where,        
 is the initial concentration of n-hexadecane; and        

 is the final concentration of 

n-hexadecane. 

If the proposed reaction network is taken into account (Figure 47), the value of the overall rate 

constant is the sum of k1 and k5. Assuming this, the concentration equation for n-hexadecane is 

shown below. 

              
   (        )  

Equation 43: Concentration equation for n-C16 considering the general reaction network proposed. 

The rest of the products´ concentration equations were obtained by programming in Matlab and are 

the following: 
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Equation 44: Concentration equation for mono-branched i-hexadecane. 
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Equation 45: Concentration equation for multi-branched i-hexadecane. 
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The concentration of the cracking products is calculated by the global mass balance: 

                          
                     

Equation 46: Concentration equation for the cracking products. 
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