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Abstract 
Various distillates are treated with hydrogen gas during hydrotreatment in the presence of 

catalyst in order to reduce the sulfur and aromatic content of the product. Optimal hydrotreater 

performance is essential for producing Nynas specialty oils, in order to fulfill the planned 

production volume and to meet the product specification. Loss of catalyst activity is inevitable 

during the production. To adjust for the impact of catalyst deactivation, different process 

variables are manipulated. Different distillates affect the catalyst in different ways due to the 

variation in distillate composition. Distillates with higher organic nitrogen content and running at 

a lower temperature tend to deactivate the catalyst more due to the adsorption of nitrogen 

compounds on the active sites of the catalyst and their slow nature of desorption.  

In this master thesis, different catalyst deactivation mechanisms with a focus on nitrogen 

deactivation have been studied. Since nitrogen is not normally measured at Nynas, nitrogen 

content of different distillates and products and how these values change during operation was 

not known. Different distillates, blend of distillates and different products were measured to 

estimate roughly the typical nitrogen value of the distillates and products. The temperature data 

inside the reactors were analyzed to calculate and plot WABT (weighted average bed 

temperature) during different product runs and to see whether there is a correlation between the 

nitrogen content of the feed and operation severity (increase in WABT). Historical process data 

from hydrotreater unit 2 (mostly from 2013-2014) were analyzed with a view to finding out signs 

of catalyst deactivation. Similar product runs were also analyzed and compared to see how the 

catalysts performed at different periods of time. A kinetic model, based on HDS kinetics, has 

been used for following up two product runs. To do so, sulfur content of the feed and product 

were measured. Aromatic content of the product was also measured to see whether the product 

was on specification. 

.From the calculation and plotting of WABTs, it could be seen that there is an increase in WABT 

during the product runs operating at lower temperatures and with higher nitrogen content. From 

the comparison of two P3 product runs at two different time periods, it could be seen that ∆T 

development over one bed (amount of reaction over the bed) was much lower at one time. This 

can possibly be a sign of catalyst deactivation since it contributed to lesser amount of reaction 

over the bed.  

From the calculations by using the kinetic model, it could be seen that the actual temperatures 

were higher than the predicted temperatures. The increase in WABTs could also be noticed. 

These observations can possibly be coupled with nitrogen deactivation of the catalysts.  

However, more tests are required to verify whether the temperature differences were significant 

or not. Other parameters which are also important from product selling point of view such as 

viscosity, color, flash point, acid number etc. and have not been covered in this degree project 

need to be taken into consideration before making further conclusions.   
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Nomenclature 
 

DDS   Direct desulfurization 

DIPA   Diisopropanolamine 

EOR   End of Run 

HF1   Hydrofinisher unit 1 (mild hydrotreater) 

HPS   High pressure separator 

HSRGO  Heavy straight run gas oil 

HT1&2             Hydrotreater units 1&2 

HYD   Partial hydrogenation of the aromatics prior to desulfurization 

KEM   Chemical hydrogen consumption 

LCO   Light Cycle Oil 

LHHW  Langmuir-Hinshelwood-Hougen-Watson 

LHSV   Liquid hour space velocity 

PFR   Plug flow reactor 

SA3   Sulfur absorption utility unit 3 

SOR   Start of Run 

SRGO   Straight Run Gas Oil 

SS2   Sour water stripping utility unit 2 

VD2   Vacuum distillation unit 2 

VGO   Vacuum gas oil 

WABT   Weighted average bed temperature 
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1 Introduction 
Nynas is a Swedish manufacturer of specialty naphthenic oils and asphalt products, owned by the 

Finnish company Neste Oil and the State-owned Venezuelan oil company PDVSA.  It was 

founded in 1928 and in the beginning, it produced gasoline and diesel. During the oil crisis in the 

1970s, Nynas made some strategical changes and started to focus on bitumen and naphthenic 

specialty products (transformer oil, base oil, process oil, tyre oil etc.) [1]. Nynas crude oil comes 

mainly from X and X. Both these crudes differ in their bitumen, nitrogen and sulfur content. The 

crude oil is first run through a vacuum distillation unit to separate bitumen from the distillates of 

different quality. The distillates are then hydotreated in order to meet the product specification. 

This hydrotreatment is currently being performed in three different hydrotreatment units; HT1, 

HT2 and HF1. 

 

1.1 Nynäshamn Refinery at a glance 
The refinery in Nynäshamn operates in a different way than a conventional oil refinery. It is less 

complex than a conventional oil refinery. Although the capacity is about X times lower than a 

conventional oil refinery, the margins are higher. In a conventional oil refinery, the number of 

crude oils processed is higher than Nynas. However, the number of final products is higher for 

Nynas than a conventional oil refinery. [2] 

A schematic distinction between a regular oil refinery and Nynas refinery is presented below in 

figure 1 and 2: 

 

Figure 1: Refinery process in a conventional oil refinery [2] 

http://en.wikipedia.org/wiki/Sweden
http://en.wikipedia.org/wiki/Naphthenic_oil
http://en.wikipedia.org/wiki/Asphalt
http://en.wikipedia.org/wiki/Finland
http://en.wikipedia.org/wiki/Neste_Oil
http://en.wikipedia.org/wiki/Venezuela
http://en.wikipedia.org/wiki/Petr%C3%B3leos_de_Venezuela
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Figure 2: Refinery process at Nynas [2] 

At Nynas, bitumen rich crude is processed. From crude X both bitumen and naphthenic oil are 

processed while from crude X mostly naphthenic oil is processed. At first the crude oil is 

distilled in a vacuum distillation column and thus different distillates and bitumen are separated. 

These distillates are then hydotreated to get the final products. The reaction by-product, 

hydrogen sulfide, is separated from the product stream. [2] A simplified flow diagram over the 

whole process is presented below: 

 

Figure 3: Simplified flow diagram of Nynas refinery [2] 
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1.2 Background and aim of the project 
It is important to maintain high catalyst activity throughout its life cycle for optimal hydrotreater 

performance. During normal operation, loss of catalyst activity is inevitable. It can be caused by 

coking or contamination with poisons on the catalyst surface and in the catalyst pores. One of the 

most common poisons affecting the catalyst activity and hydrotreater performance is nitrogen 

containing compounds. Because of their basic nature they adsorb on the active sites of the 

catalyst and inhibit important hydrotreating reactions. This adsorption can be reversible or quasi-

reversible depending on the operating conditions. In the hydrotreater, nitrogen adsorption causes 

deactivation while treating feedstocks rich in nitrogen-containing compounds. For optimal 

hydrotreater performance, it is important to follow up catalyst activity and predict catalyst 

deactivation behavior during the production process. 

 

The purpose of this master thesis is 

 

a) To conduct literature study in the area of catalyst deactivation with a focus on nitrogen 

deactivation 

b) To examine whether it is possible to detect catalyst deactivation behavior from historical 

plant data and 

c) To develop tools and strategies to follow up catalyst performance over the period of time. 
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2 Theoretical background 

2.1 Hydroprocessing reactions 
Hydroprocessing comprises of hydrotreating and hydrocracking. During hydrotreatment, hetero 

atoms (sulfur, nitrogen and metals) are removed from distilled crude oil fractions and unsaturated 

hydrocarbons get saturated. During hydrocracking heavier hydrocarbon molecules are cracked 

into lighter fuels and lubes. Both of these reactions occur in the presence of catalysts at elevated 

hydrogen pressure. [3] 

The chemistry of hydroprocessing is quite complex due to the varieties in the feed. The main 

reactions taking place during hydroprocessing are; 

 Saturation of aromatics (Hydrodearomatization HDA) 

 Sulfur removal (Hydrodesulphurization HDS) 

 Reduction of nitrogen (Hydrodenitrification HDN) 

 Metal removal (Hydrodemetallization HDM) 

 Oxygen removal (Hydrodeoxygenation HDO) 

 Hydrocracking and isomerization [4] 

2.1.1 Hydrodearomatization (HDA) 
A certain reduction of aromatic content in feedstocks is necessary due to the fact that 

polyaromatic compounds are carcinogenic and thus harmful for humans and other living 

organisms. Residence time in the reactor (space velocity), catalyst activity and thermodynamics 

control the extent of aromatic reduction in the hydrotreater [5]. Hydrodearomatization is a 

reversible process: 

 

Figure 4: Kinetics of hydrodearomatization [5] 

Where k1 is the rate of forward reaction and k2 is the rate of reverse reaction. The equilibrium 

constant for the reaction is 

𝐾𝑒𝑞 =
𝑁𝑎𝑝ℎ𝑡ℎ𝑒𝑛𝑒

𝐴𝑟𝐻 ∗ (𝐻2)
𝑛

= 𝑘1/𝑘2 

High hydrogen partial pressure shifts the reaction to the right while high temperature drives the 

reaction backwards. Since aromatic saturation is exothermic in nature, there is a risk that with 

increased temperature in the reactor, the product aromatic content can increase (see figure 5). 
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Figure 5: Extent of HDA as a function of temperature [5] 

It is desirable that the HDA reactions take place under kinetic control. If the temperature is too 

high or the partial pressure of hydrogen is too low then the reverse reaction takes place at a faster 

rate and the reactions take place under thermodynamic control. Aromatic content of different 

crude oils are different and can be classed in to mono-, di-, and triaromatics. Some of the typical 

reactions during hydrotreatment of aromatics are presented below in figure 6: 

 

Figure 6: Hydrotreatment of different aromatic compounds [5] 
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When the reaction is under kinetic control, the rate of polyaromatic saturation is faster than the 

monoaromatics. The relative rates of saturation can be generalized as:  Triaromatics > 

diaromatics >> monoaromatics [5]. 

2.1.2 Hydrodesulphurization (HDS) 
The sulfur content of the heavier crudes is in general higher than of the lighter ones [6]. The 

reduction of sulfur in the final product is of great importance from environmental point of view. 

Otherwise, it may convert into sulfur dioxide which eventually can contribute to global warming 

as well as acid rain. Sulfur dioxide is also corrosive for installations [6]. Another important 

reason for sulfur removal is that it acts as a poison for the hydroprocessing catalysts and thus can 

lower the conversion. During hydrodesulphurization, sulfur is removed from the feedstock in the 

form of hydrogen sulfide. Hydrogen sulfide is then converted into elementary sulfur or sulfuric 

acid.  

Carbon-sulfur bonds in alkyl sulfides and polysulfides are relatively weaker and can easily be 

removed during hydrodesulphurization compared to sulfur incorporated in thiophene systems 

and aromatic ring systems [5]. Typical sulfur containing compounds in crude oil are thiophene, 

benzothiophene, dibenzothiophene, thioxanthene, mercaptans, sulfides and their derivatives (see 

figure 7).  

 

 

Figure 7: Typical sulphur compounds present in petroleum feedstock [8] 

Hydrodesulphurization can proceed via two pathways (see figure 8); hydrogenolysis (direct 

desulfurization DDS) and partial hydrogenation of the aromatics prior to desulfurization (HYD). 

During hydrogenolysis both carbon and sulfur bonds in the ring compounds are substituted by 

carbon hydrogen bonds which leads to ring openings. The other pathway starts with the partial 

saturation of one of the aromatic rings which may lead to tetra- or hexahydro intermediate 

product. These intermediates then undergo desulfurization process. Consumption of hydrogen is 

much higher during hydrogenation pathway (HYD). The reaction pathway is catalyst dependent; 

cobalt-molybdenum favors hydrogenolysis route while nickel-molybdenum catalyst favors the 

intermediate saturation of the aromatic rings followed by the desulfurization process. [5] 



12 
  

 

 

Figure 8: Reaction pathways for HDS [12] 

Hydrogen sulfide formed during the HDS reactions need to be removed since it has a large 

inhibiting effect on both HDS and HDA reactions [7, 9]. Generally, hydrogen sulfide is removed 

by the amine treatment of the product stream.  

2.1.3 Hydrodenitrogenation (HDN) 

The most commonly occurring nitrogen compounds in the heavy distillates are indoles, 

carbazoles, quinolines, pyridines, acridines, aniline, pyrrole, pyridine etc.(see figure 9) [8]. The 

nitrogen content of the heavy distillates can vary from crude to crude but usually fall in the range 

between 300 to 3000 ppm. Nitrogen compounds are responsible for the color development and 

lacquer formation during the lubricant use. [5] 

 

Figure 9: Most common nitrogen compounds in the feed [5] 
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Moreover, these compounds can contribute to a loss of catalyst activity due to the adsorption on 

the active sites of the catalysts. Heavier crudes, in general, contain more organic nitrogen 

compounds [4]. These nitrogen compounds may lead to a huge production loss if not properly 

taken care of. Usually, the process conditions are more severe for the HDN reactions than the 

HDS reactions [4].  

The nitrogen removal reactions require more hydrogen consumption than the sulfur removal 

reactions. For the HDN reactions to proceed and to remove nitrogen, it is necessary to saturate 

the five membered rings in the pyrrole derivatives and six membered rings in the pyridine 

derivatives. Saturation of the aromatic rings is a reversible process and it is necessary to have a 

very high hydrogen partial pressure to drive the reactions to the right. That is why very high 

temperature can efficiently slow down the HDN reactions. During hydrodenitrogenation, the 

aromatics get saturated first prior to nitrogen removal (see figure 10). [4] 

 

Figure 10: HDN reaction mechanism: aromatic hydrogenation followed by hydrogenolysis and 

denitrogenation [4] 

2.1.4 Hydrodemetallization (HDM) 
Most metallic impurities are present in the distillates as organo-metallic compounds and occur in 

ppm or ppb level. These organo-metals can be converted into respective metal sulfides in the 

hydrotreater if not removed. These metals can contribute to catalyst deactivation once deposited 

on the catalyst pores and cannot be removed by regeneration. The most commonly occurring 

metals are arsenic, mercury, nickel, vanadium, silicon etc. [4] With guard bed designed before 

the catalytic section in the beginning of a hydrotreater unit, most of the metals can be removed. 

Thus, their poisonous effect can be avoided. 
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2.1.5 Hydrocracking 
Cracking can be divided into thermal and catalytic processes. Hydrocracking is a catalytic 

cracking process whereby heavy hydrocarbons are broken down into simpler and smaller ones. 

During hydrocracking both hydrogenation and cracking compete with each other. Hydrocracking 

requires large quantity of high purity hydrogen gas, high temperature and high pressure in the 

presence of catalyst. Catalytic cracking does not require as high temperature as thermal cracking 

[10]. During catalytic cracking, in the presence of acid catalyst, bonds are being broken 

asymmetrically. This heterolytic breakage of bonds yields carbocations and hydride anions. 

These ions are very unstable and undergo chain arrangements, C-C scissions, intra- and 

intermolecular hydrogen transfer processes. These processes proceed by a self-propagating chain 

mechanism. Finally, these reactions are terminated by radical or ion recombination reactions. 

[11] 

Cracking is not desirable at Nynas and the severity of cracking increases with higher temperature 

and with the presence of large amount of active sites. Therefore, it is very important to avoid 

unnecessary high temperature in the last reactor beds. [9] 

2.2 Hydroprocessing catalysts 
Hydroprocessing catalysts consist of an active phase (generally combination of Ni, Co, Mo and 

W) dispersed and supported on silica-alumina carrier. Hydroprocessing catalysts are active in 

their sulfide form. Catalysts are manufactured as oxides but since they are active in their sulfide 

form, presulfiding is essential. [12] The support has a high surface area and the average pore size 

may vary between 75 and 300 Å [8].  

 
Figure 11:  Model structure of MoS2 slabs (sulfur in yellow and molybdenum in blue) [12] 
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Mo containing catalysts are made of monolayer slabs (hexagonal in shape) or clusters of slabs 

(see figure 11). Ni and Co are the promoter metals (promoters increase catalytic activity) and 

they position at the edges of these slabs (see figure 12). [12] These slabs are relatively small in 

size and cover the alumina surface partially. These slabs lack a considerable amount of terminal 

sulfur ions at the edges leading to an unstochiometric Mo and sulfur ratio. Due to the absence of 

the terminal sulfurs, these slabs have Lewis acid character (electron acceptor). Molecules with 

lone pair electrons, e.g. NO, pyridine can get adsorbed in the acid sites as well as other active 

sites. If any strongly adsorbed species, for example, N-compounds, coke molecule, metal deposit 

occupy these sites, it will cause a loss in the catalytic activities. [8] 

 

 

(a)                                                                                              (b)                      

Figure 12: MoS2 slabs with Co (a) (in red) and Ni (b) (in green) promoters [12] 

 

2.3 Deactivation of hydroprocessing catalysts 
For relatively lighter feeds, deactivation of the catalyst is minimal and the process can be 

operated for longer periods of time before catalyst replacement becomes necessary. This is due 

to the fact that lighter crudes contain less sulfur, nitrogen and less aromatic compounds while 

heavier crudes contain a large amount of sulfur and nitrogen containing compounds and 

aromatics. Severe hydrotreatment is required for processing the heavier crudes. As a result of 

that, reactors are often run at a higher temperature. Sometimes, a longer residence time is 

required to bring down the impurity level to an acceptable one. A very high operating 

temperature over a long period of time can result in catalyst deactivation. 

 

Catalyst deactivation can be short term or long term and permanent. The reasons for catalyst 

deactivation can be coking or fouling, sintering, poisoning and mechanical failure. 
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2.3.1 Coking or fouling 
Coke is an insoluble carbonaceous deposition on catalyst which contributes to the initial pore 

volume loss and the decrease of the number of active sites. Coke deposition in the pore volume 

of fresh catalyst is very rapid during the initial stage. Coke has a strong negative effect on the 

hydrogenation and on the cracking activity. Coke can be formed during hydroprocessing of 

almost all feeds and coke build-up increases as the molecular weight and boiling range of the 

feed goes up. Polymerization or polycondensation are the main reactions which lead to coking. 

Coke forming reactions occur generally on the catalyst surface and small pores get filled very 

fast. Catalyst beds should be designed in such a way so that where there is risk of coke formation 

(in the reactor section); there should be enough active pores available for the reactions to occur at 

a swift rate. Alkenes, aromatics and heterocyclics are most susceptible to coke formation when 

sufficient hydrogen is not available. They have stronger interaction with the surface than the 

saturated hydrocarbons. [8] 

 

Coke precursors can be present in the feed or can be formed during hydroprocessing. Formation 

of coke precursors happens generally during the late stages of the hydroprocessing when the 

catalyst gets deactivated. [13] Small molecules as toluene can also act as coke precursors when 

the catalyst is severely deactivated [8].  

 

Asphaltenes and heavier species have a tendency to precipitate on the catalyst surface which can 

lead to coke formation and catalyst deactivation. Resins are polar molecules which stabilize 

asphaltenes molecules and prevent the precipitation of asphaltenes. [14] During hydroprocessing, 

the structure as well as the functionality of resin molecules can change which may lead to 

precipitation of asphaltenes. Coke can also be formed from various O-containing species. 

Compounds containing two or more oxygens (such as phenols or molecules with furanic rings) 

are efficient coke precursors. Coking increases with increasing surface acidity and increasing 

precursor basicity. Both Lewis and Bronsted acid sites can take part in coking. Lewis acid sites 

interact strongly with basic species in the feed and prolong their life on the catalyst while 

Bronsted acid sites supply protons to form carbonium cations which can lead to coke formation. 

[8] 

2.3.2 Sintering 

Sintering is caused by high temperature; it often requires a temperature over 500⁰C [15]. 

Sintering happens due to agglomeration and growth of metal deposition on catalyst surface or 

inside pore by heat and pressure. During sintering atoms diffuse towards each other, get fused 

and form a solid mass of material. Sintering has minimal effect on HT2 catalyst deactivation 

process. 
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2.3.3 Mechanical deactivation 
Catalysts can be deactivated due to mechanical failure. It involves (a) crushing of the catalyst 

pellets due to a load, (b) attrition (size reduction and formation of fines), (c) abrasion (wearing of 

catalyst particles due to friction) and (d) erosion due to high fluid velocity. [15] Mechanical 

failure results in the loss of catalyst material. 

2.3.4 Poisoning 
A poison can be adsorbed reversibly, irreversibly or quasi-irreversibly. When the poison is 

adsorbed reversibly, catalyst activity can be regained by removing the poison (see figure 13a). 

Thus, reversible poisons act as inhibitors to the main reaction. An irreversible poison binds so 

strongly to the active site that its rate of desorption is quite negligible under the reaction 

conditions (figure 13c). Since most reactants require multiple active site centers for adsorption 

and further reactions, it is not necessary to poison all the sites to cause deactivation. One poison 

molecule can poison the entire center for reaction. An irreversible poison at a certain temperature 

may become a reversible poison at a higher temperature. Although raising the temperature 

sometimes results in decomposition rather than just simple desorption. A quasi-permanent poison 

has the nature of both reversible and irreversible poisons. It lowers catalytic activity by being 

adsorbed on active sites and appears to be permanent due to its very slow desorption rate (see 

figure 13b). It normally takes a long time to get rid of the quasi-irreversible poisons. [8] 

 

 
  Reversible poisoning       Quasi-irreversible poisoning        Irreversible poisoning 

Figure 13: Activity vs. time profile for reversible, quasi-irreversible and irreversible poisons [8] 
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2.4 Poisoning by nitrogen compounds 
Due to the presence of the organic nitrogen compounds in the feed, hydroprocessing catalysts 

activity can decrease with time. These organic nitrogen compounds can act as temporary poisons 

as well as coke precursors. Nitrogen compounds present in a typical crude oil can be classified 

into three categories namely, neutral organo N-compounds, basic organo N-compounds and 

weakly basic organo N-compounds [16]. The most commonly occurring nitrogen compounds are 

the pyrrole and the pyridine derivatives. 

 

 
Figure 14: Pyrrole and pyridine derivatives [8] 

Nitrogen compounds appear primarily in the form of 5- and 6-membered heteroatom rings and 

anilines. The 6- membered rings and anilines are more basic in nature than their 5-membered 

counterpart and account for about one third of the total nitrogen. [8] The inhibiting effect of 

carbazoles, quinoline and indole can be very strong even at a concentration as low as 5 wppm 

[16].  

 

The 5-membered N-ring compounds show less resistance to hydrogenation and they can easily 

be removed from the feed due to their less basic nature and less aromatic character than the 6-

membered ring compounds. For this reason, the relative contribution of the 5-membered N-rings 

to poisoning is expected to be less significant than that of the 6-membered N-rings. [8] 

 

The interaction of N-bases with catalyst sites occurs either by donating its unpaired electron to 

the Lewis site or through the interaction with the proton of a Bronsted site. The adsorption of the 

N-bases to the catalyst surface is greatly reduced when there is methyl substitution at carbons 

adjacent to the nitrogen. Some molecules can transform into more basic intermediates during 

hydrogenation and can show strong inhibition. The N-compounds adsorbed on the catalyst 

surface can undergo polymerization and form polymer. In that case, it is difficult to reverse the 

reaction (desorption of N-compounds) and get rid of the adsorbed molecule. Ammonia is a 

byproduct during HDN which can also get adsorbed on the catalyst. The adsorption of NH3 is, in 

general, weaker than N-heteroring compounds, and can be treated as a reversible inhibition. [8]  

 

Nitrogen compounds can block the HDS sites and by removing these nitro compounds, the 

performance of HDS can be enhanced. Nitrogen compounds can selectively be removed from the 
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SRGO feed by adsorption using silica and alumina in varying ratios (Straight Run Gas Oil: oil 

that comes out from the distillation column without further processing; for example processing in 

the vacuum distillation unit or residue catalytic cracker). Upon removal of the nitrogen 

compounds, more desulphurization can be achieved. This extra step can also reduce the 

consumption of hydrogen due to the reduced HDN requirement. [16] 

 

 
 

Figure 15: Net conversion vs. total nitrogen content in the feed in different temperatures (a) 

370⁰C, (b) 390⁰C and (c) 405⁰C [16] 

Figure 15 above depicts how the net conversion decreases with increased amount of nitrogen in 

the feed. Initially, the nitrogen level was near zero value. Then the nitrogen content was 

increased successively. A rapid drop in conversion could be seen in the beginning and the slope 

becomes less steep as the nitrogen level increases. At elevated temperature, the rate of desorption 

of nitrogen is higher. That’s why it is possible to treat more nitro compounds containing feeds 

without compromising the conversion at higher reaction temperature. [16] 

 

Figure 16 below depicts the hysteresis behavior exhibited by the nitrogen compounds. While 

increasing the nitrogen content of the feed, a successive drop of conversion can be seen. Upon 

removal of the nitrogen compounds from the feed, conversion increases but the conversion 

graphs do not overlap with each other rather a hysteresis behavior can be seen. This indicates 

that desorption of nitrogen compounds is a slow process and there are some adsorbed nitrogen 

compounds left on the catalyst surface which leads to depressed catalyst activity and reduction in 

conversion. [16] 

 



20 
  

 
Figure 16: Hysteresis behavior exhibited by nitrogen compounds [16] 

 

With step increase in the reactor temperature, it is possible to increase the net conversion which 

can be seen from figure 17. 

 

 
Figure 17: Increase in net conversion with rise in temperature [16] 
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2.5 Other inhibiting effects 
Oxygenated and water derived compounds may inhibit HDO reactions. This inhibiting effect can 

be reduced by maintaining a considerable amount of H2S pressure so that the catalyst can remain 

in sulfided form. Otherwise, there is a risk for catalyst surface modification by oxygen which can 

contribute to a loss in the catalyst activity. The poisoning effect of water on HDS and HDN has 

also been found and can be significant with the increased concentration of oxygenated molecules 

in the feed. [8] This inhibiting effect is quite significant during hydrotreatment of bio-oil and has 

probably very little impact in HT2 catalyst deactivation process. 

 

2.6 HT2 process description 
At first, crude oil is heated and fractionated into different distillates in the vacuum distillation 

column. These distillates are then hydotreated in hydrotreaters HT1, HT2 and HF1 where the 

distillates are pumped over catalyst beds at high temperature and pressure with excess of 

hydrogen to remove the unwanted substances such as sulphur, oxygen and nitrogen partly or in 

whole. After the hydrotreatment, the oil is separated from the gas in a high pressure separator. 

Hydrogen contaminated with hydrogen sulphide (H2S) and nitrogen compounds is then purified 

so that it can be reused as circulation gas. This is done partly by washing the gas with water and 

treating it with amine (DIPA: Diisopropanolamine). By washing with water, ammonia is 

removed from the gas phase and shifted to the water phase. Ammonia can otherwise form 

ammonium sulfide which can cause corrosion. Amine absorbs hydrogen sulphide and removes it 

from the gas stream. Contaminated amine and contaminated water is sent respectively to the 

sulfur absorption unit, SA3, and the sour water stripping unit, SS2, for regeneration. The oil is 

then sent to the distillation column for fractional distillation followed by vacuum distillation. 

Light oil which is not desirable in the product can thus be separated from the product. [17]  
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A simplified flow diagram of the hydrotreater unit 2 is given below 

 

 
 

Figure 18: Simplified flow diagram of HT2 [2] 

 

There are X number of trickle bed reactors in HT2 which altogether have X number of catalytic 

beds. There is also a guard bed in the top to protect the catalytic beds. The reactions between oil 

molecules and hydrogen on the catalyst surface are exothermic. 

 

Oil is blended with hydrogen gas and heated up in a series of heat exchangers before entering the 

first reactor. The oil and gas blend is then distributed over the catalyst bed. For optimal 

operation, it is important to have complete wetting of the catalyst particles. To have control over 

the temperature and avoid runaway reactions, hydrogen is injected between the beds for a 

quenching effect. The size of the bed and the inlet oil temperature determine the temperature 

development along the bed.  
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Figure 19: Oil flow in a trickle bed reactor [2] 

 

The main products that are produced at HT2 are P1/P2, P3, P4, P5 and P6. Different distillates/ 

distillate combinations are used to produce the desired products, see table 1. 

 

Distillate(s) Product 

D3  P3 

D21 D22 P2 

D4  P4 

D5  I (intermediate) 

I (intermediate)  P5 

D6 (D61/D62)  P6 

D11 D12 P1 

 

Table 1: Distillate/distillates combination for the production of desired products at HT2  
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2.7 Process variables 
The adjustable process parameters with significant impact on hydrotreatment reactions are: (1) 

total pressure and hydrogen partial pressure, (2) reaction temperature, (3) H2/oil ratio and recycle 

gas rate (H2 availability), and (4) space velocity/feed rate.  

2.7.1 Pressure 
The reactor design, the pressure maintained at the high pressure separator (HPS), the quality of 

the feed and the quality of the desired product altogether determine the total pressure and 

hydrogen partial pressure. A hydrotreater unit operating at a high hydrogen pressure has the 

following benefits: 

 

 Longer catalyst cycle life 

 Capability of processing heavier feeds 

 Higher throughput and conversion capability 

 Purge gas elimination [18] 

 

It is important to maintain the highest allowable hydrogen partial pressure in the reactor since 

low hydrogen partial pressure will result in coke formation and eventual catalyst deactivation. 

The extent of the conversion can also be increased by maintaining a high hydrogen pressure.  

 

Figure 20 (a) depicts the removal of sulfur as a function of hydrogen partial pressure at two 

different isotherms (350⁰C respective 385⁰C) for LCO feed (Light Cycle Oil: liquid residue 

produced during catalytic cracking). It can be seen that a higher conversion can be achieved by 

increasing the hydrogen partial pressure (removal of sulfur: from ~67% to 77% for isotherm at 

350 ⁰C and ~87% to 97% for isotherm at 385 ⁰C/ pressure increase: from ~4.7 to 7 MPa for 

isotherm at 350 ⁰C and ~5.7 to 7 MPa for isotherm at 385 ⁰C). Increasing the partial pressure of 

hydrogen also results in more polyaromatic hydrocarbon saturation as can be seen from figure 

20b.  

 

Lower H2 partial pressure can slow down HDN. As a result of that the nitrogen compounds can 

block off the active sites that are available for HDS. The rate at which HDS reactions take place 

gets reduced and the catalyst surface starves of hydrogen which eventually leads to deactivation. 

The drawbacks of maintaining a high hydrogen pressure are that the reactors get expensive and 

hydrogen gas consumption increases. [18] 
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(a) 

 
(b) 

Figure 20: Effect of H2 partial pressure on sulfur removal and aromatic saturation [18] 

At Nynas, saturation of the polyaromatics into monoaromatics is essential but hydrogenation of 

all the aromatics (monoaromatics) is not desired due to solubility properties. For this reason, 

reactors are not always run at a very high temperature and pressure. The pressure also depends 

upon the hydrogen to oil ratio. Pressure is around X bar before the mixture of gas and oil enters 

the first heat exchanger and around X bar before the mixture enters reactor one [9]. The higher 

the hydrogen to oil ratio, the larger the pressure drop will be over the heat exchangers. 
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2.7.2 Temperature 
The reactor temperature determines the working life of the catalysts. The reaction rate increases 

with increased temperature and as a result of that impurities get removed at a faster rate. 

However, there is a limit to how much the temperature can be increased due to thermal cracking 

of the hydrocarbon constituents. Thermal cracking can lead to the formation of considerable 

amounts of undesired low molecular weight hydrocarbon liquids and gases. Olefins are produced 

due to thermal cracking and olefin hydrogenation can release substantial amount of heat. This 

can increase the temperature further and lead to hot spot formation and eventually runaway 

reactions. Thus, catalyst gets deactivated much more quickly at higher temperatures. [18] 

Exothermic reactions take place during hydrotreatment. As a result of that, the outlet reactor 

temperature will be higher than the inlet reactor temperature. To determine the average reactor 

temperature, the weighted-average bed temperature (WABT) is used. WABT can be calculated 

by using the following equation 

𝑊𝐴𝐵𝑇 =  𝑇𝑖𝑛𝑙𝑒𝑡 +
2

3
∗ (𝑇𝑜𝑢𝑡𝑙𝑒𝑡 − 𝑇𝑖𝑛𝑙𝑒𝑡) =

𝑇𝑖𝑛𝑙𝑒𝑡+2∗𝑇𝑜𝑢𝑡𝑙𝑒𝑡

3
              𝐸𝑞. (1) [19] 

It is assumed from the WABT calculation that in the first one third of the reactor length, the 

temperature value is closer to the inlet temperature and in the last two-thirds of the reactor 

length; the temperature is closer to the outlet temperature. A too low inlet temperature can result 

in a low reaction rate and a high aromatic and sulfur content in the product while too high inlet 

temperature can lead to runaway reactions and a high aromatic and a low sulfur content in the 

product (too high temperature can contribute to polyaromatic formation; as a result of that total 

aromatic content increases). It is therefore important to have right temperature to achieve the 

right product quality and to ensure safer operation.  

To compensate for catalyst deactivation and to produce a product with constant quality, reactor 

temperature is normally increased steadily. This means that the unit needs to be operated at 

different WABT values (different WABT at different period of time for example; start of run 

temperature WABTSOR and end of run temperature WABTEOR). The feed properties and the 

desired product quality determine how the temperature is to be controlled and the values of 

WABTSOR and WABTEOR. The maximum allowable difference between WABTEOR and 

WABTSOR is around 30°. [18] In an ideal situation, the WABT should be constant over the 

period of time but this is not the case in reality. Rather a typical S shaped curve is seen which 

indicates catalyst deactivation (fig. 21). 
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Figure 21: Temperature rise due to catalyst deactivation over catalyst bed [8] 

A longer catalyst life is observed during the hydrotreatment of naphtha and the increase in 

WABT over time is less significant compared to the increase in WABT during the processing of 

heavier feeds. During the hydrotreatment of heavy oils, WABT has to be increased constantly to 

compensate for catalyst deactivation and to ensure constant product quality. The end points in 

the curves (fig. 22) for different feeds indicate that WABTs have reached maximum designed 

value and the catalyst needs to be replaced. 

 

Figure 22: Increase in WABT during the hydrotreatment of different feeds [18] 
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2.7.3 Gas recycle and H2/oil ratio 

Gas recycle is used to maintain high hydrogen partial pressure within the reactor. Operation at 

higher H2 partial pressure helps reduce the SOR temperature of the reactor, which increases the 

cycle life of the catalyst. [18] 

 

A minimum value for hydrogen availability is 3.0, which is recommended by the catalyst 

manufacturers [12]. H2 availability indicates whether there are risks for hydrocarbon fouling. H2 

availability is defined as the following 

 

H2 availability =  
𝐻2

∗/𝑜𝑖𝑙𝑓𝑒𝑒𝑑

𝐻2 𝑐𝑜𝑛𝑠𝑢𝑚𝑒𝑑
  

H2
*
= Recycle+Make up+ Quench gas = total hydrogen [12] 

A certain amount of H2S in the gas stream is essential to ensure that the catalysts remain in their 

sulfide form but during the processing of high sulfur feedstocks, the concentration of H2S in the 

recycle gas stream can achieve high values. High H2S in the recycle gas stream reduces the 

hydrogen purity of the recycle gas stream as well as the partial pressure of hydrogen. The 

reduction of HDS activity can be around 3-5% for each 1 vol% of H2S in the recycle gas stream 

and 3-5% more catalyst is required to compensate for this situation. [18] 

 

2.7.4 Space velocity  

Space velocity is related to the feed rate to the reactor and the amount of catalysts loaded inside 

the reactor [18]. A high feed rate means a low residence time inside the reactor and the oil and 

hydrogen have less time to be in contact with the catalyst. The feed rate can vary from batch to 

batch which depends upon the content of the feed i.e. how heavy or light the feed is, conversion 

at the end of the reactors and the desired product quality. While increasing the oil flow rate, the 

temperature needs to be increased. Otherwise the extra oil will absorb the heat and lower the 

temperature of the gas-oil mixture. Lowering the oil flow rate will result in less amount of 

reaction (if the temperature and the amount of hydrogen remain unchanged) and thus less heat 

will be emitted.
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3 Experimental work 

The experimental part in this thesis work comprises of measuring the nitrogen, sulfur and 

aromatic content of the distillates and the products. The analysis technique used for the 

determination of the nitrogen content was chemiluminescence according to ASTM D4629 

method in which the analyte enters a combustion chamber and the oxidation of nitrogen produces 

NOx. It is the basic nitrogen compounds in the feed that are responsible for nitrogen deactivation.  

But chemiluminescence technique measures the total nitrogen oxides and thus determines the 

total nitrogen content of the sample. Approximation is then made that the basic nitrogen content 

is proportional to the total nitrogen content that means if the total nitrogen content of a feed 

increases then its basic nitrogen content will also increase. Sulfur was measured by using X-ray 

fluorescence according to ASTM D4294 method and aromatic content was determined by using 

FTIR according to IEC60590 method. 

At first, different distillates, distillate combinations and different products were measured to 

estimate the range of the feed and product nitrogen content. Nitrogen content of the different 

distillates provided a rough estimation of the varying deactivation effect of the different feeds as 

feeds with more nitrogen content operating at a lower temperature tend to deactivate more.  

Two P2 product runs were followed up by using HDS based kinetic model at two different time 

periods. In following up the P2 product runs, sulfur (both feed and product), nitrogen (both feed 

and product) and aromatic (only product) content were measured. Feed and product sulfur 

content were measured in order to use the HDS based kinetic model to follow up catalyst 

performance. The aromatic content was measured to see whether the product was on 

specification. Nitrogen measurement was performed to see how nitrogen value changed during 

the operation. The feed sulfur and nitrogen were measured regularly in the beginning until they 

reached a stable value. After that they were measured at a less compact interval. It was found 

that the feed sulfur and nitrogen were quite stable during the runs. The product sulfur and 

nitrogen were measured regularly in the beginning. Samples from the product outlet were taken 

out in each hour in the beginning. Afterwards when the process had stabilized, product samples 

were taken three times a day (one sampling per shift) in the middle of the run. In the end period 

during the runs, sampling was done each third or fourth hour. 

There have been difficulties in measuring the aromatic content of the distillate (feed) since 

distillates contain water and the cells which are used in FTIR method contain salt and can easily 

be dissolved and become invalid for further measurement. Multiple filtration of a lot of samples 

is also time-consuming. For this reason only product aromatic content was measured. Product 

aromatic content measurement is important to see whether the product is on specification since 

aromatic content of the product is one of the main selling parameters.  
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4 Examining deactivation by comparing WABT during different product runs 
Catalysts provide a lower activation energy pathway for the reactions to proceed. Catalyst 

deactivation can be coupled with the loss of catalyst active sites. The loss of active sites results in 

a higher activation energy pathway for a certain reaction compared to the case when all the 

active sites are available. For this reason reactions are carried on at a higher temperature i.e. 

maintenance of higher WABT when there is a loss of the active sites.  

If the catalyst gets deactivated during a product run then the temperature needs to be raised in 

order to achieve the same conversion and compensate for the deactivation. This causes the 

reactor to run at a higher temperature which results in an increase in WABT. Operating the 

reactors at a higher WABT is therefore a possible sign of catalyst deactivation.  

A table containing the nitrogen value of the feeds and their respective products is presented 

below: 

Feed 
Nitrogen content 

(ppm) 
Product 

Nitrogen content 

(ppm) 

D4 X7-X8 P4 ~Y5-Y6 

D270V X3-X4 I (intermediate) X9-X10 

I (intermediate) X9-X10 P5 ~Y7-Y8 

D21+ D22 X5-X6 P2 Y3-Y4 

D3 X1-X2 P3 Y1-Y2 

Table 2: Typical nitrogen value of the feeds and products 

[Here, (X1-X2)>(X3-X4)>(X5-X6)>(X7-X8)>(X9-X10) and (Y1-Y2)>(Y3-Y4)>(X9-X10)>(Y5-

Y6)>(Y7-Y8)] 

D4 is used as the feed for P4 run. For P5 run the feed is an intermediate, I. For P3, the feed is D3. 

P2 is produced by blending X and X Crude at different proportion (D21+D22). So, the nitrogen 

content of D21+D22 may vary depending on in which proportion the distillates are blended. 

P4 and P5 products are run at a higher temperature than P2 or P3. For P4 and P5 run, LHSV 

(feed rate) is also lower than P2 and P3. Lower LHSV and higher operating temperature mean 

higher conversion and these product runs (P4 & P5) have a refreshing effect on catalysts. If there 

is no deactivation then the WABT is expected to be unchanged with the course of time. If there 

is deactivation then an increase in WABT is expected. 

In the following sections, WABT for different product runs at different periods have been 

calculated, plotted and compared to see whether an increase in WABT can be seen during 

different product runs. 
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4.1 P4 product run 
A plot of a typical WABT during P4 run has been presented below in figure 23. It can be seen 

that the feed rate has almost been constant and stable during this run and the value of hydrogen 

availability has been higher than the recommended value (3.0). WABT has nearly been constant 

over the period of time during the run. 

  

Figure 23: Typical WABT, feed rate and hydrogen availability during P4 run 
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The feed is D4 for P4 run which has a nitrogen content of about X7-X8  ppm. In spite of this 

high nitrogen content, no significant increase in WABT or deactivation can be seen probably due 

to a low LHSV (feed rate ~ X ton/h) and a high operating temperature (~ X ⁰C).  

4.2 P5 product run 
It can be seen from figure 24 that for a constant feed rate and hydrogen availability value of X 

WABT has nearly been unchanged over the period of time during this P5 run. I is used as the 

feed during P5 run which has low nitrogen content. A low nitrogen content of the feed along 

with a low LHSV (~X ton/h) and a high operating temperature (~ X ⁰C) is probably the reason 

for a nearly constant WABT. 

 

 Figure 24: Typical WABT, feed rate and hydrogen availability during P5 run 
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4.3 P2 product run 
An increase in WABT can be noticed for the P2 (X% D21/X% D22) run despite a nearly 

constant feed rate and a hydrogen availability value which is a higher than the recommended 

value 3.0 (figure 25). A high nitrogen content of the feed along with a high LHSV (~X ton/h) 

and a low operating temperature is probably a reason for the gradual increase in WABT. 

 

 Figure 25: Typical WABT, feed rate and hydrogen availability during P2 run 
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4.4 P3 product run 
An increase in WABT can be seen over the period of time for a nearly constant feed rate and a 

higher than the recommended hydrogen availability during this P3 run (figure 26). Here also as 

in chapter 4.3,  a high nitrogen content of the feed along with a high LHSV (~X ton/h) and a low 

operating temperature probably contributed to the gradual increase in WABT. 

 

 Figure 26: Typical WABT, feed rate and hydrogen availability during P3 run 

0 20 40 60 80 100 120 140 160 180

W
A

B
T

  
(⁰

C
) 

Time on Stream (h) 

WABT during P3 (2013-12-26) 

0 20 40 60 80 100 120 140 160 180

F
ee

d
 r

a
te

 (
to

n
/h

) 

Time on Stream (h) 

Feed during P3 (2013-12-26) 

0 20 40 60 80 100 120 140 160 180

H
2
 a

v
a

il
a

b
il

it
y

 

Time on Stream (h) 

H2 availability during P3 (2013-12-26) 

Recommended H2 availability value 

 



35 
  

4.5 Summary of WABT comparisons 
Nearly constant WABT is seen during P4 and P5 runs while an increase in WABT can be 

noticed during P2 and P3 runs under normal and stable process condition. I is used as the feed 

during P5 production and it has very low nitrogen content. D4 is used as the feed during P4 run 

which has a nitrogen content of about X7-X8 ppm. During P4 and P5 production, the 

temperature is very high and the feed rate is quite low. This can result in higher amount of HDN 

reactions and higher conversion of nitrogen compounds. It is also possible that the high 

temperature and low feed rate do not allow nitrogen compounds to block the active sites of the 

catalyst. This is probably the reason for P4 and P5 product runs not being affected by nitrogen 

deactivation.  

Meanwhile, an increase in WABT can be noticed during P2 and P3 runs. The operating 

temperatures during P2 and P3 runs are lower than the operating temperatures during P4 and P5 

runs while the feed rate is higher for both P2 and P3 runs compared to P4 and P5 runs. Both P3 

and P2 distillates have very high content of nitrogen. For P2 run, D21 and D22 are blended in 

different proportion. The nitrogen content of D21/D22 blend may vary depending on in which 

proportion the distillates are blended. Lower temperature and higher feed rate can result in less 

HDN reactions (less conversion of nitrogen compounds) and thus may contribute to the blocking 

off the active sites of the catalysts leading to nitrogen deactivation during P2 and P3 runs.  

The increase in WABT is expected to be higher during P3 runs than P2 runs (which means P3 

distillates deactivate the catalyst more than P2 distillates) due to the fact that P3 distillates have 

higher nitrogen content than P2 distillates and a lower operating temperature (the temperature 

during P3 run is normally lower than P2 run). The feed rates during P3 and P2 runs are of similar 

magnitude. 

The deactivation during P2 runs can also vary from time to time depending on the operating 

conditions and in which proportion D21 and D22 are blended. These observations go quite hand 

in hand with the theory and the practical experience. 
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5 Examination of catalyst deactivation during similar product run 
In the previous chapter, possible signs of deactivation (increase in WABT) could be seen during 

P2 and P3 runs while no such sign (nearly a constant WABT) was seen for P4 and P5 runs. In 

this chapter, P3 and P2 runs at different time periods have been analyzed with a view to finding 

out a sign of deactivation during similar product runs. 

In the following sections, comparisons are made between same product runs at different time 

periods to see whether there had been significant difference in ∆T. Since, exothermic reactions 

take place inside the reactor, there is temperature rise across the length of the reactor. If the 

catalyst surface had been blocked by organic nitrogen molecules then there would be less 

reaction sites available for the reactants. For the similar feed composition, feed rate and inlet 

temperature to the reactor, this blocking off  by nitrogen compounds will result in less ∆T 

development (more reaction = more ∆T/ less amount of reaction = less ∆T development). Two 

cases have been presented below (chapter 5.1 and 5.2): 

5.1 P3 product run 
P3 runs at two different periods have been compared and it can be seen from figure 27 that the 

feed rate was almost of the same magnitude (approximately X ton/h) for the two runs (except in 

the beginning and in the end which is probably due to shifting).  

 

 

Figure 27: Feed rate of P3 at two different periods of time 
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From figure 28, it can be seen that in one case (P3 run between 2014-03-28 and 2014-03-31) the 

inlet temperature has nearly been constant while in the other case (P3 run between 2013-06-17 

and 2013-06-20) a continuous increase in the inlet temperature can be seen.  

 

 
 

 Figure 28: Inlet temperature to reactor X for P3 product runs at two different time periods 

 

From figure 29, it can be seen that there had been significant difference in ∆T development 

during these two P3 runs. 

 

Figure 29: ∆T over bed X reactor X  for P3 runs at two different periods 
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From figure 28 and 29, it can be seen that during P3 run between 2014-03-28 and 2014-03-31, 

the inlet temperature was about X⁰C and ∆T development was between X⁰C. While in the other 

case (P3 run between 2013-06-17 and 2013-06-20) the inlet temperature was around X⁰C in the 

beginning and then increased stepwise to about X⁰C. ∆T development was about Y⁰C. Less ∆T 

development with almost the same feed rate and a higher average inlet temperature can probably 

be a sign of catalyst deactivation.  

Hydrogen gas flow rate during these two P3 runs was also analyzed to ensure that hydrogen was 

not a limiting reactant which contributed to less ∆T development (less reaction). It became 

evident that hydrogen flow (hydrogen gas blended with oil) rate was much higher for the case 

(P3 run between 2014-03-28 and 2014-03-31) where ∆T development was much lower (see 

figure 30 below). 

 

Figure 30: Hydrogen flow to bed X reactor X for P3 runs at two different periods 

Since both the inlet oil and hydrogen gas mixture was heated up to the same temperature in the 

heat exchangers prior to entering reactor X, the gas-oil mixture should have same inlet 

temperature and there should not be any quench due to the higher flow of hydrogen gas. By 

performing energy balance this has been checked (see appendix 1). These results have been 

summarized in table 3. Based on these results, it can be said that catalyst bed X had probably 

been affected due to deactivation during the P3 run between 2014-03-28 and 2014-03-31. 
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P3 Feed rate Inlet temperature ∆T 
Hydrogen 

flow rate 

Run between 

2014-03-28 and 

2014-03-31 

Similar, 

stable 
~X⁰C, stable 

 ~ X⁰C (lower), 

stable 

Higher (~X 

Nm
3
/h) 

Run between 

2013-06-17 and 

2013-06-20 

Similar, 

stable 

~X⁰C in the beginning, 

stepwise increase to 

X⁰C at the end 

~ Y⁰C(higher), 

stable 

Lower (~X 

Nm
3
/h) 

Table 3: Comparison between two P3 runs 

5.2 P2 product run 
For P2 products, D21 and D22 distillates are blended in different proportions. When the feed 

composition changes the reactor operating condition also changes. In general, for crude X, 

reactors are run at a higher temperature. It was difficult to find two P2 runs with exact similar 

feed rate, inlet temperature and run length. Nevertheless, a comparison is made between two P2 

runs. 

 

Figure 31: Feed rate during two P2 runs  
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Figure 32: Inlet temperature during two P2 runs  

It can be seen from figure 32 that the inlet temperatures had not been constant for both of the 

runs. Specially, there had been large variation in P2 run between 2014-04-13 and 2014-04-18. 

Figure 33 depicts the ∆T over bed X (reactor X) during these two runs. It can be seen that for one 

case ∆T development had been about X⁰C (run between 2014-04-13 and 2014-04-18) while for 

another case ∆T had been about Y⁰C (run between 2014-04-27 and 2014-05-03). 

 

Figure 33: ∆T over bed X reactor X during two P2 runs  
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Figure 34: Hydrogen flow to bed X reactor X for P2 runs at two different periods 

From figure 34, it can be seen that for P2 run between 2014-04-27 and 2014-05-03, hydrogen 

flow rate was much higher than for P2 run between 2014-04-13 and 2014-04-18. These results 

have been summarized in the table 4. 

P2 Composition Feed rate 
Inlet 

temperature 
∆T 

Hydrogen 

flow rate 

Run between 

2014-04-13 

and 2014-04-

18  

XX% 

D21/XY% 

D22 

Marginally 

higher, stable 

Marginally 

higher, variation 

Higher 

(~X⁰ C), 

stable 

Lower 

Run between 

2014-04-27 

and 2014-05-

03  

YY% D21/ 

YX% D22 

Marginally 

lower, stable 

Marginally 

lower, gradual 

decrease 

Lower 

(~Y⁰ C), 

stable 

Higher 

Table 4: Comparison between two P2 runs 

Due to these process variations, it was very difficult to find any sign of catalyst deactivation. ∆T 

had been different for these two runs. But at the same time feed rate and composition, inlet 

temperature and hydrogen flow rate varied in such a way that it became difficult to compare 

these two P2 runs. Nevertheless, it can be seen that when the blend contained more Crude X, ∆T 

was lower despite the higher hydrogen flow. Sometimes, it can be difficult to find two P2 runs 

with similar run length. Sometimes a totally different feed blend can be used to produce P2 

which in turn can give rise to different start of run strategies (one more variable). For example, in 

2014-06-21, P2 was produced by blending X% D22 and Y% D32. Due to the different blend 

composition, there can be variability in the inlet temperature and consequently ∆T development. 

These variations make it complicated to examine catalyst deactivation during P2 run by using 

this method. 
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6 Following up catalyst deactivation using a kinetic model 
The aim of this chapter is to make a simple and a reasonable kinetic model that can assess 

catalyst deactivation rate and predict required process changes to meet product specifications. 

The model has been made based upon HDS kinetics for the following reasons: 

 Nitrogen compounds are present in ppm level and the contribution to the heat 

development across the reactor caused by HDN reactions are significantly less than the 

contribution to the heat development by HDS and HDA reactions (although the formation 

enthalpy of NH3 is higher than the formation enthalpy of  H2S). 

 Direct correlation has been found from previous research between the increased amount 

of nitrogen compounds on the feed and a decrease in HDS activities. Researchers have 

showed how the nitrogen compounds reduce HDS activity by blocking the active sites 

[16]. 

 Hydrogen consumption due to the HDA reactions is much higher than due to the HDS 

reactions at Nynas. Nevertheless, the model could not be made based upon HDA kinetics 

mainly because of two reasons: 1) lack of sampling points after reactor X and X and 2) 

difference in operating conditions of the reactors. HDA reactions take place in all X 

reactors although the extent of reaction is different depending on the saturation of mono-, 

di-, tri- and polyaromatics. It can further be assumed that HDS reactions take place in 

both reactor X and X while HDN reactions occur mostly in reactor X. [21]  

 HDA reactions are limited by equilibrium while HDS reactions are not limited by 

equilibrium under Nynas circumstances. 

 There have been difficulties in measuring the aromatic content of the distillates since 

distillates contains water and cells which are used in FTIR method contains salt and can 

easily be dissolved. Thus cells can become invalid for further measurements and multiple 

filtration of a lot of samples is time consuming. How the correction is made (operator 

variability) is also a parameter during aromatic content measurement.  

 It is a common practice in the refineries to follow HDS activity for following up catalyst 

performance over the period of time. 
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6.1 Assumptions 

The following assumptions have been made in building this model 

 The behavior of a downflow trickle phase reactor has been approximated by an ideal plug 

flow reactor (PFR). 

 Reactant composition, flow rate and temperature profile are uniform across the reactor 

diameter. Negligible back mixing of the reactants.  

 Radial uniformity although there exists three phase systems (solid catalyst, liquid oil and 

hydrogen gas). 

 All reactants have the same average reactivity, reaction order and activation energy. 

 No equilibrium limitations. No consideration for sequential reactions or reaction 

intermediates. [19] 

6.2 Derivation of the kinetic model 
Differential species balance on sulfur (s) for PFR follows as 

−𝑟𝑆𝑑𝑉 = 𝜐0𝑑𝐶𝑆         𝐸𝑞. (2) 

    

Where, 𝑟𝑆 is rate of reaction, 𝜐0 is volumetric flow,  𝐶𝑆 is concentration of sulfur and 𝑉 is catalyst 

volume. Equation (2) can be rewritten as 

𝑑𝑉

𝜐0
=

𝑑𝐶𝑆

−𝑟𝑆
 

Taking integration across the reactor volume from feed concentration 𝐶𝑆,𝑓 to product 

concentration 𝐶𝑆,𝑝 yields the following equation 

∫
𝑑𝑉

𝜐0

𝑉

0

= ∫

    
𝑑𝐶𝑆

(−𝑟𝑆)
 

𝐶𝑆,𝑝

 𝐶𝑆,𝑓

 

    

→ 
𝑉

𝜐0
= ∫   

𝑑𝐶𝑆

(−𝑟𝑆)

𝐶𝑆,𝑝

 𝐶𝑆,𝑓

        𝐸𝑞. (3) 

By definition, the ratio   
𝜐0

𝑉
  is the mathematical expression of space velocity (in this case LHSV, 

liquid hour space velocity). LHSV is defined as  

𝐿𝐻𝑆𝑉 =
𝑄(𝑓𝑒𝑒𝑑 𝑟𝑎𝑡𝑒)

𝑉𝑐𝑎𝑡(𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑣𝑜𝑙𝑢𝑚𝑒)
=  

𝜐0

𝑉
        𝐸𝑞. (4) 
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Insertion of equation (4) into equation (3) yields 

1

𝐿𝐻𝑆𝑉
= ∫

𝑑𝐶𝑆

(−𝑟𝑆)

𝐶𝑆,𝑝

 𝐶𝑆,𝑓

            𝐸𝑞. (5) 

For a first order reaction of species s, the rate of reaction is proportional to the concentration of s 

and can be written as 

𝑟𝑆 = 𝑘𝐶𝑆 

Rate constant k here represents catalyst activity. During HDS, a lot of complex reactions take 

place and the reaction order is found not to be of first order. That’s why an 𝑛𝑡ℎ order reaction 

rate is used. Order 𝑛 of HDS reaction depends on the type of feedstock, distribution of sulfur 

molecules in the feed and on the target conversion in the hydrotreater. [12] So, the modified 

reaction rate is 

𝑟𝑆 = 𝑘𝐶𝑆
𝑛           𝐸𝑞. (6) 

Putting the value of  𝑟𝑆 into equation (5) yields 

1

𝐿𝐻𝑆𝑉
= ∫

𝑑𝐶𝑆

(−𝑘𝐶𝑆
𝑛)

𝐶𝑆,𝑝

 𝐶𝑆,𝑓

     

→
𝑘

𝐿𝐻𝑆𝑉
= ∫

𝑑𝐶𝑆

(−𝐶𝑆
𝑛)

𝐶𝑆,𝑝

 𝐶𝑆,𝑓

        𝐸𝑞. (7) 

And for 𝑛 ≠ 1 analytical solution to equation (7) gives the following rate constant 𝑘 

𝑘𝐻𝐷𝑆 =
𝐿𝐻𝑆𝑉

(𝑛 − 1)
∗ [ 

1

𝐶𝑆,𝑝
𝑛−1 −

1

𝐶𝑆,𝑓
𝑛−1 ]       𝐸𝑞. (8) 

  

The rate constant 𝑘 depends on temperature, feedstock, hydrogen and hydrogen sulfide partial 

pressure and other operating conditions [19]. 

The temperature dependence of rate constant 𝑘 can be correlated by Arrhenius equation as 

𝑘 = 𝐴 ∗ 𝑒(
−𝐸𝐴
𝑅𝑇

)                       𝐸𝑞. (9) 

Where EA = Activation energy, R = gas constant, T = temperature and A = pre-exponential factor 
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Equation (9) can be used to calculate reference reaction rate, 𝑘𝑟𝑒𝑓 and normalized/predicted 

reaction rate  𝑘𝑛𝑜𝑟𝑚 . 

→ 𝑘𝑟𝑒𝑓 = 𝐴 ∗ 𝑒 
(

−𝐸𝐴
𝑅∗𝑇𝑟𝑒𝑓

)
             𝐸𝑞. (10) 

→ 𝑘𝑛𝑜𝑟𝑚 = 𝐴 ∗ 𝑒
(

−𝐸𝐴
𝑅∗𝑇𝑛𝑜𝑟𝑚 

)
         𝐸𝑞. (11)  

 

Dividing equation (10) by equation (11) yields 

𝑘𝑟𝑒𝑓

𝑘𝑛𝑜𝑟𝑚
= 𝑒

−𝐸𝐴
𝑅

∗[
1

𝑇𝑟𝑒𝑓
−

1
𝑇𝑛𝑜𝑟𝑚

]
                    𝐸𝑞. (12) 

Equation (12) can then be used to calculate required WABT to achieve normalized/predicted rate 

constant. 

𝑇𝑛𝑜𝑟𝑚/𝑊𝐴𝐵𝑇𝑛𝑜𝑟𝑚 = [
𝑅

𝐸𝐴
∗ ln (

𝑘𝑟𝑒𝑓

𝑘𝑛𝑜𝑟𝑚
) +

1

𝑇𝑟𝑒𝑓
]

−1

         𝐸𝑞. (13) 

𝑇𝑛𝑜𝑟𝑚 / 𝑊𝐴𝐵𝑇𝑛𝑜𝑟𝑚  can then be compared with the actual temperature 𝑇𝑎𝑐𝑡𝑢𝑎𝑙 / 𝑊𝐴𝐵𝑇𝑎𝑐𝑡𝑢𝑎𝑙 

prevailing inside the hydrotreater reactor. The requirement for running the reactor at higher 

temperature than the calculated/predicted temperature (𝑇𝑛𝑜𝑟𝑚) to achieve the desired conversion 

can possibly be coupled with catalyst deactivation. If the actual temperature is less than the 

calculated temperature for the same desired conversion then it can be said that the catalyst is 

rather active and the catalyst activity is not limited by deactivation. 

The reactor can also run at a higher temperature than the calculated temperature and achieve 

more than the desired conversion. This phenomenon indicates overtreatment of the feedstock. 

There can be one more case when the reactor can run at a lower temperature than the calculated 

temperature and achieve a lower conversion than the desired. This indicates undertreatment of 

the feedstock. Overtreatment of the feedstocks is not desirable because it can shorten the catalyst 

cycle life (running the reactor at higher temperature accelerates coke formation and catalyst 

deactivation). In case of undertreatment, the reactor is to be run at a higher temperature to meet 

the product specification. This can be either done by increasing the oil/ gas mixture temperature 

at the inlet of the reactor or by reducing the quench gas flow between the catalytic beds. 

Assuming a first order reaction rate ( 𝑛 = 1 ) the following reaction rate can be derived for HDN 

reactions [12]  

𝑘𝐻𝐷𝑁 = 𝐿𝐻𝑆𝑉 ∗ ln (
𝐶𝑁,𝑓

𝐶𝑁,𝑝
)                        𝐸𝑞. (14) 
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And the reaction rate constant for HDA is found to be (see appendix 2) 

𝑘𝐻𝐷𝐴 = 𝐿𝐻𝑆𝑉 ∗ ln [
𝐶𝐴0

𝐶𝐴
]                         𝐸𝑞. (15) 

The rate constant for HDA reaction has been derived to facilitate the product follow up with 

better control. With more sampling points, especially after reactor X and X in the future, both the 

HDS and HDA rate constants can be used to follow up catalyst performance with better 

accuracy. 

 

6.3 Why not LHHW kinetics 

Since heterogeneous catalytic reactions occur inside the reactor during hydrotreatment, it can be 

assumed that Langmuir-Hinshelwood/Hougen-Watson (LHHW) kinetics is best fitted for the 

follow up purpose. [19] The reaction rate according to LHHW kinetics follows as 

𝑟𝑆 =
𝑘 ∗ 𝐶𝑆 ∗ 𝑝𝐻2

1 + ∑𝐾𝑖 ∗ 𝐶𝑖
 

    

During HDS reactions, the concentration of strong adsorbing (nitrogen and polycyclic 

aromatics), moderate adsorbing (hydrogen sulfide, ammonia, aromatics and sulfur compounds) 

and weak (saturates) adsorbing molecules change over the reactor length. This means that the 

inhibition term also varies over the reactor length. This makes it rather complicated to use 

LHHW kinetics. [12] Due to practical reasons therefore in refining industries rather a first order 

or nth order kinetics is used. 

There are also several advantages with analytical solution such as, integration is not required and 

this approach can be easily implemented into Excel. However, the apparent order n is expected 

to exhibit variations with different feedstocks and with degree of conversion. [12] 
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6.4 Basis of the kinetic model  
The oil-gas mixture enters reactor X at a certain temperature and due to exothermic reactions the 

outlet temperature from each catalytic bed is always higher than the inlet temperature (under 

normal process conditions). There is quenching between the beds to have the temperature rise 

under control. After reactor X, the oil-gas mixture is cooled in a series of heat exchangers and 

then enters reactor X. The temperature rise along the reactor length in the reactor X has the 

potential to contribute to polyaromatics build up. 

In the following section where the calculation has been done to follow up catalyst performance, 

it has been assumed that the HDS and HDN reactions are limited to the reactor X and X which 

means there are only HDA reactions in reactor X [21]. Reactor X has therefore been excluded 

from the calculation since the calculation model is based upon HDS kinetics. 

 

6.5 Product run follow up no.1 
To test the model, two P2 product runs were followed up. P2 run was chosen because it is one of 

the most occuring runs at HT2 and from the plotting of WABT, it showed sign of catalyst 

deactivation (see chapter 4). 

 

6.5.1 Calculation of the activation energy Ea 

To use the kinetic model, the activation energy value is required. To calculate the activation 

energy, the whole product run (P2) has been divided into four parts (total run period: 2014-09-09 

19:00 to 2014-09-17 07:00) and average sulfur in the feed and product, feed rate, LHSV, kHDS 

and WABT at these periods have been measured/calculated (see table 5). 

Period 

Cs,feed 

average  

(w/w%) 

Cs, product 

average 

(ppm) 

Feed 

rate average 

(m
3
/h) 

LHSV kHDS 
WABT 

(⁰C) 

1. X X X X 2.93 X 

2. X X X X 3.64 X 

3. X X X X 5.01 X 

4. X X X X 4.63 X 

Table 5: Measured/calculated data during P2 run (between 2014-09-09 and 2014-09-17) 
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Total catalyst volume in the reactors is ~ X m
3
.The average density of P2 has been approximated 

as X kg/m
3
(product datasheet) since density is not often measured. 

From Arrhenius equation the following relationship is found 

  𝑘 = 𝐴 ∗ 𝑒(
−𝐸𝐴
𝑅𝑇

)
 . Taking natural logarithm (ln) in both sides of the equation yields 

→ lnk= lnA- Ea/(RT) ;  

Comparing this equation [lnk= lnA- Ea/(RT)] with y=mx+C yields  

m(tangent)=Ea/R 

Plotting lnkHDS vs 1/T yields 

 

Figure 35: Determination of activation energy; plot of lnkHDS vs. 1/T 

From figure 35,  Ea/R=18520;  

→ Ea ≈ 36800 cal/mol. For the VGO with reaction order, n = 1.65, Ea value was found to be 

~29000 cal/mol [12]. 

6.5.2 Calculation example no.1 
Total run period: 2014-09-09 19:00 to 2014-09-17 07:00 

After P5 run, the catalyst is assumed to be fresh and active. The WABT has been calculated for 

this initial time period (which is X⁰C) according to equation (1). Together with this WABT and 

rate konstant kHDS at this initial period,  WABT for other periods (period 1. 2014-09-12 11:00 to 

2014-09-14 20:00 / period 2. 2014-09-14 21:00 to 2014-09-16 06:00/ period 3. 2014-09-16 07:00 

to 2014-09-17 06:00) have been calculated. These calculated (predicted) WABTs have then been 

compared with the actual WABTs. 

y = -18520x + 31,167 

R² = 0,9951 
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Initial period: 2014-09-09 (22:00) to 2014-09-10 (14:00) (shifting from P5) 

Average feed rate during this period: X m
3
/h (=Q)  (density T110CV=X  kg/m

3
) 

𝐿𝐻𝑆𝑉 =
𝑄

𝑉𝑐𝑎𝑡
=

𝑓𝑒𝑒𝑑 𝑟𝑎𝑡𝑒

𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑣𝑜𝑙𝑢𝑚𝑒
   

Catalyst volume = X m
3
 

LHSV= X  h
-1

 

Reaction order, n = 1.7 (for HSRGO and VGO n ≈ 1.65-2.1) [12, 23] 

Average feed sulfur (w/w%) = X (measured) 

Average product sulfur (ppm) = X (measured) 

Putting these values in equation (8) derives 

 kHDS = 3.67 

Period 2: 2014-09-14 (kl. 00:00) to 2014-09-15 (kl. 23:00) 

Average feed rate during this period: X m
3
/h 

LHSV= X  h
-1  

Average feed sulfur (w/w%) = X (measured) 

Average product sulfur (ppm) = X (measured) 

Using the same reaction order and putting all values in equation (8) yields 

kHDS = 4.98 

Calculated /predicted WABT according to equation (13) yields 

𝑇𝑝𝑟𝑒𝑑𝑖𝑐𝑡𝑒𝑑 = [
𝑅

𝐸𝐴
∗ ln (

3.67

4.98
) +

1

𝑋
]
−1

 = 𝑋 𝐾 

Tactual = X ⁰C 

Difference: Tactual – Tpredicted = 4.81 ⁰C 

In the same way, calculation has been done for two other periods[ (2014-09-12  00:00 to 2014-

09-14  23:00) and (2014-09-16  00:00 to 2014-09-17  06:00)]. The result altogether is presented 

below 
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Period 
2014-09-12  00:00 to 

2014-09-13  23:00 

2014-09-14  00:00 to 

2014-09-15  23:00 

2014-09-16  00:00 to 

2014-09-17  06:00 

Feed rate avarage 

(ton/h) 
X X X 

Feed rate average 

(m
3
/h) 

X X X 

LHSV(h
-1

) X X X 

n(reaction order) 1.7 1.7 1.7 

(n-1) 0.7 0.7 0.7 

Average product 

sulfur (ppm) 
X X X 

kHDS 4.05 4.98 4.53 

Tpredicted (⁰C) X X X 

Tactual (⁰C) X X X 

Difference in 

temperature (⁰C) 
5.7 4.8 5.2 

Table 6: Calculation results from P2 run (between 2014-09-09 and 2014-09-17) 

 

The predicted (calculated) and the actual reactor temperatures have been plotted in figure 36. 

 

 Figure 36: Comparison between predicted and actual WABT during P2 run 
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The value of  H2 avaiability has been 3.0 or above 3.0 during this product run (see figure 37). 

The feed rate has been stable almost over the whole period of time (see figure 38).  

 

Figure 37: H2 availability during P2 product run 

 

Figure 38: Feed rate during P2 product run  

It can be seen from figure 39 that there has been an increase in KEM value (chemical hydrogen 

consumption) over period of time during this run. 
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Figure 39: H2 consumption (KEM) during P2 run 

There has been an increase in WABT during this P2 run which can be seen from figure 40. 

 

Figure 40: WABT during P2 run (between 2014-09-09 to 2014-09-17/ shifting from P5) 

Figure 41 below depicts the product sulfur and nitrogen content and figure 42 depicts the product 

aromatic content during this P2 run. 
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Figure 41: Sulfur and Nitrogen in the product during P2 run 

 

Figure 42: Product aromatic content during P2 run 
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6.5.3 Summary of the product run follow up no.1 
From the calculation using the kinetic model, it can be seen that there has been process severity 

during the run compared to the start of run. To produce the product that meets the specification 

(from aromatic content point of view) the reactors were run at a higher temperature than the 

predicted temperature (see figure 36). From figure 40, a gradual increase in WABT can be 

noticed whereas product aromatic content has been within the range (see figure 42). The feed 

rate during this run has nearly been constant (see figure 38) which indicates the stability of the 

process. The hydrogen availability value has been equal or higher than the recommended value 

for the most of the period during this run (see figure 37). This means hydrogen has not been the 

limiting reactant. Running the reactor at a higher temperature than the calculated temperature to 

produce the same product that meets the specification can possibly be coupled with catalyst 

deactivation under the above circumstance. 

The target aromatic value in P2 products is X% (w/w %). The limiting (aromatic) values are X 

respective X% and miss limits (Swedish: missgränser) are X respective X% (aromatic). 

Maximum product sulfur content is X%.  From figure 41, it can be seen that product sulfur value 

has for the most of the time been under X% and during the later period, it has been under or very 

close X%. From figure 42, it can be seen that product aromatic content value has been under X% 

for the most of the time and only for a brief period of time it has been over X% but never over 

X% (miss limit).  

An increase in WABT (figure 40) and KEM (figure 39) can be noticed for a nearly constant feed 

rate (figure 38). An increase in WABT can be coupled with process severity and possible catalyst 

deactivation. But an increase in KEM value at the later period of run can be coupled with 

overtreatment of the feed (it should be noted here that KEM takes into consideration the 

reactions/hydrogen consumption in all of the reactors  whereas process follow-up calculation is 

based upon the reactor X and X). The KEM value (chemical hydrogen consumption per ton feed) 

is proportional to the amount of the reactions that have taken place. The KEM value is expected 

to be constant over the period of time when there is no deactivation. 

A possible explanation for the increase in the KEM value: Catalyst deactivation can contribute to 

decreased amount of reaction which should result in a decrease of KEM value. By increasing the 

temperature (right temperature adjustment), a compensation can be made for catalyst 

deactivation and this will result in the increase of KEM value back to the previous value prior to 

deactivation. A higher KEM value at the late stage can mean that a higher compensation 

(temperature increase) than the required has probably been made. A higher temperature than the 

required can potentially lead to the formation of more polyaromatics after reactor X. This may 

result in extra load for reactor X (i.e. more polyaromatic saturation requirement) and eventually 

extra hydrogen consumption as a result of which the KEM value might increase. 
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6.6 Product run follow up no.2 
The total period of the second P2 run was between 2014-10-05 (15:00) to 2014-10-21 (01:00) 

and the shifting was from P4 run. The same methodology as in product run follow up 1 was used 

for the calculation of reference WABT, reference reaction rate constant and WABT and reaction 

rate constant at other periods of time. It has also been assumed that the catalyst is active and 

fresh after the P4 run. 

6.6.1 Calculation example no.2 
Initial Period: 2014-10-05 (15:00) to 2014-10-06 (08:00) 

Average feed rate during this period: X m
3
/h (=Q)   

𝐿𝐻𝑆𝑉 =
𝑄

𝑉𝑐𝑎𝑡
=

𝑓𝑒𝑒𝑑 𝑟𝑎𝑡𝑒

𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑣𝑜𝑙𝑢𝑚𝑒
   

LHSV = X  h
-1

 

Reaction order, n = 1.7  

Average feed sulfur (w/w%) = X (measured) 

Average product sulfur (ppm) = X (measured) 

Putting these values in equation (8) derives 

kHDS = 4.72 

WABT value at this time period is X ⁰C. This reaction rate constant (kHDS = 4.72) and WABT (X 

⁰C) have been chosen as the reference condition. 

Period: 2014-10-11 (00:00) to 2014-10-13 (23:00) 

Average feed rate during this period: X  m
3
/h 

LHSV= X  h
-1  

Average feed sulfur (w/w%) = X 

Average product sulfur (ppm) = X 

Using same reaction order (n = 1.7) and putting all values in equation (8) yields 

kHDS = 4.30 
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Calculated predicted WABT according to equation (13) yields 

𝑇𝑝𝑟𝑒𝑑𝑖𝑐𝑡𝑒𝑑 = [
𝑅

𝐸𝐴
∗ ln (

4.72

4.30
) +

1

𝑋
]
−1

 = 𝑋 𝐾 

 

Tactual= X ⁰C 

Difference: Tactual – Tpredicted = 4.10 ⁰C 

In the same way, calculation has been done for two other periods[ (2014-10-14  00:00 to 2014-

10-16  23:00) and (2014-10-17  00:00 to 2014-10-21  01:00)]. The result altogether is presented 

below: 

Period 

2014-10-11  00:00 to 

2014-10-13  23:00 

 

2014-10-14  00:00 to 

2014-10-16  23:00 

2014-10-17  00:00 to 

2014-10-21  01:00 

Feed rate avarage 

(ton/h) 
X X X 

Feed rate average 

(m
3
/h) 

X X X 

LHSV(h
-1

) X X X 

n(reaction order) 1.7 1.7 1.7 

(n-1) 0.7 0.7 0.7 

Average product 

sulfur (ppm) 
X X X 

kHDS 4.30 4.63 4.79 

Tpredicted(⁰C) X X X 

Tactual (⁰C) X X X 

Difference in 

temperature (⁰C) 
4.1 4.0 3.6 

Table 7: Calculation results from P2 run (between 2014-10-05 and 2014-10-21) 
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The predicted (calculated) and the actual reactor temperatures have been plotted in figure 43

 

Figure 43: Comparison between predicted and actual WABT during P2 run 

The value of  H2 avaiability has been 3.0 or above 3.0 during this product run (see figure 44). 

The feed rate has been stable almost over the whole period of time (see figure 45).  

 

Figure 44: H2 availability during P2 product run 
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Figure 45: Feed rate during product run P2 

An increase in KEM value (chemical hydrogen consumption) during this run can be noticed (see 

figure 46). 

 

Figure 46: H2 consumption (KEM) during P2 run 
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An increase in WABT during this P2 run can be seen from figure 47.  

 

Figure 47: WABT during P2 run (between 2014-10-05 to 2014-10-21/ shifting from P4) 

Figure 48 below depicts the product sulfur and nitrogen content and figure 49 depicts the product 

aromatic content during this P2 run. 

 

Figure 48: Sulfur and Nitrogen in the product during P2 run 
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Figure 49: Product aromatic content during P2 run 

6.6.2 Summary of the product run follow up no.2 
Almost, the same trend as in product run follow up 1 can also be seen during process follow up 

2. For most of the time period, the product sulfur content has been around or less than X% 

(figure 48) and the product aromatic content have been within the range (figure 49). An increase 

in WABT (figure 47) and KEM (figure 46) can also be noticed. The feed rate at this period has 

almost been constant (see figure 45) which indicates a stable process. The hydrogen availability 

value has been equal or higher than the recommended value for the whole period during this run 

(see figure 44). 

The reactors were run at higher temperatures than the calculated temperatures (figure 43) to 

produce a product that meets the product aromatic specification. The process severity and an 

eventual increase in WABT is probably a sign of catalyst deactivation. The same argument as in 

chapter 6.5.3 can be applied to explain the increase of KEM value. 
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6.7 Limitations of the model 
The model has only been tested for two P2 runs and  needs to be tested for different product runs 

under a long period of time to assess whether the results are significant. Apart from this fact, a 

few other limitations of the model are listed below: 

 The calculation of the activation energy, Ea, requires a large operating window; the 

reactors in the hydrotreater unit have a very small operating window. 

 Activation energy is a product specific property. The follow up of different product runs 

with different feed content requires calculation of individual activation energies for each 

product. 

 Mass transport and diffusion limitations have not been taken into consideration. 

 The density of the oil has been kept constant in the calculation while in reality, the oil 

density changes across the reactor length. 

 The reaction order has not been determined rather an approximate value was used based 

on literature data available for vacuum gas oil and heavy straight run gas oil. 

 The influence of the partial pressure of hydrogen gas on the reaction rate constant and the 

inhibition by hydrogen sulfide have not been included. 

 Other important parameters such as viscosity and flash point have not been considered. 
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7 Discussion  
An increase in WABT can be seen during P2 and P3 runs while it remained nearly unchanged 

during P4 and P5 runs, see chapter 4. Higher LHSV, higher content of nitrogen compounds in 

the feeds and lower operating temperature can altogether contribute to eventual temperature 

increase (increase in WABT) during P2 and P3 runs which is a possible sign of catalyst 

deactivation. Lower LHSV and higher operating temperature during P4 and P5 runs probably 

prevented nitrogen compounds from being adsorbed into the catalyst active sites. For this reason 

the WABT remained nearly constant during P4 and P5 runs. 

Although feed with higher nitrogen content needs to be treated at a higher temperature in order to 

offset nitrogen deactivation of the catalyst, P2 and P3 products cannot be run at a high 

temperature in order to meet the product specification. For this reason the catalyst gets 

deactivated more during these runs. 

A possible sign of catalyst deactivation was found while comparing two P3 runs at two different 

periods of time, see chapter 5. The method, used to find signs of catalyst deactivation, was to 

compare ∆T development during similar product runs for similar process variables (feed rate, 

inlet temperature, hydrogen flow rate). However, it was difficult to find any possible sign of 

deactivation by using this method for P2 runs due to process variability such as difference in 

blend and composition, fluctuation in inlet temperature, different run length and variation in 

hydrogen flow. 

From the calculations using the kinetic model (chapter 6), it can be seen that there has been 

process severity during the run compared to the start of run. In both cases, to produce a product 

that meets the aromatic content specification, the reactors were run at higher temperatures than 

the predicted temperatures, see figure 36 & 43. This indicates possible catalyst deactivation 

during these two runs. 

In both cases, the product sulfur and nitrogen followed the same pattern, see figure 41 & 48. This 

probably indicates that the HDS and HDN reactions are both affected in the same way by 

nitrogen deactivation. When nitrogen compounds block the active sites, both the product sulfur 

and nitrogen content increase. When compensation is made for the deactivation by increasing the 

temperature and by knocking off the nitrogen compounds from the active sites the catalyst 

activity increases. This results in increased amount of HDN and HDS reaction activities and thus 

the product sulfur and nitrogen decrease. The product aromatic and HDA reactions probably also 

followed the same pattern except for the polyaromatic formation part which could increase the 

product aromatic content. However, this increase could not be seen probably due to the operation 

of reactor X. 
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8 Conclusion 
Possible signs of catalyst deactivation due to nitrogen compounds could be seen from the 

increase in WABT during P2 and P3 runs. From the historical data analysis, a probable sign of 

catalyst deactivation was found while comparing two P3 runs at two different periods of time. 

The process follow up indicated that the reactors were running at higher temperatures than the 

calculated temperatures based on the kinetic model calculation which can possibly be coupled 

with nitrogen deactivation of the catalysts during the runs. However, in order to verify whether 

the temperature differences were significant or not and to make further decisions more tests are 

required. Other parameters which are also important from product selling point of view such as 

viscosity, color, flash point, acid number etc. and have not been covered in this thesis project 

need to be taken into consideration.  
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9 Recommendations for future work 

 The kinetic model can be further developed by considering the influence of hydrogen 

partial pressure (eq.16) and incorporating hydrogen sulfide inhibition term (eq.17) (see 

appendix 3). Other parameters which are also important from product selling point of 

view such as viscosity, color, flash point, acid number etc. and have not been covered in 

this degree project need to be taken into consideration before determining the operation 

severity (whether the temperature difference is significant or not) and making further 

decisions.  

 A statistical database over similar product runs can be developed including the optimal 

feed rate, average inlet temperature of the oil-gas mixture, hydrogen availability, purity 

of hydrogen gas and ∆T development over catalyst beds. This statistical approach will 

help determine the optimal performance of each bed under normal process conditions and 

deviation from this can give a good indication of deactivation. 

 The above mentioned statistical approach can also help determine the optimal WABT 

requirement for each product run. These WABTs can be used as reference WABTs. By 

using the kinetic model and these reference WABTs, a normalization curve over each run 

can be obtained. Actual WABT during the run can then be plotted and compared with the 

normalization curve. The slope of the normalized WABT over time will indicate the 

deactivation rate. It is noteworthy that the catalyst deactivation is a nonlinear process and 

the deactivation rate can vary during a run (different slopes can indicate relaxed or severe 

operation mode) [12]. 

 Careful selection and management of data is important while making the statistical 

database. There are multiple thermocouples to measure the temperature inside the 

reactors at various points. Large difference between radial ∆T values is a sign of mal 

distribution inside the reactor. These values should not be used since under such 

operating condition full catalyst activity is not utilized (less optimal unit performance). 

Mal distribution can originate due to channeling or bad gas-liquid distribution at the top 

of the bed.  

 Arrangement for more sampling points: More sampling points especially after reactor X 

& X will provide the opportunity to follow up catalyst performance with more accuracy 

(by using both HDS and HDA kinetics). 

 More nitrogen measurement: More measurement is required to quantify an even more 

accurate nitrogen range of the feed. The nitrogen content of the feed, the temperature 

adjustment and the performance of the catalyst should be followed up. A correlation can 

be made between the nitrogen content of the feed and the temperature adjustment. 

 Installment of an adsorption unit: The removal of nitrogen compounds prior to 

hydrotreatment can minimize nitrogen deactivation and eventual operation severity. 

Thus, an enhanced catalyst performance can be achieved. Nitrogen compounds can be 

removed from the feed (distillates) by means of adsorption using silica-alumina in 
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varying ratio [16]. Further studies and investigations are required to verify whether an 

additional nitrogen adsorption unit prior to hydrotreatment can be installed in HT2. 

 Handling of more feed: Further investigation is required to check whether more feed can 

be handled during the first hours especially after shifting from P4 and P5 runs. 

 Scheduling: Since both P2 and P3 runs tend to deactivate the catalyst, a P4 run can be 

scheduled in between them. 
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Appendices 

1 Energy balance 
There was no significant difference between the outlet temperature of the oil-gas mixture from 

bed X and the inlet temperature to bed X for these two cases (mentioned below) even though 

there had been quench gas flow in the quench zone (see table 8 below). It is difficult to comment 

why there was no quench (i.e. outlet temperature from bed X and inlet temperature to bed X 

were the same).  

 
P3 run 

(from 2014-03-28 to 

2014-03-31) 

P3 run 

(from 2013-06-17 to 

2013-06-20) 

Average feed (ton/h) X X 

Average inlet temp (⁰C) X X 

Bed X bottom (⁰C) X X 

Bed X top (⁰C) X X 

Average ∆T (⁰C) over bed X X X 

Average hydrogen flow mixed with oil at 

inlet (Nm
3
/h) 

X X 

Average hydrogen flow (quench) in between 

bed X & X (Nm
3
/h) 

X X 

Table 8: Comparison between two P3 runs 

The difference in average hydrogen gas flow at the inlet to reactor X was around X m
3
/h which 

was equivalent to approximately X kg/h. Since no quench was seen (see table 8), energy balance 

was performed for the same run at another time to estimate the quench effect (P3 run between 

2013-07-02 and 2013-07-06 where there was significant difference between the outlet 

temperature from bed X and inlet temperature to bed X). 

The purpose of performing an energy balance is to estimate what temperature difference is 

required between the oil-gas blend at the outlet of bed X (reactor X) and the quench gas 

(hydrogen) to have quench effect. Feed rate, inlet temperature and ∆T value for P3 run (between 

2013-07-02 and 2013-07-06) has been plotted below (see figure 50 & 51). 
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Figure 50: Feed rate during P3 product run (from 2013-07-02 to 2013-07-06) 

 

  

Figure 51: Inlet temperature and ∆T over bed X reactor X  for P3 product run (from 2013-07-02 

to 2013-07-06) 
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Various parameters of this P3 run (between 2013-07-02 and 2013-07-06) are given below: 

 
P3 run 

(between 2013-07-02 and 2013-07-

06) 

Average feed (ton/h) X 

Average inlet temp (⁰C) X 

Bed X bottom (⁰C) X 

Bed X top (⁰C) X 

Average ∆T (⁰C) over bed X X 

Average hydrogen flow mixed with oil at inlet (Nm
3
/h) X 

Average hydrogen flow (quench) in between bed X & X 

(Nm
3
/h) 

X 

Table 9: Process parameters during P3 run (between 2013-07-02 and 2013-07-06) 

The gas-oil blend enters reactor X. After passing bed X, this blend enters the quench zone before 

moving onto the next bed. 

 

Figure 52: System boundary for energy balance [22] 

Energy balance at the quench zone derives 

𝐸𝑛𝑒𝑟𝑔𝑦 𝑖𝑛 = 𝐸𝑛𝑒𝑟𝑔𝑦 𝑂𝑢𝑡 

→ ∫ 𝑙 ∗ 𝐶𝑝
𝑙

𝑇𝑜𝑢𝑡

𝑇𝑖𝑛

 𝑑𝑇 + ∫ 𝑔 ∗ 𝐶𝑝
𝑔
 𝑑𝑇 = ∫ 𝑞 ∗ 𝐶𝑝

𝑞
 𝑑𝑇

𝑇𝑖𝑛

𝑇𝑞

𝑇𝑜𝑢𝑡

𝑇𝑖𝑛

  [22] 
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𝐻𝑒𝑟𝑒, 𝑙 = 𝑜𝑖𝑙 𝑓𝑙𝑜𝑤 𝑖𝑛 
𝑘𝑔

ℎ
;  𝑔 = ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 𝑓𝑙𝑜𝑤 𝑖𝑛

𝑘𝑔

ℎ
;  𝑞 = ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 (𝑞𝑢𝑒𝑛𝑐ℎ)𝑓𝑙𝑜𝑤 𝑖𝑛

𝑘𝑔

ℎ
; 

 𝐶𝑝
𝑙 = 𝑆𝑝𝑒𝑐𝑖𝑓𝑖𝑐 ℎ𝑒𝑎𝑡 𝑓𝑜𝑟 𝑜𝑖𝑙 𝑖𝑛

𝑘𝐽

𝑘𝑔 ∗ 𝐾
;   𝐶𝑝

𝑔
= 𝑆𝑝𝑒𝑐𝑖𝑓𝑖𝑐 ℎ𝑒𝑎𝑡 𝑓𝑜𝑟 ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 𝑖𝑛

𝑘𝐽

𝑘𝑔 ∗ 𝐾
 

The specific heat for oil has been calculated by using the following correlation 

𝐶𝑝
𝑙 = 4.1868 ∗ [

0.415

√𝜌𝑙(150𝐶)
+ 0.0009 ∗ (𝑇 − 288.15)]  [22] 

The average oil temperature at the outlet of bed X was X⁰C and average oil temperature at the 

inlet of bed X was X⁰C. Oil density at 15⁰C is 0.925 g/cm
3
. The calculated specific heat capacity 

is 𝐶𝑝 

𝑙
≈ 3.0 

𝑘𝐽

𝑘𝑔∗𝐾
  

For hydrogen gas,   𝐶𝑝
𝑔

 values are   𝐶𝑝
𝑔

= 14.55 
𝑘𝐽

𝑘𝑔∗𝐾
  and   𝐶𝑝,   𝑞𝑢𝑒𝑛𝑐ℎ 𝑔𝑎𝑠

𝑔
= 14.4 

𝑘𝐽

𝑘𝑔∗𝐾
 

(approximated). 

𝑇ℎ𝑒 𝑎𝑣𝑒𝑟𝑎𝑔𝑒 ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 𝑎𝑡 𝑡ℎ𝑒 𝑖𝑛𝑙𝑒𝑡 𝑜𝑓 𝑏𝑒𝑑 𝑋 = 𝑋 
𝑁𝑚3

ℎ
≈ 𝑋 

𝑘𝑔

ℎ
 

[𝑋 
𝑁𝑚3

ℎ
∗

1

0.02445 
𝑚3

𝑚𝑜𝑙
(𝑎𝑡 250𝐶)

 ∗ 2 
𝑔

𝑚𝑜𝑙
∗

1

1000 
𝑔
𝑘𝑔

≈ 𝑋 
𝑘𝑔

ℎ
] 

𝑇ℎ𝑒 𝑎𝑣𝑒𝑟𝑎𝑔𝑒 ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 (𝑞𝑢𝑒𝑛𝑐ℎ)𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒 = 𝑋  
𝑁𝑚3

ℎ
 ≈  𝑋  

𝑘𝑔

ℎ
 

The oil flow rate to bed X has been approximated as the inlet oil flow rate to bed X assuming 

insignificant hydrocracking. 

Putting these values in the following equation yields 

∫ 𝑙 ∗ 𝐶𝑝
𝑙

𝑇𝑜𝑢𝑡

𝑇𝑖𝑛

 𝑑𝑇 + ∫ 𝑔 ∗ 𝐶𝑝
𝑔
 𝑑𝑇 = ∫ 𝑞 ∗ 𝐶𝑝

𝑞
 𝑑𝑇

𝑇𝑖𝑛

𝑇𝑞

𝑇𝑜𝑢𝑡

𝑇𝑖𝑛

 

→ 𝑇𝑞 ≈ 𝑋⁰𝐶 

The temperature difference between the reactant mixture (oil and gas) at the outlet of bed X and 

the quench gas at quench zone was around 𝑋⁰𝐶. 

The effect of excessive hydrogen at the inlet can be checked. Using a Cp value of 2.96 kJ/kg*K 

for the oil (at X ⁰C), a Cp value of 14.5 kJ/kg for hydrogen (excess amount of hydrogen at X⁰𝐶) 

and considering the average inlet temperature of X ⁰C for the oil-gas mixture and an excess of X 

kg/h hydrogen flow yields 

→ 𝑇 = 𝑋 ⁰𝐶  
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If the excess hydrogen had a temperature around X⁰𝐶 at the inlet, then the temperature of the oil-

gas mixture would drop by 0.5⁰𝐶.  

Since the excess hydrogen had the same temperature as the oil-gas mixture during P3 run 

between 2014-03-28 and 2014-03-31, it can be said that the reactant mixture was not cooled by 

this extra amount of hydrogen. 

 

2 Derivation of HDA reaction rate constant 
Aromatic saturation is a reversible process and it can be described as the following 

𝐴𝑟𝑜𝑚𝑎𝑡𝑖𝑐𝑠 + 𝑛𝐻2 𝑁𝑎𝑝ℎ𝑡ℎ𝑒𝑛𝑒𝑠 

𝐶𝐴 + 𝑛𝐻2  𝐶𝐴𝐻 
 

𝑅𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒 𝑓𝑜𝑟 𝑓𝑜𝑟𝑤𝑎𝑟𝑑 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑖𝑠 𝑘𝑓 𝑎𝑛𝑑 𝑓𝑜𝑟 𝑏𝑎𝑐𝑘𝑤𝑎𝑟𝑑 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑖𝑠 𝑘𝑟 

 

−
𝑑𝐶𝐴

𝑑𝑡
= 𝑘𝑓 ∗ 𝐶𝐴 ∗ 𝑃𝐻2

𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)    [20] 

 

Taking integration with limits on both sides yields the following 

 

→  −∫
𝑑𝐶𝐴

𝑘𝑓 ∗ 𝐶𝐴 ∗ 𝑃𝐻2
𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)

= ∫ 𝑑𝑡
𝑡

0

𝐶𝐴

𝐶𝐴0

 

 

→  
−𝑙 𝑛[𝐶𝐴 ∗ 𝑘𝑓 ∗ 𝑃𝐻2

𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)]
𝐶𝐴0

𝐶𝐴

𝑘𝑓 ∗ 𝑃𝐻2
𝑛 + 𝑘𝑟

= 𝑡 

 

→ −𝑙 𝑛[𝐶𝐴 ∗ 𝑘𝑓 ∗ 𝑃𝐻2
𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)]

𝐶𝐴0

𝐶𝐴
= 𝑡 ∗ (𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟) 

 

𝐼𝑛𝑠𝑒𝑟𝑡𝑖𝑛𝑔 𝑡 = 1/𝐿𝐻𝑆𝑉 
 

→ −𝑙 𝑛[𝐶𝐴 ∗ 𝑘𝑓 ∗ 𝑃𝐻2
𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)]

𝐶𝐴0

𝐶𝐴
=

1

𝐿𝐻𝑆𝑉
∗ (𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟) 

 

→ ln [
𝐶𝐴0 ∗ 𝑘𝑓 ∗ 𝑃𝐻2

𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴0)

𝐶𝐴 ∗ 𝑘𝑓 ∗ 𝑃𝐻2
𝑛 − 𝑘𝑟 ∗ (1 − 𝐶𝐴)

] =  
𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟

𝐿𝐻𝑆𝑉
 

 

→ ln [
𝐶𝐴0 ∗ (𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟) − 𝑘𝑟

𝐶𝐴 ∗ (𝑘𝑓 ∗ 𝑃𝐻2
𝑛 + 𝑘𝑟) − 𝑘𝑟

] =  
𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟

𝐿𝐻𝑆𝑉
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→ ln

[
 
 
 𝐶𝐴0 −

𝑘𝑟

(𝑘𝑓 ∗ 𝑃𝐻2
𝑛 + 𝑘𝑟)

𝐶𝐴 −
𝑘𝑟

(𝑘𝑓 ∗ 𝑃𝐻2
𝑛 + 𝑘𝑟) ]

 
 
 

=  
𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟

𝐿𝐻𝑆𝑉
 

 

→ ln

[
 
 
 𝐶𝐴0 −

1

(𝐾𝑒𝑞 ∗ 𝑃𝐻2
𝑛 + 1)

𝐶𝐴 −
1

(𝐾𝑒𝑞 ∗ 𝑃𝐻2
𝑛 + 1) ]

 
 
 

=  
𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟

𝐿𝐻𝑆𝑉
            (𝑖) 

 

 

 

𝐴𝑟𝑜𝑚𝑎𝑡𝑖𝑐𝑠 (𝐶𝐴) + 𝑛𝐻2 𝑁𝑎𝑝ℎ𝑡ℎ𝑒𝑛𝑒𝑠(𝐶𝐴𝐻) 

𝐶𝐴 + 𝑛𝐻2  𝐶𝐴𝐻 
 

The equilibrium constant 𝐾𝑒𝑞 for the above aromatic saturation reaction is defined as 
 

→ 𝐾𝑒𝑞 =
𝐶𝐴𝐻

𝐶𝐴 ∗ 𝑃𝐻2
𝑛  

→ 
𝐶𝐴

𝐶𝐴𝐻
=

1

𝐾𝑒𝑞 ∗ 𝑃𝐻2
𝑛  

→ 
𝐶𝐴𝐻

𝐶𝐴
+ 1 = 1 + 𝐾𝑒𝑞 ∗ 𝑃𝐻2

𝑛  

 

→ 
𝐶𝐴𝐻 + 𝐶𝐴

𝐶𝐴
= 1 + 𝐾𝑒𝑞 ∗ 𝑃𝐻2

𝑛 → 
𝐶𝐴

𝐶𝐴 + 𝐶𝐴𝐻
=

1

1 + 𝐾𝑒𝑞 ∗ 𝑃𝐻2
𝑛       (𝑖𝑖) 

 

Combination of(𝑖) and (𝑖𝑖) yields the following 

 

→ ln [
𝐶𝐴0 −

𝐶𝐴

𝐶𝐴 + 𝐶𝐴𝐻

𝐶𝐴 −
𝐶𝐴

𝐶𝐴 + 𝐶𝐴𝐻

] =  
𝑘𝑓 ∗ 𝑃𝐻2

𝑛 + 𝑘𝑟

𝐿𝐻𝑆𝑉
 

 

If the hydrogen pressure is high then it can be said that the equilibrium is shifted to the right 

hand side i.e. rate of forward reaction is much higher than the rate of backward reaction, 

𝑘𝑓 ∗ 𝑃𝐻2
𝑛 ≫ 𝑘𝑟 𝑎𝑛𝑑 

𝐶𝐴

𝐶𝐴+𝐶𝐴𝐻
≪ 1.  

 

As a result of that, it can approximated that  𝐶𝐴0 −
𝐶𝐴

𝐶𝐴+𝐶𝐴𝐻
≈  𝐶𝐴0 and  𝐶𝐴 −

𝐶𝐴

𝐶𝐴+𝐶𝐴𝐻
≈ 𝐶𝐴. [21] 

 

The modified equation gets then the following form 
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→ ln [
𝐶𝐴0

𝐶𝐴
] =  

𝑘𝑓 ∗ 𝑃𝐻2
𝑛

𝐿𝐻𝑆𝑉
 

 

→ 𝑘𝑓 ∗ 𝑃𝐻2
𝑛 ≈ 𝑘𝐻𝐷𝐴 = 𝐿𝐻𝑆𝑉 ∗ ln [

𝐶𝐴0

𝐶𝐴
] 

 
[𝑆𝑖𝑛𝑐𝑒, 𝑘𝑓 ∗ 𝑃𝐻2

𝑛 = 𝑟𝑎𝑡𝑒 𝑜𝑓 𝑎𝑟𝑜𝑚𝑎𝑡𝑖𝑐 𝑠𝑎𝑡𝑢𝑟𝑎𝑡𝑖𝑜𝑛] 

 

𝑘𝐻𝐷𝐴 = 𝐿𝐻𝑆𝑉 ∗ ln [
𝐶𝐴0

𝐶𝐴
]   

 

 

3 Correction and further modification of the kinetic model 
Due to operational changes, correction is required for the rate constants. This correction is 

mainly done empirically. [19] The influence of hydrogen partial pressure on the reaction rate 

constant has empirically been found to be (considering two cases)  

𝑘2

𝑘1
= (

𝑝𝐻2

𝑃𝐻1

)

𝑥

                                 𝐸𝑞. (16) 

Where for HDS  0.5 ≤ 𝑥 ≤ 1 and for HDN  1 ≤ 𝑥 ≤ 2  [19] 

The effect of the treat gas (recycle and make up) rate is to be corrected also at the same time. 

[19] Inhibition by hydrogen sulfide needs to be incorporated into reaction rate constant equation 

𝑘𝑚𝑜𝑑𝑖𝑓𝑖𝑒𝑑 =
𝑘𝑤𝑖𝑡ℎ𝑜𝑢𝑡 𝑖𝑛ℎ𝑖𝑏𝑖𝑡𝑖𝑜𝑛 

1 + 𝐾 ∗ (
𝑝𝐻2𝑆
𝑝𝑡𝑜𝑡

)
            𝐸𝑞. (17) 

K is approximately 20 for HDS reactions. [19]   


