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 1.  INTRODUCTION
 

 Products of fermentation processes are of great importance for mankind as they
are widely used in everyday life, directly as drugs or food, or indirectly as
materials in pharmaceutical, food and chemical industries. Among other things
one can list the main products as: single cell (yeasts), primary metabolites (citric
acid, ethanol, glutamic acid...), secondary metabolites (antibiotics), enzymes
(amylases, proteases, lipases), therapeutic proteins (insulin, interferon, human
growth hormone...), vaccines (hepatitis A, B, combination vaccines...), and
gums (Buckland and Lilly, 1993). The growing list of new commercial
fermentation products, and the increasing demand for their utilisation intensifies
the quest for progresses in bioprocess technology.
 

 Escherichia coli and Saccharomyces cerevisiae are among the most popular
industrial microorganisms for their well studied biology, robustness, and ability
to utilise cheap materials for growth and production. S. cerevisiae has been used
since the very early days of microbial fermentation history for brewing wine and
beer and leavening bread. Recently, with the achievement of modern gene
technology S. cerevisiae can be used as host organism for production of
recombinant proteins (insulin, human epidermal growth factor). From the
fermentation technology point of view wild type yeasts are considered as
excellent objects for research and development, because they are robust and
sufficiently stable in cultivations over an extended period of time (Sonnleitner,
1991). It is the most thoroughly investigated yeast as an experimental model due
to its distinct feature of glucose metabolism (Fiechter and Seghezzi, 1992;
Käppeli, 1986; Lagunas, 1976; Lagunas et al., 1982) and importance in industry.
This organism has been already publicly accepted as non-pathogenic, i.e. safe
producer, which can be easily manipulated genetically and grown on simple and
cheap media compared to that of animal cell cultivation. Also, it is capable of
post-translation modifications of produced proteins (e.g. glycosylation,
phosphorylation and acetylation). Thus, apart from the classical applications in
production of wine, beer, baker’s yeast, and ethanol, S. cerevisiae is also a
potential expression system of recombinant proteins (Bröker et al., 1991;
Carlsen et al., 1997; Coppella and Dhurjati, 1990; Tøttrup and Carlsen, 1990;
Vasavada, 1995).
 

 E. coli is a classical object of microbiological and biochemical studies, but only
recently did it become an industrial organism. It was not until the development
in molecular genetics made it possible to design the genes of this organism, that
E. coli became a host for production. Today, this organism is used for industrial
production of some amino acids and a number of pharmaceutical proteins. In
this thesis E. coli has been used only as a model organism in the experiments
aimed at demonstrating the use of the pH-auxostat for studying microbial
dynamics in continuous cultivations (paper III). The main part of the thesis is
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devoted to the modelling of S. cerevisiae in fed-batch and continuous processes
(papers I, II, IV).
 1.1  The central metabolic pathways and the over-flow metabolism in
Saccharomyces cerevisiae and Escherichia coli
 

 Although S. cerevisiae and E. coli represent two different groups of
microorganisms, i.e. eukaryotes and prokaryotes, respectively, they are both
facultative aerobes and possess similar central metabolic pathways which consist
of Embden Meyerhof Parnas pathway (EMP, or glycolysis), the pentose
phosphate pathway (PP), the tricarboxylic acid cycle (TCA) and the respiratory
chain. Figures 1 and 2 show simplified schemes of the central metabolic
pathways in S. cerevisiae and E. coli, respectively. The main differences in those
pathways between S. cerevisiae and E. coli are found in the by-products formed
from pyruvate (mainly ethanol and acetate, respectively) and the location of the
respiratory chain (the inner membrane of mitochondria and the cytoplasmic
membrane, respectively). The role of the central metabolic pathways is to
generate the energy mediator (ATP), coenzymes (NAD+/NADH, FAD+ /FADH),
reducing power (NADPH), and precursors for biosynthesis.
 

 When S. cerevisiae and E. coli are grown limited on glucose with ammonia as
nitrogen source, approximately 50% of the glucose is used for energy
metabolism, and the rest for anabolism. The junctions at pyruvate and acetyl-
CoA are the most significant for regulation of the throughput relative to the
output of precursors and excreted products (El-Mansi and Holms, 1989; van Urk
et al., 1988). The main C-flux of the energy metabolism goes through the
complete oxidation to carbon dioxide and water in the TCA cycle and
respiration. Under conditions of high glycolytic flux a part of the pyruvate is
channelled to by-products (acetate in E. coli, ethanol and some acetaldehyde and
acetate in S. cerevisiae). This is called over-flow metabolism . Alternative names
are Crabtree effect or glucose effect (De Deken, 1966; Fiechter, 1981).
 

 In S. cerevisiae glucose is transported into the cells by facilitated diffusion. The
kinetic of glucose uptake follows the Monod model with high specific uptake
rate (qSmax = 2.4 gg-1h-1) but a low saturation constant (KS = 0.12 g/L) (Pham et al.,
1998).  In the cytosol it is phosphorylated to glucose-6-phosphate by ATP and
hexokinase or glucokinase. During aerobic growth of the yeast at high glucose
concentrations over-flow metabolism results in formation of ethanol as the main
by-product, thus to dispose the surplus pyruvate and at the same time regenerate
NAD+ that was consumed in the oxidation of glucose to acetyl-CoA (Fig 1).
 

 In E. coli glucose is transported into the cells by the phosphoenolpyruvate-
phosphotransferate system (PTS). The glucose uptake follows Monod kinetics
with qSmax of about 1.35 gg-1h-1 and a KS value of about 0.05 g/L (Xu et al., 1999).
The over-flow metabolism is characterised by conversion of pyruvate to acetyl-
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CoA and further to acetate that is secreted to the medium (Fig 2). There are
some speculations about the regulatory mechanisms that cause acetate formation
at high glucose flux.
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 Fig 1.  Schematic drawing of the energy metabolism of glucose in
Saccharomyces cerevisiae. Abbreviations: ACoAAS: acetyl-CoA
synthetase; ADH: alcohol dehydrogenase; AldDH: acetaldehyde
dehydrogenase; PDC: pyruvate decarboxylase; PDH: pyruvate
dehydrogenase.

 

 

 First, the membrane-bound permease Enz IIglc, when saturated with glucose,
seems not to respond to the normal regulatory signal (the membrane potential)
which could regulate the maximum glucose uptake rate (Robillard and Konings,
1981). Second, during the logarithmic phase of aerobic growth on surplus of
glucose the synthesis of α-ketoglutarate dehydrogenase is repressed
(Amarasingham and Davis, 1965). Also, glucose represses the formation of TCA
cycle enzymes (Gray et al., 1966). Thus, under the conditions of high glucose
concentrations the activity of TCA cycle is reduced, favouring the formation of
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acetate. E. coli cells growing under anaerobic conditions also produce acetate,
but this is due to action of another enzyme, i.e. pyruvate-formate lyase, since
pyruvate dehydrogenase is not active (Knappe and Sawers, 1990; Xu et al.,
1999).
 Speaking in terms of energy production, acetic acid formation is advantageous to
E. coli, because flux of acetyl-CoA through phosphotransacetylase allows the
pool of free reduced CoA to be regenerated  (El-Mansi and Holms, 1989).
Moreover, flux through acetate kinase yields 1 mol ATP for each mol of acetate
excreted (Brown et al., 1977).
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 Fig 2.  Schematic diagram of the energy metabolism of E. coli showing 
mixed-acid fermentation and over-flow metabolism products. Enzymes: 
PFL: pyruvate formate-lyase; PDH: pyruvate dehydrogenase; PTA: 
phosphotransacetylase; ACK: acetate kinase.

 

 

 Though observations of the over-flow metabolism are quite similar in E. coli and
S. cerevisiae, the regulating mechanism in each organism may be completely
different, and in none of the cases it is entirely clear. This can be explained in
terms of a metabolic “bottleneck”, i.e. a reaction step that limits the flux of
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pyruvate to complete oxidation under conditions of high glucose uptake rate,
while the so created surplus of pyruvate is secreted as ethanol (in S. cerevisiae)
or acetate (in E. coli)
 

 For S. cerevisiae and other glucose-sensitive yeasts the proposed hypotheses
suggest different locations of the bottleneck for the electron flow along the
metabolic pathway from pyruvate to the electron acceptor in the respiration, i.e.
molecular oxygen. Sonnleitner et al. (1986) suggested a limited respiratory
capacity of the cells to function as a bottleneck in regulation of the over-flow
metabolism. van Urk et al. (1988), though not excluding the possibility of a
respiratory limitation, proposed that a restricted glucose assimilatory capacity
could equally well explain the aerobic ethanol formation (van Urk et al., 1988).
However, later other authors showed that the respiration capacity per se is not
limiting, since addition of uncouplers drastically increased the specific
respiration rate above that observed at the conditions of over-flow metabolism
(Verduyn et al., 1992). Thus, it is still an open question where the so called
bottleneck is located and whether the over-flow metabolism can be explained by
the action of a single enzyme. Irrespectively of the actual mechanism behind the
over-flow metabolism, the concept of a maximum oxidative rate (Fig. 3) has
received wide acceptance (Barford, 1990b; Castrillo and Ugalde, 1994; Coppella
and Dhurjati, 1990; Enfors, 1990; Pham, 1998; Rieger, 1983; Szewezyk, 1989;
Sweere, 1988; von Stockar and Auberson, 1992).
 

 Formation of the by-products of over-flow metabolism means loss of biomass
yield of S. cerevisiae cultures (Guerts et al., 1980; Luong et al., 1983) due to the
branched flux of glucose to those products, and inhibition of cell activities
(Casey and Ingledew, 1986; D'Amore, 1990). In most production processes an
initial high cell productivity until the oxygen transfer capacity is saturated, is
economically important, and therefore control of over-flow metabolism is
essential. This is usually done by controlling the specific glucose uptake rates at
which the over-flow metabolism can be avoided or controlled. The inhibitory
action of the over-flow metabolism product means that the cells can not be
studied at very high growth rate in batch cultures without increasing degree of
inhibition. In industry, chemostat cultivation at very low specific growth rates is
not profitable whereas fed-batch cultivation has been proved to be an advanced
technique.
 

 

 1.2  Aim
 

 The main task of this work was to verify a kinetic model of over-flow
metabolism of S. cerevisiae and to develop simulation procedure for fed-batch
cultures as well as continuous cultures. Following investigations were
performed:
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 •  in fed-batch cultures:
 

 -  Growth of S. cerevisiae and ethanol formation/re-consumption.
 -  Possible role of the pyruvate dehydrogenase complex as a metabolic
    bottleneck causing aerobic ethanol formation.
 -  Pre-cultivation technique to improve the reproducibility of fed-batch
     experiments.
 

 •  in continuous cultures (pH-auxostat):
 

 -  Growth of E. coli and the effects of some inhibitory factors
     on the biomass concentration and µmax.
 -  Control of biomass concentration and ethanol formation by
    S. cerevisiae growing at µmax.
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 Fig 3.  Graphical illustration of the kinetic model of over-flow metabolism
based on the concept of maximum oxidative rate. qS: specific sugar
uptake rate; qEp: specific ethanol production rate; qO,s: specific oxygen
consumption rate on sugar; qO,max: maximum respiratory rate; µ:
specific growth rate. Scrit: critical concentration of sugar at which the
aerobic ethanol formation is set on. This concentration correlates to
the maximum respiratory rate of the cell. (from paper I)

 

 2.  THE MAIN CULTIVATION TECHNIQUES
 

 Cell cultivations of both laboratory and industry scale are performed according
to three main techniques: batch, fed-batch and continuous. Regarding the
requirement of the cells for oxygen, the cultivation conditions can be anaerobic
or aerobic, or even microaerobic (Franzén, 1997). In this thesis only aerobic
cultivations of E. coli and S. cerevisiae are considered.
 

 

 2.1  Batch cultivation
 

 In a batch cultivation all the required nutrient components are prepared before
the start in the amounts sufficient for one run, and the products are harvested at
the end of the process. The only components that are continuously fed into the
bioreactor are oxygen and a pH-titrating agent. During the process the cell
growth undergoes following distinguished phases: the lag phase, accelerating
growth phase, exponential growth phase, decelerating growth phase, stationary
phase, and dead or lysis phase. The lag and accelerating growth phases are
characterised by zero and increasing growth rates of the culture due either to a
fraction of dead or inactive cells in the inoculum or to adaptation of the cells
after inoculation. During the exponential phase the specific growth rate is
constant at a maximum value (µmax), but it soon declines, either because one of
the medium components (oxygen or a carbon/energy substrate) will become
limiting, or because a growth inhibitory metabolic by-product is accumulated.
Thus, the growth rate eventually declines and the culture enters the stationary
phase. In this phase the cell population is often segregated and may contain dead
cells as well as cells that are difficult to induce to growth again, so called viable
but non-culturable cells (Byrd et al., 1991). It means that the quality of batch-
grown cells used for inoculum of new cultures can be very different depending
on at which stage the cells were harvested. This problem is addressed in paper II
that provides a means of modelling and controlling inoculum cultivations for
more reproducible fed-batch cultivations, with emphasis on cells exhibiting
over-flow metabolism.
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 If another growth-supporting substrate, which can be either a less preferable
substrate than the first one, or a by-product, is available in the medium, then
after another lag phase the growth continues on this second substrate. This
pattern of growth is called diauxic which is easily recognised on the biomass
curve and typical for batch cultures of S. cerevisiae and E. coli grown on
glucose since they first produce over-flow metabolites which are consumed only
after the glucose has been assimilated and the gluconeogenesis enzymes have
been induced
 

 The control of a batch cultivation is simple. Traditionally, for process
development of a new product or screening of a new strain the first “check-out”
is often performed in a batch cultivation of laboratory scale, because it is easy to
set up and run. Application of aerobic batch cultivations in industry, however, is
not common since it is difficult to gain high cell density in a batch culture
(Nielsen and Villadsen, 1993). Furthermore, in many cases high initial
concentrations of the medium components have negative physical, chemical and
physiological effects on the cells (Fiechter and Seghezzi, 1992; Pham et al.,
1998; Roth et al., 1985; Sonnleitner, 1991; van Urk et al., 1988), and
consequently on the outcome of the process (Guerts et al., 1980; Enfors et al.,
1990). These problems can be solved by using the fed-batch or chemostat
techniques.
 

 

 2.2  Fed-batch cultivation
 

 Fed-batch control of a process means mainly control of the feeding rate of the
growth limiting substrate (usually the carbon source). It is continuously fed into
the bioreactor at a rate so that the substrate uptake rate is controlled while other
substrate components are in excess. Thus, based on substrate limitation the fed-
batch technique enables control of the reaction rates and metabolism. This is
essential for cultivations of microorganisms exhibiting over-flow metabolism,
e.g. E. coli and Saccharomyces-type yeasts, which were briefly characterised in
the Introduction.
 

 A fed-batch cultivation usually starts with a batch culture until some biomass
concentration is gained. Just before the initial substrate is exhausted, a
concentrated substrate solution is fed in. Alternatively, the culture is fed
immediately after inoculation.
 

 The feed profile is usually one of the followings:
 1.  constant
 2.  intermittent
 3.  step-wisely increasing
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4. exponentially increasing followed by a constant feed, the latter is started
before the oxygen transfer capacity becomes limited.

Alternatives 1 and 4 are illustrated in Fig 5.  During constant feed the limiting
substrate concentration and the specific growth rate decline gradually while the
oxygen consumption rate is relatively constant. This is called quasi-steady state,
to be compared with true steady state that can only be achieved in continuous
cultures.

The choice of the feed strategy depends on how carefully the control of the
substrate uptake rate is required. Fed-batch operation is widely applied in
industrial production of Baker’s yeast (Enfors et al., 1990), enzymes, antibiotics,
amino acids (Yamane and Shimizu, 1984), and recombinant proteins (Strandberg
et al., 1994; Strandberg and Enfors, 1991). Generally speaking, the main
advantages of the fed-batch technique are the good control of the cell
physiology, achievement of high cell densities (Andersson et al., 1994; Korz et
al., 1995; Lee, 1996; Strandberg et al., 1994) and improved productivity of the
desired product (Enfors et al., 1990). Other minor, but not less important,
advantages are summarised in (Yamane and Shimizu, 1984).
Simulation and control of fed-batch cultures of S. cerevisiae is further developed
in papers I and II.

2.3  Continuous cultivation

A conventional continuous bioreactor is a system with continuous feed of the
complete medium and withdrawal of the cultural broth so that the volume is kept
constant. A fraction of the biomass may be separated from the outlet stream and
circulated back to the fermenter. Continuous cultivations can be controlled in
different ways, based on which the processes are classified as chemostat and
auxostat.

Chemostat represents an open-loop system, i.e. a system without feed back
regulation. The feed rate is set constant, while the outflow is controlled by either
a level sensor, or a balance. The chemostat medium should be dimensioned so
that one known substrate component is the rate limiting one. The specific growth
rate (µ) depends on the dilution rate (D) and the cell death rate (Kd):

µ = D + Kd

In this system, a steady state is established when the specific growth rate is
balanced with the feed rate. A boundary condition for its operation is
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 D  <  µmax - Kd

Thus, in a chemostat the cells can not be grown at µmax, in practice the highest
applicable growth rate is about 90% of the maximal growth rate due to the
sensitivity to disturbances in the flow rates close to the boundary condition. This
is illustrated in Fig 6. If one wants to run continuous culture at µmax, the pH-
auxostat offers a choice.

The auxostats are close-loop systems, which are controlled by feed-back
regulation of some state variable, e.g. biomass or a substrate concentration.
Based on the principle of control the auxostats can be classified as a turbidostat,
a nutristat, or a pH-auxostat. Other rate controlled continuous bioreactors, i.e.
base-addition rate (BAR), oxygen and carbon dioxide exchange rate controlled
bioreactors (OAR, OUR, CER) are analysed in details by Agrawal and Lim
(Agrawal, 1984).
In a turbidostat the feed rate is regulated by an optical density (turbidity)
controller so that a constant biomass concentration is maintained. Under
conditions of nutrient excess, the turbidostat provides growth at µmax. In practice,
the turbidostat encounters with some technical difficulties, e.g. fouling of the
sensor due to microbial growth on its surface, disturbances in signal transfer by
air bubbles or coloured and particulate media.

Nutristat operation is based on the measurement and control of substrate
concentration, which is kept constant thanks to the feeding strategy. The
cultivations can be run under substrate limitation or at µmax, however, the use of
nutristats is restricted due to the lack of suitable analytical tools for on-line
measurement of most relevant substrate concentrations.

The pH-auxostat is a solution of the problems of measurement that arise in the
turbidostat or nutristat, because it is based on measurement of the pH - a
parameter which is often correlated to the biomass production rate (Agrawal and
Lim, 1984; Castrillo et al., 1995; Vicente et al., 1998) but easier to measure and
control. The pH-auxostat technique is applicable for the microorganisms whit
growth coupled to proton release/uptake that causes changes of the medium pH.
When ammonium salts (NH4

+)  are used as the nitrogen source, only ammonia
(NH3) is utilised. In such cultures the liberation of protons is the major reason for
medium acidification (Vicente et al., 1998). Formation or consumption of
organic acids (Bungay et al., 1981) or basic metabolites also induces pH
changes. However, when yeast grows aerobically on sugars and ammonia such
induction can be neglected (Castrillo et al., 1995). The signal from the pH-
sensor is used to control the medium inflow in a titration mode so that addition
of the fresh medium brings the pH back to the setpoint. Under normal cultivation
conditions of the pH-auxostat (i.e. surplus substrate), the cells growth is stable at
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µmax  (Larsson et al., 1990; Pham et al., 1999). This is the main advantage of the
pH-auxostat, as a complement to chemostat which is stable only at µ < µmax.
Although the pH-auxostat is not as popular as the chemostat, its contribution to
the progress of bioprocess technology composes a remarkable part.
Traditionally, the major field for the applications of the pH-auxostat technique
has been related to dairy industry  (Cachon et al., 1995; MacBean et al., 1979;
Prevost and Divies, 1987; Prevost and Divies, 1992). Then, it has been used to
investigate population selection (Fraleigh et al., 1989; Gostomski et al., 1994;
Lin and Bungay, 1993), growth and physiology of bacteria (Larsson et al.,
1990), yeasts (Fraleigh et al., 1990), and filamentous fungi (Simpson et al.,
1995) at µmax, aerobic ethanol production (Fraleigh et al., 1990), production of
acetone and butanol (Stephens et al., 1985), and product inhibition (Bielb, 1991;
Fraleigh et al., 1990), etc.

More detailed discussion on the use and modelling of pH-auxostats is presented
in papers III-IV.

3.  SIMULATION OF FERMENTATION PROCESSES

Simulations of batch and fed-batch processes are usually presented as plots of
the different state variables (concentrations of biomass, substrates and product)
against process time. This is obtained by numeric solutions of differential
equations that describe the mass balance of the state variable. In continuous
processes these variables should be constant with time, and the usual way to
present the performance of a chemostat is to plot the state variables as function
of residence time or dilution rate, which is the reciprocal of the residence time.
Such simulations are made by analytic solutions of the mass balance equations
as will be described below.

3.1  Mass balance equations

A scheme of a homogenous reactor with a liquid volume V (L) is depicted in
Fig. 4. The concentration of an arbitrary dissolved compound is expressed as y
(g/L). This state variable will later on be replaced by concentrations of biomass,
X (g/L), glucose S (g/L) and ethanol E (g/L). The liquid flows are designated F
(L/h). The subscripts i and out refer the parameter to inlet flow and outlet flow,
respectively.
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A  mass balance of an arbitrary component with concentration y
i 
 of the reactor

can be written as:

          Change    =    Input       -     Outlet     +      Reaction      (g h-1)

d(Vy )
dt

  =   Fiy i          -          Fouty          +         V ry  
(1)

where ry is the volumetric reaction rate (gL-1h-1) for production or consumption
of the component with concentration y (g/L). It is assumed here that the
component is not transported via the gas phase. If that is the case, as for oxygen,
the mass balance equation must be complemented with input/output terms of
component transport via the gas flow.

Assuming that V and y are independent variables, differentiation of the left hand
side of eq. (1) gives

d(Vy )
dt

 = V dy
dt

 + y dV
dt

 
(2)

Fig 4.  A scheme of a homogeneous bioreactor with the
concentration y  of a component in the medium of volume V.
F is the rate of liquid medium flow. Subscripts i and out refer the
parameter to inlet and outlet flows, respectively.
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  V
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The rate of volume change, dV/dt is defined as 

dV 
dt

 = Fi  - Fout 
(3)

Inserting the eq. (2) and (3) in (1) gives:

 dy
dt

  =   Fi  
V

 (yi - y) + ry 
(4)

              
Thus, the term Fout disappears in the mass balance equations of the dissolved
components. However, as will be shown below, the outlet flow in terms of
sampling influences a fed-batch process and must be accounted for in
simulations according to eq. 3. It is also notable that eq. 4 is valid for fed-batch
as well as for continuous cultures as long as there is no re-circulation of
components from the reactor outlet in the continuous process, i.e. the outlet flow
concentration is y . The term Fi /V (-y) has different physical meanings in the
two cases: in the continuous process it represents the rate of outflow from the
reactor, since Fout=Fi, while in the fed-batch process it represents the rate of
dilution of the existing component with concentration y in the reactor.
Insertion of the state variables (X, S and E) into eq 4 and replacing the reaction
rate term

ry  = qyX  (5)

yields the three mass balance equations:

dX
dt

 = 
Fi
V

 ( -X ) + µX 
(6)

dS
dt

 = 
Fi
V

 ( Si -S) - qSX 
(7)

dE
dt

 = 
Fi
V

 (-E ) + ( qEp - qEc )X 
(8)

where µ is the specific growth rate, q
S is the specific glucose consumption rate

and  q
EP

 and q
Ec

 refer to the specific rates of ethanol production and consumption,
respectively.
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In the present work, the specific rates (µ and q) were obtained from the
metabolic flux model described in paper I and then inserted into equations 6-8.
For simulation of the fed-batch processes these equations plus eq. 3 where
solved numerically from given initial values of the state variables. For the
continuous culture simulations, the differential equations where solved
analytically for steady state.

3.2  Reaction rate models

Classification of the models.  Models of microbial growth can be roughly
classified as: unstructured or structured; non-segregated or segregated.
   1. Unstructured models: the variations of intracellular properties are not
considered, instead all cellular components are represented by a single term - the
total biomass concentration X.
   2.  Structured models: the functions of intracellular structures (metabolic or
genetic control) are taken into account.
   3.  Non-segregated models: all cells are assumed to have equal properties.
   4.  Segregated models: when the distribution of population properties is
included, e.g. age, plasmid concentration, size, morphology...
Within one class, the models can differ greatly in their complexity, depending on
the author’s aims and the chosen modelling concept.
The model for yeast used in this work is basically unstructured in that it consider
the cell composition as a constant. However, it is structured from the metabolic
point of view since the reaction stoichiometry depends on the environment,
essentially the sugar concentration. A review of structured models is provided by
Nielsen and Villadsen (1992, 1994).

In completely unstructured models the cell is considered as a black box (Nielsen
and Villadsen, 1994) in which the reactions are catalysed with a certain specific
rate q, expressed as the rate of consumption/production of a component per cell
mass unit (gg-1h-1). For the biomass case , the symbol µ  is commonly used,
rather than qX . Table 1 lists common unstructured reaction rate models for
microbial processes.

Table 1.  Common specific reaction rates that are often involved in
unstructured models. Abbreviations are given in Nomenclature section.

Specific rate for Model Eq. nr



15

substrate uptake qS  = qS,max S
S + KS 

 
 (9)

growth (from qS)

       or the Monod model:

µ = qSY X/S   

 µ = µmax S
S + KS 

  

 (10)

 (11)

product formation qP = qSY P/S   (12)

However, these models give no information about the over-flow metabolism
since the yield coefficient YP/S is dependent on the rate of glycolysis and they are
not sufficient to account for the increasing specific oxygen demand (reduced
yield of biomass per oxygen) in high cell density fed-batch cultures (Strandberg
et al. 1994). A more structured model that is based on the fluxes of glucose to
anabolism and energy metabolism, the latter is further  divided into  aerobic and
anaerobic energy metabolism, as described in paper I, and further discussed in
section 4 of this thesis.

3.3  Simulation of fed-batch processes

With the unstructured models described above, simple simulations can be made
to illustrate some characteristics of fed-batch processes. An algorithm for
simulation of a fed-batch process with an initial batch phase followed by an
constant feed phase, is shown in Table 2.

A simulation example, that illustrates how the specific growth rate declines
during a fed-batch phase with constant feed is shown in Fig 5A. Since the
specific growth rate is maximal during the initial batch phase in such a process,
over-flow metabolism would appear if yeast or E. coli cells were grown like
that. A common mode to avoid or reduce this over-flow metabolism in the
beginning of a fed-batch process, is to apply so called initial exponential feed.

According to this method, the process is started with a low sugar concentration
that corresponds to a glycolysis rate that is low enough to limit the over-flow
metabolism. This concentration is obtained by re-arrangement of the Monod
model for growth (eq. 11):
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S =  
µKS

µmax - µ 
(13)

This low amount of sugar would then quickly be exhausted, unless it is replaced
by a feed rate that corresponds to the consumption rate. This consumption rate
increases exponentially with the increasing biomass as long as the sugar
concentration is kept constant and the cells grow exponentially (no lag phase).
The initial feed rate F0 that corresponds to the consumption of the initial amount
of biomass (XV)0 is obtained from

F0 =  µ 
Si Y X/S

 (XV )0
 (14)

and the feed profile is then obtained as

F(t) =  F0 e µt (15)

3.4  Simulation of a chemostat

Steady state solutions of a chemostat based on the unstructured models in Table
1 can be obtained by re-arrangement of the Monod model for substrate limited
growth and analytical solutions of the differential equations ( eqs. 6-8).  The
goal is to obtain the state variables as functions of the dilution rate D (h-1).

When solving the steady state concentrations in a chemostat, the relationship
between the growth rate and the dilution rate (D) must first be obtained by
solving the mass balance equation of biomass concentration for steady state:

µ = F/V = D (16)

For simplicity no cell death or re-circulation of biomass is assumed.

Table 2.  Algorithm for dynamic simulation of a fed-batch process with
initial exponential feed, based on unstructured models in Table 1 and
the mass balance equations 6-7. See abbreviations in the Nomenclature.

   Start
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Read constants: qSmax, Ks, Yem, qm, Fi, F0, SFR, Fmax, deltaT

Read initial values: X, S, V, Finit, t

qS = qSmax*S/(S+Ks)

My = (qS-qm)*Yem

Solve S from dS/dt = ... (eq. 7)

Solve X from dX/dt=.... (eq. 6)

Solve V from dV/dt=... (eq. 3)

F=F0*exp(SFR*t)

if F>Fmax Then F=Fmax

plot X=f(t)

plot S=f(t)

t=t+deltaT

Then the concentration of limiting substrate is obtained as a function of the
specific growth rate by re-arrangement of the Monod model (eq.9):

S =  
µKS

µmax - µ 
(17)

By inserting eq. 16 into eq. 17 the substrate is obtained as function of D. The
third step is to solve the biomass concentration from the mass balance of
limiting substrate:

X =  Y X/S (Si - S ) (18)

 µ

 F  F

 X X

 µ

 µ

 µ  F     X F     X
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 A    B

Fig 5.  Simulations of fed-batch cultures with initial batch phase
followed by a constant feed (Fig 5A) and with initial exponential feed
(Fig 5B). In both cases there is an exponential initial growth phase, but
with the exponential feed it can be controlled at any level below µmax. Fig
A also shows the effect of sampling : 50 mL each hour in the upper
biomass plot but no sampling in the lower plot. Fig B also shows the
effect of maintenance: qm = 0.05 gg-1h-1 in lower biomass plot but zero in
the upper plot. Simulation parameters: qSmax =1.4 gg-1h-1, Ks=0.18 g/L,
Yem=0.5 g/g, Si = 300 gL-1. Initial values: V=5 L, X = 0.1 g/L, S=10 g/L in
Fig A and 0.1 g/L in Fig B, F= 0 in fig A until constant 4.5 hrs , when
the sugar was exhausted and the feed was set constant at F= 0.12 L/h and
F= 0.003 L/h initially in Fig B and then increasing with exponent 0.25 h-1

until it reached 0.12 L/h.

Insertion of eqs. 16-17 into this equation gives the biomass concentration as
function of D. Further steady state concentrations of substrates and products are
obtained from their respective mass balance equation (Enfors and Häggström,
1998).

However, the biomass yield coefficient Yx/s  for a limiting energy substrate is
not a constant, and it is, among other things influenced by the growth rate and
the so called maintenance energy. The maintenance energy is the part of the
energy used for maintaining concentration gradients over the cell membrane, cell
motility, and the turn-over of cell materials (Pirt, 1975), i.e. this form of energy
does not yield any net biomass synthesis. Thus, the consumption of an energy
yielding substrate is used for two purposes: to maintain the existing biomass,
and to produce the new biomass. The corresponding yield coefficients are:
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- experimentally observed yield of biomass per consumed substrate that
     includes the maintenance (YX/S).

 -   net cell yield exclusive maintenance (Yem).

If qS is plotted versus µ and extrapolated to µ= 0, qS of an energy source often
shows a remaining value, that is defined as the maintenance coefficient, qm (Pirt,
1982).  Thus, the slope of the plot is not equal to the reciprocal of Yx/s as
expected from eq. 10. This reciprocal slope is defined as yield exclusive
maintenance, Yem.  The values of qm, Yem and YX/S can be determined from the plot
of qS against µ, as obtained from a fed-batch culture (Enfors and Häggström,
1998).

The relationship between qS, qm and the two yield coefficients can be expressed
as:

 qS = µ
Y X/S

 = µ
Y em

 + qm 
(19)

and by re-arrangement of this equation the influence of maintenance and growth
rate on the yield coefficient is obtained as

Y X/S = 
µY em

µ + qm Y em
 

(20)

Fig 6A shows an example of steady state concentrations of biomass and limiting
substrate in a chemostat solved with eqs 16, 17, 18 and 20 above.

There is an obvious discrepancy between the biomass concentration pattern in
the two cases, even though the simulation was made with typical parameters for
S. cerevisiae growth. The reason for this is that the yield coefficient Yem drops
drastically when the rate of glycolysis increases above that corresponding to a
growth rate (dilution rate) of about 0.3 h-1. This is seen in the experimental graph
Fig 6B but not accounted for in the simulation. In paper I a method for
simulating this drop in the biomass yield caused by over-flow metabolism is
presented and applied. It is often stated that a chemostat becomes unstable when
the dilution rate approaches the maximum specific growth rate. This is
illustrated by the steep slope of the biomass concentration curve at high dilution
rate in Fig 6A.
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Fig 6.  Biomass and limiting substrate concentration in a chemostat.
Fig A is a simulation with parameters µmax = 0.5 h-1; Ks = 0.18 g/L; Yem

= 0.5 g/g; qm = 0.02 gg-1h-1; Si = 10g/L; Fig B shows experimental data
from a chemostat with S. uvarum (Petrik et al., 1983). Symbols:
circles: biomass; diamonds: ethanol; squares: glucose; triangles:
cytochrome c.

Thus, a chemostat is not suitable for studies of microorganisms growing close to
µmax. However, the pH-auxostat that is presented in papers III, IV in this thesis,
offers the possibility to run microbial cultures continuously at µmax and it is
therefore a good complement to the chemostat technique for studies of microbial
physiology.
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Fig 8.  Partitioning of the glucose flux to oxidative metabolism.
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4.  PRESENT INVESTIGATIONS

4.1  A model of growth and energy metabolism of Saccharomyces cerevisiae
(I, II)

The over-flow metabolism of yeast, i.e. aerobic ethanol formation has been
described above (section Introduction). It occurs when the glycolytic rate
exceeds the metabolic rates of TCA cycle and respiration, as a way to dispose
the abundance of pyruvate formed in glycolysis.  The model used in this work
involves the concept of a maximum respiratory rate of the cells (Sonnleitner and
Käppeli, 1986). Since fed-batch cultures play a dominating role in industrial
processes this work was focused on adopting and testing the model for
simulation of fed-batch cultivations of S. cerevisiae.

Fig 7 summarises the model with assumed partitioning of the fluxes of carbon to
anabolism, energy metabolism, over-flow metabolism, i.e. the formation/
consumption of ethanol, and respiration.

In the text followed the equations with prefix “m” in the numbering are
correlated with that of the model in Fig 7. The glucose uptake rate (qS) follows
Monod kinetics:

qS = qS,max S
S + KS 

  
(m1a)

However, it was found necessary to include an empirical lag-phase term tL, (h),
because the glucose uptake was much below the maximum during the first hours
after the glucose feed started:

qS = qS,max S
S + Ks

 [1 - e(- t/tL) ]  
(m1b)

This lag-phase is apparently observed when the fermenter is inoculated with the
cells from a batch culture (Barford et al., 1982; Pamment and Hall, 1978).
However, the cells precultivated according to a method described in paper II
also show some lag-phase in glucose uptake after the feeding started.
Sonnleitner et al. (1997) observed that when yeast cells were grown in a
continuous culture at a low dilution rate for an extended period, then challenged
by increased dilution rate, the residual glucose concentration was reproducibly
overshot. The lag-phase in glucose uptake was explained as an assumed
relaxation time during which the cell increases the intracellular enzymatic pool
in response to the excess glucose supply. This can also be applied to explain the
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lag-phase in glucose uptake observed in the fed-batch experiments, also when
using the pre-cultivation technique, in which the main fermentation started after
the ethanol was completely re-consumed and the cells for a while had been
growing on only glucose at low concentrations.
The utilisation of the glucose is divided into an oxidative flux (qSox) and
fermentative flux (qSf). The qSox is further divided into fluxes of glucose used for
anabolism (qSox,an) and for energy metabolism (qSox,en) as illustrated in Fig. 8.

qSox
 = qSox,an

 + qSox,en (m5)

The flux of glucose used for anabolism can be estimated from two carbon mass
balances made on the carbon flux to the cell and on the carbon accumulation by
growth:

specific rate of carbon flux to anabolism =  qSox,an
 Cs

specific rate of carbon accumulation by growth =  (qSox
 - qm) Y X/Sox

 Cx

Setting these two fluxes equal gives:

qSox,an
 = (qSox

 - qm) Y X/Sox
 
Cx
Cs

 
(m2)

From eq. (m5) we obtain the flux of glucose used for oxidative energy
production (qSox,en):

qSox,en
 = qSox

 - qSox,an
  

 (m3)

Part of this flux is called the energy for maintenance qm , which is assumed to
be constant under normal cultivation conditions.

The oxygen utilisation for oxidation of glucose (qO,s) through the respiratory
chain can be calculated from the flux of glucose used for aerobic energy
metabolism (qSox,en):

qO,s = qSox,en
 Y O/S (m4a)

where YO/S is the coefficient of respiration on glucose (g/g). However, according
to the concept of a bottleneck in respiration, when the glucose uptake rate (qS)
increases due to increasing glucose concentration, the rate of respiration
(denoted as qO for simplicity) is also increased, but it soon reaches a maximum
qO,max (see Fig 3). Therefore a boundary condition for the qO must be set up in the
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algorithm, i.e.  qO • qO,max. Also, the observed inhibitory effect of ethanol on
respiration should be taken into account. Thus, if

qO,s > qO,max / ( 1 + E / Ki ) 

where the denominator (1+E/Ki) accounts the non-competitive inhibition by
ethanol, the flux of glucose used for oxidative metabolism (qO) is assumed to be
reduced so that:

qO,s = qO,max / ( 1 + E / Ki )   (m4b)

by proportional reduction of the two fluxes qSox,an and qSox,en.

qSox =qSoxan+qSoxen

qS=
qSmaxS/(S+Ks)

qSoxan=(qSox-qm)YxsoxCx/Cs

qm

energy for

qSoxen = qSox - qSoxan

qSf=qS-qSox

qSfan = qSfYxsfCx/Cs

qSfen = qSf - qSfan

qOs = qSoxenYos Š qOmax
(1)

(2)

(3)

(4)

(5)

(6)

(7)

(8)

(10) qEc = qEen = (qOmax - qOs)/YoeE/(E+Ke)

qEan = qEcYxeCx/Ce

(11)

(12)

qO =  qOs + qEenYoe

qEen + qEan

(13)

(14) µ = (qSox-qm)Yxsox + qSfYxsf + qEcYxe

growth

glucose uptake

ethanol uptake

oxygen uptake:

growth:

  qEp = qSfenYes(9)ethanol production:

anabolism

energy

maintenance

oxygen for glucose oxidation

 anabolism

 energy

energy

"biomass equivalents"

oxidative path

fermentative path
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Fig 7.  Model of specific rates involved in the growth and glucose
energy metabolism of S. cerevisiae. The equations in the model are
numbered in the order they are solved before insertion in the mass
balance equations 6-8 (section 3.1).

The significance of the ethanol inhibition was revealed when applying the
models above for simulation of fed-batch cultures in which the qO,max values
showed a minimum when the ethanol curve showed a maximum (Fig 10-11). By
inserting the term for non-competitive inhibition by ethanol it was possible to fit
the model to the experimental data by means of an inhibition constant of 10 g/L.
To test the hypothesis that it was ethanol and not some time dependent changes
in the physiology that caused the effect on qO,max, ethanol was added and shown
to reduce qO,max to an extent that agreed with the model (Fig 11).

Under the conditions of over-flow metabolism the flux of glucose to the
fermentative metabolism (qSf) is the part that the total uptake rate that exceeds
the oxidative flux:

qSf
 = qS - qSox (m6)

In analogy with the aerobic metabolism, qSf is also divided into fluxes to
anabolism (qSf,an, eq. 7 in Fig 7) and energy metabolism (qSf,en, eq. 8 in Fig 7).

Ethanol formation (qEp) is obtained from the stoichiometry of the reactions from
glucose to ethanol:

qEp
 = qSf,en

 Y E/S 
(m9)

where YE/S is the stoichiometric yield of ethanol per glucose (g/g).

The consumption of ethanol by the cells is possible only under aerobic
conditions, and when the glucose flux is so low that qO < qO,max, i.e. there is a
“free” capacity for oxidation that can be utilised for ethanol consumption.

In analogy with the glucose consumption (eq. m5), the ethanol consumption
contributes to the energy metabolism and anabolism according to:

qEc 
 = qEen 

 + qEan (m10)

The maximal rate of ethanol consumption for energy (qEen) is determined by that
“free respiration capacity”:
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qEen
 = 

(qO,max - qO,s)

Y O/E
 E
(E + Ke) 

 
(m11)

where YO/E is the stoichiometry of respiration on ethanol (g/g). The formula could
be concluded from the data of Rieger et al. (1983) and the hypothesis is further
proved in the experiment with oscillating feed of glucose (Fig. 12), since the
respiration was constant (except for the ethanol inhibition effect) at its maximum
as long as ethanol was consumed, but dropped instantaneously to a low value
corresponding to the sugar consumption rate when all ethanol was consumed.

The resulting contribution of ethanol to anabolism can be assumed as analogy
with the glucose metabolism:

qEan
 = qEc

 Y X/E Cx

Ce (m12)

In practice, the incorporation of carbon skeleton of ethanol in anabolism would
require activation of the glyoxylate cycle and gluconeogenesis, the enzymes of
which are repressed in the presence of glucose (Gancedo and Schwerzman,
1976; Haarasilta and Oura, 1975). Under the conditions of concomitant
consumption of glucose and ethanol in our fed-batch cultures, the ethanol
consumption bypasses the pyruvate dehydrogenase (Wills, 1990), as it is
oxidised by NAD+ to acetaldehyde, then via acetate to acetyl-CoA (Fig 1). The
latter is oxidised in the TCA cycle and respiration but it can also enter
anabolism, e.g. fatty acid synthesis. Thus, under conditions of concomitant
growth on glucose and ethanol, the partition between catabolism and anabolism
of ethanol is unknown.  Here, the contribution of ethanol consumption to the
energy metabolism means that some glucose flux (that is equivalent to qEan)
could be combusted to CO2 in respiration, is now saved for the anabolism.
Therefore the flux qEan can is called “biomass equivalents”.
The sum of oxygen used for glucose and ethanol oxidation makes the total
oxygen uptake:

qO = qO,s + qEen
 Y O/E   ≤   qO,max (m13)

The specific growth rate is the sum of the three growth related fluxes:

µ = (qSox
 - qm)Y X/Sox

 + qSf
Y X/Sf

 + qEc
Y X/E  (m14)
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4.2  Simulation of fed-batch cultures of S. cerevisiae  (I, II)

This section presents a comparison of the simulations based on the model above
with experimental data. Also, experiments with oscillating feed were performed
to verify the model for control of the rate of ethanol uptake and the role of the
pyruvate dehydrogenase complex as a possible bottleneck causing aerobic
ethanol formation.

4.2.1  Performance of a fed-batch cultivation

Cultures with an initial  exponential feed as applied, with the specific feed rate
(SFR) of 0.3 h-1  during 3 h. This enabled the cells to grow exponentially (µ •
SFR) at comparatively low glucose concentration, but high enough to cause
over-flow metabolism resulting in formation of some ethanol and small amounts
of acetate and glycerol. In the second feeding phase, the feed was kept constant
at the rate (Fmax) of about 21 gh-1 glucose till the end of the cultivation.

Figure 9 (bottom graph) reveals the three phases of the growth and glucose
metabolism during the process:

-  phase I:  oxido-reductive glucose consumption (growth on surplus glucose,
                 ethanol is produced)
-  phase II:  oxidative, concomitant consumption of glucose and ethanol
-  phase III:  oxidative consumption of only glucose at low concentrations

The switch from the ethanol production to consumption was observed at the
glucose concentration of about 0.04 g/L and smaller (Fig 9). Unlike batch
culture, this switch did not result in a diauxi on the growth curve. The reason for
this is most likely that in the presence of glucose the enzymes of the glyoxylate
cycle and gluconeogenesis are repressed (Gancedo and Schwerzman, 1976;
Haarasilta and Oura, 1975). For the transition from growth on glucose to growth
on ethanol, induction of the gluconeogenesis system is needed, which takes time
and causes the diauxic lag. However, in the fed-batch process glucose is all the
time available and no gluconeogenesis is needed. Instead the ethanol can be
directly incorporated as acetyl-CoA in the metabolism of the glucose growing
cells. Ethanol uptake follows the route:

ethanol  -->  acetaldehyde  -->  acetate  -->  acetyl-CoA  -->  TCA cycle

In this case the ethanol uptake bypasses the pyruvate dehydrogenase (PDH)
complex (Fig 1).
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4.2.2  Simulation of the fed-batch processes

The parameters used for the rate equations of the model are given in paper I.
The results of simulation (the continuous lines) are presented in Fig 10 and 11
and compared with the experimental data (symbols). In these experiments, the
inoculum cells were precultivated in a fed-batch mode (paper II) until the
ethanol was completely re-consumed. The main experiment was started by
feeding a glucose solution of 100 g/L. Thus, prior to this the cells have been
growing for several hours on glucose at low concentrations (approximately 0.01
g/L).

A good fit between simulation and the experimental data was achieved if the
following observations were taken into account:

•  A lag phase (tL) for glucose uptake in the beginning of the fed-batch cultures.
•  Inhibition of respiration by ethanol.

The lag time tL was found by fitting the glucose curve (Fig 10-11) and valued in
the range of 1 h. A possible mechanism behind this was discussed above
(Sonnleitner et al., 1997).

The concept of limitation by maximum respiratory capacity allows to expect that
the specific respiration rate (qO) would be maximum during the first and the
second phase of glucose metabolism. However, the behaviour of qO during the
ethanol production/consumption phases (I) suggests an inhibition effect of
ethanol on the respiration. The observation was tested by a pulse of ethanol
made shortly after the ethanol formed during over-flow metabolism was
completely re-consumed by the culture (Fig 11). The pulse resulted in instant
increase of qO, and further slower increase as ethanol was consumed.
Application of non-competitive inhibition of ethanol (eq. m4b) in the
simulations proved true (Fig 10, 11).

4.2.3  The possible role of the pyruvate dehydrogenase complex as a metabolic
bottleneck causing aerobic ethanol formation

The pyruvate dehydrogenase complex (PDH) catalyses the conversion of
pyruvate to acetyl-CoA. van Urk et al. (1988) observed that upon a glucose
pulse S. cerevisiae excretes pyruvate and ethanol. From this observation, plus
theoretic calculations of ATP flows, and comparison of the response of S.
cerevisiae upon transition from glucose limitation to glucose excess with that of
Candida utilis, the authors suggested that the bottleneck in glucose metabolism
in S. cerevisiae may occur at the level of TCA cycle activity or beyond.
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As already mentioned above in section 4.2.2, the pathway of ethanol uptake
bypasses the PDH under fed-batch conditions. Furthermore, the model assumes
that the “free respiration capacity” (qO,max - qO,s) determines the rate of ethanol
uptake (see Fig 5, paper I). This suggested a way to test the hypothesis of the
role of the PDH as a bottleneck in the energy metabolism of S. cerevisiae.

Thus, fed-batch cultivations were set-up with identical conditions except for the
oscillation of the glucose feed around 21 g/h, i.e. the average value of constant
feed in the control cultures. The results of this experiment are shown in Fig. 12.
It was observed that during the whole phase where the glucose feed oscillated,
the specific carbon dioxide production rate (qCO2) also oscillated at the same
frequency, while the specific oxygen consumption rate (qO) was relatively
constant around qO,max (8 mmolg-1 h-1) and did not oscillate as long as ethanol was
produced or consumed. When the ethanol was completely consumed, the
respiration started to oscillate at the same frequency as the feed and the carbon
dioxide production.

This experiment provided further information about the nature of the over-flow
metabolism. As seen in Fig 12 and compared with the control experiment (Fig 4,
Paper I), the oscillating feed caused an oscillating glucose concentration, thus an
oscillating rate of glycolysis. During the phase of ethanol production, within one
glucose pulse period ( exemplified by the interval between the dashed lines in
Fig 12) the over-flow metabolism was observed as a transient increase in carbon
dioxide production, while the respiration remained unchanged.
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Fig 9.  A fed-batch cultivation of S. cerevisiae.
Upper graph: feed profile. Bottom graph: three phases of energy
metabolism of S. cerevisiae are separated by the dashed lines and
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30

0 5 10 15
0

1

0

10

0

30

0

15

Time (h)

G
lu

co
se

 (g
 L

-1
)

E
th

an
ol

 (g
 L

-1
)

B
io

m
as

s 
(g

 L
-1

)

X

E
S

qO2

q O
2 (

m
m

ol
 g

-1
 h

-1
)

Fig 10.  Simulation of a fed-batch culture. The inhibitory effect of
ethanol on the respiration and the rapid reduction of respiration when
ethanol is exhausted are visualised.

Oscillation of the respiration in synchrony with the pulsation started only when
the ethanol concentration declined to low values, and after the moment of
ethanol exhaustion. Since the consumption of ethanol is strictly aerobic, and
under the process conditions it is up-taken concomitantly with glucose which
has priority over ethanol, the maximum rate of ethanol consumption (qEc)
depends on the “free respiration capacity” available, i.e. the difference of (qO,max -
qO,s) in eq. 11 (Fig 7).

The results also suggest that pyruvate dehydrogenase (PDH) is not likely the
restriction in the energy metabolism causing aerobic ethanol formation. As
pointed out above, ethanol enters the TCA cycle via the enzymes acetaldehyde
dehydrogenase (AldDH) and acetyl-CoA synthetase (ACoAS) (Fig 1) but qO

remains saturated when the carbon flow partly bypasses the PDH. Thus, the so
called bottleneck in the electron flow between pyruvate and the respiration must
be located after this enzyme complex.

Summarising the results of the study in this part, it was shown that the concept
of modelling on the basis of a maximum respiration rate is applicable also to
fed-batch processes of S. cerevisiae and this provides a tool for process design.
It is proved that in the phase of ethanol formation qO,max was reduced due to non-
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competitive inhibition by ethanol. As a continuation of the discussion on the
nature of the bottleneck causing aerobic ethanol formation, our results from the
experiments with oscillating feed suggest that pyruvate dehydrogenase is not
likely the bottleneck, the latter must be located after this reaction.
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Fig 11.  Test of the response of qO of S. cerevisiae to an ethanol
pulse (indicated by arrow). Symbols: experimental data. Lines:
simulations. (from Paper I)

4.3  A precultivation technique for fed-batch processes (II)

4.3.1  Principle of the precultivation technique

A fed-batch process, like other cultivations, is usually started by inoculation of a
certain amount of cells (inoculum) into the fermenter. These cells can be taken
directly from storage or from a batch culture in a shake flask or fermenter. There
is no doubt that the quality of the inoculum material profoundly influences the
process performance (Locher et al., 1991; Orlowski and Barford, 1987; Orlowski
and Barford, 1988; Pamment and Hall, 1978; Pham et al., 1998; Sonnleitner and
Fiechter, 1988; Sonnleitner and Hahnemann, 1994).
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When S. cerevisiae and E. coli - microorganisms exhibiting over-flow
metabolism - are grown batch-wisely on glucose, they may be in any of three
metabolic states: i) growing on high sugar concentration and producing over-
flow metabolites, ii) growing on ethanol (or acetate) alone after induction of
gluconeogenesis and the glyoxylate shunt, or iii) starving for carbon source.
Obviously, the physiological properties of the cell in each of these states
significantly differs from that of another state, i.e. after inoculation the cell will
behave differently in the beginning of a fed-batch process. The reproducibility in
the initial  specific glucose uptake rate and respiration of S. cerevisiae  fed-batch
cultures inoculated with shake flask cultures were bad. Therefore a
precultivation procedure was set-up and used for inoculum preparation. The
main idea of this technique is to obtain an inoculum with better controlled
physiological state than the shake flask culture. The scheme of this
precultivation technique is illustrated in Fig. 13. According to this, the
precultivation and the main experiment take place in the same fermenter, as two
phases of a whole process. The medium for the preculture is prepared and
sterilised in the fermenter. Thereafter, about 90% of the volume is withdrawn to
a sterile vessel and used for feeding back to the fermenter. The feed mode can be
either constant or initially exponential followed by a constant feed as described
earlier in section 4.2. For the simplicity the latter mode is called
exponential/constant feed. The feed rate and profile can be chosen to control the
over-flow metabolism and the physiological state of the cells. For better control
of over-flow metabolism in the precultivation phase, the exponential/constant
feed mode is also preferred.

          a            b     c     d
     ster ilisation       pre-cultivation   main cultivation

Fig 13.  Steps of a fed-batch process using precultivation technique.
(From paper II). After sterilisation (a) most of the medium is
withdrawn to a sterile vessel and the fermenter is inoculated (b).
The withdrawn medium is used in a fed-batch culture so designed
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that it is the volume rather than the biomass concentration that
increases (c). Then the main fed-batch  fermentation with
concentrated medium feed is started (d).

The pre-culture can be designed to give a suitably low start cell concentration
(Xf) for the main fermentation. For this purpose, the inlet medium concentration
(Si) is calculated from

 
Si = 

V f
(V f - V0)

 
X f

Y X/S (21)

where V0  and Vf are the initial and final volume, respectively, and YX/S is the
yield coefficient of biomass per sugar. In fact, this yield is not constant in the
cultures with over-flow metabolism, but a reasonably good estimation of the
total biomass can be made if the precultivation is run until all the ethanol has
been re-assimilated (Fig. 14).

With a desired specific growth rate, the initial glucose concentration Sinit, is
calculated by rearranging the Monod equation:

Sinit = 
µ KS

µmax - µ 
 

(22)

The pre-culture is preferentially run as a fed-batch with exponential/constant
feed and the exponential feed rate is then calculated as described in section 3.3:

F(t) = 
µ(XV )0
Si Y X/S

 exp(µt)  
(23)

4.3.2  Simulation versus experiment

Figure 14 presents the experimental data from a precultivation run in fed-batch
mode with exponential/constant feed, compared with the simulation. Good
fitting is obtained for glucose, ethanol, and biomass concentrations. The
measured dissolved oxygen tension (DOT) is much deviated from simulation,
because of the varying KLa values that resulted from changes of agitation during
the process. However, the drastic increase of DOT when the ethanol was
completely re-assimilated fits well with the simulation. A drastic increase of
DOT was also observed in E. coli cultures when acetate was completely re-
consumed (Xu et al., 1999). These observations in both microorganisms indicate
that upon depletion of the over-flow metabolite the oxygen demand is drastically
reduced.
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The influence of different sizes of active inocula on the progress of the
precultivation was tested by simulation. Figure 15 presents the results from
simulations of two precultivations with identical feed profile and initial
conditions, except for the inoculum size. In one case all cells in the inoculum are
assumed to be active (i.e. the death cell fraction Xd = 0 %); in the other case the
inoculum is assumed to contain 50 % dead cells (Xd = 50 %). Thus, the lower the
activity the more sugar is accumulated initially. The consequence is that the
over-flow metabolism is more expressed, resulting in increased accumulation of
ethanol and reduction of the biomass yield. However, the ethanol is eventually
re-consumed, and at the end of the precultivation, approximately the same
biomass concentration (about 1 g/L in these experiments) is gained in both
cases.
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Fig 14.  Simulation and experimental data of a precultivation of S.
cerevisiae. Upper graph: measured feed rate (F) and volume (V).
Bottom graph: glucose (G), ethanol (E) and biomass dry weight (X).
Symbols: experimental data; dashed line: measured DOT; solid
lines: simulations. Intermittent increases of the agitation are
indicated by arrows. (From paper II)

Once again, the three phases of the glucose metabolism, which is discussed in
this thesis, are shown in Fig. 14 (bottom graph) and Fig. 15 (middle graph). In
principle, these phases can be recognised due to the on-line monitored
respiratory quotient (Fig. 14, bottom graphs) obtained from the carbon dioxide
and oxygen content of the exit gas. Especially the oxido-reductive growth on
glucose is easily recognised from the high RQ-value. However, the DOT signal
is more sensitive to the transition from the growth phase on glucose plus ethanol
to the growth phase on only glucose (Fig. 14 and 15, bottom graphs), than is the
respiratory quotient. In the work with fed-batch cultures the state when ethanol
was exhausted, i.e. the DOT signal rose, was chosen to finish the precultivation
and start the main experiment.

With the suggested precultivation technique, the following advantages can be
expected:

•  The inoculum and initial medium volume can be reduced by a factor of about
10, i.e. a common scale-up step.

•  Both the precultivation and the main experiment take place in the same
fermenter, i.e. the physical environment is unchanged, therefore the possible
transfer shock for the cells is expressed at the start of the precultivation, rather
than at the start of the main process.

• The common lag phase caused by cell adaptation or inocula with high amounts
of dead cells has little influence on the cell concentration at the start of the main
experiment.

•  At the end of the precultivation, the physiological state and the specific growth
rate of the culture can be controlled.

•  The method is simple, and it is expected to improve the reproducibility of fed-
batch processes with S. cerevisiae and other microorganisms that are sensitive to
over-flow metabolism.

4.4   pH-auxostat with E. coli and S. cerevisiae (III,IV)
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4.4.1 Mathematical description of a pH-auxostat

Basic theoretical expressions of pH-auxostat have been made by others
(MacBean et al., 1979; Martin and Hempfling, 1976)). The model system used
in this work is aerobic growth of microorganism on glucose as carbon and
energy source, and ammonia as nitrogen source (paper III, IV). The
stoichiometry can be written as:
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Fig 15.  Sensitivity analysis for the influence of different size of
active inocula on the progress of the precultivation. Top: feed
profile (F) and volume increase (V). Middle: biomass (X), ethanol
(E) and glucose (G). Bottom: respiration (DOT, RQ).  Thick lines:
inoculum with Xd = 0; thin lines: with Xd =50 %. (From paper II)

A(CaHbOc) + B(NH4
+) + C(O2)  → D(CdHeOfNg + E(CO2) + F( H2O) + B(H+)

showing that consumption of 1 mol of ammonia corresponds with 1 mol
hydrogen produced.

The inlet consists of two flows. One flow is the fresh medium (Fm), which has
the same pH as the cultivation pH, i.e. the pH of the medium in the bioreactor.
The second flow is the alkali solution (Fb). The added hydroxyl (Fb/VCOH) ions
corresponds to the protons that disappear due to neutralisation (Castrillo et al.,
1995). A simplified scheme of a pH-auxostat used in this work is given in Fig
16.

The mass balance for proton in our system is:

        inlet       outlet           neutralisation    production

dCH,m

dt 
 =  

Fb
V

 CH,b  +  
Fm
V

 CH,m -  
Fb + Fm

V
 CH,m -  

Fb
V

 COH +  µX
Y X/H  

 

 (24)

where
CHm: concentration of proton in the medium (mol/L);
CHb: concentration of proton in the titrant solution (mol/L);
COH: concentration of the base solution (mol/L);
Fb: inflow of the titrant solution (L/h);
Fm: inflow of the fresh medium (L/h);
YX/H: biomass yield per proton (g/mol).

The ratio between the two inflows is an important operational parameter. Note
that this ratio has been expressed in different ways in paper III and IV. In paper
III it was defined as Fb / (Fm + Fb), whereas in paper IV it was defined as Fm / Fb.
Therefore the flow ratio was denoted it with different symbols, ß and r,
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respectively. This only maked the equations different in those two papers, but
the simulation procedure and the obtained results were the same. The last
version of the mathematical expression that was used in paper IV is used in the
text below. Table 3 summarises the steady state variables of the pH-auxostat
derived from eq. (24).

In a chemostat the state variables are usually plotted against the dilution rate
(D). However, the pH-auxostat is only applicable at or close to µmax and plots
against D then give little information. Instead, it was found that the flow ratio
was a suitable design variable. The separated flows of inlet medium and alkali
solution allowed to show the dependency of the biomass and residual glucose
concentration on the ß-value (III). See eqs 26-27 (where the flow ratio is
expressed as r ).

 pH-electrode 

 level sensor 

 Fm; CH,m 

 Fb; CH,b; COH 

 F = Fm + Fb 

 r = Fm / Fb 

 V    X    S    P 
  CH,m   COH 

 β = Fb / (Fm + Fb) 

Fig 16.  Simplified scheme of a pH-auxostat. The pumps for the fresh
medium and titrant solution are concomitantly controlled via a pH-
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controller. The feed medium has the same pH as the fermenter. The
ratio between the inlet flow rates is defined either as ß or r, which can
be easily manipulated and used to establish different steady state
concentrations of biomass, substrate, and product. The outlet pump is
regulated by a level sensor to keep the volume constant, i.e. the out
flow is the sum of Fm anf Fb.

4.4.2  Growth of E. coli in a pH-auxostat (III)

The performance of the pH-auxostat operation was demonstrated with use of E.
coli growing aerobically on a minimal medium supplemented with glucose and
ammonium salt. The purpose was to utilise the pH-auxostat principle for
investigations on how external factors like temperature and high medium
concentrations influence growth and energy metabolism of E. coli.

The cultivation was started in a batch mode. A few hours later the pumps for
inlet and outlet were turned on to start the continuous process. At the steady
state the biomass and glucose concentration stabilised at the values
correspondent to the ß-value (Fig 3 and 4, paper III). Four different values of ß
(0.008, 0.012, 0.024, 0.049) were tested. The three first ß-values resulted in
biomass concentrations that agreed to the model, whereas the fourth value was
chosen to exceed the boundary condition, and therefore it led to stop-flow
situation, i.e. glucose was exhausted, the growth ceased, but the biomass
concentration remained unchanged. This phenomenon was termed stop-flow, as
opposite to the wash-out in a chemostat.

Table 3.   Steady state variables of the pH-auxostat.

  Variable  Model  Eq. nr

dilution rate   D = µ

ratio between the
inflow of medium
and inflow of alkali

 
r =  

Fm
Fb

  =  
Y X/H COH 

X
 - 1 

 (25)

biomass
 
X = Y X/S (Si - S ) =  

Y X/H COH  
1 + r

 (26)
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substrate
  

S =  r 
r + 1 

 Si -  
X 

Y X/S 

  (27)

 oxygen uptake
  

 OUR =  
qO

XV
   (28)

product
  

P =  
X qP

D
  (29)

boundary
condition for r   

rcrit =  
Y X/H COH 

Si Y X/S

 (30)

Under optimal conditions for growth the steady state dilution rate is always
equal to µmax (about 0.9 h-1), and the system is stable (Fig 5, paper III). However,
when the culture was challenged with different unfavourable conditions, the
deviations from µmax were observed. The challenging conditions were: i) different
temperatures in the range 25-42 oC; ii): inhibition by increased concentrations of
ammonium chloride in the medium.

The effect of temperature on µmax and other metabolic rates is shown in Fig 17.
The growth rate is at maximum level in the range of temperatures between 35-39
oC. However, the biomass concentration declines with increased temperature, in
spite of increased glucose uptake rate. This can be explained by the reduced
yield of biomass per proton under the conditions of increased acetic acid
production.
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Fig 17.   Effect of temperature on the specific rates for growth,
glucose consumption and acetate production of E. coli in a pH-
auxostat. Symbols: triangles: µ; circles: qS (glucose); squares: qAc

(acetate). (from paper III)

Experiments with elevated concentration of ammonium chloride in the culture
medium showed how to detect the inhibitory effect of a substrate component on
the specific growth rate. The critical concentration of this compound was found
of 0.15 M. At the concentrations higher than that µ declined and reached about
half of µmax at 0.4 M NH4Cl, while the biomass concentration remained the same.
4.4.3   Simulation of pH-auxostat cultures of S. cerevisiae (IV)

Section 3 presented a general model and method for simulation of continuous
cultures. The concept of maintenance energy (qm) was introduced, and its
relation to the biomass yield in two cases, i.e. including maintenance (YX/S) or
exclusive maintenance (Yem), was formulated (eq. 19, 20). The influence of these
parameters on the simulated biomass was discussed and solved by simulations in
Section 3.4. This must also be taken into account while modelling continuous
cultivation of S. cerevisiae in the pH-auxostat, because under the conditions of
µmax in the pH-auxostat, over-flow metabolism is expressed, and therefore Yem

decreases.

Under normal cultivation conditions in a pH-auxostat (surplus of glucose), S.
cerevisiae grows at µmax, i.e. it excretes ethanol formed in over-flow metabolism.
The purpose of this part was to adopt the kinetic model for growth and energy
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metabolism (paper I) for simulation of the pH-auxostat cultures of S. cerevisiae.
The following assumptions are taken into account (see Fig 7):

   - The flux of sugar (qS) is channelled into an oxidative (qSox) and a fermentative
(qSf) metabolism, each of which is divided into fluxes of sugar used for
anabolism (qSox,an and qSf,an) or for energy metabolism (qSox,en and qSf,en)

   - The carbon flux to the cell (qSox,an Cs) and the carbon accumulation by growth
((qSox - qm)YX/SoxCX )are equal, from which qSox,an  is obtained.

   - The maintenance rate (qm) is constant under normal cultivation conditions.

   - The concept of a bottleneck that causes over-flow metabolism in S.
cerevisiae limits the rate of oxygen used for glucose oxidation (qO,s) to qO,max.
Then the flux to the fermentative metabolism (qSf) is obtained from the
difference between total uptake and the oxidative flux. Part of this flux is
stoichiometrically converted to ethanol.

   - Ethanol consumption is not considered, because the model only is used for
steady state conditions close to µmax.

Thus, the specific  rate equations are the same as presented in Fig 7, except that
the equations for ethanol uptake are omitted. The parameters used for the
simulations were obtained either from the experiments or from literature, and are
listed in paper IV. The inflow ratio defined in paper IV as r = Fm / Fb is used in
the text below.

The S. cerevisiae  pH-auxostat was simulated both as steady-state solutions and
dynamically to illustrate the stop-flow condition:

   1.  In order to obtain steady state variables of the pH-auxostat as function of
the flow ratio r, the following set of variables were first calculated as functions
of S: qS, qO, qEp, µ, and YX/S (= µ/qS) from  Fig 7 and D, r, X, S, E, and OUR from
Table 3. Then the these variables were re-plotted against r, as shown in Fig 18,
or against D (Fig 19).

   2. The stop-flow condition can be illustrated by running a dynamic simulation,
i.e. using the kinetic model as for fed-batch cultivation. The variables of D, YX/S,
X, E, OUR, qS, qOs are obtained as functions of the cultivation time t. The r-
values close or equal to the boundary (eq 30), which leads to the stop-flow
situation, are given as constants. Such a simulation is demonstrated in Fig 20.

The equations used in these simulation are summarised in Table 4. They are
written in computer language, i.e. sub- or superscripts are not applied.



44

Figure 18 shows how the variables biomass and ethanol concentration and
dilution rate ( = µ) at steady state are controlled by manipulating the ratio
between the inflow of fresh medium and that of the titrant solution (Fm/Fb). The
simulation data were obtained as explained above. The speed of the inlet pumps
were manually set according to a chosen r, which was step-wisely changed from
an initial value of about 120 through a series of different values (120, 60, 51, 34,
18, 12, 6.5, 16 and 22). It is shown on the graph that within the interval of r-
values between 120 and 18, the pH-auxostat provided substrate-excess
conditions. The correspondent dilution rate D were in the range of 0.50 - 0.47 h-

1. This is in good agreement with the µmax 0.49 h-1 calculated by Postma et al.
(1989) from chemostat cultures of the same strain.

A decrease in r means that for a certain amount of titration, a smaller volume of
the fresh medium is pumped in, concomitantly with the same volume of the
titrant solution. Thus, the neutralising capacity of the inlet medium increases,
resulting in an increase of the biomass concentration (Fig 18). Further decrease
in r results in higher biomass, and lower residual glucose concentrations, which
eventually become limited. As consequence, the growth rate declines, as seen on
the graph where the dilution rate D declines at the r-value of about 18. At r = 6.5
the dilution rate quickly dropped to zero, resulting in so called stop-flow
situation. When this happened, the pumps stopped, and the biomass remained in
the fermenter at the highest concentration of about 5.0 g/L, but no further growth
was observed. This is clearly seen in Fig 20. Thus, if the conditions in a pH-
auxostat lead to substrate exhaustion, then the system stops working, because of
the following chain of events:

no substrate  --->  no growth  --->  no pH-change  --->  no inflow

A small injection of glucose was used to resume the growth. This was enough to
provide the cells with some nutrient to grow, i.e. to decrease the pH again.
Hence, the cultivation continued but now with the r set to 16, and thereafter 22,
providing D of 0.45 and 0.47 h-1, respectively.
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Fig 18.  Experimental data (symbols) and simulation (lines) of a
S. cerevisiae  pH-auxostat. (from paper IV)

4.4.4   Control of the pH-auxostat

The stop-flow situation could be predicted by simulation, as shown in Fig 20.
For the r-values lower than 10 there observed large deviations between the
measured and predicted data of biomass and ethanol. Good fit for all curves was
obtained at r = 16, at which the glucose concentration was about 0.6 g/L. This
indicates to the difficulty in operation of the pH-auxostat, because in this range
of low glucose concentrations, the system is very sensitive to fluctuations of the
inlet flows.

Table 4.  Scheme for dynamic and steady state simulations of pH-auxostat
cultures of S. cerevisiae. The common equations mean that they are used
for both simulations, then the equations specific for each simulation
follow. Abbreviations are given in Nomenclature section. Note: YX/H and
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COH are written here as Yxh and Coh, respectively. F and dS/dt obtained
from eq 2.5 and 2.9 in paper IV, respectively. Other equations are from
Fig. 7 and Table 3.

                                    Common equations

                                  qS=qSmax*S/(S+Ks)
                                  qSoxan=(qSox-qm)*Yxsox*Cx/Cs
                                  qSoxen=qSox-qSoxan
                                  qOs=qSoxen*Yos   •   qOmax
                                  qSox=qSoxan+qSoxen
                                  qSf=qS-qSox
                                  qSfan=qSf*Yxsf*Cx/Cs
                                  qSfen=qSf-qSfan
                                  qEp=qSfen*Yes

       Dynamic simulation   Steady state simulation

  qEen=(qOmax-qOs)/Yoe*E/(E+Ke)   My=qSox*Yxsox+qSf*Yxsf
  qEan=qEc*Yxe*Cx/Ce*E/(E+Ke)   D=My
  qEc=qEan+qEen   Yxs=My/qS
  qO=qOs+qEen*Yoe   r=Yxh*Coh/X-1
  My=qSox*Yxsox+qSf*Yxsf+qEc*Yxe   E=X*qEp/D
  F=(1+r)*My*X*V/(Yxh*Coh)   OUR=qOs*X*V/32*1000
  D=F/V
  dXdt=-F/V*X+My*X
  dSdt=F/V*(r/(1+r)*Si-S)-qS*X
  dEdt=-F/V*E+X*(qEp-qEc)
  OUR=qO*X/32*1000
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Fig 19.  A chemostat presentation of the pH-auxostat data in Fig 18.
The symbols are the experimental data, and the lines are obtained
from simulations. The system is stable at D close to or equal to Dmax.
At Dmax the biomass was not washed out from the bioreactor as it
would happen in a chemostat. (from paper IV)

The boundary condition, or critical r-value can be calculated from the eq 27:

S =  r 
r + 1 

 Si -  X 
Y X/S 

 
(27)

by setting S = 0, then

rcrit =  
Y X/H COH 

Si Y X/S  (30)

Under normal cultivation conditions the yields of biomass per substrate and per
proton are relatively  constant. Thus, rcrit depends mainly on the glucose
concentration in the feed medium (Si) and on the molarity of the base solution
(COH). Fig 16 also shows that in the cultivation with the feed of 10 g/L glucose
and the base solution of 0.27 mol/L, the pH-auxostat is stable at µmax in the wide
range of r-values between 20 and about 150.
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Minkevich et al. (1989) suggested a system called bistat that helps to avoid the
risk of the stop-flow situation. Bistat is a combination of a chemostat and a pH-
auxostat, i.e. the latter with an extra feed of the growth limiting substrate that
works independently from the other inflows. The flow rate of this extra feed is
rather small, just enough to prevent the stop-flow risk.

From  this section, it can be concluded that the pH-auxostat has some
advantages that make it an interesting complementary tool to the chemostat.
Firstly, it allows stable growth of microorganisms at µmax without the risk of
wash-out. Secondly, the ratio between the flow of fresh medium and the titrant
solution is a quite convenient control parameter that permits control of the
biomass and product concentrations. The model of over-flow metabolism of S.
cerevisiae growing in fed-batch processes has proved to be applicable also to the
pH-auxostat. Thus, by applying this technique to aerobic cultures of S.
cerevisiae, the physiology of this organism can be studied at µmax without strong
ethanol inhibition.
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Fig 20. Dynamic simulation (lines) and experimental data (symbols)
of a pH-auxostat of S. cerevisiae. When the flow ratio r was changed
from 7.8 to 6.5 the process came to a stop-flow situation. Addition of
glucose and increase of the r-value to 16.2 restored the culture at a
new steady state. (from paper IV)



49

5.  CONCLUDING REMARKS

The aerobic ethanol production of S. cerevisiae is a phenomenon that has been
discussed extensively in the literature. Most of these studies have been made in
chemostats, the tool of preference for studies of microbial physiology. However,
most new industrial processes utilise the fed-batch principle which can be used,
not only to control overflow metabolism, but also to obtain high cell and product
densities. The characteristic ethanol peak that is often seen in fed-batch cultures,
superficially looks similar to the ethanol peek in batch cultures. However,
metabolically the processes are very different, since the batch culture demands
induction of gluconeogenesis before ethanol is consumed. The principle behind
the bottleneck concept was well suited to model and simulate also fed-batch
cultures but it does not include induction of gluconeogenesis and can therefore
not be expected to be applicable to batch cultures.

One of the problems in simulation of fed-batch cultures is that they, contrary to
steady-state cultures become very sensitive to the initial conditions, which are
influenced by the quality of the inoculum. By the pre-cultivation technique
described here, this problem was much reduced and the technique delivers a cell
population with a well characterised physiological condition at the beginning of
the process. This should improve the possibilities to do reproducible
physiological studies also with fed-batch cultures.

The chemostat  disadvantage of being unstable at high specific growth rate can
be complemented by using the pH-auxostat technique, if one wants to
investigate the cell physiology at maximum growth rate. It could perhaps be
assumed that the ethanol concentration would be high when the cells are
furnished with so high glucose concentrations that the growth rate is maximum.
However, this work has shown that the ethanol concentration can be controlled
and kept at quite low concentrations in a pH-auxostat. Thus, it is possible by
means of this technique to investigate S. cerevisiae and other organisms
exhibiting over-flow metabolism, at steady state at µmax without strong inhibition
by the over-flow metabolite.
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NOMENCLATURE

Ce carbon content in ethanol (molC g-1)

COH concentration of titrant (base) solution (molL-1)

CH concentration of proton (molL-1)

CPR carbon dioxide production rate (mol h-1)

Cs carbon content in glucose (molC g-1)

Cx carbon content in biomass (molC g-1)

D dilution rate (h-1)

DOT dissolved oxygen tension (%)

E ethanol concentration (g L-1)

F feed flow rate (L h-1) or (g h-1 glucose)

Fi inlet flow rate (L h-1)

F0 initial feed rate (L h-1)

Fout outlet flow rate (L h-1)

I concentration of inhibitor (g L-1)

Kd cell death rate (h-1)

Ke saturation constant for ethanol uptake (g L-1)

Ki inhibition constant (g L-1)

KLa volumetric oxygen transfer coefficient (h-1)

Ks saturation constant for glucose uptake (g L-1)

OUR oxygen uptake rate (mol h-1)

P product  concentration (g L-1)

qCO2 specific CO
2
 production rate (g g-1 h-1) or (mmol g-1 h-1)

qEan "biomass equivalents” (g g-1 h-1)

qEc specific ethanol consumption rate (g g-1 h-1)

qEen flux of ethanol to energy metabolism (g g-1 h-1)

qEp specific ethanol production rate (g g-1 h-1)

Qin inlet gas flow rate (L h-1)

qm energy for maintenance (g g-1 h-1)

qO specific oxygen uptake rate (g g-1 h-1) or (mM g-1 h-1)

qO,max maximum specific oxygen uptake rate (g g-1 h-1) or (mM g-1 h-1)
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qOs consumption of oxygen for glucose oxidation (g g-1 h-1) or (mM g-1 h-1)

qP specific production rate (g g-1 h-1)

qS specific glucose uptake rate (g g-1 h-1)

qSf flux of glucose to fermentative path (g g-1 h-1)

qSf,an flux of glucose to fermentative anabolism (g g-1 h-1)

qSf,en flux of glucose to fermentative energy metabolism (g g-1 h-1)

qS,max maximum specific glucose uptake rate (g g-1 h-1)

qSox flux of glucose to oxidative path (g g-1 h-1)

qSox,an flux of glucose to oxidative anabolism (g g-1 h-1)

qSox,en flux of glucose to oxidative energy metabolism (g g-1 h-1)

r ratio between the medium flow and the titrant flow in pH-auxostat

RQ respiratory quotient (mol mol-1)

S (or G) glucose concentration (g L-1)

SFR specific feed rate (h-1)

Si glucose concentration in feed (g L-1)

t cultivation time (h)

tL lag phase in glucose uptake (h)

V volume (L)

Vm molar volume of gas (L mol-1)

X dry cell weight (g L-1)

Yem net cell yield exclusive maintenance (g g-1)

YE/S stoichiometric ethanol yield on glucose (g g-1)

YOE coefficient of respiration on ethanol (g g-1)

YOS coefficient of respiration on glucose (g g-1)

YP/S yield of product per substrate (g g-1)

YX/E biomass yield on ethanol (g g-1)

YX/H biomass yield per proton (g mol-1)

YX/S observed biomass yield per consumed substrate (g g-1)

YX/S,f biomass yield on glucose in fermentative metabolism (g g-1)

YX/S,ox biomass yield on glucose in oxidative metabolism (g g-1)

ß ratio between the titrant flow and the total flow in pH-auxostat

µ specific growth rate (h-1)

µmax maximum specific growth rate (h-1)
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