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Abstract 

Semi-batch crystallization experiments have been performed both in a loop reactor 
and in stirred tank reactors. Hydrochloric acid was fed to a stirred solution of sodium 
benzoate, and benzoic acid immediately formed. Benzoic acid is formed in excess of 
the solubility making the solution supersaturated.  

The loop reactor is U-shaped. In one leg a propeller stirrer was placed to circulate the 
solution and in the other a turbine stirrer was placed in front of the feed point to vary 
the local mixing intensity. The objective was to analyse the relative importance of 
different levels of mixing on the product size distribution.  The importance of mixing 
as well as scaling-up effects on the product size distribution were studied in three 
stirred tank reactors of volumes 2.5 L, 10 L, and 200 L. The stirred tank reactors had 
different geometry and were equipped with either a marine propeller or a pitched 
blade turbine.  

The weight mean size generally increases with increasing total feeding time and 
increasing mixing intensity. The weight mean size increases by locating an extra 
turbine impeller at the feed point in the 10 L stirred tank reactor. The turbine impeller 
provides the desired feed point mixing intensity without raising the mixing intensity of 
the whole tank. 

The weight mean size increases with decreasing feed pipe diameter in the loop reactor 
and for low feed rates in the 10 L stirred tank reactor. The weight mean size increases 
significantly by changing the feed pipe opening from circular to rectangular with a 
constant cross-sectional area at equal feed rates. Backmixing is visually observed in 
the largest feed pipe diameter in the loop reactor, thus, reducing the weight mean size. 



 

 

However, backmixing is not considered to be a dominant phenomenon in the present 
work. 

Mesomixing time constants have been calculated according to the turbulent dispersion 
mechanism and the inertial-convective mechanism. The time constants for 
mesomixing are generally longer than the time constant for micromixing. Thus, the 
ratio of the mesomixing and the micromixing time constants shows an influence of 
mesomixing as is shown by the experimental results. The experimental results are best 
described by the inertial-convective disintegration mechanism showing that the feed 
plume mixing increases with decreasing feed pipe diameter and increased feed point 
mixing. 

The weight mean size is not strongly affected by the reactor volume. However, the 
mixing conditions in the reactors have a strong influence on the weight mean size. No 
suggested scaling-up rule can satisfactorily predict the weight mean size in the 
different volumes. No single physical parameter, such as the local energy dissipation 
rate, the mean energy dissipation rate or the circulation time, can satisfactorily explain 
the experimental results. A new dimensionless mixing parameter, TR, has been 
defined as the ratio of the total feeding time and the mesomixing time constant. The 
mesomixing time constant is defined as the shortest dimension of the feed pipe 
divided by the resultant bulk velocity passing the feed pipe entrance. The experimental 
results from both the loop reactor and the stirred tank reactors of different volumes 
can be correlated with TR. The weight mean size increases with increasing TR. 

Keywords: reaction crystallization, precipitation, benzoic acid, macromixing, 
mesomixing, micromixing, semi-batch, loop reactor, backmixing, colour 
experiments, scaling-up. 
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1 Introduction 

In the chemical industry the product is in many cases a solid substance, and often the 
solid substance is obtained by means of crystallization. This is true for the production 
of for instance pharmaceuticals, photographic emulsions, explosives and foodstuffs. 
Often, in the pharmaceutical industry a large product size is favoured due to the 
following filtering and washing steps. A small and even product size is needed in for 
instance photographic emulsions. Therefore, a well accomplished crystallization will 
give a more even and a higher product quality. The important crystallization step can 
be more easily controlled when the knowledge of crystallization processes is 
increased.  

Precipitations, in which two solutions are mixed, are often carried out in stirred tank 
configurations. Åslund and Rasmuson (1992) studied the precipitation of benzoic acid 
by adding hydrochloric acid to a sodium benzoate solution in a stirred tank reactor. 
The agitation rate, the feed point mixing intensity, the feed rate, the reactant 
concentrations, and the impeller type were varied in the experiments; these variations 
caused product size distribution alterations. For example, they showed that the product 
size was significantly influenced by the stirring rate. The crystal weight mean size 
increased with increased stirring rate, reached a maximum, and decreased again. 
Additionally, increased feed rate had a negative effect on the product size. Evidently, 
process variables affect the product size. Furthermore, in a semi-batch process fresh 
reactant is fed to a solution of another reactant. The reactant in the solution is 
continuously consumed throughout the process. Therefore, the maximum product 
supersaturation at the feed point is gradually reduced in a semi-batch process. The 
unsteady character of the process complicates the interpretation of the results. 

The hydrodynamics of a stirred tank is complex and varies from location to location, 
both in terms of micromixing and in terms of macromixing. Liquid circulates in a 
feed-back loop, i.e. liquid circulates around a loop to the agitator and back to the feed 
point. The circulation rate is not uniform and should rather be described by a 
circulation rate distribution. A change in agitation rate changes the circulation time as 
well as the energy dissipation rate and the linear flow velocity at the feed point.  
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Today, there is a lack of understanding of the mechanisms influencing the 
precipitation process. In this study one of the circulation loops in a stirred tank reactor 
is simulated with a loop reactor. The liquid circulates around a loop in the loop reactor 
as it does in the stirred tank reactor. The suspension may be circulated at 
comparatively well-defined conditions in the loop reactor. A propeller can be used to 
pump the liquid. Local mixing conditions can be controlled independently by inserting 
a second agitator in front of the feed pipe. The feed point mixing can be varied by 
changing both the feed pipe diameter and the feed pipe design, also. 

The scaling-up of a semi-batch precipitation process is at the moment not well 
understood, and the outcome is difficult to predict. Scaling-up of a precipitation 
process in this work is studied in three different stirred tank reactors of volumes of 2.5 
L, 10 L and 200 L equipped with baffles and either a marine propeller or a pitched 
blade turbine. The experimental results from the scaling-up experiments are compared 
with the results from the loop reactor and from the work of Åslund and Rasmuson 
(1992). The behaviour in the stirred tank reactors is studied when changing the feed 
rate, the stirring rate and the feed pipe diameter. 
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2 Literature Review 

2.1 Crystallization Fundamentals 

In crystallization processes a supersaturation is created. The supersaturation can be 
reached in several different ways: by evaporation of the solvent, by cooling, by 
addition of an agent to reduce the solubility, or by a chemical reaction. The latter is 
referred to as reaction crystallization or precipitation in the literature.  

2.1.1 Supersaturation 

In precipitation processes at least two reactants are mixed. As the reactants are brought 
in contact a reaction takes place and a product is formed in excess of the solubility. 
The solution becomes locally supersaturated. The driving force for a precipitation 
process is the difference in chemical potential between the crystallizing compound in 
the supersaturated solution and in the crystal (Söhnel and Garside, 1992) 

S
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a
a

RT
lnlnln

***
=










=







=
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γ
γµ  (2.1) 

where a is the activity in the supersaturated solution, a* is the activity in the saturated 
solution, c is the actual, local concentration in the solution and c* is the saturation 
concentration at the prevailing temperature. The ratio of the activity coefficients γ/γ* 
is unity in ideal solutions. For precipitations the supersaturation ratio is usually used 
and it becomes (Mullin, 1993): 

c
cS
∗

=  (2.2) 

when assuming that the ratio of the activity coefficients is close to unity.  

Supersaturation is often described as a concentration driving force (Myerson, 1993) 

ccc *−=∆  (2.3) 
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The local supersaturation is dependent on the mixing, the feed rate, and the reactant 
concentrations. As the supersaturation reaches a certain level nuclei are formed.  

2.1.2 Nucleation 

Nucleation occurs as either primary or secondary nucleation. Primary nucleation 
occurs either spontaneously (homogeneous nucleation) or is catalysed by foreign 
particles, such as dust particles, in the solution (heterogeneous nucleation) (Randolph 
and Larson, 1988).  
 
It is believed that clusters of solute molecules form in the supersaturated solution. 
When the clusters reach a certain size, rc, a stable nucleus may form. 
Thermodynamically, energy is required for forming the surface of the nucleus, ∆GS, 
and energy is released when changing phases from liquid to solid, ∆GV (Randolph and 
Larson, 1988): 
 

GrrGGG vVS ∆+=∆+∆=∆ 32

3
44 πσπ  (2.4) 

 
∆GS is proportional to the surface area of the nucleus, and ∆GV is proportional to the 
volume of the nucleus (Fig. 2.1). ∆Gv is the change in free energy per unit volume, σ 
is the interfacial energy and r is the radius of the nucleus. Since ∆GS is a positive 
quantity and ∆GV is a negative quantity the total free energy, ∆G, exhibits a 
maximum, ∆Gcr, corresponding to the critical size of the nucleus, rc.    
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Figure 2.1: Free-energy change for homogeneous nucleation. 

The critical size of the nucleus is dependent on the supersaturation level. The critical 
size of the nucleus and ∆Gcr decrease with increasing supersaturation. This is 
described by the Gibbs-Thompson equation (sometimes called the Ostwald-Freundlich 
equation) (Randolph and Larson, 1988).  
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where v is the molecular volume, k’ is Boltzmann´s constant (1.3805⋅10-23 J/K), and T 
is the temperature.  

The rate of nucleation, i.e. the number of nuclei formed per unit volume and unit time, 
is described by an Arrhenius type of equation (Randolph and Larson, 1988) 







 ∆
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GKB cr

PP '
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where KP1 is a preexponential factor. From the Gibbs-Thompson equation and Eq. 
(2.4) the change in the critical free energy is derived. Inserting ∆Gcr into Eq. (2.6) 
leads to (Söhnel and Garside, 1992) 
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KP1 and KP2 are specific parameters for the substance. The primary nucleation rate is 
significantly increased for high supersaturation levels. Heterogeneous primary 
nucleation is analogous to the homogeneous primary nucleation rate (Klein and David, 
1995) 
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where f is a correction factor, which is less than 1. The correction factor f describes the 
lowering of the interfacial energy when a nucleus is formed on a foreign surface. In 
practice, particle-free solutions are rare. At low levels of supersaturation 
heterogeneous primary nucleation occurs, but at high supersaturation levels 
homogeneous primary nucleation is dominating. 

Secondary nucleation occurs when there are crystals already in the solution. 
Secondary nucleation may occur by attrition, needle breeding occurring on dendritic 
crystals or removal of the adsorbed crystal layer by fluid shear. However, primary 
nucleation is usually the dominating nucleation mechanism in precipitations due to 
high levels of local supersaturation.  

A certain time elapses from the point when the supersaturation is generated until the 
crystals are observed, i.e. the induction time. The induction time is the sum of the time 
for a critical nucleus to form and for this nucleus to grow into an observable size 
(Söhnel and Garside, 1992; Klein and David, 1995). 

2.1.3 Growth 

The critical nucleus begins to grow immediately in a supersaturated solution. The 
growth of a nucleus requires that the solute is transported from the solution to the 
crystal and thereafter is incorporated into the crystal lattice. The transport of the solute 
from the bulk to the crystal surface involves both convection and diffusion. At the 
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interface, the solute is adsorbed and may diffuse on the crystal surface before it is 
integrated in the crystal lattice. The overall growth rate is defined as  

dt
dLG =  (2.9) 

where L is a characteristic dimension of the crystal (Mullin, 1993). 

The mass transport of solute to the crystal interface is described by 

)( cckG id −= . (2.10) 

where kd is the mass transfer coefficient based on the film diffusion, c and ci are the 
concentration in the bulk and the concentration at the crystal surface respectively. The 
growth rate expressed as the integration of the solute compound into the crystal lattice 
is often described by an empirical power law expression of the type (Garside et al., 
1975) 

( )cckG i

r

r
*

'

−= . (2.11) 

where kr is a growth rate constant based on the surface integration.  

The particle size distribution may be affected by secondary changes such as ageing, 
agglomeration and Ostwald ripening. Ageing involves changes in the physical and/or 
chemical properties of the crystal with time. Agglomeration occurs if crystals collide 
and adhere to each other generating new, larger particles. The forces between these 
crystals can be weak (aggregation) or strong (agglomeration). Ostwald ripening 
describes that smaller nuclei may dissolve (Gibbs-Thomson equation, Eq. (2.5)), thus, 
favouring the growth of larger crystals. An increase in solubility is only observed for 
crystals smaller than approximately 1 µm (Söhnel and Garside, 1992; Myerson and 
Ginde, 1993; Randolph and Larson, 1988; Klein and David, 1995). Furthermore, 
impeller collisions may cause fragmentation of crystals generating new crystals that 
grow, thus, reducing the product weight mean size.  
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2.2 Mixing 

In semi-batch precipitations one reactant is added to a bulk solution of the other 
reactant. The reacting species have to be in contact with each other for a chemical 
reaction to occur. When contacting is improved more product can be formed per unit 
time. 

2.2.1 Turbulence 

In industrial vessels an agitator is often used to mix the solutions. Strong velocity 
gradients arise from the agitator rotation. The velocity gradients break the fluid into 
eddies, i.e. molecular groups. Energy is transported from the large eddies to the 
smaller eddies through momentum transfer by inertial forces (i.e. the energy cascade). 
The kinetic energy is dissipated through the action of viscous forces as internal energy 
in the solution (Brodkey, 1985; Hinze, 1975; Oldshue, 1993; Davies, 1972).  

lo
g 

E(
k)

log kk0 kK  

Figure 2.2: The energy spectrum. 

The largest eddies contain most of the energy (Fig. 2.2). These largest eddies of wave 
length k0 are affected by the tank geometry, i.e. impeller design, tank shape, and baffle 
design. The smallest eddies down to Kolmogoroff’s wave number, kK, are independent 
of the tank geometry (Davies, 1972; Oldshue, 1993). 
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2.2.2 Mixing of a Feed Reactant 

The mixing process can be described by following a blob of feed reactant as it is 
mixed with the bulk reactant (Fig. 2.3). Initially the blob is surrounded by bulk 
solution. The initial blob size corresponds to the wave number of ck0 in the inertial-
convective subrange (Fig. 2.4). The wave length ck0 describes the largest concentration 
differences in the reactor (Corrsin, 1964). These maximum concentration differences 
occur at the instant of addition when complete segregation prevails, i.e. the blob of 
feed reactant is intact and no mixing has yet occurred. Convection distribute the blob 
in the solution, and inertial forces shear it (shown as arrows in Fig. 2.3) into smaller 
units until a course-scale homogeneous solution is attained. Thus, the scale of 
segregation is reduced by the eddies in the solution. 

Bulk reactant

Feed
reactant

 

Figure 2.3: Mixing of a feed reactant added to a bulk reactant. 

The vortices in the solution begin to rotate the tongues and a laminated structure of 
feed reactant and bulk reactant is created (shown in the enlargement in Fig. 2.3). 
Molecular diffusion becomes effective in this laminated structure where the contact 
area is large. The intensity of segregation is gradually reduced by the molecular 
diffusion leading to a small-scale homogeneous solution. The small-scale 
homogeneous solution is difficult to obtain in for instance precipitation processes with 
short induction times where the reaction is faster than the diffusion (Danckwerts, 
1953; Baldyga and Bourne, 1986; Ulbrecht and Patterson, 1985). 
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Figure 2.4: The concentration spectrum when Sc>>1. 

2.2.3 Different Scales of Mixing 

The mixing process is divided into macromixing, mesomixing and micromixing. 
These mixing stages complement each other in the sense that they describe different 
scales of mixing. The mixing stages may occur one after the other or simultaneously.  

Macromixing refers to mixing at the scale of the impeller and the tank. Macromixing 
defines the retention time distributions of the fluid elements in a continuous reactor, 
and is usually described by the circulation time, tc, 

DNN
V

t
Q

c 3
=    (2.12) 

where the tank volume, V, is divided by the circulation capacity. NQ is the flow 
number, N is the stirring rate and D is the impeller diameter (Oldshue, 1993; Klein 
and David, 1985).  

Micromixing starts in the viscous-convective subrange of the concentration spectrum 
(Fig. 2.4) and describes mixing at a microscopic scale. Micromixing involves viscous 
straining of the fluid elements, formation of laminated structures and molecular 
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diffusion. Micromixing denotes mixing essentially from the Kolmogoroff´s wave 
number, kK, where the eddy Reynolds number equals unity showing that the viscous 
forces are as important as the inertial forces. The Kolmogoroff’s wave number 
corresponds to the smallest vortices generated by the agitation (Fig. 2.2): 

( )
ν
ε

3

4/1

=k K  (2.13) 

where ε is the local energy dissipation rate and ν is the kinematic viscosity. The 
smallest concentration differences in a stirred tank are considered to be at the 
Batchelor wave number, kB (Corrsin, 1964),  

( )
D

k
V

B 2

4/1

ν
ε

=  (2.14) 

where the laminar strain and the molecular diffusion, DV, are equally important 
(Baldyga and Bourne, 1986; Tavare, 1986).  

The micromixing time constant is most often defined as 

ε
ν

τ CM =  (2.15) 

where the constant C is found in the literature to vary between 3.5 and 17.3 (Corrsin, 
1964; Baldyga and Bourne, 1986; Baldyga et al., 1993; Åslund and Rasmuson, 1992; 
Geisler et al., 1988).  

Mesomixing is mixing at the scale of the feed pipe, i.e. at a scale between 
macromixing and micromixing. Two mesomixing mechanisms are suggested in the 
literature: the turbulent dispersion mechanism and the inertial-convective 
disintegration mechanism. The mechanisms characterise mixing of a fresh feed stream 
with the bulk in the inertial-convective subrange of the concentration spectrum (Fig. 
2.4). The time constant for mesomixing by the turbulent dispersion mechanism is 

Du

Q

tb

feed
TD =τ  (2.16) 
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where Qfeed is the volumetric feed rate, ub is the linear bulk velocity passing the feed 
point and Dt is the turbulent diffusivity. The feed plume is assumed to be radially 
spread out, from the feed pipe entrance, forming a truncated cone. The concentration 
is reduced from the central axis to the radius of the feed cone by dispersion.  

The time constant for mesomixing by the inertial-convective disintegration mechanism 
is 

( )ε
τ Λ=

2 3/1

AIC  (2.17) 

where A is a constant (typically 1-2) and Λ is the integral scale of concentration 
fluctuations. The feed plume is assumed to be broken up by the action of inertial 
forces of the convective flow (Corrsin, 1964; Baldyga and Bourne, 1999).  

The ratio of the mesomixing time constant and the micromixing time constant 

τ
τ

M

mesoQ =  (2.18) 

is used to determine the governing process (Baldyga et al., 1993). Mesomixing 
controls when Q>>1 and micromixing when Q<<1 (Baldyga and Bourne, 1992). 
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2.3 Experimental Evidence of the Importance of Mixing  

The feed point conditions are governed by the concentration of the reactants, the feed 
rate, the feed pipe diameter, and the local mixing conditions. Primary nucleation 
dominates at the feed point due to very high local supersaturation levels. The local 
mixing does not only mix the reactants, but may also dilute the formed supersaturation 
and in that way lower the rate of primary nucleation. Several studies have 
experimentally observed the influence of local mixing intensity, feed rate, feed pipe 
diameter and reactor volume in reaction crystallizations on different substances. The 
effect on the mean size in single-feed semi-batch precipitations are reported below in 
Tables 2.1-2.4. The tables should be interpreted as follows. For example, in Table 2.1 
a ”∩  ” means that a maximum in mean size is observed with increasing energy 
dissipation rate. A “∪ “ means that a minimum in mean size is observed. An “ ↑ “ 
means an increase in mean size with increasing energy dissipation rate. An “ ↓ “ 
means a decrease in mean size. A “ –“  means that no clear influence has been found 
on the mean size or that the crystal size is constant with increasing energy dissipation 
rate. Sometimes several curves are presented with different trends. This is shown in 
the table with two or more symbols in the first column. 

2.3.1 Influence of the Stirring Rate or the Energy Dissipation Rate 

The hydrodynamics in a stirred tank reactor is, as earlier stated, complex. One way of 
characterising the mixing conditions in the reactor is to estimate the power input, P:  

ρDNNP p
53=  (2.19) 

where Np is the power number for the impeller, N is the stirring rate, D is the impeller 
diameter and ρ is the solution density (Davies, 1972). Frequently the power input, P, 
is divided by the mass of the solution giving the units W/kg.  

According to Table 2.1, the influence of the stirring rate or the energy dissipation rate 
is not clear. The crystal size either increases or decreases with increasing energy 
dissipation rate (Table 2.1). 
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Table 2.1: The effect of the stirring rate or energy dissipation rate on the mean size. 

Effect Substance Reference 

∩  benzoic acid Åslund and Rasmuson, 1992 

∩  calcium oxalate Marcant and David, 1991 

∩  or - calcium oxalate Marcant and David, 1993 

↑  calcium oxalate Houcine et al., 1997 

∩  calcium oxalate Zauner and Jones, 2000a 

∩  calcium oxalate Zauner and Jones, 2000b 

∩  calcium carbonate Zauner and Jones, 2000a 

∩  NiDMG Kuboi et al., 1986 

∪  barium sulphate Tosun, 1988 

↓  barium sulphate Tovstiga and Wirges, 1990 

↓  barium sulphate Baldyga et al., 1990 

∩  or   ∪  barium sulphate Chen et al., 1996 

↑  barium sulphate Phillips et al., 1999 

∩  = max.   ∪  = min.   ↑  = increase   ↓  = decrease   - = no clear influence (constant) 

2.3.2 Influence of the Feed Rate  

Experiments have been carried out where the feed rate was changed keeping all other 
parameters constant. Generally, the crystal size decreases with increasing feed rate 
regardless of process parameters and substance studied (Table 2.2).  
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Table 2.2: The effect of the feed rate on the mean crystal size. 

Effect Substance Reference 

↓  cadmium sulphide Ramsden, 1985 

↓  or - barium sulphate Chen et al., 1996 

∪  or   ↓  barium sulphate Phillips et al., 1999 

↓  benzoic acid Åslund and Rasmuson, 1992 

↓  or - calcium oxalate Marcant and David, 1993 

↓  or - calcium oxalate Zauner and Jones, 2000a 

∩  = max.   ∪  = min.   ↑  = increase   ↓  = decrease   - = no clear influence (constant) 

2.3.3 Influence of the Feed Pipe Diameter and the Feed Pipe Design 

Most mesomixing studies have focused on competing, chemical reactions rather than 
precipitation processes. All findings are reported in Table 2.3.  

Table 2.3: The effect of the feed pipe diameter. 

Effect1 Substance Reference 

↓  calcium oxalate Zauner and Jones, 2000a 

↓  competing chemical reactions Bourne et al., 1981 

↓ or  ↑  competing chemical reactions Tipnis et al., 1994 

↑  competing chemical reactions Baldyga et al., 1993 

↑  competing chemical reactions Baldyga and Bourne, 1999 

∩  = max.   ∪  = min.   ↑  = increase   ↓  = decrease   - = no clear influence (constant) 

                                                           
1 By effect is understood the change in crystal size in precipitation processes or the change in 
level of mixing in processes with chemical reactions when increasing the feed pipe diameter. 
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The influence of the feed pipe diameter is not fully clear. Zauner and Jones (2000a) 
used calcium oxalate as a model substance. Calcium oxalate precipitates as either 
crystals or agglomerates, which complicates the interpretation of the results.  

The influence of the feed pipe design on the crystal size has not been found in the 
literature. 

2.3.4 Influence of the Reactor Volume 

Predicting the weight mean size when scaling-up laboratory experiments to full-scale 
industrial equipment is well known to be difficult, especially when mixing is 
important. The scaling-up behaviour is given in Table 2.4 for different precipitation 
processes. Zauner and Jones (2000a) used calcium carbonate as a model substance. 
Calcium carbonate crystallizes as two different polymorphs in their work (i.e. both 
vaterite and calcite), which complicates the interpretation of the results. 

Table 2.4: The influence of increasing reactor volume in a semi-batch process. 

Effect Substance References 

- sodium perborate Vrhunec et al., 1999 

- or ↓  calcium oxalate Zauner and Jones, 2000a  

↑  calcium carbonate Zauner and Jones, 2000a 

∩  = max.   ∪  = min.   ↑  = increase   ↓  = decrease   - = no clear influence (constant) 
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3 Loop Reactor Experiments 

The relative importance of several parameters on the crystal size distribution is 
investigated in a semi-batch reactor. The local and global mixing conditions are varied 
in the experiments by changing stirring rates, total feeding time, feed pipe diameter, 
and feed pipe design. Dilute hydrochloric acid is added to a solution of sodium 
benzoate. Benzoic acid crystals immediately form. 

3.1 Apparatus 

The loop reactor consists of a bent glass pipe of 45 mm inner diameter, which is 
interconnected at the top. The total length of the glass pipe is 1.05 m, and the 
operating volume of the loop reactor including the transverse pipe is 1930 ml. A 2000 
ml round flask is connected to the longer leg. The round flask handles the added 
volume, thus, avoiding a dependence of the linear bulk velocity on the volume in the 
reactor. 

 

Marine
propeller

Rushton
turbined 45

Figure 3.1: The loop reactor. 
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The feed point is at the glassware fitting. The feed is added through glass pipes. Feed 
pipes of different design are used. The feed pipes are either straight with a circular 
cross-section, bent with a circular cross-section or straight with a rectangular shaped 
entrance (Fig. 3.2). The straight circular feed pipes have inner diameters, d, of 0.7 
mm, 1.5 mm, 2.5 mm or 3.9 mm. The bent circular feed pipe has an inner diameter of 
0.7 mm and the straight rectangular feed pipe has inner dimensions of 1.4x3 mm.  

The feed pipe is connected to a Teflon hose of the pump (DESAGA Laborpumpe 
KP2000) with a metallic Swagelok connection. The connected feed pipe is pressed 
through a drilled hole in a Teflon fitting at the fixed feed point position. The Teflon 
fitting prevents crystals to be pushed into the glassware fitting during the experiments. 
When the largest feed pipe is used a Teflon stopper connected to a metal wire is put 
into the feed pipe entrance prior to all experiments to avoid a pre-reaction of the 
reactants in the feed pipe. The Teflon stopper is removed at the beginning of the 
experiment. 

 

d

0.7

3

1.4

 

 

Figure 3.2: The feed pipe designs. 

There is a marine propeller stirrer of 35 mm diameter, in the leg with the rounded 
flask, causing the suspension to circulate. A Rushton turbine stirrer of 25 mm diameter 
is placed in front of the feed pipe, i.e. 5 mm horizontally away and vertically aligned 
(Fig. 3.3). A paddle stirrer of both metal and Teflon is placed in the sphere (round 
flask) to avoid sedimentation of benzoic acid crystals.   
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Figure 3.3: The impellers. 

3.2 Mixing Conditions in the Loop Reactor 

3.2.1 General Hydrodynamics 

The hydrodynamics in the loop reactor is studied by first adding a coloured pH 
indicator, methyl orange, to water circulating in the loop. Thereafter a hydrochloric 
acid pulse is added through the feed pipe. The colour changes from colourless/yellow 
to red at pH 3.1-4.4.  
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Figure 3.4: The correlation between the linear bulk velocity and the propeller stirring 
rate. 

The coloured acid pulse is radially and tangentially well mixed in the propeller region, 
thus, forming a coloured front leaving the propeller region. This coloured front is 
clocked for different propeller stirring rates and volumes in the loop reactor. The 
linear velocity depends linearly on the propeller stirring rate, and it varies from 0.07 
m/s to 0.48 m/s when the marine propeller stirring rate is varied from 200 rpm to 900 
rpm (Fig. 3.4). At low stirrer speeds (200 rpm) the mixing is low causing the pulse to 
swirl around both radially and axially more than at higher stirrer speeds. The linear 
velocity is independent of the volume changes (Torbacke, 1998) and is not affected by 
turbine stirring rates of 700 rpm or lower. Macroscale circulation times are calculated 
from the linear velocity measurements knowing that the length of the loop reactor is 
1.05 m. Experiments are performed for propeller stirring rates ranging from 450 rpm 
to 900 rpm for which the pipe flow Reynolds number in the loop varies from 9900 to 
21600. Hence, the flow is turbulent in the loop reactor experiments.  

3.2.2 Mixing of the Feed Plume 

The local mixing at the feed point is studied in the loop reactor by adding methyl 
violet to a colourless water solution. The powder of methyl violet is dissolved in water 
giving a very strong purple colour. The colour is observed when it is mixed with the 
water in the bulk, which gives an indication of how the feed is mixed with the bulk 
during a precipitation. The methyl violet is fed to the loop reactor through the feed 
pipe at varying mixing conditions.  

First, the stirring rate of the propeller is varied keeping all other parameters constant. 
The stirring rate of the turbine is 75 rpm, the feed pipe diameter is 1.5 mm, and the 
total feeding time is 90 minutes. When the stirring rate of the propeller is 450 rpm the 
feed plume is sheared to thin, wavy threads. The threads spread out radially and 
tangentially almost immediately. The feed is divided into small coloured islands. 
When the stirring rate of the propeller increases to 600 rpm the coloured plume 
spreads out more axially. This axial stretch is even more pronounced at a propeller 
stirring rate of 900 rpm. As the propeller stirring rate increases the scale of segregation 
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seem to decrease more quickly since the area of the coloured islands are smaller. It is 
concluded that the intensity of segregation is more quickly reduced at high propeller 
stirring rates since the colour is diffuse already at the feed pipe entrance.  

When the stirring rate of the turbine is increased from 75 rpm to 300 rpm (keeping the 
stirring rate of the propeller constant at 600 rpm) the coloured feed is radially more 
spread out. The turbine impeller forces the coloured feed plume to move radially. The 
radial spreading out of the feed plume is more pronounced at 500 rpm turbine stirring 
rate. At 700 rpm the plume behaves like a candle-flame swaying back and forth. The 
local mixing is high and the scale of segregation is correspondingly low. Thus, at 
higher turbine stirring rates the scale of segregation seems to decrease as well as the 
intensity of segregation. 

Backmixing, where water is pushed into the feed pipe, is visually observed for the 3.9 
mm feed pipe diameter at propeller stirring rates of 600 and 900 rpm and at turbine 
stirring rates of 75 and 700 rpm when the total feeding time is 90 minutes. In fact, 
severe backmixing is observed during the crystallization experiments performed at the 
same mixing conditions as the colour experiments where crystals are formed already 
in the feed pipe. Slight backmixing is observed also when the feed time is 180 minutes 
for both the 1.5 mm and the 2.5 mm feed pipe diameters. Backmixing is not observed 
for the rectangular feed pipe at 90 minutes feeding time. 

The feed plume mixing is compared for the different feed pipe diameters (0.7 mm, 1.5 
mm, 2.5 mm and 3.9 mm) when the propeller stirring rate is 600 rpm, the turbine 
stirring rate is 75 rpm and the total feed time is either 90 or 180 minutes. The scale of 
segregation and the intensity of segregation seem to be fairly equal for the different 
feed pipe diameters. Thus, no clear influence of the feed pipe diameter is observed on 
the rate of feed plume mixing. 

3.3 Procedures 

In all experiments 483 ml hydrochloric acid of 1.4 M is added to a 1930 ml solution of 
0.35 M sodium benzoate at 30.0 °C in the loop reactor. At the end of each experiment 
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the amount of added hydrochloric acid is stoichiometric to the initial amount of 
sodium benzoate. The initial sodium benzoate solution in the reactor is saturated with 
benzoic acid and contains a stoichiometric amount of sodium chloride. The total 
feeding time is either 30, 45, 90 or 180 minutes. The linear feed velocity varies from 
0.007 m/s (3.9 mm i.d., 90 minutes experiment) to 0.7 m/s (0.7 mm i.d., 30 minutes 
experiment). The feed pipe flow is laminar and the Reynolds number ranges from 27 
to 470. The propeller stirring rate is 450, 600, 750 or 900 rpm. The turbine stirring 
rate is 75, 300, 500, 700 or 1100 rpm. The chosen standard experiment is shown in 
bold. 

Samples are withdrawn from the suspension after each experiment. Dispersion media 
is added to the sample, which is treated by ultrasonic sound in order to disintegrate 
aggregated benzoic acid crystals. By the ultrasonic sound treatment the aggregates are 
almost completely disintegrated. A weighed amount of the disintegrated sample is 
withdrawn and analysed with an electrosensing zone instrument (ELZONE 180 XY). 
Approximately half the experiments have been repeated at least once. Typically, the 
averaged weight mean size differ no more than 1 µm between reproducibility 
experiments. In those cases where the experiment has been repeated, an average over 
all measurements from all experiments is used in the results presentation and the 
discussion.  
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3.4 Benzoic Acid Crystals 

The shape and the size of the particles are noted under a microscope for each sample. 
When the propeller stirring rate is low (450 rpm) the shape of the crystals is somewhat 
irregular. Some crystals are cauliflower-shaped. Most crystals are platelet-shaped, and 
are even in shape and size. With a 600 rpm propeller stirring rate the crystals are all 
shaped as platelets with rounded (not broken) corners. Some crystals are small and 
round-rectangle-shaped. The larger crystals are broken, especially in the corners. At 
750 rpm propeller stirring rate the crystals are even more broken. At 900 rpm 
propeller stirring rate, the crystals have less rounded corners, and are more broken. 
The small crystals are even in shape, while the larger crystals are platelets with broken 
corners and edges. The largest particles are intact, but torn. The crystals are more 
broken at higher turbine stirring rates than at lower stirring rates. When the turbine 
stirring rate is increased to 700 rpm some crystals are very small and unevenly shaped. 
Other crystals are medium sized and platelet-shaped with broken corners and edges. 
The largest crystals are rugged and shapeless. 

3.5 Results 

The weight mean size is evaluated from relative mass density curves (see Paper I). The 
relative mass density is defined as the crystal mass in a size interval divided by the 
total mass of crystals and the size interval, ∆Li. The crystal size obtained from the 
particle counter is given as the volume equivalent spherical diameter (regardless of 
crystal shape). The weight mean size of the crystals is (Randolph and Larson, 1988) 

LN
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Σ
=  (3.1) 

where Ni  is the number of particles in a size interval and Li is the geometric mean size 
of the same interval. 
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3.5.1 Influence of the Propeller Stirring Rate 

The propeller stirring rate is varied from 450 rpm to 900 rpm for different feed point 
mixing conditions (Fig. 3.5). The weight mean sizes obtained at each propeller stirring 
rate vary significantly with feed pipe diameter and turbine stirring rate even though 
the effect of the propeller stirring rate is stronger. If omitting the 3.9 mm feed 
diameter results, the largest weight mean sizes are obtained at the highest propeller 
stirring rate (i.e. 900 rpm) and the smallest weight mean size is obtained for the lowest 
propeller stirring rate (i.e. 450 rpm). The weight mean size is not affected by the 
propeller stirring rate for the 3.9 mm feed pipe diameter. 
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Figure 3.5: Influence of the propeller stirring rate (tfeed=90 minutes). 

3.5.2 Influence of the Turbine Stirring Rate 

The turbine stirring is varied from 75 rpm up to 1100 rpm for different mixing 
conditions (Fig. 3.6). The span in weight mean size is large for both low and high 
turbine stirring rates. The weight mean size increases with increasing turbine stirring 
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rate for the 1.5 mm feed pipe diameter. The effect of increasing turbine stirring rates 
seem to decrease at high propeller stirring rates.  

The 3.9 mm feed pipe diameter experiments behave differently than the 1.5 mm feed 
pipe diameter. This is observed when changing the propeller stirring rate, also (Fig. 
3.4). 
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Figure 3.6: Influence of the local mixing intensity (tfeed=90 minutes). 
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3.5.3 Influence of the Total Feeding Time 

The weight mean size increases when increasing the total feeding time from 30 to 180 
minutes for all feed pipe diameters (Fig. 3.7). The effect of the total feeding time on 
the weight mean size is less pronounced for the 3.9 mm feed pipe diameter. The 
difference in weight mean sizes is reduced for short total feeding times.  
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Figure 3.7: Influence of the total feeding time (NMP=600 rpm and NRT=75 rpm). 

3.5.4 Influence of the Feed Pipe Diameter 

The weight mean size decreases for all total feeding times when the feed pipe diameter 
is increased from 0.7 mm to 3.9 mm (Fig. 3.8). When the 3.9 mm feed pipe diameter is 
used the weight mean size is not significantly affected by the total feeding time. 
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Figure 3.8: Influence of the feed pipe diameter (NMP=600 rpm and NRT=75 rpm). 

3.5.5 Influence of the Feed Pipe Design 

The influence of the feed pipe design has been explored by bending the physical glass 
feed pipe and positioning it bent 90° upwards or bent 90° downwards (Fig. 3.2). The 
feed pipe design has also been studied by changing the cross-sectional opening from 
circular to rectangular. The weight mean size of benzoic acid is unaffected by 
changing direction of the bent 0.7 mm feed pipe. However, the weight mean size 
increases significantly by changing the feed pipe cross-sectional opening from being 
circular to being rectangular (Fig. 3.9) for equal cross-sectional areas, i.e. at equal 
linear feed velocities. 
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Figure 3.9: Influence of feed pipe design (NMP=600 rpm, NRT=75 rpm, tfeed =90 min). 

3.6 Evaluation 

3.6.1 Influence of the Local Energy Dissipation Rate 

Often the influence of mixing for reaction crystallizations in agitated tanks is 
discussed in terms of the turbulence energy dissipation rate (Åslund and Rasmuson, 
1992), and in particular the turbulence energy dissipation rate at the feed point. The 
energy supplied by the agitators is as a first estimate calculated by Eq. (2.19).  

The flow caused by the propeller stirrer is turbulent, which is shown by the propeller 
Reynolds numbers (9200-18400). However, the turbine Reynolds numbers are not 
indicating turbulent flow (800-11500). Nevertheless, the power number is taken as 0.5 
for the propeller stirrer and 5 for the turbine stirrer as a rough approximation, even 
though these values have been determined for baffled stirred tanks in the turbulent 
region. The final volume in the loop reactor is 2420 ml, which is converted to a mass 
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assuming the density of water. This mass is used in the calculations of the mean 
energy dissipation rate for both the turbine and the propeller impeller contributions.  

The contribution from the propeller stirrer at the feed point is assumed to be equal to 
the level of dissipation in the bulk region in a corresponding stirred tank. In estimating 
the local energy dissipation rate at the feed point half the mean specific power input 
furnished by the marine propeller is used (Nienow, 1985).  

The energy dissipation rate due to the turbine impeller is assumed to be concentrated 
to a more reduced volume. This volume is estimated by studying a decolourisation 
reaction when acid is added through the feed pipe into the loop reactor. The feed point 
is positioned in the turbine impeller discharge. The vertical distance around the turbine 
stirrer where the decolourisation takes place is roughly measured, and is converted to 
a volume by multiplying with the cross-sectional area of the loop reactor. This volume 
is approximately 30 ml for all turbine stirring rates. The volume of 30 ml is converted 
to a mass assuming the density of water, which is used when calculating the mean 
specific power input of the turbine.  

Table 3.1: The local specific power input in the feed pipe region. 

Turbine 
stirring rate 

450 rpm 
propeller 

600 rpm 
propeller 

750 rpm 
propeller 

900 rpm 
propeller 

75 rpm 0.050 W/kg 0.053 W/kg 0.058 W/kg 0.066 W/kg 
300 rpm  3.06 W/kg   
500 rpm  14.13 W/kg   
700 rpm  38.77 W/kg 38.78 W/kg 38.79 W/kg 

1100 rpm   150.45 W/kg   

 

The feed point is always located in the intensively mixed outflow from the turbine 
agitator and the energy dissipation rate contribution from the turbine is taken as 15 
times the corresponding mean specific energy dissipation rate (Baldyga et al., 1995a). 
The local energy dissipation rate from the propeller and the turbine impellers is given 
in Table 3.1. Obviously, the local mixing intensity is almost completely governed by 
the agitation of the turbine impeller.  
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Figure 3.10: Correlation to the local energy dissipation rate. 

The weight mean sizes are plotted versus the local feed point energy dissipation rate in 
Fig. 3.10. The local energy dissipation rate cannot explain the influence of the feed 
pipe diameter, the propeller agitation rate nor of the total feeding time.  

3.6.2 Influence of the Mean Energy Dissipation Rate 

In case the process is governed by macromixing instead of micromixing the average 
energy dissipation rate is a better parameter for correlating the results. The average 
energy dissipation rate is calculated by adding the power input from the two agitators 
(Eq. 2.19) and dividing by the final loop volume. The turbine contribution is 
negligible at 75 rpm. At 700 rpm the turbine contribution is approximately equal to the 
propeller contribution at 750 rpm (Table 3.2).  
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Table 3.2: The calculated total mean specific power input. 

Propeller stirring rate Turbine stirring rate εLoop Reactor 

450 rpm 75 rpm 0.0046 W/kg 

600 rpm 75 rpm 0.0108 W/kg 

750 rpm 75 rpm 0.0212 W/kg 

900 rpm 75 rpm 0.0368 W/kg 

600 rpm 300 rpm 0.0134 W/kg 

600 rpm 500 rpm 0.0225 W/kg 

600 rpm 700 rpm 0.0429 W/kg 

750 rpm 700 rpm 0.0532 W/kg 

900 rpm 700 rpm 0.0686 W/kg 

600 rpm 1100 rpm 0.135 W/kg 

 

All results are plotted versus the mean specific power input in Fig. 3.11. The power 
input cannot satisfactorily explain the influence of the feed pipe diameter, the turbine 
stirring rate nor the total feeding time.  
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Figure 3.11: Correlation to the power input. 
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3.6.3 Influence of the Resultant Bulk Velocity 

The circulation time can only describe the influence of the propeller stirring rate and 
not the turbine stirring rate. Therefore, a resultant velocity is calculated in order to 
describe the velocity of the flow passing the feed pipe  

( ) ( ) uDNDNuuuu bRTRTRTRTbtrres
2

22
222 33.053.0 ++=++= ππ . (3.2) 

The velocity contribution from the turbine impeller is approximated by the mean 
radial velocity, ur, and the mean tangential velocity, ut, at the feed point (Lee and 
Yianneskis, 1998; Wu and Patterson, 1989). It is assumed that the velocity 
contribution from the turbine impeller is perpendicular to the measured bulk velocity 
in the loop reactor, ub, created by the propeller impeller. Fig. 3.12 shows the 
correlation between the weight mean size and the resultant linear velocity. The 
resultant velocity cannot explain the results, because it cannot capture the influence of 
the feed pipe diameter nor of the feeding time. 
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Figure 3.12: Influence of the resultant velocity. 
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4 Stirred Tank Reactor Experiments  

4.1 Apparatus 

4.1.1 2.5 L Stirred Tank Reactor 

A jacketed stirred tank reactor of 2.5 L (Fig. 4.1) with a flat bottom was used in one 
stirred tank reactor experiment as a complement to the previous loop reactor 
experiments. The stirred tank reactor was made of glass and equipped with four 
stainless steel baffles of 15 mm width. The initial liquid height was equal to the tank 
diameter, i.e. 150 mm. The impeller used was a marine propeller of 50 mm diameter 
(Fig. 4.2 and Table 4.1). The clearance height was 1/3 of the initial liquid height. A 
two-piston pump (Desaga KP 2000) was used for feeding. The glass feed pipe had an 
inner diameter of 1.5 mm. The feed pipe was positioned, in the outflow of the agitator, 
half a propeller blade horizontally away from the rotation axis and approximately 10 
mm below the propeller. 

  

Figure 4.1: The stirred tank reactors (2.5 L, 10 L and 200 L). 
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4.1.2 10 L Stirred Tank Reactor 

A jacketed, glass stirred tank reactor of 10 L (Fig 4.1) with a rounded bottom was 
used in 21 experiments. The stirred tank reactor was equipped with four stainless steel 
baffles of 20 mm width. The impeller used was a 45° pitched blade turbine of 70 mm 
diameter (Fig. 4.2 and Table 4.1). The initial liquid height was equal to the tank 
diameter, i.e. 210 mm. The clearance height was 1/3 of the initial liquid height. 
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Figure 4.2: The impellers used in the scaling-up study. 

 

Table 4.1: Detailed data about the impellers. 

Impeller Dimpeller himpeller w l 

PBT 70 mm 70 mm 10 mm   

PBT 200 mm 200 mm 30 mm   

RT 25 mm 25 mm 5 mm 6 mm 18 mm 

RT 50 mm 50 mm 10 mm 13 mm 34 mm 

 

The same two-piston pump as in the 2.5 L experiment was used for feeding. The feed 
pipes of acid resistant metal had inner diameters of 1.0 mm, 1.8 mm, 2.7 mm and 3.8 
mm. The feed pipe was generally directed upwards pointing at the impeller (Fig. 4.3 to 
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the left). In one experiment (i.e. 500 rpm stirring rate, 1.0 mm feed pipe diameter, and 
90 minutes total feeding time) the outflow direction of the feed pipe was turned 90 ° 
(Fig. 4.3 to the right) pointing at the centre axis of the tank. The feed pipe was 
positioned, in the outflow of the impeller, half an impeller blade horizontally away 
from the rotation axis and 15-20 mm below the propeller. 

 

 

 

Figure 4.3: The feed pipe positions in the 10 L stirred tank reactor experiments. The 
feed pipe  is either bent upwards (to the left) or  straight pointing at the axis centre-
line (CL) of the stirred tank (to the right). 

In three 10 L experiments two impellers were used (Fig. 4.4). The 70 mm pitched 
blade turbine was placed as described above for the 10 L stirred tank reactor 
experiments. A smaller 25 mm Rushton turbine (Fig. 4.2) was placed in the bulk 60 
mm above the pitched blade turbine and approximately 60 mm horizontally away from 
the pitched blade turbine axis. The feed pipe diameter of 1.0 mm was positioned 
approximately 2 mm above and 5 mm horizontally away from the Rushton turbine. 
The stirring rate of the pitched blade turbine was kept constant at 500 rpm and the 
stirring rate of the Rushton turbine was either 0, 500 rpm or 750 rpm. The total 
feeding time was 90 minutes in all two-impeller-experiments. 
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Figure 4.4: The configuration of the two-impeller-experiments. 

4.1.3 200 L Stirred Tank Reactor 

The 200 L stirred tank reactor (Fig. 4.1) was used in three experiments. The 200 L 
reactor was made of glass and had a flat bottom with rounded edges. The diameter of 
the tank was 0.6 m and the height was 1.2 m. The stirred tank reactor was equipped 
with four stainless steel baffles of 60 mm. The impeller used was a 45° pitched blade 
turbine of 0.2 m diameter (Fig. 4.2 and Table 4.1). The clearance height was 0.2 m 
and the initial liquid height was 0.6 m. The stirring rate of the Heynau stirring engine 
could be varied from 160 rpm to 1400 rpm.  

The hydrochloric acid was stored in a can two stories above the stirred tank reactor. 
The flow of acid was controlled by the turning of a restriction valve. The decrease in 
volume of hydrochloric acid from the can was measured by placing the can on a 
balance, which could be continuously checked through the experiment. The accuracy 
of the feeding procedure is ±10 g/min. The feed pipe of acid resistant metal had an 
inner diameter of 15 mm. A Teflon fitting was placed at the feed pipe entrance 
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adjusting the feed pipe diameter to either 5 mm or 10 mm. The Teflon fitting 
decreases the distance between the feed pipe entrance and the impeller blades by 
approximately 1 mm. The feed pipe was positioned half a propeller blade horizontally 
away from the rotation axis and approximately 40 mm below the propeller.  

4.2 Procedures 

In all experiments hydrochloric acid is added to an agitated solution of sodium 
benzoate. At the end of the experiment the amounts of added hydrochloric acid is in 
stoichiometric proportions to the sodium benzoate in the initial solution (Table 4.2). 
The hydrochloric acid is prepared from concentrated hydrochloric acid and filtered 
distilled water (Table 4.3). 

The sodium benzoate solution is prepared from sodium benzoate and distilled water. 
Thereafter, the sodium benzoate solution is thermostated at 30 °C in both the 2.5 L 
and the 10 L experiments. The 200 L experiments are run at ambient temperature (i.e. 
19.7-22.1 °C).  

Table 4.2: Experimental conditions. 

Reactor 
volume 

Initial 
volume 

Added 
volume 

Total feeding 
time (min) 

Stirring 
rate (rpm) 

Impeller 
Re 

2.5 L 1930 ml 483 ml 90 550 23000 

10 L 7300 ml 1825 ml 60, 90, 120, 180 300-900 > 24500 

200 L 150 L 37.3 L 42, 195, 274 170-350 > 113000 

 

One sample of 20 ml is withdrawn from the agitated suspension at the end of each 
experiment. The sample is taken in the bulk (closer to the wall than to the stirring axis) 
where the liquid is moving upwards. The benzoic acid sample is measured in an 
electrosensing zone instrument (ELZONE 180 XY). The analysing procedure is 
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identical to that in the loop reactor experiments. Nearly half the 10 L experiments are 
repeated at least once. The difference in weight mean size between reproducibility 
experiments is in general less than 2 µm.  

Table 4.3: The chemical quality and preparation of sodium benzoate (NaB) solution. 

 HCl quality NaB quality NaB preparation 

2.5 L Pro analysi Purum Filtered distilled water, saturated with 
benzoic acid, filtered prior to experiment 

10 L Pro analysi Purum Filtered distilled water, no benzoic acid 

200 L Technical Technical Distilled water, no benzoic acid 
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4.3 Results 

The weight mean sizes obtained are estimated by Eq. (3.1). 

4.3.1 Influence of the Stirring Rate 

The stirring rate is changed from 300 rpm to 900 rpm in the 10 L stirred tank reactor 
(Fig. 4.5). The weight mean size increases with increasing stirring rate for the 2.7 mm 
feed pipe diameter and the 1.0 mm feed pipe diameter at 180 minutes total feeding 
time. According to the experimental results, the weight mean size does not seem to be 
affected by the stirring rate when the feeding time is lowered to 90 minutes for the 1.0 
mm feed pipe diameter. The size of the benzoic acid crystals is not significantly 
affected by turning the feed pipe entrance, which is observed in the loop reactor (Fig. 
3.8), also. 
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Figure 4.5: The influence of the stirring rate (CL=centre-line). 
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4.3.2 Influence of the Total Feeding Time 

The total feeding time is varied from 60 to 180 minutes in the 10 L stirred tank reactor 
experiments. The weight mean size increases with increasing feeding time for all but 
the largest feed pipe diameter, i.e. 3.8 mm (Fig. 4.6). The increase in weight mean size 
with total feeding time is more pronounced for smaller feed pipe openings (i.e. 1.0 
mm and 1.8 mm). 
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Figure 4.6: Influence of the total feeding time. 

4.3.3 Influence of the Feed Pipe Diameter 

The feed pipe diameter is varied from 1.0 mm to 3.8 mm. The weight mean size 
increases with decreasing feed pipe diameter for the 120 and 180 minutes total feeding 
times in the 10 L stirred tank reactor (Fig. 4.7). At 60 and 90 minutes total feeding 
time the weight mean size decreases with increasing feed pipe diameter, reaches a 
minimum and increases again. The weight mean size decreases again after a maximum 
for the 90 minutes feeding time. At 90 minutes total feeding time the product mean 
span is small. 
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Figure 4.7: Influence of mesomixing. 

The 90 minutes experiments for the 1.0 mm (3 µm), the 1.8 mm (1.5 µm) and the 2.7 
mm (1 µm) feed pipe diameters were repeated once as was also the 60 minutes 
experiment with a 1.8 mm feed pipe diameter (0.6 µm).  The difference between the 
weight mean sizes of the repeated experiments is given in parentheses. 

4.3.4 Influence of the Volume 

Experiments have been performed in three different reactor volumes under different 
mixing conditions. The experimental set-up was chosen to give a wide range of 
mixing intensities. It is apparent that the weight mean sizes differ greatly within both 
the 10 L and the 200 L stirred tank reactor experiments (Fig. 4.8). In comparison, the 
influence of the reactor volume does not seem to be very strong.  
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Figure 4.8: Scaling-up of the stirred tank reactors. 

4.3.5 Influence of the Feed Point Mixing (Two-Impeller-Experiments) 

The weight mean size is affected by the mixing conditions at the feed point. When the 
feed point is moved from the impeller to the bulk the weight mean size decreases (Fig. 
4.9). When the local mixing at the feed point is increased the weight mean size 
increases. This is observed by feeding in front of an extra small turbine impeller 
positioned in the bulk of the stirred tank at a stirring rate of 500 rpm. There is no 
significant influence on the weight mean size by a further increase in the turbine 
stirring rate. A larger weight mean size is obtained when increasing the local feed 
point mixing by an extra impeller instead of feeding in the impeller region for a one-
impeller-configuration.  
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Figure 4.9: Influence of the local feed point mixing in a two-impeller-configuration. 

The mean energy dissipation rate, without the Rushton turbine, is 0.14 W/kg when the 
pitched blade turbine is stirring at 500 rpm. The calculated mean energy dissipation 
rate is not affected by turbine stirring rates of 500 rpm. At 750 rpm Rushton turbine 
stirring rate the mean energy dissipation rate increases to 0.15 W/kg. Consequently, 
larger crystals are produced in the two-impeller-experiments without significantly 
increasing the mean energy dissipation rate.  

The local energy dissipation rate is very difficult to estimate for the two-impeller-
experiments, but it is visually apparent that the local energy dissipation rate is high 
near the Rushton turbine since the feed plume disperses very rapidly. 
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4.4 Evaluation 
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Figure 4.10: Influence of the local energy dissipation rate. 

The experimental results show that mixing affects the precipitation process in stirred 
tank reactors. It is desirable to be able to predict the weight mean size in larger reactor 
volumes from laboratory reactor experiments. The three most commonly suggested 
scaling-up methods in the literature for fast chemical reactions (Leng, 1991; Tatterson, 
1994) are constant energy dissipation rate (Fig. 4.10), constant stirring rate (Fig. 4.11) 
and constant impeller tip speed, i.e. torque per volume (Fig. 4.12). These scaling-up 
methods are briefly evaluated.  
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Figure 4.11: Influence of the stirring rate. 
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Neither one of the suggested methods are suitable scaling-up tools. Neither one of the 
methods can predict the influence of the feed pipe diameter. The suggested scaling-up 
can of course not capture the influence of the feeding time.  
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Figure 4.12: Influence of the impeller tip speed. 
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5 Discussion 

The weight mean size increases with increased propeller stirring rate in the loop 
reactor. The propeller stirrer causes the bulk to circulate. Colour experiment have 
shown that the feed is more stretched out axially at increasing propeller stirring rates.  
Thus, an increased propeller stirring rate allows the feed reactant to be more 
effectively mixed with the bulk reactant. The weight mean size increases with 
increasing turbine stirring rate in the loop reactor. Increased turbine stirring rate 
increases the local mixing at the feed point allowing the feed reactant to be more 
efficiently mixed with the bulk reactant. The colour experiments show that the feed 
plume is radially more stretched out at higher turbine stirring rates in the loop reactor. 
The colour experiments visually support that increased agitation lead to a more 
efficient mixing of the feed with the bulk. The weight mean size increases with 
increasing stirring rate in the 10 L stirred tank reactor, also.   

The weight mean size increases when the feed pipe diameter is decreased in the loop 
reactor. The weight mean size also increases with decreasing feed pipe diameter at low 
feed rates in the 10 L stirred tank reactor. It seems reasonable to believe that 
decreasing the feed pipe diameter increases feed plume mixing since the weight mean 
size increases with increasing mixing intensities.  

In earlier works in reaction crystallization the experimental results were explained by 
the feed point energy dissipation rate, only. In the present work the energy dissipation 
rate cannot satisfactorily explain the experimental results due to the strong influence 
of the feed pipe diameter on the weight mean size.  

The experimental results are influenced strongly by the total feeding time.  The weight 
mean size increases with increasing total feeding time. The circulation times are 
always much shorter than the total feeding time in the present work. The range of 
circulation times are 2-10 s and the total feeding times range from 40 to 180 minutes. 
The studied reactors can be assumed to be completely macromixed when the 
circulation times are much shorter than the total feeding times according to Baldyga et 
al. (1997). The weight mean size increases with increasing total feeding time and 
levels off at long total feeding times. This behaviour shows that the experimental 
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results are affected by mixing at larger scales than micromixing (Bourne and Thoma, 
1991). This is further supported by the strong influence by the feed pipe diameter and 
the fact that the energy dissipation rate cannot satisfactorily describe the experimental 
results.  Thus, the experimental results state that mesomixing is of importance. 

5.1 Turbulent Dispersion Mechanism 

The range of feed flow Reynolds numbers are 23-1260, i.e. the feed pipe flow is 
laminar in all experiments. The Reynolds number in the loop reactor is above 10000 
and the impeller Reynolds number in the stirred tank reactors is at least 21000. Thus, 
the bulk can be regarded as turbulent. Kinetic energy calculations for the feed stream 
and the turbulently mixed bulk show that the kinetic energy of the feed stream in 
general is negligible to the kinetic energy of the bulk (Paper II). In all but six 
experiments the mixing intensity at the feed point is not influenced at all by the kinetic 
energy of the feed itself.  

The feed can be assumed to change its velocity from the linear feed velocity, ufeed, to 
the linear bulk velocity, ub, upon bulk entrance. When the feed plume changes its 
velocity the continuity equation states that the cross-sectional area of the feed flow 
plume must also change (Baldyga et al., 1995b), which means if the feed plume 
remains circular  

44

22 duAuduQ D
bbfeed feed

ππ
===  (5.1) 

where Qfeed is the volumetric flow rate of the feed, d is the feed pipe diameter and dD 
is the characteristic mesomixing length scale in the turbulent dispersion mechanism 
(Baldyga et al., 1993). From Eq. (5.1) it the mesomixing length scale is  
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when approximating π/4 to unity. The linear velocity of the flow passing the feed 
entrance, ub, is in the present work calculated as the resultant velocity, ures, according 
to Eq. (3.2) for the loop reactor and according to Eq. (5.3) for the stirred tank reactors:  

( ) ( ) ( )DNCDNCDNCuuuu tratrares πππ
222

222 ++=++=  (5.3) 

where ua is the mean axial velocity, ur is the mean radial velocity and ut is the mean 
tangential velocity at the location of interest. The constants Ca, Cr and Ct are found in 
Paper II (and are based on the work by Wu and Patterson, 1989; Ng et al., 1998; Lee 
and Yianneskis, 1998; Geisler, 1991; Pettersson, 1996). The value Ct is difficult to 
determine for a marine propeller; it is, therefore, estimated. The impeller feed point for 
the Rushton turbine in the work of Åslund and Rasmuson (1992) is slightly below the 
turbine whereas velocity measurements in the literature are usually performed at the 
centre-line of the Rushton turbine. Therefore, the velocity measurements for the point 
of interest found are used, and the Ct-value is estimated. 

Larger dD-values are obtained for higher volumetric feed rates and increased bulk 
mixing, implying that an increase in the initial scale of segregation is to be expected. 
The characteristic mesomixing length scales are smaller than the feed pipe diameter in 
all experiments where the linear feed velocity is lower than the linear bulk velocity. 
The characteristic mesomixing length scale, dD, is not dependent on the feed pipe 
diameter. Corrsin (1964) states that the smallest wave number in the concentration 
spectrum is a measure of the initial scale of segregation, and the smaller the initial 
scale of segregation the faster the mixing. Thus, the further to the right in the 
concentration spectrum the faster the mixing of the feed. The experimental results in 
the present work show a strong influence of the feed pipe diameter, which indicate 
that the initial scale of segregation ought to be dependent on the feed pipe diameter. 
Rosensweig (1964) suggests that the initial scale of segregation is equal to the feed 
pipe diameter. Rosensweig (1964) further clearly states that the feed plume mixing is 
expected to be improved when the feed pipe diameter is reduced, which is supported 
by the experimental results in the present work.  
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The strong effect of the feed pipe design further manifests the importance of the initial 
scale of segregation, which seem to be best described by the shortest dimension of the 
feed pipe rather than the cross-sectional area (Fig. 5.1). 
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Figure 5.1: Influence of the shortest feed pipe dimension in the loop reactor (NMP=600 
rpm, NRT=75 rpm, tfeed =90 min). 

According to the turbulent dispersion mechanism the feed should in this work be 
treated as a local finite source as opposed to a point source since dD is either 
approximately equal to or smaller than the feed pipe radius. This is the case in all but 
two loop reactor experiments (0.7 mm, 30 and 45 minutes). When the feed pipe is a 
local finite source the mixing process cannot be completely described by one single 
time constant but an additional parameter is needed to describe the process (Baldyga 
et al., 1993). Baldyga and Bourne (1999) suggest using the ratio of the feed velocity to 
the bulk velocity together with the mesomixing time constant in order to describe the 
mixing of the feed plume process fully. 

The turbulent dispersion is described by  
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The equation describes how the feed at the centre-line of the formed truncated feed 
cone is mixed with bulk.  The volume fraction of the feed, Xfeed, decreases with time 
along the centre-line.  

The time constant for the turbulent dispersion mechanism is found in the argument of 
the exponential term assuming that initial scale of segregation takes the form of dD 

t

D

tb

feed
TD D

d
Du

Q 2

==τ . (5.5) 

The turbulent dispersion time constant increases with increasing feed rate and 
decreases with increasing mixing intensity. This agrees with the experimental results 
both in the loop reactor and in the 10 L stirred tank reactor. However, the turbulent 
dispersion time constant is independent of the feed pipe diameter. This is not 
supported by the experimental results of the present study. On the contrary, the 
experimental results show a strong dependence on the feed pipe diameter and the feed 
pipe entrance design. Therefore, the turbulent dispersion mechanism cannot explain 
the experimental results sufficiently.  

At short times Xfeed turns into a ratio ahead of the parenthesis:  
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where ufeed is the linear feed velocity and ub is the bulk velocity calculated as the 
resultant bulk velocity. At high U-values the volume fraction of the feed may actually 
exceed 1, which is not physically possible. In the present work the U-values are 
generally much lower than 1, which may suggest that backmixing occurs. However, 
backmixing is not considered to be dominant in the present study (see below). 

5.2 Inertial-Convective Disintegration Mechanism 

Corrsin (1964) introduced a homogenisation time constant for Schmidt numbers much 
higher than 1. The homogenisation time constant consists of  two parts 
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The first part involves mixing in the inertial-convective subrange and the second part 
involves mixing in the viscous-convective subrange. The first part is identical to the 
inertial-convective disintegration time constant and the second part is the micromixing 
time constant where C=3.5 for water.  

The scale of segregation of the feed plume is reduced from the concentration 
macroscale, Λ, to the Kolmogoroff´s length scale. The difficulty with the inertial-
convective disintegration time constant is to determine Λ. Rosensweig (1964) suggests 
Λ=d, while Baldyga et al. (1997) claim that approximating Λ with d lacks 
experimental verification. Instead Baldyga et al. (1997) suggest dD, which is 
independent on the feed pipe diameter, as an approximation of Λ.  

The inertial-convective time constant increases with increasing feed pipe diameter 
assuming Λ=d and reduced local mixing intensities. Therefore, the experimental 
results can be described by the inertial-convective disintegration time constant.  

5.3 Backmixing 

Feed pipe backmixing can take place when the momentum of the feed flow is lower 
than the momentum of the bulk flow. The bulk reactant is pushed back into the feed 
pipe and a pre-reaction may take place already in the feed pipe under conditions of 
poor mixing. Thus, backmixing may lead to decreased weight mean sizes.  

Fasano et al. (1992) observed backmixing when the ratio of the linear feed velocity to 
the impeller tip speed is lower than 0.18 for a Rushton turbine and lower than 0.02 for 
a three-bladed pitched blade turbine when the feed pipe is positioned in the impeller 
discharge stream.  

Backmixing is assumed to occur for large feed pipe diameters and long total feeding 
times since the linear feed velocity is reduced. In the loop reactor backmixing is 
observed for the 3.9 mm feed pipe diameter both in the colouring experiments and in 
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the crystallization experiments. Crystallization is observed already in the feed pipe 
during the loop reactor experiments with the 3.9 mm feed pipe. The 3.9 mm feed pipe 
diameter experiments show a different response to mixing changes than the 
experiments carried out with smaller feed pipe diameters. The weight mean size seems 
to be unaffected by changes in mixing intensities for the 3.9 mm feed pipe diameter 
experiments. Backmixing is suspected for the 3.8 mm feed pipe diameter and for the 
2.7 mm feed pipe diameter at long total feeding times in the 10 L stirred tank reactor. 
Backmixing may also occur for the 10 mm feed pipe diameter in the 200 L stirred tank 
reactor judging from the ratio of the linear feed velocity to the impeller tip speed.  

Backmixing is expected to increase with increasing feeding time and increasing 
turbine agitation since those changes cause an increase of the momentum of the bulk. 
Accordingly, increased feeding time and increased turbine agitation should lead to 
smaller crystals since backmixing ought to increase. The experimental results show 
that the weight mean size increase with increasing feeding time in all but one case (3.8 
mm in the 10 L stirred tank reactor). The experimental results further show that 
increased turbine agitation in the loop reactor always result in larger crystals. 
Additionally, the weight mean size increases when the feed point is moved closer to 
the turbine agitator for the 0.7 mm feed pipe diameter at 30 minutes total feeding time 
(Paper I). The weight mean size increases with increasing stirring rate in the 10 L 
stirred tank reactor. If backmixing was the dominating phenomenon such changes 
would result in reduced weight mean sizes. Therefore, backmixing does not seem to 
be of major importance in the present work. 

5.4 Analysis of the Governing Mixing Mechanism 

The weight mean size decreases with increasing linear feed velocity in the loop reactor 
when keeping the feed pipe diameter constant (Fig. 5.2). The weight mean size 
decreases in the 10 L stirred tank reactor, too, when holding all, but the 3.8 mm feed 
pipe diameter, constant (Fig. 5.3). The linear feed velocity is inversely proportional to 
the feeding time when holding the feed pipe diameter and the total feed volume 
constant. Thus, the straight lines in Figs 5.2 and 5.3, necessarily lead to the levelling 
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off of the curves in Figs 3.7 and 4.6 at long feeding times, i.e. at reduced volumetric 
feed rates. However, the weight mean size increases with increasing linear feed 
velocity when decreasing the feed pipe diameter at constant volumetric feed rate for 
all cases, but the highest feed rates in the 10 L stirred tank reactor. The linear feed 
velocity can apparently not fully explain the experimental results. Therefore, it seems 
reasonable to conclude that this complex behaviour of the linear feed velocity indicate 
that the linear feed velocity is not the primary variable affecting the weight mean size.  
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Figure 5.2: Influence of  the linear feed velocity in the loop reactor. 
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Figure 5.3: Influence of  the linear feed velocity in the 10 L stirred tank reactor. 
 

Baldyga and Bourne (1999) suggest comparing the time constants for the turbulent 
dispersion, the inertial-convective disintegration and the micromixing mechanisms. 
The longest time constant is assumed to govern the process. The Q-ratios (Eq. 2.18) 
range from unity to 8 when applying the turbulent dispersion mechanism in the loop 
reactor. The Q-ratios range from 0.6 to 5 when applying the inertial-convective 
disintegration mechanism with Λ=d. According to the Q-ratios obtained mesomixing 
seem to dominate the process (Table 5.1), even though micromixing cannot be entirely 
neglected.  

In the loop reactor  

τττ MICTD ≈≥ .  (5.8) 

The mesomixing time constants obtained by the turbulent dispersion mechanism are 
longer than the time constants obtained by the inertial-convective disintegration 
mechanism in 26 of 29 experiments. This indicates that the turbulent dispersion 
mechanism govern the process. However, the turbulent dispersion mechanism cannot 
predict the influence of the feed pipe diameter on the experimental results in the loop 
reactor.  

In the stirred tank reactors 
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τττ TDMIC >>≥  (5.9) 

suggesting that the inertial-convective disintegration mechanism and micromixing 
govern the process. The Q-ratios calculated with the inertial-convective disintegration 
time constant clearly support the experimental results that the process is highly 
affected by mesomixing. The time constants obtained with the turbulent dispersion 
mechanism are always significantly smaller than both the inertial-convective 
disintegration time constant and the micromixing time constant in the stirred tank 
reactors. At higher feed rates, corresponding to total feeding times of 60 and 90 
minutes, the weight mean size goes through a minimum at increasing linear feed 
velocities. Thus, in one region the mixing of the feed plume appears to decrease with 
decreasing feed pipe diameter. Baldyga et al. (1993) as well as Baldyga and Bourne 
(1999) observe a decrease in mixing with decreasing feed pipe diameter for high feed 
rates, also. 
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Table 5.1: Mixing parameters for the experiments. 

Scale U τM (s) τTD (s) τIC (s) Q=τTD/τM Q=τIC/τM 

Loop 0.01-2.2 0.001-0.08 0.007-0.51 0.005-0.13 1-8 0.6-5 

2.5 L 0.15 0.03 - 0.04 - 1.6 

10 L 0.04-4.7 0.006-0.05 9⋅10-5-0.003 0.02-0.09 0.0009-0.01 1.5-3.7 

200 L 0.03-0.11 0.008-0.02 0.0005-0.01 0.04-0.18 0.0002-
0.001 

5.3-9.4 

 

Baldyga et al. (1993) and Baldyga and Bourne (1999) showed by competing chemical 
reactions that the mesomixing increased with increasing feed pipe diameter. The total 
feeding times were short, and the longest time constants were always obtained with 
the turbulent dispersion mechanism suggesting that mixing should increase with 
increasing feed pipe diameter. Bourne et al. (1981) and Zauner and Jones (2000a) 
observed by experiments that mixing increased with decreasing feed pipe diameter. 
The time constants are evaluated and the longest time constants are calculated for the 
inertial-convective disintegration mechanism.  

In the present work on stirred tank reactors, the shortest time constants are always 
obtained for the turbulent dispersion mechanism. Thus, the change in dependence on 
the feed pipe diameter at high feed rates in the 10 L stirred tank reactor can 
unfortunately not be described by a change in governing mesomixing mechanism. 
Tipnis et al. (1994) observed increased mixing with both decreasing and increasing 
feed pipe diameter in different reactor volumes. The time constants are evaluated and 
the longest time constants are always calculated for the inertial-convective 
disintegration mechanism. Thus, the change in dependence on the feed pipe diameter 
cannot be explained by a change in governing mesomixing mechanism in the work of 
Tipnis et al. (1994) either. 
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5.5 TR Number 

Different parameters for correlating the results have been tested quite extensively for 
the loop reactor and the stirred tank reactors for describing the influence of mixing on 
the weight mean size. No single physical parameter is found that can explain the 
experimental results satisfactorily.  

The weight mean size does not seem to be strongly dependent on the volume of the 
reactor. The weight mean size seem to be more affected by the mixing conditions in 
the reactor than by the reactor volume. By scaling-up is usually implied geometric 
similarity. Oldshue (1985) states that geometric similarity does not control mixing 
when scaling-up. In the present work, the geometry is varied as well as the mixing 
conditions. As was shown in the evaluation chapter the suggested scaling-up rules in 
the literature cannot sufficiently explain the experimental results in the different 
reactor volumes. 

The experimental results from each scale correlate fairly well with the ratio of the total 
feeding time to the homogenisation time constant (Fig. 5.4) in Eq. (5.6). However, the 
experimental results from the loop reactor and the 1 L stirred tank reactor experiments 
(Åslund and Rasmuson, 1992) do fall out of the overall correlation. One feed point is 
onto the surface in the work of Åslund and Rasmuson (1992). This feed point is 
interesting from an industrial point of view. However, the feed point conditions are 
difficult to exactly determine. Therefore, these feed points are omitted in this 
discussion. At high stirring rates in the work of Åslund and Rasmuson (1992) air 
bubbles are being drawn down into the stirred tank reactor. Benzoic acid adheres to 
the air bubbles changing the conditions of the experiments. Therefore, the 
experimental results when air is being drawn down are not shown in Figs 5.4 and 5.5 
below. 
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Figure 5.4: The experimental results correlated to the total feeding time divided by the 
homogenisation time constant (Corrsin, 1964). 

It has been found that all data can be satisfactorily correlated by a dimensionless 
number, TR, which can be interpreted as the ratio of the feeding time to a time 
constant that is related to the mesomixing (Fig. 5.5) 

d
tuTR feedres=   (5.10) 

where ures is the resultant bulk velocity passing the feed point, tfeed is the total feeding 
time and d is the feed pipe diameter or the shortest dimension of the feed pipe. The 
mesomixing time constant equals the feed pipe diameter divided by the bulk velocity 
passing the feed point. The Q-ratios calculated with this mesomixing time constant 
always show that the process should be governed by micromixing, which is not 
supported by the experimental results. However, the ratio d/ures can be retrieved from 
the inertial-convective disintegration mechanism (Paper II) multiplied with a constant 
larger than 1 indicating that the ratio could be larger, but not large enough.  
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Figure 5.5: All experimental results correlated to TR. 

The experimental results correlate with TR regardless of reactor type and geometry, 
reactor volume, agitator type, feed pipe diameter and total feeding time. 
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6 Conclusions 

The experimental results show that the weight mean size generally increases with 
increasing feed point mixing intensity and increasing total feeding time. The weight 
mean size increases with decreasing feed pipe diameter in the loop reactor and for low 
feed rates in the 10 L stirred tank reactor. At high feed rates a more complex 
behaviour is observed. The weight mean size increases significantly by changing the 
feed pipe opening from circular to rectangular with a constant cross-sectional area at 
equal feed rates. Backmixing is not considered to be a dominant phenomenon in the 
present work. 

Mesomixing time constants have been calculated according to the turbulent dispersion 
mechanism and the inertial-convective mechanism. The time constants for 
mesomixing are usually longer than the time constant for micromixing indicating that 
the process is governed by mesomixing. The change in dependence on the feed pipe 
diameter cannot be explained by a change in mesomixing mechanisms according to 
the calculated mesomixing time constants.  

The weight mean size increases by locating an extra turbine impeller at the feed point 
in the 10 L stirred tank reactor. The turbine impeller provides the desired feed point 
mixing intensity without raising the mixing intensity of the whole tank. 

The experimental results can be correlated with TR defined as the ratio of the total 
feeding time and a mesomixing time constant. The mesomixing time constant is 
defined as the shortest dimension of the feed pipe divided by the resultant bulk 
velocity passing the feed pipe entrance. The weight mean size increases with 
increasing TR. 
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7 Notations 

a activity - 

a* activity at equilibrium - 

A constant in mesomixing time equation - 

Bp nucleation rate for homogeneous primary nucleation no./m3, s 

Bp, het nucleation rate for heterogeneous primary nucleation no./m3, s 

∆c concentration driving force M 

c actual, local concentration M 

c* saturation concentration M 

ci concentration at the crystal surface M 

C constant in micromixing time equation - 

Ca ratio of axial velocity and impeller tip speed - 

Cr ratio of radial velocity and impeller tip speed - 

Ct ratio of tangential velocity and impeller tip speed - 

d feed pipe diameter m 

dD mesomixing length scale m 

D impeller diameter m 

DRT diameter of Rushton turbine impeller m 

DPBT diameter of pitched blade turbine impeller m 

Dt turbulent diffusivity m2/s 
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DV diffusivity m2/s 

E(k) three-dimensional energy spectrum of turbulence m3/s2 

f correction factor for heterogeneous nucleation - 

G growth rate m/s 

G(k) 3D spectrum of contaminant fluctuation field mol2/m5 

∆G change in Gibb´s free energy J 

Gcr critical free energy J 

GS surface free energy change J 

Gv specific bulk free energy per unit volume J/m3 

GV specific bulk free energy J 

hPBT height of pitched blade impeller blade m 

hRT height of Rushton turbine impeller blade m 

k wave number m-1 

k’ Boltzmann´s constant - 

ck0 inverse of initial scale of segregation m-1 

k0 inverse of initial vortex size m-1 

kB Batchelor´s wave number m-1 

kd mass transfer coefficient m/s 

kK Kolmogoroff´s wave number m-1 

kr constant in surface integration power law equation - 
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Kp1 parameter for homogeneous nucleation no./m3, s 

Kp1, het parameter for heterogeneous nucleation no./m3, s 

Kp2 nucleation rate parameter - 

Kp2, het heterogeneous nucleation rate parameter - 

l disk diameter of the Rushton turbine m 

L crystal size m 

Li crystal size of size interval i m 

L43 weight mean size m 

N stirring rate rps 

Ni number of particles in size interval i no./m3 

Np power number - 

NMP stirring rate of marine propeller rps 

NRT stirring rate of Rushton turbine rps 

NQ flow number - 

P power input W 

Q ratio of mesomixing and micromixing times - 

Qfeed volumetric feed rate m3/s 

r radius of nucleus m 

r’ exponent in surface integration power law equation - 

rc radius of critical nucleus m 
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R gas constant kJ/kmol, K 

Re Reynolds number, Re=ud/ν - 

S supersaturation ratio - 

Sc Schmidt number, Sc=ν/DV - 

t time s 

T temperature K 

TR dimensionless constant - 

tc circulation time s 

tfeed total feeding time s 

ub bulk velocity m/s 

u’ fluctuating velocity m/s 

ua axial mean velocity m/s 

ub linear bulk velocity m/s 

ufeed linear feed velocity m/s 

ur radial mean velocity m/s 

ures residual bulk velocity m/s 

ut tangential mean velocity m/s 

U ratio of feed velocity and bulk velocity - 

v molecular volume m3 

V reactor volume m3 
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w width of the turbine impeller blade  m 

X0
feed volume fraction of feed along the feed centre-line - 

 

 

Greek Symbols 

ε energy dissipation rate per unit mass W/kg 

γ/γ∗ activity coefficient ratio - 

Λ integral length scale m 

µ chemical potential J/mol 

ν kinematic viscosity m2/s 

ρ density kg/m3 

σ interfacial surface energy J/m2 

τCorrsin homogenisation time constant according to Corrsin (1964) s 

τIC inertial-convective mesomixing time constant s 

τM micromixing time constant s 

τTD turbulent dispersion mesomixing time constant s 

τmeso mesomixing time s 
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